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Diplomarbeit/ Master Thesis

Parametric analysis of the hydrodynamics of a Dual Fluidized Bed System (DFB) for the
post combustion capture of CO2 through a cold model.

Motivation: CO,; capture is a big problem of our times, which has to be tackled from science
and industry. A lot of methods to separate CO, from flue gases coming from combustion are
being explored. This technology has the benefit that it utilises equipment (fluidised beds) that
are well established in power production (450 MWe fluidised bed combustor under construction)
and other chemical processes. Furthermore, CaO is one of the most cheap and widely distributed
material in the world. This two unmatched advantages make this technology very promising and
this is why there are currently in Europe and world wide a lot of effort to make the process
commercial

Process description: Power plant combustion flue gases (15% CO, by volume) enter the
carbonator at 650 °C. The carbonator is a circulating fluidised bed. There CaO will react with
CO; to form CaCOs. The CaCO; will be circulated to a bubbling fluidised bed reactor. There
CaO will be regenerated producing a pure CO; stream. The CaO than will be transported back to
the carbonator for further CO, capture.

ol Goal of this thesis:
‘%ﬂ_/_ e To continue the work done in IVD for
i ]L' predicting the real operation of the

coupled fluidised bed facility through
the cold model . This can be done by
running the cold model at conditions
defined by scaling laws. If these
scaling laws are met than one can
extrapolate  hydrodynamic results
from the cold model that are valid for
the hot facility. The effect on
hydrodynamic parameters influencing
efficiency of all the operational
variables an operator can change
(particle size, velocity, loop seal
aeration etc.) must be defined.

e To provide operating experience from
the cold model operation and suggest
changes that will lead to smoother
operation of the system and serve
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e To provide a formula which will
predict the solid flow through conical
valve.

IVD research on this topic: IVD is
coordinating a European project which has as
a goal to prove the feasibility of this
technology and is currently building a pilot
scale facility to realise this process




Abstract

Carbonate looping is a post combustion route for power generation with CO, capture. The
technology comprises of a Dual Fluidized Bed (DFB) system with continuous sorbent looping
between the two beds. The sorbent utilized is CaO. The system consists of a CFB carbonator
operating at temperatures of 600- 700 °C and a regenerator operating at temperatures above 900
°C. At IVD, University of Stuttgart, a 15 KW Dual Fluidized bed system has been designed and
is in the first stages of operation. A major novelty of this facility is the use of a cone valve to
control the sorbent looping rate between the beds. This study presents the results of tests
conducted at a scaled cold model of this facility. The suitability of the pilot plant for the
carbonate looping process is proved in terms of meeting the process boundary conditions,
namely solid looping rate and carbonator inventory. This is done under hydrodynamically scaled
conditions at the cold model. Furthermore the effect of all operating variables, namely the Total
Solid Inventory (TSI), carbonator superficial velocity, loop seal aeration, regenerator pressure,
cone valve opening and particle size on parameters affecting the CO, capture efficiency of the
CFB carbonator is discussed. Moreover, design decisions regarding the plant geometry are
analyzed and possible design improvements are suggested. Cold model operation aside proving a
valuable design tool also provided valuable expertise in handling and operating the 15KW DFB
pilot facility.
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1. Introduction

1. Introduction

It is common knowledge that CO, emissions result in deteriorating the “green-house”
effect, which causes multiple changes in our planet, with the most significant one being the rise
of the mean temperature throughout the world. Therefore, the science nowadays seeks for more
environmental friendly solutions in controlling the emissions of CO, that are created from
industrial activities. The main concern of these solutions is to separate these emissions from the
rest of the products of the combustions in use, so as to produce flu gases free from CO,
components.

In this field, the technology of fluidized beds was introduced. This technology has the
benefit that it utilises equipment (fluidised beds) that are well established in power production
(450 MWe fluidised bed combustor under construction) and other chemical processes. In order
to separate CO, from the rest of the components of the post-combustion gases, CaO (which is
both cheap and widely distributed) is used as a “CO, carrier” between a carbonator (circulating
fluidized bed) and a regenerator (bubbling fluidized bed). In the carbonator the incoming stream
of 15% CO, by volume gases enter, the CO, reacts with CaO to form CaCOs. Then the CaCOs
will enter the regenerator and the exact opposite chemical reaction will take place, so as to
generate a pure CO, stream. The CaO then will be transported back to the initial carbonator, so
as to close the cycle and initiate once again the CO; capture.

In order to study the real operation of a dual fluidized bed facility, a cold model was
designed by 1.V.D., at conditions defined by scaling laws. By running this cold model through
meeting these scaling laws, one can extrapolate hydrodynamic results from the cold model that
are valid for the hot facility of 15 kW, currently under construction. Furthermore, there was a
vast need of knowledge of parametrical analysis of this model’s behaviour, with the parameters
being various and pre-defined by the operators. The change of these parameters effect the CO,
capture efficiency in the CFB carbonator. These parameters are: the particle size, the velocity of
the riser, the upper loop seal aeration, the BFB pressure, the Total Solid Inventory (T.S.I.) and
the opening of the orifice of the cone valve. Furthermore, the operation on the cold model
provided useful results in operating experience, results that were noted to be taken into
consideration when running the actual hot facility. During the experimental work, all these
parameters where singled out, changed exclusively and the effects in the output parameters of the
cold model, and hence its efficiency, where noted.

At this point it should be stated that for the purposes of the present thesis, the know-how,
the experimental results and the operating experience of previous work in the field for the
account of I.V.D. were needed and therefore used. This previous work had resulted in an
operating routine for running the cold model in an appropriate way and thus, this routine was in
use in the present work as well. Furthermore, this earlier work resulted in designing an operating
window for the facility, for the particle size in use. In order to broaden the spectrum of the
particle size, a different particle size was used for the purposes of this thesis and all the results
are presented in the following chapters. This work tried to explore the possibility of a design
improvement for the cold model in use, and hence a piece was redesigned, replaced another one
and the experimental results of this alternation in the installation where measured, noted and
analysed in the following chapters, as well.
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2. Fundamentals And Description Of Experimental Facilities

2.1 Review on cold models applied for Dual Fluidized Bed processes

CO; capture and storage and the utilization of biomass are ways to reduce CO, emissions
produced by carbonaceous fuels in power generation. Dual Fluidized Bed Systems are used in a
number of promising novel energy production technologies. Hence, DFB systems are found in
chemical looping processes, gasification processes with or without CO, capture and in the
carbonate looping process under consideration.

The process scheme for chemical looping combustion (CLC) is shown in fig. 2.1 below.
A chemical looping system consists two fluidized beds, namely a fuel reactor and an air reactor.
Proof of principle of demonstration of chemical looping combustion has been performed for
gaseous [1, 2] and solid fuels [3, 4]. Gaseous fuels CLC combustion provides no significant
problems while for solid fuels full conversion has not yet been demonstrated.

N.

Hx ||~

REACTOR
© meo |

Air Gas/Solid Fuel

Hred

Figure 2.1: Principle of chemical looping combustion

The chemical reactions that are taking place in the fuel and air reactor are shown in eq.
2.1 and 2.2 for a gaseous fuel. Metal oxides are used as oxygen carriers for fuel combustion.
Metal oxides are reduced in the fuel reactor and provide the necessary oxygen for fuel
combustion producing reduced metal oxide particles and a mixture of CO, and water vapor. The
water vapor is condensed, leaving pure CO, which can be sequestered. Reduced solid metal
oxide particles are oxidized again in the air reactor in circular loop. This process can be carried
out at atmospheric pressure. A number of metal oxides [5] have been investigated
thermodynamically and NiO/Ni, Mn;04/MnO, Fe,0s3/Fe;04, Cu,O/Cu were found to be suitable
oxygen carriers [5].

2n+m)MeO+C H,,— (2n+m)Me+mH,0+nCO, AH, 4 2.1)
Me+1/20,— MeO AH,, 2.2)

A number of chemical looping facilities have been designed and operated. The scale of
these facilities varies from 300 W [6], to 10 kWth for combustion of gaseous [1. 2] and solid
fuels [3. 4]. Most recently a 120 kWth Process Demonstration Unit has been built at the TU
Wien [7] for CLC. A number of cold models of CLC combustors have been built and operated in
the past years. A detailed cold model study aiming at the study of the fluid dynamics of the
above mentioned 120 kWth gaseous fuel CLC combustor has been recently published [8]
demonstrating the effect of various parameters on the operation of the facility. Cold model
studies have been conducted also for the 300 W reactor mentioned above, for a 60 kWth
pressurized CLC combustor and for a 2 MW CLC combustor plant all using syngas as a fuel [9].
These studies aimed in proving that process boundary conditions can be met by proposed
designs. Another cold model study [10] has been previously preformed to optimize the design of
a 10 kWth CLC gaseous fuel combustor which resulted in the optimization of reactor geometry
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in respect to solid circulation rate, gas leakage, bed mass and solid residence time. The potential
problem of gas leakage between reactors, which has been demonstrated to be rather low in CLC
combustors, has been also investigated in a 30 kWth cold model [11]. Some studies have been
also performed in the field of chemical looping reforming processes (CLR) [5].

Gasification processes, which are CO; lean, are also carried out in DFB systems. The
gasifier fuel is coal or biomass. Gasification takes place with use of steam. The gasifier is
normally a Bubbling Fluidized Bed (BFB). The heat to sustain the endothermic gasification
reactions is provided by the combustion of char in a second FB. the combustor. This reactor is
normally a CFB. In the case of biomass gasification no CO, stream ready for storage is
produced. This happens because biomass is a rather decentralized fuel and because biomass is
CO; neutral. In the case of coal, which is a centralized fuel, a production of a CO, stream for
storage is necessary so as for the process to contribute to the mitigation of CO, emissions. In the
case of biomass the bed material is olivine or limestone. When using olivine as a bed than this
type of gasification represents the FICFB (Fast Internally Circulating Fluidized Bed) technology.
as found in [12]. A schematic of this process is shown in fig. 2.2.

Syngas

Air

Figure 2.2: Schematic of Fast Internally Circulating Fluidized Bed (FICFB)

Gasification of biomass in a DFB system using olivine is demonstrated at the MW
facility of CHP Guessing and has been a research topic for the last decades. Biomass gasification
experiments with limestone as a bed have been presented in a I00KWth DFB facility [13]. These
experiments have been performed in preparation for large scale experiments to be conducted in
CHP Guessing. CaO reacts with CO; in the gasifier at 600- 700 °C. The absorption of CO,
results in the shift of the overall gasification reaction towards H; rich gas production, through eq.
2.3-2.5. Due to this characteristic gasification of biomass with use of lime as bed material is
called AER (Absorption Enhanced Reforming) process [14]. [41]. A schematic of the AER
process is shown in fig. 2.3.
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H,-rich Product Gas Flue Gas (+ CO,)

Gasifier

0, Absomptic

Biomass Steam

Figure 2.3: Schematic of Absorption Enhanced Reforming

The CFB combustor has two roles in the AER process [41]: first is to provide the heat for
the endothermic gasification and second is to regenerate the CaCOs by the reverse reaction of eq.
2.5. Since producing a pure CO; stream is not an issue for the AER process the combustor is
fluidized with air. H, rich gas production can be achieved through the same route for coal
gasification and a lime/ limestone bed. This process is feasible at pressurized conditions. This
process is called LEGS (Lime Enhanced Gasification of Solids) and work performed is well
described in [15]. A schematic of the LEGS process is shown in fig. 2.4.

1 1

Coal Steam 0, /€0, Mixture

Figure 2.4: Schematic of LEGS (Lime Enhanced Gasification of Solids)

Since CO, capture and storage is an interest for the LEGS process the combustor/
regenerator CFB would bed fluidized with an O, and CO; mixture. The CO, would be provided
through recirculation of the flue gas of the CFB combustor. Cold model studies have played a
major role in the development of the FICFB gasification process. Cold flow models have been
used so as to develop suitable and secure designs for 10 kWth, 100 kWth pilot plants and for the
scale up to the 8§ MWth CHP Guessing plant as shown in [12. 16]. Moreover, cold model
prediction proved to be sufficiently accurate when compared to real plant data [12]. Regarding
the same plant also recent cold model studies have been published [17. 18]. Above studies aimed
in determining the effect of different operational and geometrical parameters at examining the
control of the circulation rate between the two beds. the residence times of olivine and biomass
particles in the different bed compartments and gas leakage. Cold model testing on the same
apparatus has been used so to validate models describing the CFB combustor hydrodynamics
[19], the solid circulation rate and the pressure loop of the DFB plant [20].
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CmHnOo+(m—n)H20—>mCO+(m+g_o)H2 2.3)
mCO +mH,0 - mCO, + mH, 2.4)
Ca0+CO, — CaCO, 2.5)

Equation 2.3 is called steam reforming reaction, eq. 2.4 is called water shift reaction, eq.
2.5 is called carbonation reaction and the reverse equation of eq. 2.5 is called calcination reaction
[27]. Cold model testing has also applied in another process for biomass utilization, namely
biomass pyrolysis [21, 22]. Novel process left aside cold model testing has also been applied to
BFB and CFB combustors. Recently, it was used for determining spots that are particularly
vulnerable to erosion due to collision of particles in a CFB combustor [23] and solid backflow
issues in the distributor nozzles of a 235 MWe combustor [24]. Finally cold model, studies are
used very frequently used so as to study the more basic aspects of fluidization science, such as
the study demarcation of new hydrodynamic regimes [25, 26].

2.2 Carbonate looping

Carbonate looping is a post combustion route for power generation with CO, capture. It is
an economically feasible and advantageous technology when compared to alternatives as shown
in [27,28]. The technology comprises of a Dual Fluidized Bed (DFB) system with continuous
sorbent looping between the two beds. The sorbent utilized is CaO. Shimizu was the first to
propose this process [29]. The system consists of a CFB carbonator operating at temperatures of
600- 700 °C and a regenerator operating at temperatures above 900 °C. The basic principle of
operation is shown in fig. 2.5. CO, is absorbed through CaO (eq.2.5). Therefore CO, lean flue
gas is produced and released to the atmosphere.

-178,2 kj/mol
Flue gas
0 —> Carbonation reactor — CO,and SO,
15% CO, free flue gas
T = 600- 650 °C
P=1 bar
Ca0, CaSO,. CaCo,,
ash Ca0, CaSO,
O - Regeneration ———— CO,, H,0
T =800- 900°C
Fuel  ———— P= 1bar
+178,2 kjimol

Figure 2.5: Carbonate looping
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The partially carbonated sorbent is than transferred to the regenerator where the CO, is
released from the sorbent particles utilizing the reverse reaction of eq. 2.5. The energy input
required to heat the solids to calcination temperatures and to provide energy for the endothermic
calcination is provided by the oxy- combustion of a carbonaceous fuel. Thereby, a stream of CO,
and steam is produced from the regenerator. After condensation of the steam a “pure” CO,
stream is available for compression and storage. The regenerated sorbent is returned to
carbonator for subsequent CO, capture thereby closing the solid loop. Due to the deactivation of
the sorbent CO2 carrying capacity over multiple full carbonation- calcination cycles [30]. [44].
as shown in fig. 2.6. a make- up flow and purge of limestone is necessary.

1.0 In the last decade a vast number of
Cuwran TGA studies [30. 31] have been
Barker performed along with limited batch
Silaban FB experiments [32]. Pilot scale
Ahiara experimentation is underway and
Shimiza quite a number of facilities in
Canada.  Spain. France and
T Germany have commenced
Fe % 09% 4 —— operation. Until now promising
0.4 1 A results have been published from
o . = the pilot facility in Canada which
® o DO, utilizes a moving bed carbonator
0247 o and a CFB regenerator [33]. In all
© U8  other countries initial experimental
ittt r s campaigns are ongoing. At LV.D. a
0.0 . . . 15 kW Dual Fluidized Bed (DFB)
carbonate looping facility has been
built utilizing a 12.4 m high. 7 cm
N° of cycles diameter CFB carbonator riser and
a 114 cm diameter BFB
regenerator. Major novelty of this
rig in comparison to most existing
DFB systems is the control of the
solid looping rate  between
carbonator and regenerator with use
of a cone valve.

0.8 1

+ O > ON

0.6 - Deurch

0 5 10 15 20

Figure 2.6: Decay CaO-CO, carrying capacity

The definition of process boundary conditions, namely the solid looping rate, fresh
sorbent make-up flow, carbonator inventory, riser velocity and carbonator temperature was
essential for designing the pilot DFB system and is listed in Table 2.1. A detailed analysis of the
CFB carbonator model leading to the calculation of theses figures can be found in [34]. This
model was based on the one hand on existing sorbent kinetic information [31, 35], system
particle population balances [36] and on the other hand on existing hydrodynamic models
describing the different regions of a CFB riser [37, 38]. This study aims to prove that the design
concept of the 15 kW DFB pilot plant is suitable for the carbonate looping process in terms of
meeting process boundary conditions. This is done through cold model experimentation under
hydrodynamically scaled conditions. Preliminary results of cold model experimentation for this
pilot plant can be found in [39]. Investigations are conducted in terms of defining
hydrodynamically stable operating conditions that would lead to high CO, capture efficiencies.
Moreover, operating parameters are defined and their effect on the overall operation of the DFB
system is investigated in a parametric manor. In addition issues regarding the CFB carbonator
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geometry and the geometry of the solid circulation system are discussed with implication to the
overall DFB reactor performance. Finally possible design improvements are proposed.

Table 2.1 Boundary conditions for 15 kW DFB pilot plant

Carbonator riser velocity (m/s) 4-6

Sorbent looping rate (Fr/Fcox= 2-8) (kg/h) 20- 80

Sorbent make up flow(F/Fcox= 0.01-0.05) (kg/h) | 0.15-0.70

Carbonator pressure drop (mbar) 70- 130

Carbonator Temperature °C 600- 700

Where Fg is the moles of sorbent circulating between the two beds, Fco, is the incoming
moles of CO, entering the carbonator with the flue gas and F, is the molar flow of fresh sorbent
entering the system.

2.3 Description of the 15 kW carbonate looping facility at IVD

The synthetic flue gas consisting of 15% CO, is preheated to a desired temperature
before entering the windbox at the bottom of the CFB. In continuance gas enters the CFB and
fluidizes a mixture of CaO and CaC03 (mainly CaO).

p Cyelone CO, reacts quickly with CaO to
_&f e | il form CaCOs;. The CO, lean gases.
/ U | — CaCO; and unreacted CaO then

miilw leave the reactor through the riser
exit and the solids are separated
W) | from the gas in the cyclone. The gas
upeer |7 is further filtered through a second
standgipe cyclone and a candle filter and
=1l S released to the atmosphere. Solids
from the cyclone fall into the loop

seal standpipe. The loop seal

Cone valve

A || IHL consists of two exits: one back to

i ol T the riser and the other towards the
D _‘ ::;i.;éii;m bubbling l?ed controlled by a cone
valve. This phenomenon is called

‘Split’ and will be referenced as
such in the future. The split is
controlled so as for 20 to 50 % of
the solids to proceed to the BFB and
the remaining 50 to 80 % to return
to the riser. The split is controlled
by changing the cone valve opening
and the pressure in BFB. Solids
which now enter BFB undergo
temperature rise up to 900 °C and
the reaction of eq. 2.5 is reversed.
Figure 2.7: Schematic of the 15 kW DFB carbonate  The heat required is supplied from
looping facility (DIVA- ELWIRA) at IVD the heaters and by natural gas
combustion in the bubbling bed.

bed
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CaCO;s is calcined into CaO and CO; leaves the facility through BFB top. This CO, stream
would be highly concentrated, if steam was to be condensed. (>90% CO,) and would be ready
for storage. Regenerated CaO overflows to a second loop seal. This loop seal is also fluidized so
as to transfer regenerated CaO back to riser, thus completing the loop. To design and learn to
operate this plant a scaled cold model has been considered a necessity.

The CFB riser has been named as DIVA (Dual zlrkulierende VersuchsAnlage) and the
BFB calciner has been named as ELWIRA (ELektrische WIRbelschicht Anlage).

2.4 Cold model of the 15 kW Dual Fluidized Bed carbonate looping facility at IVD
H[m]  The cold model is built in the same
4 scheme as the pilot plant. Of
course there is no occurrence of
reactions and no heating zones.The
cold model is 233 times
i downscaled and operates with
ambient air at atmospheric
pressure. Solids are chosen as per
scaling laws [49-54]. Figure 2.8
shows the schematic of cold
model. The height. Diameters

AP

cydone

CFB Exit
Cyclone 53

- I

Upper
Standpipe

5
&
a2
Pressure [l

<]

control )
valve Double exit

_ loop seal
Cone
Valve

BFB

lower
standpipe -
T gl — oy
Lower AP -
loop lower [
seal

CFB Riser

APdr_th\e exil_Is

| top

Apriser 1ol

L

e
AII:)riser botlom

36

095

Figure 2. 8: Cold model of the 15 kW DFB carbonate

looping facility (DIVA- ELWIRA) at IVD

and other geometric aspects are
scaled down by the ratio of 2.33.
The whole cold model facility is
made of plexi-glass. The cold
model is a tool to study the
hydrodynamics of the pilot plant.
The relevancy of the cold model
hydrodynamics [42].[43] to the
pilot plant hydrodynamics is
ensured from the wuse of
appropriate scaling laws [46]. The
most useful theoretical tool used to
determine the effect of various
operating parameters on the DFB
hydrodynamic behavior is the
pressure balance which is also
analyzed below.
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2.5 Fluidized bed scaling

2.5.1 Introduction

Scaling has been used extensively in solving fluid mechanics and heat transfer problems
and has been applied to general chemical engineering applications. Scaling implies the
construction of a geometrically similar model or component to be tested. Obtained values can be
extrapolated to the real component. Scaling is particularly useful if it is difficult or expensive to
carry out experimentation on a real prototype. For example dynamic modelling of flow over an
airplane is performed using a scaled model in a wind tunnel [24] [28].As long as the certain
dimensionless parameters are matched such as the Reynolds number, mach number etc. the
performance of the scaled model and modelled component or prototype will be same if
expressed in proper dimensionless form such as the drag coefficient. In general scaling has helps
to increase understanding about fluidized beds. Scaling also helps in predicting and tackling
operational problems in large and small facilities [12]. Furthermore, scaling promotes
understanding at smaller scale and can help to improve large scale design [12].

2.5.2 Scaling in fluidized bed

Scaling [49-54] is quite a known tool in the field of fluidized beds but is not as familiar
as in fluid mechanics problems such as pipe flows, impellers, heat exchangers etc. According to
Matsen [29] success in scaling of a fluidised bed lies not in increasing exactitude of calculations
but rather in the recognition and management of uncertainties. Inexact scaling may affect overall
performance, especially the anticipated reaction kinetics. Therefore following scaling laws are
very important. Fair amount of literature is available on scaling. Most widely used is the work
done by L.R. Glicksman. He developed a set of scaling laws in a series of publications [49-54]
and this series contains the systematic derivation of laws, experimental validation and further
simplification of laws for more easy use. The laws of Glicksman are also verified by other
authors like Chang and Louge et al. [54].

2.5.3 Scaling laws

On the basis of governing equations of conservation of mass and motion of fluid and
particle phase, Glicksman derived a set of non-dimensional parameters to be matched in order to
obtain similarity between cold model and the actual “hot” fluidized bed. Glickmann’s full set of
scaling equations are as follows [30]:

(ﬁL gL L, 2 PJ

pU, UL p  pUS

(2.6)

Glicksman further simplified the above laws so as to make their application in cold
model experimentation easier. The simplified scaling laws are presented below [31]:
u; U, L . . o
—O,ﬁ, °o L Gs ,@, Particle size distribution(PSD)
gL ps Umf L2 psU

Q2.7)

0

11
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In this work it is very important to compare the axial mass distributions between the cold

model riser and the actual carbonator riser. Therefore, the term P 5 from Chang. Louge et al
Ps9
[34] has been added. Hence, the complete set of scaling laws is:
u; U, L : . o
_O,'D_f, °o Gs , P ,¢, Particle size distribution(PSD) 2.8)
gl— ps Umf L2 pon psgD

2.5.4 Application of the scaling laws at the 15 kW Dual Fluidized Bed carbonate looping cold
model

e General methodology

Using the scaling laws described in eq. 2.6 — 2.8 it is possible to arbitrarily choose the
values of two measures. As a result, the value of every other measure is automatically set. In this
case the geometrical ratio and the cold model gas (ambient air) were chosen. Since flue gas and
calcium oxide particles are used in the actual riser carbonator and ambient air is used in the cold

model for simplicity, it was important to match the Error! Bookmark not deﬁned.& ratio by

Ps
using a solid with appropriate solid density. The particle diameter of the cold model was
. . L . ) .
determined so as to match —% ratio. —- ratio is matched in every geometrical aspect between
mf 2

the two beds, i.e. Length, diameter etc of the bed. The above method is also described by
Kehlenbeck [55].

In the following table geometrical measures and operating conditions of the 15 kW DFB
carbonate looping facility (DIVA- ELWIRA) are presented:
Table 2. 2 -Details of hot pilot plant facility DIVA- ELWIRA

Geometry

DIVA CFB diameter 70.3 mm
DIVA CFB length 12.463 m
ELWIRA BFB diameter [114 mm
Operational conditions

DIVA CFB temperature 650 °C
ELWIRA BFB temperature 900 °C
Pressure Atmospheric

Gas properties (DIVA)

Gas Flue gases 15 %vol. CO2

Gas density 0.369 kg/m’
Gas viscosity 3.9 E-5 PaS
Gas velocity 3-6 m/s
Particle properties

Particles Calcium oxide

Density 1800 kg/m3
Size 419 pm & 687 pm um

12
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e Geometric similarity

Since geometrical similarity is met:

L2 hot L2 cold

The main geometric considerations are length and diameter, therefore:

Ej _(Ej | (Dhotj_ [Lhotj (2.10)
L hot L cold DCOId L00|d cold

A 30 mm Plexiglas riser on which previous cold model experimentation [58] has been
performed was used [56]. Since Dcoq is 30mm and since Dyt is 70.3mm this yields a geometric
ratio of ‘2.33’. This ratio was matched for all dimensions of the cold model thus the length of
cold model riser was chosen as 5326 mm and the diameter of bubbling bed as 49 mm.

e Determination of particle density

Since the density ratio has to be met it is concluded that:

%), %)
Ps hot Ps cold

Using data above from table 2.1 the density ratio in the CFB carbonator DIVA is:

P, 2.12)

It —2.05x10*
Ps

As far as the cold model is concerned, ambient air with a density of 1.188 kg/m” is used
as found from Perry’s handbook [57].Through the density ratio, particle density
of P g = 5795 kg/m’ is obtained. This density is very close to the density of zirconium dioxide

(5850 kg/m®) [57]. However the particles purchased were Zirconium dioxide and had density of
5700 kg/m’ as found in the laboratory experiments.

e Determination of the cold model riser velocity

The Fr number is also a scaling ratio. Therefore:

(Ujj (U‘?J (2.13)
gL cold B gL hot

Consequently
U _ [Lww _, 55 (214)
U 0,cold Lcold

Thereby when using a certain superficial velocity in the cold model riser, the
hydrodynamic situation of the pilot plant facility is simulated at a velocity that is 1.53 times
greater than the velocity of the cold model riser.

13



2. Fundamentals And Description Of Experimental Facilities

e Determination of the cold model particle size

% ratio. So:

This relationship is established from the

mf

[U"] _[UOJ (2.15)
Umf hot Umf cold

The relationship between cold model and pilot plant facility has already been established
above by eq.(2.13). The minimum fluidization velocity is a function of particle size and is
calculated here with use of the following equation:

du 2.16
Re, =27 ;fpg —(C+C,AD" C, 210
Where:
Ar_pg(pp_pg)gd; (2'17)
- 2
7]

C; and C; can be taken as 27.2 and 0.0408 respectively.

Using the above methodology the minimum fluidization velocity can be calculated for
both systems. With combination of the equations (2.9-2.14) the relationship between the particle
size and the pilot plant is established. In the study of Bidwe [40] a mean ZrO, particle size of
142 um was used to simulate a mean lime particle size of 419 um. In this study a 230um ZrO,
particle size was used so as to simulate a mean lime particle size of 687 um.

e Extrapolating cold model data to the pilot facility

The following scaling ratios allows for the extrapolation of cold model results to the pilot
facility.

GJ , P 5 These ratios obtained allow the extrapolation of the cold model riser entrainment.
IDS 0] IOS g
cone valve discharge and measured pressure drop to pilot plant data. These are:

Gs

— _ 0.475where Gs is kg/(time. area) (2.18)

Scold
2.19

S _ 2.61 where Gs is in kg/time (2:19)
Gscold

Aphot _

m =0.726 (2.20)

The above data is summarized for cold model as in Table 2.3.

14
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Table 2. 3: Details of cold model

Geometry

riser diameter 30 mm
riser length 5.32 m
BFB diameter 48 mm
Operational conditions

BFB temperature 20 °C
ELWIRA temperature 20 °C
Pressure Atmospheric

Gas properties cold model

Gas Atmsopheric air

Gas density 1.188 kg/m3
Gas viscosity 1.8 E-5 PaS
Gas velocity 2.3-3.5 m/s
Particle properties

Particles Zirconium dioxide

Density 5700 kg/m3
Size 142 & 230 um

e Limitations of scaling

As mentioned in the literature the scaling laws are only valid as far as the governing set
of equations is concerned. Both literature references and the present analysis conclude that the
following parameters provide limitations to the application of the scaling laws in the system:

e Influence of intra-particle forces: This factor is not taken into consideration while
deriving the laws. In the system there have been some electrostatic phenomena.
Electrostatic forces can alter fluid dynamics. [30]

e Particle attrition is not being considered by the scaling laws. It is well known that
calcium oxide particles do undergo attrition, while zirconium dioxide particles didn’t
show so much of attrition.

e The change in solid and gas density due to reaction can not be considered in scaling. This
is important because matching the solid to gas density ratio is very important in scaling.

The BFB temperature is 900 °C and its gas composition is much different than the one of
the carbonator. Therefore it can not be considered scaled with the use of same solids in the cold
model. Since the focus is mainly on the riser carbonator no other hydrodynamic studies in the
BFB have been carried out.

2.6 Pressure balance analysis at the 15 kW Dual Fluidized Bed carbonate looping facility
for the Dual Fluidized Bed system

The basic principle behind the pressure balance [47,48] is that for a closed circuit system
the algebraic sum of the pressure drop across each section of the circulation loop should be equal
to zero [3. 23]. The fluidized bed system used in this case i.e. DIVA- ELWIRA DFB has been
explained in detail earlier. The figure 2.8 below is the representation of DIVA- ELWIRA DFB

15
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that will be used for explaining the pressure balance [47,48] in DIVA- ELWIRA DFB and its

cold model.

Horio as well as Basu and Cheng [23] have presented the pressure balance of CFB taking
the loop seal into consideration [45]. Their work mainly aimed at the performance of the loop
seal but it also explains the methodology and many aspects of bed hydrodynamics.

In the system it is very clear that its system is running on two loops:

e The upper loop consisting of the following: the cyclone, the upper standpipe, the upper
loop seal loop and the riser loop (d-f-g-b-c-d).

e The lower loop consisting of the following: the atmosphere, the cyclone, the riser, the
lower loop seal, the lower standpipe, the BFB freeboard and the atmosphere loop
(atmosphere-d-c-b-h-i-j-k- atmosphere).

The pressure balance will be explained with the use of the Fig 2.8

o a  Distributor

b  Point of both loop seals inlet- It can be
termed as secondary air inlet. It has

ydene been observed that above this point
r&%]:” bed is dilute and below dense.

® Top of riser- exit
Cyclone exit
Upper standpipe particle bed height
Bottom of upper loop seal
Top of recycle chamber of upper loop
seal
Top of recycle chamber of lower loop
seal
Lower loop seal down bottom
Top of loop seal down solid height
BFB freeboard

Stand plpe
Up

gQ o oo

Bubbling fluidised
bed ( as calclner)
=

o -

Clrculating fluldised bed
(as Carbonator)

® O

{_..

: 1  Top of BFB free board
Loop Seal m Bottom of BFB

®_
S

Solid flow
Gas flow —=

Figure 2.8: Schematic of the 15 KW
carbonate looping DFB facility

2.6.1 The upper loop pressure balance equation

The above pressure loop is written, considering point f as highest pressure point.
(P =P+ (P, =Py)=(P; =P )+ (Py =P,) + (P, = P.) + (P, = Py) (2.21)
In section d-e solids are free- falling and therefore no pressure drop occurs. For the same
reason pressure drop in the discharge line g-b can be neglected too. Therefore,
(Py—=P)=(P,-R,)=0. (P; —P,) is the pressure drop in the loop seal [45] and recycle

chamber and can be considered as double exit loop seal pressure drop.
In general symbols the pressure balance [47,48] is written as:
= APdoubleiexitiLS +AP +AP

cyclone

AP,

upper _stp

2.22)

riser _ top
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2.6.2 The lower loop pressure balance equation

The above pressure loop is written, considering point ‘i’ as the highest pressure point.

Since the BFB is overflowing it does not contribute to the pressure balance.
(P =P+ (Py =P )+ (Pgeg = Py ) = (P =P+ (P, - P) + (P, = P) + (P, — Py) (2.23)

Similar to the upper loop seal section j-k doesn’t contain any solid so its pressure drop
due to solids is neglected. The BFB can be pressurized at will. So the pressure above the particle
bed height in the lower standpipe is always the same as in the BFB freeboard, namely Pgpp. Also
the pressure drop in the discharge line h-b can be neglected too, therefore,
(P, =PR)=(R, —PR)=0.(P, —R,) is the pressure drop in the loop seal [45] and recycle chamber
and is considered as the lower loop seal pressure drop.

In general symbol pressure balance is written as [47,48]
AI:)Iower _stp + (PBFB - Patm ) = AP + APriser _top + AI:)cyclone (2-24)

The above equations do agree with some of the derived equations for pressure balance for similar
CFB reactors and combustors. [26] [27].

lower _ LS

2.6.3 Pressure drop analysis in the riser

From fig. 2.8 it is clear that the pressure drop through the riser is [23]

AP;..=(P, —R)+(P, —P.) i.e. sum of dense bottom and dilute top pressure drops (2.25)
(Pa - Pb) = (1 ~ Eden ),0 sghab = AI:)riser _ bottom (2.26)
(Pb - Pc) = (1 — il ),0 sghbc = APriser _top (2-27)

In reality, the total riser pressure also includes frictional loss including acceleration loss
SO:
APriser = (1 ~ Egen )psghab + (1 — &l )psghbc + APac (2.28)
Here &4en and g5 are the voidages of bottom dense and top dilute regions respectively.
Mh Thus eq. 2.25- 2.27 can
Area*h
be modified to eq 2.29 with the consideration that the cross sectional area of the dense and the
dilute sections are equal.

AP _ (Wab +Wbc =Wriser )g +AP

The part of the above term (1—¢)p,h can be written as

riser ac (2-29)
Ariser
A frictional loss is assumed, which contributes 20 % of the total pressure drop. Thus:
Apriser — 1'zrlriser g (2'30)

riser

2.6.4 Pressure drop analysis in the upper standpipe

Solids fall from the cyclone into the upper loop seal standpipe. The standpipe is either
kept bubbling or at moving bed conditions. The condition at which the upper standpipe is a
bubbling or a moving bed will be discussed later in the results and discussion chapter.

17



2. Fundamentals And Description Of Experimental Facilities

2.6.5 Moving bed regime standpipe conditions

In moving bed conditions particles move downwards in the standpipe, as a moving
packed bed. Voidage values in the standpipe and supply chamber of the loop seal resemble
voidage values between a fixed bed and an incipiently fluidised bed. Supply and recycle
chambers of a loop seal are shown in figures in the next chapter. The pressure drop is calculated
as per the modified Ergun equation [26], [23].

P_P P_P _ o u (AU - 2
(e i 500 fs) Ay 2)+1.75( g:)pg (Au)
h h £ ¢.d £ $.d, (2.31)

upper _ stp lower _stp s sYp s

Here Au is the relative velocity of gas with respect to the down flowing solids [23], [26].
es 1s the solids fraction in standpipe. Superficial velocity through standpipe is small, since most
of aeration gas escapes to the riser through recycle chamber due to less resistance.

The equation shows the important fact that pressure drop across the standpipe is a
combined result of solids height and relative velocity between the solids and the gas. The latter is
very much dependant on the value of loop seal aeration. As a result, different standpipe heights
can show same pressure drop and vice versa. This fact makes difficult to estimate bed inventory
which is easier in case of bubbling standpipe conditions as explained later.

2.6.6 Bubbling bed regime standpipe conditions

For a bubbling standpipe, aeration rate is maintained higher than moving bed conditions
so that the loop seal supply chamber and recycle chamber are both in bubbling condition. The
fraction of aeration gas leakage through the standpipe is much larger than for moving bed
standpipes. In this case the pressure drop in the standpipes is:

(P =P)or(P —P)) =(1-¢,)p 0Ny, (2.32)
Similar to equation (2.31) the above equation can be written for the upper as well as the
lower standpipe as

Wu er _s g
APypper g = — == (2.33)
Aupper _stp
w ower _ s g
AI:)Iower _stp = AI‘ — (2.34)

lower _ stp

For optimum operation of the system, the standpipe height should be enough so as to
avoid leakage from the carbonator gas to the loop seals and the calciner or vice versa. Standpipe
may exhibit slugging if the riser exhibits even mild slugging due to operation of the riser in the
turbulent regime and small scale of the facility.

2.7 Estimation of inventory deriving from the pressure balance

It is clear from the CO, capture requirement that to achieve higher efficiency in the riser
the mass within it should be enough. The required mass is mainly a function of superficial gas
velocity and the molar ratios of the sorbent looping rate to incoming moles of CO2 in the

carbonator ( i ) and of the fresh make up flow of sorbent to the incoming molar flow of CO2

CO2
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F . . . . .
(—=2-). It is convenient to be able to estimate the Total Solid Inventory (TSI) from the required
Co2
mass in the riser in advance. A co-relation which can estimate inventory for bubbling standpipe
conditions has been developed. For moving bed conditions this will be subject of further work.
For bubbling standpipes: Considering equation 2.33, 2.34 and assuming pressure drops in
cyclone and loop seals as negligible it is concluded:

APupper _stp = AI:)lriser _top (2.35)
AI:>Iower _stp + (PBFB - Patm ) = Al:)riser _top (2.36)

incorporating equation 2.33 and 2.34 in eq.2.35 and 2.36 directly it is obtained:

W W,
upper _ stp riser _ top
-+ = - (2.37)
Aupper _stp Ariser _top
Wlower _stp n (PBFB B IDatm ) _ Wriser _top (2 38)
AIower _stp 1.2 g Ariser _top )

Mass quantities contained in the BFB, the recycle and supply chambers of the loop seals
are constant since components mentioned are in bubbling conditions. The sum of the above mass
will be referred to in this work as constant mass Wonst.

By making the assumption that Wiiser 1op = 40% of the Wiisr and using the mass balance
equation below the system TSI is obtained:

TSI =Wriser +Wupper75tp +Wlowerfstp +Wconst (2‘39)
Finally. the 2.35 with the combination of (2.32) — (2.34) results in the following equation:
04We., (Paes —Pun) 0.4W,,,
TSI — W ) + Riser BFB atm %k A + Riser | x
Riser (ARisertop 129 ] Lower _ stp (ARisertop ] AUpperfstp (2.40)

2.8 Cone valve pressure drop analysis

Solids from the supply chamber flow to the recycle chamber through an opening slit. The

pressure drop across this opening can be calculated by Cheng and Basu et al [23].
(P> —Pp) =0.66(A, /A, )G, (241)

This equation is very important since the flow rate balance
is necessary for the system to achieve a steady state. A loop seal
should be able to pass the same amount of mass as it is receiving
from the riser. This flow rate is governed by the pressure
difference (Pp-Pr) and this difference is governed by other
factors discussed later.

Supply chamber

slit

Pl

Figure 2.9: Loop seal schematic
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3. Experimental Set Up

3.1 Introduction

In order to complete the experiments, a scaled down model was designed and constructed
out of Plexi-glass. & He [56] carried out cold model experimentation in a similar scheme using
sand as solid and ambient air as gas. Their experience is valuable in conducting cold model
experiments. Previous work in the field also was conducted for [IVD by Ajay Bidwe [40]. Bidwe
used the same cold model installation with a material of different particle size in order to study
its behaviour and design an operational window for this particular particle size and did a
preliminary evaluation of different operating parameters on the hydrodynamics of the system.
The same set up although modifying some dimensions. It is a main concern to maintain the same
geometric ratio in every part of the facility. The basic design as per the e laws will be explained
later on.

3.2 Cold model set up

The Figure 3.1 below
shows the picture of cold model
as built. As seen the facility is
mounted on an angled structure.
The main riser (030 x 5320
mm) is divided into 5 parts
joined by flanges. The bottom
part consists of inlets for both
loop seal at different heights.
Due to previous experience
with electrostatics [24]. [46].
most part of the cold model is
covered with mesh wire just to
minimize the  electrostatic
effects and is grounded at
regular intervals. The pressure
measurement  nozzles were
fabricated wherever required.
The list of pressure transducer
nozzles is given in Table 3.1.

Air supply is provided
at 6 locations as shown in the
Table 3. 1. with separate
pressure  regulating  valves
(PRV’s) and rotameters. PRV’s
were set to 1.2 bar pressure.
Rotameters were calibrated

e L E before the start-up of the
Figure 3.1: Cold Model As Built experiments. The Table 3. 1

e~ ail®

i

o

below shows the list of all air
supply points  with their
rotameter range and calibration
equation.
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Table 3. 1: List of Air Supply Locations in Cold Model

Sr | Location Rotameter range Rotameter calibration equation for
no flowrate in Nm3/h
1 | Riser bottom 2-25 Nm3/h 1.1256x-0.286
2 | BFB bottom 0.8 —3.5 Nm3/h 0.1948x+0.4191
3 | Upper loop seal 0-3 Nm3/h 0.001x
bottom air
4 | Upper loop seal 0-150 LPM (0.35x-0.6)0.06
side air
5 | Lower loop seal 0-3 Nm3/h 1.2636x-0.0258
bottom air

x — reading shown on Rotameter.

3.3 Measurement of pressure drops

When the location of the pressure transducers on the DIVA- ELWIRA DFB was finalized
Bidwe marked the location of pressure transducer nozzles on the cold model at geometrically
similar distances. Each nozzle is filled with a fine mesh wire and glass wool to keep transducer
safe from malfunctioning and from the incoming fine particles.

1 In total 15 transducers were used. Pressure
transducers were available in different
ranges like 0-10, 0-50, 0-100, 0-200 mbar.
Transducers were placed according to their
range in the places where the maximum
pressure drops where expected to be
present. Pressure transducers used were
diaphragm type differential pressure
transducers, with 4-20 mA digital output.
The respective signals are sent to the
computer (see Index ) which senses the
signal using LabView ® software, converts
the digital signal into the calibrated value
and displays the value on the screen as
shown in Error! Reference source not
found.b. The displayed value is often
checked for calibration using a manometer
which can be attached in parallel to the
transducer. Values are recorded with
sampling period of 1 Hz. The list of the
traducers is shown in the following table.

Figure 3.2: Pressure transducers panel at
cold model IVD
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Table 3. 2: List of pressure transducers on cold model

Srno | Location Transducer | Range
name mbar
1 Riser- 21 - 333 mm from distributor P-201 0-100
2 Riser- 333 — 2621 mm from distributor P-202 0-100
3 Riser- 2621 — 4328 mm from distributor P-203 0-100
4 Riser- 4328 — 5090 mm from distributor P-223 0-200
5 Riser-21 — 5090 mm from distributor (for quality | P-215 0-200
check)
6 After cyclone - loop seal up stand pipe P-217 0-200
7 Loop seal up stand pipe - Loop seal up box P-206 0-50
8 Loop seal up box — 333 mm from distributor P-205 0-50
9 Loop seal up box - BFB top ( cone valve P-225 0-100
pressure)
10 Loop seal down box — Top of BFB P-207 0-100
11 5090 mm - After cyclone P-224 0-10
12 Loop seal down box - Top of BFB P-204 0-100
13 Loop seal down box - 333 mm from distributor P-210 0-50
14 BFB absolute pressure P-218 0-400
15 Cyclone absolute pressure P-219 0-400

3.4 Initial pre experiments

Following pre experiments were carried out:

To calibrate all rotameters

Particle size distribution of ZrO; particles.

Density measurement, using pychnometer.

Voidage measurement.

To find leakages in the cold model and repair. since solids are very costly.

To find out a range of good operating conditions. good methods of operation and prepare
a standard operating procedure for carrying out proper experiments.

For the experiments two different particle-sized materials were used. For Bidwe’s work
[40], the particle size of the Zirconium dioxide was 142 pm and its density was 5700 kg/m’,
while for the present thesis the particle size of the Zirconium Dioxide was 230 pm and its density
was 5700 kg/m’ as well.

3.5 Experimental procedure

Carrying out a successful experiment involves following activities: The procedure is
constantly getting upgraded. In the experiments experimental procedure is highly influenced by
the previous works of Ling and Zenteno [56] and Nikolopoulos [46] and is the same as in Bidwe
[40].

First task is that the computer has to get started, along with the Lab View Measurement
software and the recording data. The system should be totally empty (no solids at all). In
continuance the amount of solids should be weighted (say 2 kg). The BFB should be filled till
the overflow level and the supply and recycle chambers of both loop seals. Next the solids
should be weighted again and the difference should be noted as Wonst.
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As a next step the rest of the mass intended to be loaded to the system should be
weighted (termed as moving mass) and be divided into two halves. Next, the first half of solids
should be filled into the upper standpipe through a valve provided below the cyclone and the
lower standpipe by pouring into the BFB through a valve at the BFB top. Following, all
rotameters should be checked if they are properly closed and the air supply valve should be open
for all rotameters.

As a next stem the BFB should be started at approximately =3 to 5 and the solids

mf
should be let to overflow into the lower loop seal. Next, the air supply should be started in the
riser until velocity becomes approximately 50% of Ui. In continuance, the air supply should be
started slowly at the upper loop seal. The upper loop seal soon will fluidize and will start pushing
solids into the riser. As soon as this happens, the air supply in the riser can be increased to a little
more than U,.

As a following activity, the loop seal flow should be increased till the standpipe starts
slightly bubbling. The circulation will begin in the upper loop seal riser loop. Then, slowly the
riser velocity should be increased till the desired value. The loop seal may stop bubbling due to
higher entrainment. so please try to keep it bubbling by increasing upper loop seal side air or
bottom air. Next, slowly the upper loop seal will become steady. Slowly the air flow should be
started in the lower loop seal in the same manner as in the upper loop seal till it starts bubbling.
Since the riser has received more solids pressure drop in the riser and the cyclone entrainment
rate will increase. Next, the upper loop seal standpipe height will have risen and can be again
adjusted by adjusting the upper loop seal bottom and side air. Then you have to wait for system
to get balanced.

Now slowly open the cone valve to a predecided number of rounds and see the cone
valve flow rate. If the cone valve flow rate is higher than the cyclone entrainment rate and the
upper standpipe solid particle bed height levels are falling below satisfactory level (level at
which leakage may be caused) then an increase in the BFB pressure will reduce this flow.
Always be sure that some solids may return through the loop seal recycle chamber to the riser.
At the same time adjust the lower loop seal flow rates so as to keep its height constant and wait
for the system to get balanced.

A system is balanced when it shows constant pressure drops in riser, the upper loop seal
and the lower loop seal, with a definite range of fluctuations. A good sign to be sure is to see if
the upper standpipe height and the lower standpipe particle bed heights are constant or not. A
constant standpipe height is an indication of equal entrainment coming in and returning through
recycle chamber and cone valve. a perfectly balanced system.

Once the system is balanced, the time at which it is balanced should be noted and the data
should get recorded for 10 minutes and the flow values of riser. BFB upper loop seal and lower
loop seal etc should be recorded as well. Also please note the loop seal heights and standpipe
condition whether it’s bubbling, slugging or moving bed.

Now once the 10 minutes are over, the lower loop seal flow should be stopped without
disturbing other flows and the time required to accumulate a certain volume of solids should be
noted. This will give us the cone valve flow rate. Immediately after recording start the LSD
bottom air to the original value, wait for 3 minutes for the next reading, take 3-5 readings as per
requirement and deviation .(if higher deviation observed then wait longer for more stabilization
and more readings with more volume).

Next step is to close the valve below cyclone and record the time for accumulation of 3 to
4 cm of solids and immediately open it, wait for 3 minutes again, repeat the procedure for 3 to 5
times. This procedure will give us the value of the Riser entrainment rate, Gs.
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Should the actual masses in the riser, upper standpipe and lower standpipe be noted, the
air flow from all rotameters should be stopped at once. Then the masses are taken out, weighted
and notes concerning their weights should be kept.

Charge the mass again to upper standpipe and lower standpipe equally to find the
performance at different conditions of velocity, BFB pressure or cone valve opening. One can
use the same mass or other, according to his experimental plan.
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4. Previous Results At Cold Model

4.1 Introduction

In this chapter the previous work done in the field by IVD [40] and [46] will be
discussed. The main objective of this work was to operate a Dual Fluidized Bed scaled cold
model, study its behaviour and state its operating parameters, so as to create know-how in the
field. This previous information and expertise was of vital importance for the thesis presented
here. The two most important breakthroughs were the design of the operating window of the
facility for the particle size in use (142 um) and furthermore the initial validation of the design of
the 15 kW carbonate looping DFB facility (DIVA- ELWIRA).

4.2 Operating Window
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Figure 4.1: Operating Window for particle size of 142 pm

The above operational window depicts the pressure drop through the riser against the
riser superficial velocity for all runs conducted in [40]. The previous undergone research on the
subject resulted in the operating window above, which depicts clearly the three operational zones
for the particle size in use in the cold model. Certain experiments were carried out, with different
TSI (Total Solid Inventory) and riser velocities which resulted in plotting this graph. In the far
left zone (for lower riser velocity (Uo)) the cold model has many difficulties lifting up the mass
provided in the riser and as a result ‘chocking’ appears. This condition is considered highly
unstable, the entrainment of the mass is not enough to achieve a smooth and constant flowrate,
therefore the operation in this spectrum of lower riser velocities is not recommended and
unacceptable due to high pressure fluctuations. The standard deviation of the pressure
fluctuations divided by the mean pressure drop in the bed can reach 30% and therefore this main
problem is making this region unacceptable. In the second (middle) zone, there is the normal
operating window for the cold model. where all experimental runs are quite stable and the ratio
of the standard deviation of the pressure fluctuations to the mean pressure drop of the riser is in
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the range of 5- 10%. Therefore this is the region of TSI and riser velocities that the cold model
operates. In the far right zone, (for higher TSI and riser velocities) the cold model is not able to
run properly, due to a phenomenon termed “cycling”, which was an astonishing finding from
previous work and is analysed thoroughly in 4.3. Another useful finding concerning the
operating window is that as showed in the graph, the minimum and maximum operating riser
velocity for each TSI, is increasing, with increasing TSI as stated in Figure 4.1.

4.3 Cycling

4.3.1 The phenomenon

The effect was first observed at 2.98 m/s with atmospheric pressure for a TSI of 2.24 kg
and at 3.09 m/s for a TSI of 2.64kg. When this phenomenon occurs the upper and lower loop seal
stops delivering solids to the riser, till a sufficient standpipe height is built up. Then mass starts
pouring into riser from the loop seals. at much higher rate than normal and again stops. This
happens at regular pulse and in cyclic manner. During this time the pressure drop varies from
min to max which means the mass in the riser increases and decreases. This phenomenon was
hence called ‘cycling’, due to its cyclic occurrence. In order to depict the differences between a
normal run and a run where the cycling phenomenon takes place, two distinct runs have been
chosen. Run 14 is a normal run while in Run 19 cycling occurs. The operating conditions for
both runs appear in the following table.

Table 4.1: Operating Conditions for Runs 14 and 19

LSU LSD LSU Cone Valve
Nl;)l.ll(:f TSI (CHE?) (an;l:) Bottom Bottom Side Opening
(m/s) (m/s) (m/s) (mm)
14 | 264 | 254 | o018 0.08 0.04 0.01 >-26
19 | 264 | 305 | o018 0.05 0.05 0.03 >-26
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Figure 4.2 : System with cycling phenomenon
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Figure 4.3 : System with balanced run

The figure 4.2 shows a typical run with cycling phenomenon while figure 4.3 shows a
normal perfectly balanced run. The main differences are basically the following:

27



4. Previous Results At Cold Model

o Patterns of the riser pressure fluctuations: During the cycling phenomenon the riser
fluctuations are showing a sinusoidal function while during normal runs riser pressure
fluctuations are purely due to the turbulent nature of fluidized bed. This indicates that in
cycling phenomenon the riser inventory increases and decreases (as already discussed)
while in normal runs it remains relatively constant. Both behaviours were visually
observed while watching the cold model in function.

e Loop seal pressure fluctuations: In normal runs the loop seal pressure is almost
constant but in cycling it also follows a sinusoidal function. The sinusoidal function of
pressure variation follows a typical rhythm. Riser pressure drop reaches maximum just
after the pressure drop through the loop seal reaches minimum because as already
mentioned the mass is discharged to the riser abruptly (riser maximum. standpipe
minimum) and than mass accumulates in the standpipes. Before mass is again discharged
to the riser there is a minimum pressure drop in the riser and maximum in the standpipes.

4.3.2 Theoretical background of cycling

Cycling mainly occurs at higher velocities when entrainment rates are higher. In every
situation, in order to maintain the system under balance, the loop seals must deliver at the same
rate as the riser. Loop seal flow rate is a function of the pressure drop through the slit of the loop
seal standpipe pressure. From the Basu, Cheng equation, as found in [45], it is derived:

(P, —P,,)=0.66(A, /A, )G 4.1)

S

The Py is the pressure at the supply side and Py, is the pressure on the delivery side of the
loop seal which is influenced by the loop seal recycle chamber and riser top pressure drop. Loop
seals will fail to deliver when they will not have enough (Ps; - Pr). In the case presented in this
chapter (TSI 2.24 kg), the standpipe could not generate more pressure to have higher (Ps - Pr)
for higher Gs above 3 m/s (Run 19). In that case solid height builds up in the stand pipe so as to
create enough (Ps - Pr) by in the meantime, the riser empties. Thus (Ps - Pr) increases even
more and therefore loop seal vigorously delivers solids into the riser.

The behaviour of the cycle is as follows: First, the solids enter the bottom part of the
riser, which doesn’t take part in the pressure drop closed circuit, and hence, its equations. As the
flow continues, the solids move upwards, towards the riser top. In the mean time, since the riser
top has less resistance (meaning pressure drop), the loop seal continues to pour solids into the
riser. While this pouring towards the riser occurs, the flow continues to push the mass towards
the upper parts of the riser and therefore the mass in the standpipe reduces. Therefore the
pressure drop through the loop seal slit (P - Pg) is drastically reduced and at some point the
loop seal flow stops. When the flow from the loop seal stops, the mass from the upper part of the
riser accumulates in the standpipes. Therefore the pressure drop through the slit (Pn - Pr)
increases again. The flow from the upper part of the riser towards the loop seal diminishes and
the flow for the loop seal to the lower part of the riser starts once more. The phenomenon, as
mentioned, happens in repetitive manor.

In order to avoid this phenomenon, higher TSI in the riser is suggested for higher
velocities. Higher TSI will create higher pressure drop in the riser as well as the standpipe and
this will allow higher (Ps - Pg) to create higher Gs through the loop seal slit. This is proved by
fig. 4.1 by the observation that cycling occurs at higher velocities for increased TSI. Secondary
measures so as to hinder cycling are to increase loop seal aeration and the absolute pressure of
the BFB. This happens because increase of both result into less requirements of solids in the
standpipes as shown by the pressure balance equations.
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Cycling is not a desirable mode to operate in the pilot plant facility since it would cause
fluctuations in CO2 capture efficiency. This is a possibility for two reasons:

e The flow rate of solids coming from the BFB regenerator is not constant during cycling.
Therefore, at one point the CFB carbonator will have a high flow rate of freshly calcined
active solids entering and at another point no such flow will be present.

e The carbonator inventory follows a sinusoidal function. Therefore the amount of sorbent
that captures CO2 in the carbonator varies.

4.4 Effect of the riser velocity on riser entrainment

These circulation rates were measured after the cyclone. The following graph shows the
plot of riser entrainment against the superficial velocity of the riser for all runs conducted in [40].
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Figure 4.5: Riser entrainment against superficial velocity

As observed in the graph. for lower velocities (below 3 m/s) circulation rate is only a
function of velocity u, but with higher velocity Gs seems to be dependant on the TSI too.
Therefore it is concluded:

Gs = f(u,,Ww 4.2)

riser )

The empirical equation is plotted for the experimental values in with the help of excel.
yields a best fit of exponential equation of

Gs =0.1619¢"*Y with R* = 0,85 4.3)

cyclone

Where Ggeyclone 15 in kg/m2s and U, is in m/s.

The fact that equation 4.3 has such a good fit when plotted against riser velocity only
shows that the riser superficial velocity is the primary parameter influencing riser entrainment.
Also during the study it was observed that pressure drop in the top section on the riser has

29



4. Previous Results At Cold Model

influence on the circulation rates. Therefore riser pressure drop at 4328 mm and respective Gs at
every TSI are plotted below. With rise in pressure drop at top section Gs values also raised
accordingly.
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Figure 4.6: Riser entrainment against pressure drop at the exit part of the riser

The empirical equation is plotted for the experimental values in with the help of excel.
yields a best fit of linear equation of

GSyone = 1.8987P,, —0.7246 with R = 0,83 4.4)

Where Ggeyclone 18 in kg/hr and and Py is in mbar.

4.5 Flow rate and pressure drop through the cone valve

Previous studies in the field showed that the cone valve discharge is mainly controlled by
the product of the pressure drop through the valve and the opening of the valve (F. measured in
m2Pa). The pressure drop through the cone valve is a result of the operating parameters of the
system and will be discussed in the following chapter. At this point it can be statet that the results
of this work have showed that this very pressure drop can be controlled by charging manually
the BFB absolute pressure, in the installation. An increase in the BFB pressure results in
decreasing the flow rate and a decrease in the BFB pressure, has the exact opposite effect. Figure
4.6 depicts the relationship between the cone valve discharge and the product of the pressure
drop through the cone valve and its opening. F.
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Figure 4.7: Cone valve discharge versus F for a particle size of 142 pm

CcV =587.04F 47 4.5)

discharge

Where F = A, AP, . with R?* =0,74

Where Cone Valve discharge is measured in kg/m’s and F is expressed in m*Pa.

With the increase of the TSI in the system, there is an increase in standpipe heights and
standpipe pressures. Furthermore, Gs from cyclone is more dependant on the velocity than on
Wiiser- Therefore to control the flow at higher TSI’s, higher Pgpp is required. This higher Pgpp
would decrease the APcone vave and thus control the flow. During initial phases of the
experiments, small values of Pppg caused problems such as the emptying of the loop seal up
through the cone valve, because with low Pgpg there was no opposing power, to stop this flow.
Finally, it was understood that in order to control the flow, someone has to adjust the Pgrp
manually.
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5. Results And Discussion

5.1 Input and output experimental parameters and their effect on efficiency

The operational input parameters which have been adjusted according to the experiments’
purposes were the following:

» Total solid inventory (TSI): the mass that is loaded in the installation
*  BFB pressure: the absolute pressure in the Bubbling Fluidized Bed

* Loop seal aeration: the aeration through the both loop seals

*  Cone valve opening: the opening of the orifice in the cone valve

» Particle size: the size of the particles of the solid in use

* Riser velocity: the velocity of the Circulating Fluidized Bed

In order to specify the behaviour of the system and analyze it in depth, a series of
experiments were made. In these experiments all the parameters were kept constant, except for
one, which was the parameter in question for analysis. Through this simple scheme, the effects
of each and every of these parameters to the output parameters of the system were depicted.

The output parameters which were affected by the experimental procedure were the
following:

*  Riser pressure drop: the total pressure drop of the Circulating Fluidized Bed

* Axial pressure profile: the axial pressure profile through the CFB riser

* Riser entrainment: the flow rate of the riser

*  Cone valve discharge : the amount of solids through the cone valve per second

All the undergone research was made so as to optimize the installation and increase its
efficiency. The factors that affect it are clearly the output parameters because:

* The riser pressure drop: It defines the total mass in the riser. Generally more mass
means better CO, capture efficiency.

* The axial pressure profile: It is important because it shows the distribution of the mass
between the different hydrodynamic regions of the CFB riser carbonator. Different
regions represent different gas- solid contacting modes. The dense region has generally a
high solid fraction but poor contacting due to formation of bubbles. The core- annulus
region has low solid fraction but good solid contacting. The exit region shows
intermediate solid fraction values and intermediate contacting.

* Riser entrainment: The flow rate of the riser is of high importance because it it
represents the maximum possible sorbent looping rate between the beds.

* Cone valve discharge: The function of the cone valve dictates the sorbent looping rate
between the beds.

5.2 Operating Window

In this chapter the operating conditions and the hydrodynamics for the experiments
carried out (as already stated) for higher particle size (mean dp 230 um), as well as the effect of
the particle size will be discussed. For the analysis, the data merging from the present results
were crossed checked with those of the data from Ajay D. Bidwe’s Thesis [40]. Furthermore the
possibility of a design improvement, its behaviour and its effect on the experimental parameters
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will be discussed. In Annex 1 there are all the experimental conditions for all runs conducted in
this thesis.
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Figure 5.1: Operating Window for particle size of 230 pm

During the experimental work for the thesis, the cold model was operated with different
TSI (Total Solid Inventory) values and for several different velocities, so as to create the
operational window of the facility. as shown in Figure 6.1, for the particle size of 230 um. For 5
different values of TSI, namely 2.24 kg. 2.64 kg. 3.00 kg. 3.65 kg and 3.95 kg experiments were
carried out with the operating conditions as shown in table in Annex 1. The main objective of the
runs was to find out the operating window for the facility for the higher particle size. The
minimum riser velocity (U,) for each TSI was noted when the riser couldn’t lift the given mass
and the phenomenon of chocking appeared, whereas the maximum riser velocity for each TSI
was noted when the cycling phenomenon appeared. Pgrg pressure, LSU (Loop Seal Up) aeration
and LSD (Loop Seal Down) aeration were dictated so as to achieve bubbling conditions in both
loop seals and so as to achieve pressure balance and constant and smooth flow rate, through the
whole facility. Cone valve opening was kept constant (as shown in Annex 1).

When increasing TSI more mass is available in the CFB riser. As a result, higher TSI
creates higher pressure drops. as clearly shown in the graph. Furthermore, in the operating
window above the three operational zones (chocking-normal-cycling) as expected and as
discussed in previous chapter describing previous work can be seen. Please note that the
occurring phenomena both for lower riser velocities and higher riser velocities where the same as
in as or the lower particle size of 142 um tested previously. Another notable fact that can be seen
is that when the riser superficial velocity increases the total pressure drop in the riser seams to
decrease. This is due to a rapid increase of the pressure drop through the cyclone with increase of
velocity and the effect it has on the pressure balance. This “cyclone effect” is discussed later in
detail.
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5.3: Flow structure of CFB carbonator
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Figure 5.2: Flow Structure along the riser height. Run 40

In fig. 5.2 there is a typical pressure drop profile of the riser. The specifications of this
particular Run 40 are shown in the table below.

Table 5.1: Operating Conditions of Run 40

Run LSU LSU LSD
No U, TSI | PgrB | Acone vave | bottom | side bottom Standpipe status
: air air air
m/s | kg | mbar mm’ m/s m/s m/s up-down
40 3.09 |3.95 65 5.26 0.38 0 0.08 bubbling-bubbling

In fig. 5.2 three distinctive and characteristic areas for a typical pressure drop profile can
be witnessed. At the bottom part of the riser there is a ‘dense region’ (noted in pink) where the
solid fraction is 0.1-0.21. The dense phase consists of a bubble phase and an emulsion phase.
Hydrodynamics here have some resemblance to those of a bubbling bed. In the middle of the
riser there is the ‘lean core- annulus region’ (noted in green), with a solid fraction of 0.01-
0.025. Solids here move upwards from the center of the riser and downwards from the side.
Finally at the top- exit region of the riser there is the ‘exit region’ (noted in red) with a solid
fraction of 0.03- 0.1. This happens because of the abrupt riser exit used. The riser exit is located
189mm below the riser top and has a 20° inclination. Due to the solids inertia it is difficult for
them to achieve this “bend”. Hence they collide with the top of the riser and each other and form
a “denser” recirculation zone at the top of the riser as compared to the core- annulus region.

The flow structure of a CFB carbonator is a lot different than that of a CFB combustor.
Due to the inventory needed the flow is much “denser”. This note has to be taken into account in
reactor design and modeling of such a system.
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5.4 Effect of Total Solid Inventory on the pressure drop profile of the riser

As is shown in fig. 5.3 higher TSI results in higher pressure drop in the riser due to the
higher availability of mass. In fig. 5.3 the riser pressure drop profile of runs with different TSI
and same other operational parameters (shown in table 5.2) are plotted. The added mass,
resulting in increased pressure drop when increasing TSI, is gathered mainly in the bottom part
of the riser. The pressure drop at the exit of the bed does not change significantly for the
different TSI with the exception of Run 53. A certain velocity in the riser has a certain solid
carrying capacity. In the case of runs 36, 39 and 53 this carrying capacity is fully used. For Run
53 there is not enough inventory in the system so as for the flow to reach this maximum carrying
capacity. Hence, the pressure drop at the exit of the riser is lower than the other runs of fig. 5.3.
The fact that the exit of the riser exhibits a slightly increased value for Run 36 in comparison to
Run 39 and 53 can be attributed to the increment of riser superficial velocity at the upper part of
the riser caused by the higher aeration of the upper loop seal. Difference in loop seal aeration
have no significant effect in the mass distribution between riser and standpipes since standpipes
are in bubbling conditions and the therefore have a constant pressure drop gradient.

6000 -
5000 -
__ 4000 -
E
E
£ 3000 -
=]
Q
I
2000 -
1000 -
0 T T = =i = T = 1
0 20 40 60 80 100 120
Pressure Drop in the riser (mbar)
|-=—Run 50, TSI 2.24 —=—Run 53, TSI 2.64 -=—Run 36, TSI 3.65 = Run 39, TSI 3.95
Figure 5.3: Effect of TSI on the riser pressure drop profile
Table 5.2: Operating Conditions of Runs 36. 39. 50 and 53
LSU LSD
Run LSU .
No. u, TSI | Pgre | Acone valve bot?om side air boti;om Standpipe status
air air
m/s kg | mbar mm’ m/s m/s m/s up-down
36 | 298 [3.65| 40 5.26 0.31 0 0.09 bubbling-
bubbling
39 | 298 |3.95| 30 5.26 0.35 0 0.07 bubbling-
bubbling
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50 | 298 [224] 35 | 526 024 | 0.02 0.07 bubbling-
bubbling
53 | 298 264 35 | 526 0.35 0 0.08 bubbling-
bubbling

5.5 Effect of upper loop seal aeration on the pressure drop profile of the riser

In fig. 5.4 the pressure drop profile is plotted. The set of the runs in use had the exact
same operating conditions, with the parameter of upper of loop seal aeration changing from
lower values (Run 33) towards higher (Run 35). In Run 35 the upper standpipe is in bubbling
conditions, while in Runs 33 & 34 it is in moving bed conditions. In order to achieve bubbling
conditions in the upper standpipe, one should keep increasing the upper loop seal aeration. As
shown clearly in the figure, this increase in the aeration results in increasing the total pressure
drops of the riser, through increasing the amount of the mass that is gathered in its lower dense
area. Increasing aeration means that more air is pumped through the loop seal. Hence, as noted
from equations 3.26 the pressure gradient of the upper standpipe increases. This means that
lesser mass is needed to sustain the seal of the standpipe. Therefore mass is discharged from the
upper standpipe to the riser. Furthermore it should be noted that the increase of the upper loop
seal aeration increases only the mass at the bottom part of the riser and causes no other deviation
in the upper part of the riser as noted in Figure 5.4. This happens because increasing the loop
seal aeration does not increase significantly the carrying capacity of a given flow. The effect of
increasing loop seal aeration is similar to increasing the TSI as shown above.
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Figure 5.4: Effect of upper loop seal aeration on the pressure drop profile of the riser
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Table 5.3: Operating Conditions of Runs 32. 33. 34. 35

LSU LSD
Run LSU Standpipe
No. | U | TSL) Pors | Aconc vawe | bottom | ;g o5 | bottom status
air air
m/s kg | mbar mm’ m/s m/s m/s up-down
33 | 2.87 [3.65] 3651 5.26 0.26 0 0.08 MOVINg-
bubbling
34 | 287 [3.65] 3604 | 526 0.27 0 0.08 MOVINg-
bubbling
35 | 2.87 [3.65] 3819 | 526 0.29 0 0.08 bubbling-
bubbling

5.6 Effect of BFB pressure on the pressure drop profile of the riser

In fig. 5.5 the riser pressure drop profile for two runs that have the same operating
conditions is plotted against the riser pressure drop. Differences in loop seal aeration are
considered not to be significant in regard to mass distribution since the standpipes are in both
cases in bubbling conditions and due to the explanation provided above. The significant
parameter that changes is the BFB pressure. In Run 2 the BFB pressure was increased so as to
study its results. The increase of BFB pressure results in pushing more mass through the lower
standpipe into the riser. As a result, the mass loading of the riser increases, hence its pressure
drop increases. This increase happens because the pressure drop of the bottom part increases.
The pressure drop at the upper part remains the same as shown in fig. 5.5. The increase of mass
in the CFB carbonator with increasing BFB overpressure can be explained theoretically from the
pressure balance of equations (2.21 and 2.22). According to this equation when increasing the
BFB pressure less mass is required in the lower standpipe so as to maintain a seal. Therefore
mass from the lower standpipe is discharged to the riser.

Furthermore, it should be mentioned that the BFB overpressure plays a role on the
sorbent looping rate, because through its adjustment, the cone valve discharge can be forced to
take any value between 0 and the riser entrainment.

Table 5.4: Operating Conditions of Runs 1 and 2

Run LSU LSU LSD Standpipe
No. u, TSI | PrB | Aconc valve bot!:om s1fle bot?om status
air air air
m/sec | kg | mbar mm® m/s m/s m/s up-down
1 | 245 |224| 0 5.78 0.09 | 0.03 | 0.06 foving-
moving
2 | 245 | 224 20 5.78 0.09 | 001 | 0.07 foving-
moving
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Figure 5.5: Effect of BFB pressure on the pressure drop profile of the riser

5.7 Effect of cone valve opening on the pressure drop profile of the riser

In fig. 5.6 and fig. 5.7 the cone valve discharge is plotted against the opening of the cone
valve times its pressure drop. There is a linear relation for both particle sizes of the cone valve
discharge Gs_cyclone and the product of the cone valve area and the pressure drop through the
valve. Hence the cone valve discharge can be controlled through closing or opening the cone
valve and by increasing or decreasing the absolute pressure of the BFB.
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Figure 5.6: Cone valve discharge against opening of the cone valve for particle size of 230
pm
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G =749.38F +2.8262 . with R*> =0.67 (5.1)

s_cyclone

Gy eyetone i (kg/m2s) and F (A*APcone vaive) in (m*Pa).
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Figure 5.7: Cone valve discharge against opening of the cone valve plot for particle size
of 142 pm

G =587.04F %7 with R* = (.74 (5.2)

s _cyclone

Gy cyclone in (kg/m2s) and F (A*APone vaive) in (m’Pa).

5.8 Effect of riser velocity on riser entrainment

The parameter that has the greatest effect on the system is the riser velocity. Riser
velocity affects the pressure balance of the whole system. the shape of the riser pressure profile
and riser entrainment. While carrying out the experiments, the circulation rate of the cold model
had to be measured. Previous work in the field has showed that there is an exponential equation
connecting the riser superficial velocity and the flow rate of the cyclone. The experimental data
of the higher particle size showed exactly the same behaviour and the trendline that resulted. has
very nice fit. Hence, it can be stated that the riser velocity is the primary parameter affecting the
riser entrainment. The secondary effect of the riser inventory on the riser entrainment can be
shown by the elevated riser entrainment values depicted for higher TSI. The effect of the TSI on
the riser entrainment is small for lower velocities and is amplified at higher velocities. All of the
above are clearly shown in the figure 5.8 and 5.9 for both particle sizes.
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Gs_cyclone 1 (kg/mzs) and Uo in (m/s).

5.9 Effect of riser velocity on the pressure drop through the cyclone

As already stated, the pressure drop in the cyclone takes part in closing the pressure drop
loop balance, according to the know pressure balance equations 2.21 and 2.22.
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Figure 5.10: Cyclone pressure drop against riser velocity for particle size of 230 pm

AP, 0 = 0.0051U **'with R* =0.97 (5.5)

AP in mbar. Uo in m/s.

To begin with, the results for higher particle size showed (as shown in fig. 5.10) that
there is a strong relationship between the pressure drop in the cyclone and the velocity of the
riser. For velocities lower than 3m/s. the values of the cyclone pressure drop are relatively low
(reaching 10 mbars maximum), whilst for a range of values from 3 m/s to 3.5 m/s. this value
rises up to 40 mbars, resulting in an increase of 450%. The experimental work showed that when
the boundary velocity of the 2.8- 3m/s is exceeded the cyclone starts to show significant pressure
drop. When fitting the cyclone pressure drop against the superficial velocity, the equation of 5.5
is obtained. When plotting the cyclone pressure drop against superficial riser velocity of the riser
for the 142 um a similar graph and a similar equation are obtained as shown in fig. 5.11 and eq.
5.6. However, the pressure drops through the cyclone seem milder for the lower particle size.
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Figure 5.11: Cyclone pressure drop against riser velocity for particle size of 142 pm

AP, one = 0.0069U ,**" with R* =0.76 (5.6)
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The cyclone pressure drop is included in the right hand side of the pressure balance
equations (eq.2.17. 2.19). This means that increasing cyclone pressure drop leads to a mass
distribution of the given mass in the pressure balance loops that is less favourable for the riser. In
other words higher cyclone pressure drops for a given situation results in lesser inventory for the
carbonator.

5.10 Effect of upper loop seal aeration on upper loop seal pressure drop

In fig. 5.12 and 5.13 the upper loop seal pressure drop is plotted against its aeration. With
increasing riser velocity, the upper loop seal aeration has to be increased in order to maintain a
high standpipe pressure drop gradient. For most of the runs with 230 um particle size this means
bubbling conditions in the standpipes, while for most of the runs with 142 um particle size this
means short standpipes. For the particle size of 230 um in fig. 5.12 it is stated that with
increasing upper loop seal aeration the pressure drop through the loop seal decreases. This
happens because more and more mass is led out of the recycle chamber of the loop seal, resulting
in lowering the mass in the recycle chamber and hence the pressure drop through the loop seal.
When plotting the same pressure drop for this particle size with the riser superficial velocity it is
produced a very similarly shaped plot as showed in Annex 2. This is because the riser velocity
and loop seal aeration are interconnected. On the other hand when plotting the pressure drop
through the upper loop seal against aeration for particle size of 142 um, if fig. 5.13 is checked, a
scattered profile is witnessed there. However, most of the data is located between 15- 20 mbar.
That can be attributed to the fact that while conducting the experiments for the particle size of
142 pm the loop seal aeration was much less than for the experiments conducted for the particle
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size of 230 um. Therefore for the 230 um a very dilute loop seal recycle chamber existed in
contrast to the 142 um particle size where a bubbling bed existed in the recycle chamber.
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Figure 5.12: Upper Loop Seal pressure drop versus Upper Loop Seal Aeration for
particle size of 230 pm
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Figure 5.13: Upper Loop Seal pressure drop versus Upper Loop Seal Aeration for
particle size of 142 pm
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5.11 Effect of lower loop seal aeration on lower loop seal pressure drop

In 3 and 4 of the annex the loop seal down pressure drop is plotted against the riser
velocity for both particle sizes. For both particle sizes, it can be stated that the loop seal down
pressure drop is more or less constant since it ranges generally from 8- 16 mbars. Solid flows
through the lower loop seals are never as high as those from the upper loop seal. Therefore the
loop seal aeration and pressure drop through the loop seals are not interconnected with the riser
velocities. Hence, the recycle chamber of the lower loop seal is for both particle sizes are in mild
bubbling conditions.

5.12 Effect of riser velocity on the pressure drop of the riser bottom part

The lowest part of the riser (Omm — 333 mm) is called riser bottom. This region mainly
exhibits a dense bed flow structure with bubble phase and emulsion phase. This region is below
the entrance of the loop seals and therefore the pressure drop of this part does not participate in
the pressure loop. However it can function as a mass source or sink for the pressure balance
loops, when altering conditions.  Firstly, the pressure drop in the bottom region is firstly
dependant on the TSI, hence the available mass. Furthermore, for velocities before the critical
velocity of 3m/s there is generally a mild decrease of pressure drop, with increase of velocity. A
possible explanation maybe that increased velocity leads to lower solid fraction in the dense
region, as predicted by the K-L two phase model [14] and because of the ability of the flow due
to its higher velocity to entrain more mass to the upper region of the riser. For higher velocities it
is more than obvious that the riser bottom starts emptying more rapidly (decrease of mass
happens at higher slope). This can be explicitly seen for both particle sizes. The added reason
causing this phenomenon maybe the increased pressure drops produced by the cyclone when
increasing velocity as described in the section above. When increasing the velocity in the range
above 3m/sec. increasingly more mass is needed in the standpipe so as to cope with the increased
cyclone pressure drops. Part of this mass is supplied by the decrease of mass in the bottom. In
large TSIs where the spectrum of velocities consists of really high velocities, this behaviour is so
intense, that the dense bed almost got empty, as it is shown in the chart (pressure drop that close
to 0 mbars means that the dense bed is almost empty). This behaviour is exhibited in fig. 5.14
and 5.15.
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Figure 5.14: Bottom pressure drop versus riser velocity for particle size of 230 pm
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Figure 5.15: Bottom pressure drop versus riser velocity for particle size of 142 pm

5.13 Effect of riser velocity on the pressure drop of the riser upper part

In fig. 5.16 and 5.17 the riser top pressure drop is plotted against the riser velocity for
both particle sizes. Also here the most important parameter for this pressure is the TSI. However
velocity plays also a significant role. For the particle size of 142 pum it is witnessed that for
velocities below the critical 3m/s. the total mass which is gathered in the riser top increases with
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the increase of the riser velocity, because (as already stated in previous chapter) the mass moves
from the bottom part, towards the upper part. The increase of the pressure drop of the cyclone is
below 3 m/s insignificant and therefore mass from the bottom region is distributed between the
upper region and the standpipe. That is the case for the particle size of 230 um only for the few
runs conducted with velocities below 2.8 m/s. On the other hand, when 3 m/s is exceeded, the
cyclone pressure drop become significant and hence the riser top pressure drop starts decreases
while mass is accumulated in the standpipes so as to counterbalance the cyclone pressure drop,
as described in equations 2.21 and 2.22.
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Figure 5.16: Pressure Drop Riser Top versus Riser velocity for particle size of 230 pm
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Figure 5.17: Pressure Drop Riser Top versus Riser velocity for particle size of 142 pm
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5.14 Effect of riser velocity on the pressure drop of the riser exit part

As shown in fig. 5.18 and 5.19, the pressure drop in the riser exit increases with the
increase of riser velocity. This happens because the carrying capacity of the flow increases when
increasing velocity. For the highest velocities of operation the pressure drop at the exit of the
riser seems to be rather constant or even decrease a little. The reason here may either lay in that
the exit region is saturated or in the high pressure drops through the cyclone. In the first case, the
exit region has reached the maximum solid voidage it can take under these conditions, while in
the second this would mean that the increased mass needed in the standpipes so as to overcome
the increased cyclone pressure drops is enough so as to reduce the mass in this section also.
Empirical equations describing the dependence of pressure drop at the exit of the riser and riser
superficial velocity have been already given in previous chapters.

The pressure drop at the exit of the riser is a strong indicator of riser entrainment. This is
shown also by own data. A “valve like” behaviour of the riser exit is observed in the sense that
more pressure drop in this region leads to higher riser circulation rates, as shown in Fig. 5.20 and
Fig. 5.21 for the 230 pm and 142 pum respectively. The empirical equation describing this
behaviour for the 230 um particle size is already given in previous chapter.
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Figure 5.18: Exit pressure drop versus riser velocity for a particle size of 230 pm
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Figure 5.19: Exit pressure drop versus riser velocity for a particle size of 142 pm
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Figure 5.20: Riser Entrainment versus exit pressure drop for particle size of 230 pm

G

s _cyclone

=0.8844e""% % with R? = 0.66 (6.9

Gs in kg/m2s and AP in mbar.

48



5. Results And Discussion

70 -

60 -

50 | y - 9’816790,0504)(
R?=0,8033 O
40 -

30 A

20 1

Riser Entralnment (kg/m2s)

10 A

0 T T T T T 1
0 5 10 15 20 25 30

Exit Pressure Drop (mbar)

|<> TS12,24 0TSI12,64 0TSI12,94 0 TS| 3,24 0 TSI 3,64 |

Figure 5.21: Riser Entrainment versus exit pressure drop for particle size of 142 pm
G =9.8167e**"% with R? =0.80

s _cyclone

(6.10)
Gs in kg/m2s and AP in mbar.

5.15 Upper and lower pressure balance equilibrium

Earlier pressure balance equations are formulated as eq. 2.21 and 2.22. In order to prove
that the pressure balance “closes” according to these equations, the right hand side and left hand
side of these equations have been plotted in the same graph. Hence in fig. 5.22 and 5.23 it is
witnessed that for both particle sizes, as far as the upper pressure balance equilibrium is
concerned, the circuit “closes”, and the left part of the equation matches the right part, noted with
“R” and “L” in the graph. Small deviations can be attributed to measurement errors. The pressure
drops of the different parts of the facility is presented for all runs and for experiments conducted
for both particle sizes in tabular form in table 2 and table 3 of the Annex 7-8. In all cases the
experimental data is in accordance with the pressure balance equations. Same behaviour applies
for the lower pressure balance equilibrium, and the corresponding graphs can be found for both
cases inn 5 and 6 of the Annex. In all graphs and cases it is noted that the left part of the pressure
balance equilibrium equations, matches its corresponding right.
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Figure 5.22: Upper pressure balance equilibrium for a particle size of 230 pm
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5.16 Summary of hydrodynamic behaviour versus riser superficial velocity

In fig. 5.24 the pressure balance of different parts of the installation is plotted, against the

riser superficial velocity, so as to summarize conclusions made for system hydrodynamic
behaviour made in earlier section.

With increasing velocity:

the sum of the pressure drops of the upper loop seal plus the cyclone pressure drop
always increase. Same behaviour applies for increasing velocity for the sum of the
pressure drops of the lower loop seal plus the pressure drop of cyclone. This is shown in
fig. 5.24.

pressure drop of the bottom part of the riser decreases. as shown in fig. 5.24. This
means that increasing velocity leads to transfer of mass away from the bottom part of the
riser.

The pressure drop of the upper part of the riser for most of the runs decreases since
the corresponding rise of the pressure drop through the cyclone is for velocities above
2.8- 3 m/s significant. This is the case in Fig. 5.24. This means the mass reduced from the
bottom region and additional mass from the upper region are transferred to the
standpipes. However, for velocities where the cyclone contribution is insignificant an
increase in velocity leads to an increase of the pressure drop and hence the mass in the
upper part of the riser as shown in fig.5.16 and 5.17 for velocities below 2.8- 3m/s.
Increases entrainment and pressure drop at the riser exit. (This is demonstrated in
fig. 5.18, 5.19). It is a result of the increased solid carrying capacity of the flow with
increasing velocity.
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Figure 5.24: General plot of pressure drops plotted against the riser velocity
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Table 5.5: Operating Conditions

Run LSU LSU LSD Standpipe
No. u, TSI Pgre Acone_valve bot?om su'ie bot?om status
air air air

m/s kg mbar mm’ m/s m/s m/s up-down

40 3.09  [3.95| 4639 5.26 0.38 0 0.08 bubbling-
bubbling

41 320 [3.95| 2874 5.26 0.39 0 0.08 bubbling-
bubbling

42 332 [395| 2795 5.26 0.41 0 0.08 bubbling-
bubbling

43 343 [395| 2896 5.6 0.44 0 0.08 bubbling-
bubbling

44 354  [3.95| 2941 5.6 0.46 0 0.09 bubbling-
bubbling

5.17 Effect of the particle size

One of the main objectives of this experimental work was to find, analyze and describe
the particle size effect on the operational parameters of the cold model in use. as already stated.
At this point it should be stated that Bidwe’s work [40] provided results for a mean particle size
of 142um whilst experiments of this thesis were carried out with a mean particle size of 230um
(called in this thesis “higher particle size). The results of this work are discussed here and they
are cross-checked with the ones given by Bidwe’s work [40].

5.17.1 Effect of particle size on the operating window

In both cases the cold model was ran with different TSI, so as to indentify the operating
window. The main objective was to observe whereas there is an effect of the particle size in the
operating window, therefore the TSI in use was kept the same, so as to have the same operational
conditions. As it is stated in figure 5.25, the operational window for higher particle size moves
upwards (more mass in the system results in higher total pressure drops) and to the right,
meaning that for same TSIs, more air flow is needed to lift the same amount of mass. This result
was expected, because it is common knowledge that higher particle size means more mass per
particle. Hence, the bigger particles are heavier and need more air to be lifted according to the
experimental needs. More air, means more riser velocity and therefore for same TSIs, the
spectrum of the operational velocities moves to the right, whilst both minimum and maximum
velocities increase. In the same time it is observed that the operational window moves upwards
as well. This happens because the heavier particles are more difficult to be lifted, hence more
difficult to leave the riser and accumulate in different parts of the cold model, as in the
standpipes or the loop seals. As already discussed, this is the expecting behaviour from the rise
of the velocity. As a result, more percentage of the mass remains in the riser, and for same TSls,
lifts its total pressure drop, making the operational window to move upwards, because the riser
now operates in a higher spectrum of total riser pressure drops.
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Figure 5.25: Particle size effect on operating window

5.17.2 Effect of particle size on Riser Entrainment
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Figure 5.26: Particle size effect on riser circulation rate
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The experiments with the higher particle size of 230 um showed a similar behaviour to
the ones with the lower particle size of 142 um, meaning that as it is stated in figure 5.26, there
is an exponential behaviour between riser circulation rate and riser velocity with really nice fit
for both cases as shown in eq. 5.3 and 5.4. Furthermore, it is sure that for same velocities, the
higher particle size experiments had less circulation rate in the riser than the one with the lower
particle size. That is another effect of the particle size and this happens because higher particle
size means more inertia for same velocities. This result in diminishing the ability of the riser to
lift up the mass provided and hence the higher particle is more difficult to be circulated. The
given equations for both particle sizes have been already noted as eq. 5.3 and eq. 5.4.

5.17.3 Effect of particle size on cone valve discharge

As it is shown in fig. 5.27, the particle size has little effect on the cone valve discharge
and is related mostly with the product of the cone valve opening and the pressure drop through it.
Results for both particle sizes are depicted in fig. 5.27. In both cases it is stated that there is a
linear function between the cone valve discharge and the opening of the cone valve times its
pressure drop. In the case of 230 pm, it is witnessed that there is a small diversion in the sense
that the extension of the line does not go through point (0.0) which can be attributed to
experimental errors. The equations for the figure 5.27 have been already discussed and are the
eq. 5.1 and 5.2, which gave a satisfying fit.
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Figure 5.27: Effect of particle size in cone valve discharge
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5.17.4 Effect of particle size on the pressure drop profile of the riser

In figure 5.28 different runs from both particle sizes with same total riser pressure drops
were chosen so as to discuss the differences in the mass distribution within the riser. Same total
riser pressure drop means that in both cases the riser contained the same weight of mass.
Therefore the differences in the pressure drop in the different sections of the riser can only be
attributed to the particle size.

As it is shown in figure 5.28, the higher particle size of 230 um accumulates more mass
in the lower parts of the riser (0mm-2621mm), while the lower particle size of 142 um. has
more mass distributed in the higher part and the exit of the riser (2621mm-5090mm) for the
same overall pressure drop of the riser. This is easily explainable by the fact that higher particle
size means heavier particles which results in more inertia for same riser inventory. Hence, the
riser has more difficulties in lifting up the same mass. so in the higher particle size case more
mass accumulates in the lower parts of the riser. Moreover, in the case of the 142 pum the
pressure drop at the exit of the riser (4328mm- 5090mm) is always greater than the pressure drop
at the same part for 230 pm particles. As already mentioned the pressure drop at the exit of the
riser is linked to the riser circulation rate. As mentioned just above circulation rates are lower for
bigger particle size and same velocity. Hence the measured pressure drop at the exit of the riser
and the riser entrainment measurements for the two particle sizes are in accordance.
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Figure 5.28: Effect of particle size in pressure drop profile of the riser

Table 5.6a: Operating Conditions of the Runs of Figure 6.31 - particle size 230 pm
Run u, TSI Pgre Acone_valve LSU LSU LSD Standpip

No. bottom side bottom e status
air air air
m/s kg mbar mm’ m/s m/s m/s up-down
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16 2.43 3 36.29 526 0.19 0 0.05 moving-
moving
35 2.87 3.65 38.18 526 0.29 0 0.08 bubbling-
bubbling
39 2.98 3.95 27.95 5.26 0.35 0 0.07 bubbling-
moving
40 3.09 3.95 46.38 5.26 0.38 0 0.08 bubbling-
bubbling

Table 5.6b: Operating Conditions of the Runs of Figure 6.31 - particle size 142 pm

Run u, TSI Pgre Acone_valve LSU LSU LSD Standpipe
No. bottom side bottom status
air air air
m/s kg mbar mm” m/s m/s m/s up-down
2 2.45 2.24 0 577 0.06 0.03 0.05 moving-
moving
35 2.98 3.24 70 5.77 0.09 0 0.05 MOoVvIng-
moving
26 2.87 2.94 50 5.77 0.11 0 0.05 bubbling-
moving
42 3.09 3.64 75 5.77 0.10 0 0.04 MoVvIng-
moving

5.18 Effect of design improvement on the mass distribution

As a part of this research there is a need to discuss the effect of the use of a wider bottom
part in the lower part of the riser. Therefore, the original part which had a diameter of 30 mm
was replaced by another one with similar geometry, which had a diameter of 40 mm. The effects
of the new part are discussed in this chapter. This has been done in an attempt to increase the
inventory of the CFB riser.

As it is shown in fig. 6.33, the use of the wider bottom part has a huge effect in the mass
distribution of the riser. In fig. 6.33 the mass distribution of certain runs is compared. These runs
had the exactly same operating conditions, but different bottom parts.

It is clearly shown that more mass is gathered in the lower part of the riser, as shown in
fig. 6.33. This results in increasing the total mass which is gathered in the riser, in each case.
This more favourable distribution of the inventory due to the use of the wider bottom part is
because of the increased diameter of the bottom part. Due to this a larger portion of the mass of
the riser does not contribute to the pressure balance loop for same other conditions. So, lesser
mass is needed in the standpipes so as to provide adequate sealing.
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Figure 5.29: Original bottom part. diameter
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Figure 5.31: Comparison of mass distribution between the wide and the normal bottom

Figure 5.30: Wider bottom part. diameter
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Table 5.7: Operatin

Conditions of the Runs of Figure 5.31

Run No. U, TSI Pgre Acone valve LSU LS LSD Standpi
bottom U bottom pe
air side air status
air
Particle m/s kg mbar mm’ m/s m/s m/s up-

size (um) down
35 bubbling-
(230) 2.87 3.65 38.18 5.26 0.29 0 0.08 bubbling
38 bubbling-
(230) 3.20 3.65 39.44 5.26 0.32 0 0.07 bubbling
65 bubbling-
(230-wide) 2.87 3.65 40 5.26 0.25 0 0.07 bubbling
66 bubbling-
(230-wide) 3.20 3.65 40 5.26 0.28 0 0.07 bubbling
16 2.78 | 2.64 40 5.77 0.09 0.01 0.01 moving-

(142) moving

35 298 | 3.24 70 5.77 0.09 0 0.05 moving-

(142) moving
68 bubbling-

(142-wide) 2.76 2.64 50 5.26 0.02 0.02 0.08 moving
71 moving-

(142-wide) 2.98 3.24 50 5.26 0.13 0.02 0.05 moving
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6. Conclusions

The results of this work showed that high CO, capture efficiencies are possible in a Dual
Fluidized Bed (DFB) system with CFB carbonator since the required mass loadings and pressure
drops were achieved in the reactor and the circulation rate between the beds can be easily
controlled with the use of a cone valve in the process range. It was stated that the cone valve
discharge is a linear function of the cone valve opening and the pressure drop through the valve.
The riser entrainment is mainly a function of velocity. Its high values which were measured
justify the use of a cone valve. Increase of loop seal aeration increases the riser pressure drop
until the standpipes reach bubbling conditions. The increase of particle size results in reducing
the riser entrainment. For same velocity and total pressure drop, more mass is led in the lower
parts of the riser. Greater pressure drops through the cyclone and the cyclone duct were
measured. Finally, the operating window moves towards higher velocities. The increasing
velocity reduces the total pressure drop of the bed, increases riser entrainment and increases the
pressure drop through cyclone and loop seal.

This research showed that the increase of certain operational parameters, affect the
pressure drop distribution along the riser. More specifically, the increase in upper loop seal
aeration and the increase of BFB pressure, both result in increasing the amount of the mass led
into the riser. This mass gets distributed along the riser with its higher percentage remaining in
the lower parts of the riser.

One major goal for the research program was to find out if there would be any effect in
the pressure balance and mass distribution, if a higher particle size was in use. The results of the
undergone research showed that there is indeed an effect in three operational figures: the
operating window, the pressure drop profile and the riser entrainment. With the higher particle
size in use, the operating window moves to the right, meaning that for same TSI’s, a higher
spectrum of velocities is needed to operate with stability. Furthermore, the same critical
velocities appeared concluding that the same limitations apply for higher particle size as well.
The pressure drop profile doesn’t change drastically, but it is noticed that the heavier particles
are more difficult to be lifted up and as a result, more mass accumulates in the lower parts of the
installation. Another notable effect is on the riser entrainment. For higher particle size and same
operating velocities, the riser entrainment proved to be less, compared to the one with the mean
particle size. Finally, no change in the cone valve discharge behaviour was noted.

In order to force the installation to gather more mass in the riser bottom part, a wider
bottom part was used to study its results. The experiments showed that there is indeed an
increase in the mass accumulated in that part and hence that can be considered a design
improvement.
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7. Further Work

After having completed the present series of experiments, there were a few aspects that
needed further research in order to comprehend more thoroughly the hydrodynamics of the
fluidized beds. In this field, the system behaviour with Geldart A particle size should be
analysed. Furthermore, in order to specify exactly the direction of the flow within the system,
gas leakage measurements should take place, between the system compartments. In the field of
design improvements, the system behaviour should be tested with altered positions of inlet of
loop seals, with a different cyclone (so as to reduce the outlet pressure drop) and further testing
with the wider bottom should take place. Furthermore, an attrition model of CaO should be
created if the results of all the particle sizes in use should be combined.
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ANNEX

ANNEX
1. Table 1
Run U, TSI | Pre | Acone vave | LSU LSU LSD bottom air Standpipe
No. bottom | side status
air air
m/sec | kg | mbar mm’ m/s m/s m/s up-down
31 276 |3.65 | 31.57 5.26 0.22 0.00 0.05 mov-mov
32 | 2.87 |3.65| 38.80 5.26 0.23 0.00 0.05 mov-mov
33 2.87 |3.65] 36.51 5.26 0.26 0.00 0.08 mov-bub
34 | 2.87 |3.65] 36.04 5.26 0.27 0.00 0.08 mov-bub
35 | 2.87 |3.65| 38.19 5.26 0.29 0.00 0.08 bub-bub
36 | 298 |3.65|39.93 5.26 0.31 0.00 0.09 bub-bub
37 | 3.09 |3.65| 3851 5.26 0.31 0.00 0.07 bub-bub
38 3.20 | 3.65 | 39.44 5.26 0.32 0.00 0.07 bub-bub
39 | 298 |3.95 (2795 5.26 0.35 0.00 0.07 bub-mov
40 | 3.09 | 3.95]| 46.39 5.26 0.38 0.00 0.08 bub-bub
41 320 |3.95| 28.74 5.26 0.39 0.00 0.08 bub-bub
42 | 3.32 | 395 27.95 5.26 0.41 0.00 0.08 bub-bub
43 343 |3.95| 2895 5.26 0.44 0.00 0.08 bub-bub
44 | 3.54 1395|2941 5.26 0.46 0.00 0.09 bub-bub
45 3.54 | 395 30.19 5.26 0.46 0.09 0.09 bub-bub
46 | 2.54 | 2.24 | 38.67 5.26 0.15 0.02 0.06 bub-bub
47 | 2.65 |2.24 | 38.64 5.26 0.21 0.02 0.07 bub-bub
48 | 2.76 |2.24 | 36.17 5.26 0.23 0.02 0.07 bub-bub
49 | 2.87 |2.24 | 35.93 5.26 0.24 0.02 0.07 bub-bub
50 | 298 |2.24 | 35.03 5.26 0.26 0.02 0.08 bub-bub
51 2.76 |2.64 | 39.13 5.26 0.31 0.00 0.07 bub-bub
52 | 2.87 |2.64 | 39.86 5.26 0.33 0.00 0.08 bub-bub
53 298 |2.64 | 34.70 5.26 0.35 0.00 0.08 bub-bub
54 | 3.09 |2.64 | 36.08 5.26 0.36 0.00 0.09 bub-bub
55 320 | 2.64 | 3591 5.26 0.36 0.00 0.09 bub-bub
56 | 2.87 3 | 40.00 5.26 0.14 0.00 0.07 bub-bub
57 | 2.98 3 | 40.00 5.26 0.17 0.00 0.08 bub-bub
58 3.09 3 | 35.00 5.26 0.19 0.00 0.08 bub-bub
59 | 3.20 3 | 35.00 5.26 0.27 0.00 0.08 bub-bub
60 | 3.32 3 | 35.00 5.26 0.29 0.00 0.09 bub-bub
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2. Figure 1

- - = = -3 N
o o N o o
1 1 1 1 1 1 ]

Loop Seal Up Pressure Drop (mbar)

0 T T !| u T m u T 1

2,5 2,7 2,9 31 3,3 3,5 3,7
Riser Velocity (m/s)

‘0 TS12,24 m TS12,64 m TSI3 = TS13,65 m TSI3,95 |

Figure 1: Upper loop seal pressure drop versus riser velocity for particle size of 230 pm

3. Figure 2
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Figure 2: Lower loop seal pressure drop versus lower loop seal aeration for particle size
of 230 pm
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4. Figure 3
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Figure 3: Lower loop seal pressure drop versus lower loop seal aeration for particle size
of 142 pm

5. Figure 4

120 -

100 -

8
.
=
©  msap
o m-Ee @
iR
=
m om

Y
o
1
-

Right And Left Parts of Lower
Pressure Balance Equllibrium (mbar)
[\~ [=1]
o o
‘}

0 T T T T T T 1
2,3 2,5 2,7 2,9 3,1 3,3 3,5 3,7
Riser Velocity (m/s)

¢TSI2,24RmTSI264R mTSI3R TSI3,65R mTSI3,95R ~ TS12,24L ~TSI12,64L
A TSI3L TSI13,65L ~TSI3,95L

Figure 4: Lower pressure balance equilibrium for a particle size of 230 pm
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6. Figure 5
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Figure 6: Upper pressure balance equilibrium for a particle size of 142 pm

7. Table 2: Upper balance loop

Left part of | Right part

upper of upper

pressure pressure

balance balance

equation equation

LHS RHS

Loop Seal
Run No. Il}p Riser Top | Cyclone | °°P 5S¢4l | | 4o RHS
. Up
Standpipe
(mbar) (mbar) (mbar) (mbar)

35 72.74 62.79 6.79 3.00 0.15
36 76.41 58.59 9.85 6.30 1.66
37 73.48 56.02 12.72 6.28 1.54
38 72.44 54.84 16.43 4.97 3.80
39 89.31 75.66 9.85 1.85 1.95
40 93.56 84.79 12.72 0.28 4.24
41 91.93 77.42 16.43 0.17 2.09
42 89.60 68.38 21.22 0.31 0.31
43 92.47 68.03 2741 0.40 3.37
44 94.44 66.28 35.40 0.67 -7.91
45 96.94 66.77 35.40 0.52 5.75
46 47.52 25.88 3.12 17.54 0.98
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47 51.51 33.69 4.14 13.20 0.48

48 53.47 34.48 7.13 11.12 0.73

49 50.84 32.46 8.20 9.43 0.74

50 53.14 35.90 9.36 6.47 1.39

51 66.10 52.18 7.45 6.047 0.42

52 63.73 48.95 9.37 4.90 0.51

53 62.48 47.29 9.85 4.09 1.24

54 63.22 4742 12.72 3.32 0.25

55 63.65 46.49 16.43 3.05 -2.33

56 73.64 68.89 6.84 0.77 2.86

57 76.71 59.18 9.85 7.24 0.43

58 71.83 53.73 12.72 5.85 0.47

59 65.36 46.35 16.43 3.70 1.11

60 67.16 45.98 21.22 4.04 4.08

8. Table 3: Lower balance loop

Left part of | Right part

lower of lower

pressure pressure

balance balance

equation equation

LHS RHS

Loop Seal
Run BFB D(I))wn Riser Top Cyclone Loop Seal LHS-RHS
No. . Down
Standpipe
(mbar) (mbar) (mbar) (mbar) (mbar)

35 38.18 38.68 62.79 6.78 5.69 1.60
36 39.92 4241 58.59 9.85 10.69 3.20
37 38.51 41.70 56.02 12.72 11.26 0.21
38 39.44 41.40 54.84 16.43 11.07 1.50
39 27.95 72.16 75.66 9.85 14.60 0
40 46.38 60.76 84.79 12.72 6.27 3.35
41 28.73 77.81 77.42 16.43 6.71 5.98
42 27.95 78.07 68.38 21.22 8.54 7.87
43 28.95 80.90 68.03 27.40 9.03 5.38
44 29.40 82.15 66.28 35.39 941 0.46
45 30.18 83.58 66.77 35.39 8.66 2.93
46 38.66 4.98 25.88 3.11 13.23 1.41
47 38.64 14.86 33.69 4.13 14.05 1.62
48 36.16 22.16 34.48 7.12 14.39 231
49 35.92 21.77 32.46 8.19 14.39 2.65
50 35.02 26.67 35.90 9.36 13.02 3.40
51 39.13 34.31 52.18 7.44 11.52 2.29
52 39.86 33.33 48.95 9.37 11.94 2.92
53 34.70 38.82 47.29 9.85 11.70 4.67
54 36.08 38.63 47.42 12.72 11.03 3.53
55 35.90 40.06 46.49 16.43 11.30 1.73
56 36.69 44.37 68.89 6.84 3.90 1.42
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9. Explanation

Loop seal up (f) - Riser loop (b): As observed values LHS- RHS values for this loop in most of
the cases are near to zero. Thus above equations are validated by the experimental results.

Loop seal down (I)- Riser loop (b): As observed for this loop some times the values are close
to zero as well. case that actually backs up our original statement concerning the closing of the
loop seal balance.
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10. Figure 6

Figure: Different paris of cold model (from top
anficlockwise)
a) Upper loop seal and cone valve
b) Lower Loop seal
c) Riser exit top
d) Riser exit cyclone second cycloneand
water seal
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11. Figure 7

Figure: a) Hardwarefor pressure transducer measurement and recording
b) Lab view measurement screen
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