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Πεξίιεςε ηεο Δηπισκαηηθήο Εξγαζίαο ζηα Ειιεληθά 
 

 

Περίληψη ηης Γιπλωμαηικής Δργαζίας ζηα Δλληνικά 

Είλαη γεληθά απνδεθηό όηη ε ζπγθέληξσζε ηνπ CO2 ζηελ αηκόζθαηξα απμάλεηαη ξαγδαία ηηο 

ηειεπηαίεο δεθαεηίεο θαη είλαη ν θύξηνο παξάγνληαο πνπ νδεγεί ζηελ θιηκαηηθή αιιαγή. Οη απαη-

ηήζεηο ηεο παγθόζκηαο ελέξγεηαο απμάλνληαη ζπλερώο, γηα παξάδεηγκα ε θαηαλάισζε ειεθηξη-

θνύ ξεύκαηνο γηα 7 από ηηο 10 κεγαιύηεξεο πόιεηο ηνπ θόζκνπ βξίζθεηαη κεηαμύ 4.5-7 

MWh/cap [1]. Eπηπξόζζεηα, ε αύμεζε ηεο θαηαλάισζεο νξπθηώλ θαπζίκσλ ππνινγίδεηαη λα 

πξνθαιέζεη αύμεζε ησλ εθπνκπώλ CO2 από 29 Gt/a ην 2007 ζε πάλσ από 40 Gt/a ην 2030 [2]. 

Οη αλαλεώζηκεο πεγέο ελέξγεηαο  κπνξεί λα είλαη έλα κέξνο ηεο ιύζεο ζην πξόβιεκα απηό. 

Μειινληηθέο ηερλνινγίεο θσηνβνιηατθώλ δείρλνπλ πσο κπνξνύλ λα πεηύρνπλ αληαγσληζηηθό 

θόζηνο παξαγώκελεο ειεθηξηθήο ελέξγεηαο [3]. Εμειηγκέλεο ηδέεο γηα ξεπζηνπνηεκέλεο θιίλεο 

κε θσην-αληηδξαζηήξεο κπνξνύλ λα απνηειέζνπλ κηα ιύζε κε κεγάινπο βαζκνύο απόδνζεο, 

αιιά ε ρξήζε ηνπο απηή ηε ζηηγκή ζε ζρέζε κε ηελ ειηαθή αθηηλνβνιία είλαη πεξηνξηζκέλε [4]. 

Μία άιιε πξνζέγγηζε ζην πξόβιεκα είλαη ε δέζκεπζε ηνπ CO2 κεηά ηελ θαύζε κε δηάθνξεο 

ηερλνινγίεο όπσο νη κεκβξάλεο ακίλεο [5, 6, 7]. Η πην εθαξκόζηκε από όιεο είλαη ε δέζκεπζε 

ηνπ CO2 πνπ πξνέξρεηαη από ηα θαπζαέξηα, από ην αζβέζηην (CaO) κε ρξήζε ζπδπγώλ ξεπζην-

πνηεκέλσλ θιηλώλ (DFB). Η δηαδηθαζία πεξηιακβάλεη δύν ξεπζηνπνηεκέλεο θιίλεο , νη νπνίεο 

ζπλδένληαη κε έλα ζύζηεκα ζσιελώζεσλ γηα ηελ κεηαθνξά ζηεξεώλ ζσκαηηδίσλ θαη είλαη γλσ-

ζηε ζαλ Calcium Looping Process (CaL). Σν αζβέζηην ρξεζηκνπνηείηαη σο κεηαθνξέαο ηνπ CO2 

κεηαμύ ησλ δύν αληηδξαζηήξσλ. Σα  θαπζαέξηα, ηα νπνία απνηεινύληαη από 15 % CO2 θαη‟ ό-

γθν εηζέξρνληαη ζηελ θιίλε πνπ δεζκεύεη ην δηνμείδην ηνπ άλζξαθα. Σν αζβέζηην πνπ βξίζθεηαη 

κέζα αληηδξά κε ην CO2 θαη δεκηνπξγείηαη αλζξαθηθό αζβέζηην (CaCO3). Μεηά από απηήλ ηελ 

δηαδηθαζία ηα θαπζαέξηα ειεύζεξα από ην CO2  νδεγνύληαη ζηελ αηκόζθαηξα. Σν ζρεκαηηζκέλν 

CaCO3 κεηαθέξεηαη ζηελ δεύηεξε θιίλε, όπνπ ε αληίζεηε αληίδξαζε ιακβάλεη ρώξα γηα λα ζρε-

καηηζηεί θαη πάιη αζβέζηην θαη δηνμείδην ηνπ άλζξαθα. Από απηήλ ηελ θιίλε ηώξα ην αζβέζηην 

κεηαθέξεηαη πίζσ ζηελ πξώηε γηα πεξεηαίξσ δέζκεπζε ηνπ CO2, ελώ ην CO2 πνπ απειεπζεξώ-

ζεθε, ζπκπηέδεηαη θαη απνζεθεύεηαη. 

Η ηερληθή απηή έρεη εθαξκνζηεί ζε πνιιέο εγθαηαζηάζεηο αλα ηνλ θόζκν ζε κηθξήο θιίκαθαο 

ζπζηεκάησλ κε ζπδπγείο ξεπζηνπνηεκέλεο θιίλεο [9, 10, 11, 12, 13, 14] γηα λα απνδείμνπλ ηελ 

ζπνπδαηόηεηα ηεο. Ο βαζκόο απόδνζεο πνπ έρνπλ επηηύρεη είλαη πάλσ από 90 %, παξ‟ όια απηά 

πεξηζζόηεξεο πεηξακαηηθέο δηαδηθαζίεο είλαη απαξαίηεηεο γηα ηελ ζσζηή αμηνιόγεζε ησλ απν-

ηειεζκάησλ θαη ηελ εθαξκνγή ηεο δηαδηθαζίαο ζε κεγάιεο θιίκαθαο εγθαηαζηάζεηο. ην παλε-

πηζηήκην ηεο ηνπηγθάξδεο (ΙFK) ε πεηξακαηηθή κειέηε ηεο δηαδηθαζίαο γίλεηαη ζε κηα ζπδπγή 

ξεπζηνπνηεκέλε θιίλε, κε ζπλερή αλαθπθινθνξία αζβεζηίνπ.   
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Απνηειείηαη από κία αλαδεύνπζα ξεπζηνπνηεκέλε θιίλε γηα ηελ αλαγέλεζε ηνπ CaCO3 (BFB) 

θαη κία αλαθπθινθνξνύζα ξεπζηνπνηεκέλε θιίλε (CFB) γηα ηελ δέζκεπζε ηνπ CO2. Η ζεσξεηη-

θή γλώζε έρεη ήδε θαζηεξσζεί από πξνεγνύκελεο πεηξακαηηθέο κειέηεο ζην παλεπηζηήκην ζε 

κηθξήο θιίκαθαο θξύα κνληέια [15, 16]. Η ζπγθεθξηλέλε πεηξακαηηθή εθζηξαηεία έρεη ζθνπό 

ηνλ ραξαθηεξηζκό ηεο ιεηηνπξγείαο ηνπ CFB, ιεηηνπξγώληαο ζηελ γξήγνξε πεξηνρή ξεπζηνπνί-

εζεο θαη ηνλ ραξαθηεξηζκό ιεηηνπξγείαο ηνπ BFB.  

Χξεζηκνπνηώληαο δηαθνξεηηθνύο ηύπνπο αζβεζηίνπ θαη δηαθνξεηηθά κεγέζε ζσκαηηδίσλ, ν 

βαζκόο απόδνζεο ζε όιεο ηηο πεξηπηώζεηο μεπέξαζε ην 85 %. Επηπιένλ, ν βαζκόο απόδνζεο ηνπ 

BFB όπνπ γίλεηαη ε αλαγέλεζε ηνπ CaCO3 μεπέξαζε ην 90 %. Η ιεηηνπξγεία ηεο εγθαηάζηαζεο 

επηβεβαίσζε αξρηθά πιήξσο όια ηα απνηειέζκαηα θαη ηηο ππνζέζεηο ηνπ θξύνπ κνληέινπ ελώ 

απέδεημε πσο ε δηεξγαζία κπνξεί λα απνηειέζεη κία ζεκαληηθή ηερληθή δέζκεπζεο ηνπ CO2, 

ώζηε λα  εθαξκνζηεί ζε εγθαηαζηάζεηο κεγάιεο θιίκαθαο.   
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Abstract 

I 

 

Abstract 

Calcium looping (CaL) is an option for post-combustion separation of CO2 by carbonation of 

lime. It is carried out in a dual fluidized bed facility. A continuous loop of limestone is estab-

lished between these two. CO2 is separated at temperatures of 600–700 °C in the Carbonator 

and released at over 900 °C in the regenerator, hence,  a very pure stream of CO2 is emitted. 

The present experimental campaign has been conducted in order to characterize the operation 

of the CFB carbonator, operating within the fast fluidization regime, and the regenerator, in 

order to aid modeling, design and scale-up. Steady states were established under various rea-

listic conditions and CO2 capture efficiencies of over 90 % were achieved. 
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Molar Concentration of  CO2  
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ECO2, eq Chemical Equilibrium 

CO2  Capture Efficiency 
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Conversion 

[-] 

XN Maximum Carbonation Conversion after 

N cycles 

[-] 

XR Lower Limit of the Maximum Capacity  [-] 

 for Rapid Integration of  CO2  

yCO2, in CO2-Inlet Concentration [-] 



Notation 
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yCO2, out CO2-Outlet Concentration [-] 

yO2, in O2-Inlet Concentration [-] 

εs Solid Fraction [-] 

η Space Time [h] 

ηα 

ri 

Αctive Space Time 

Sorbent Flow Residence Time 

[h] 

[min] 

rreg Regenerator Residence Time [min] 

rcarb Carbonator Residence Time [min] 

L(t)CO2 Comulative Sorbent CO2 Loading [-] 

nreg Regenerator Efficiency [%] 

nca,total Total Inventory [kg] 

εsd Solid Fraction in Bed Region [-] 

εslean Solid Fraction in Core Annulus Region [-] 
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1.Introduction 

 It is generally accepted that the concentration of CO2 in the atmosphere has been increasing 

within the last decades and that it is the primary contributor leading to climate change phe-

nomena. Global energy requirements are rising continuously, e.g. the electricity consumption 

for seven of the ten biggest cities in the world is within a range of 4.5-7 MWh/cap [1]. In ad-

dition, the increasing rising global fossil fuel consumption is expected to cause an increment 

in energy related CO2 emissions from 29 Gt/a in 2007 to over 40 Gt in 2030 [2].        

Renewable energy sources might be part of the solution to this problem. Future photovoltaic    

technologies seem to be promising as relevant results suggest a high likelihood that this tech-

nology will achieve a competitive electricity production cost [3]. Advanced concepts as flui-

dized/fixed bed photo-reactors may represent an optimal method with extremely high quan-

tum efficiencies but their current use with solar radiation is limited [4]. Another approach in 

order to achieve deep cuts in emissions from fossil fuels and meet the challenges of growing 

energy demand and consumption is the capture and sequestration of CO2 with use of pre-

combustion (IGCC cycles), advanced combustion (oxy-fuel, Chemical Looping Combustion) 

and post-combustion technologies. For the post-combustion CO₂ capture route various tech-

niques are available such as amine/scrubbing systems, membranes and a range of adsorp-

tion/desorption techniques [5, 6, 7], while one of the most feasible is the use of calcium-based 

sorbents to capture CO₂  from gases with use of a Dual Fluidized Bed system (DFB). The 

process consists of two fluidized bed reactors connected by solid transportation pipes and is 

known as the Calcium Looping (CaL) process. Calcium oxide (CaO) is used as a CO2 carrier 

between a Fluidized Bed (FB) carbonator and a FB regenerator. The incoming power plant 

flue gas stream consists typically of 15 % CO₂ by volume and enters the carbonator. The CaO 

in the carbonator reacts with the CO₂ to form CaCO₃. Therefore, a CO2 lean gas exits the car-

bonator and is released to the atmosphere. The produced CaCO₃ is transported to the regene-

rator where the reverse chemical reaction takes place in order to generate CaO and a pure CO₂ 

stream. The produced CaO is transported back to the carbonator to further capture flue gas 

CO₂, while the CO2 released from the regenerator can be directed to compression and then be 

storage.  

Although the technique was patented in 1867 by Du Motay and Marechal [8], who used li-

mestone to support gasification, experimental tests in regard to the CaL process are limited. 

Practical tests have been conducted so far only on a few small scale DFB facilities [9, 10, 11, 

12, 13, 14] in order to demonstrate the overall feasibility of the procedure. The authors of the 
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above works managed to achieve CO2 capture efficiencies of above 90 % during various 

steady states. The results of the work above are promising but still a lot of further experimen-

tal tests are needed. Moreover, these tests need to be conducted at more realistic conditions 

(e.g. carbonator operation at fast-fluidized bed conditions, presence of sulphur in the system, 

oxy-fuel conditions in the regenerator, etc.) and at bigger scale. In addition, small scale DFB 

facilities have to be used in order to characterize limestones for their suitability in regard to 

the CaL process, as results may differ to previous Thermo-Gravimetric Analysis (TGA) test-

ing. 

1.1 Goal of Thesis  

At IFK the Calcium Looping (CaL) process is carried out in the 10 kWth Dual Fluidized Bed 

facility, with continuous looping of CaO, which consists of a Bubbling Fluidized Bed (BFB) 

regenerator and a Circulating Fluidized Bed (CFB) carbonator. The theoretical background 

has already been established in previous experimental campaigns in a scaled cold model of 

IFK [15, 16],  while successful experimental campaigns have been carried out in the DFB 

facility using the BFB as carbonator and the riser as regenerator [17]. The present experimen-

tal campaign has been conducted in order to characterize the operation of the CFB carbonator, 

operating within the fast fluidization regime, and the regenerator. Characterization of the re-

generator involves the definition of a characteristic factor that defines the extent of calcination 

for a sorbent particle (i.e. the regenerator efficiency). Similar factors have been identified in 

previous studies [9, 12] for the carbonator in order to draw correlations to the CO2 capture 

efficiency. This work aims in checking the correctness of previous approaches and to make 

corrections-additions where necessary. For further characterization of the carbonator the expe-

rimental determination of the pressure drop profiles and the CO2 capture profiles in the carbo-

nator is necessary. In addition, the impact of operating with different limestones and Particle 

Size Distributions (PSDs) are still undefined issues. Moreover, the experimental assessment 

of the calcium looping rate to achieve high CO2 capture is important since this key variable is 

related to oxygen consumption in the regenerator of an industrial system and therefore to op-

erational cost.    
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2. State of the Art Regarding the Calcium Looping Process 

In this chapter the Calcium Looping Process is going to be analyzed concerning the process 

itself and the impact on the industry nowadays. Furthermore, the most important DFB facili-

ties will be analyzed meticullusly.  

2.1 The Calcium Looping Process and Related Solid Looping Technologies 

The Calcium Looping process falls into the broader category of Dual Fluidized Bed processes 

(DFB) aiming at mitigation of CO2 emissions. Although, these processes exhibit a different 

chemical background they utilize similar, although design specific, DFB settings. Therefore, 

progress and development of one DFB technology often influences the other positively. The 

most popular of them, besides Calcium Looping, include O2 looping cycles (known as chemi-

cal looping combustion), and gasification of coal or biomass with or without CO2 adsorption. 

The Calcium Looping process is presented in detail below, as perhaps the most feasible of 

these technologies due to its unmatched process advantages (e.g. utilization of natural sor-

bents, additional energy production to that of the original power plant, coupling with the ce-

ment industry etc.). 

2.1.1 The Calcium Looping Process  

Calcium looping (CaL) is a post-combustion route for power generation with CO2 capture. 

The procedure is based on the carbonation reaction of CaO. The CO2 is adsorbed from CaO as 

shown by Eq.2.1: 

32
CaCOCOCaO                                                                                                         (2.1) 

The process was initially proposed by Shimizu et al. [18]. The technology comprises of a 

Dual Fluidized Bed (DFB) system with continuous looping of CaO. The principle of calcium 

looping process is shown in Fig. 2.1 below. 
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FIG 2.1: CALCIUM LOOPING PROCESS SCHEMATIC 

A certain flue gas flow enters in the carbonator containing diluted CO2 (approx. 15 % vol.) 

where CO2 is adsorbed at temperatures of 600-700 °C. Therefore, a lean flue gas is produced 

and released to the atmosphere. The partially carbonated sorbent is transferred to the regene-

rator and the reverse calcination reaction takes place to regenerate the sorbent at temperatures 

above 900 °C, as shown by Eq. 2.2:  

23
COCaOCaCO

                                                                                                         
(2.2)   

In the regenerator, the oxy-combustion of a carbonaceous fuel provides the necessary energy 

to raise the particle temperature to the temperature level of the regenerator (> 900 °C) and in 

order to drive the endothermic calcination. The incoming O2 is usually diluted with recycled 

CO2 in order to control the reactor temperature. Therefore, the regenerator off gas consists 

mainly of CO2 and steam. After condensation, a pure stream of CO2 is produced which can be 

compressed and then be sequestered. Due to the decay in the maximum conversion of limes-

tone with increasing carbonation/calcination cycles, a make-up flow of fresh CaCO3 is neces-

sary [19, 20]. Recently, experimental work has been successful in demonstrating CO2 capture 

efficiencies of above 90 % with use of 10-50 kWth facilities [9, 10, 11]. In addition, certain 

aspects of the CaL process, such as the utilization of spent sorbent for cement production and 

the ability to drive a high efficiency steam cycle with the heat provided in the DFB system 

lead to the fact that the CaL process is one of the most feasible CCS technologies to date, also 

from an economic sense. 
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2.1.1.1  Coupling with Steam Cycle and Process Economics 

The distinctive characteristic of this process is that that energy spent in the regenerator (at 

900 °C) is recovered as carbonation heat in the carbonator (at 650 °C) in order to drive a high- 

efficiency steam cycle. Therefore, evaporator heat surfaces can be installed within the carbo-

nator while re-heat and super-heat surfaces can be installed in the convective back-pass of the 

carbonator and the regenerator. Thereby, supercritical steam can be produced. Hawthorne et 

al. [21] modeled such as a steam cycle which was chosen to be independent of the steam cycle 

of the initial power plant. They concluded that the net output of the initial power plant can be 

increased by almost 50 % with application of the Calcium Looping process, while the effi-

ciency penalty would be lower than 6 %. A separate study [22], has shown that the capture 

system, utilizing a superctrical steam cycle can produce power with an efficiency of 27 %, 

while the original power plant retains its 45 % efficiemcy. The overall efficiency penalty has 

been shown to be around 4.5 % only. In regard to process economics, different studies, taking 

into account the CaL configuration of Fig. 2.1., result in modest CO2 avoidance and electricity 

production costs. The CO2 avoidance cost is predicted to be below 20 €/tCO2 from three stu-

dies, namely 19 €/tCO2 [23], 16 €/tCO2 [24] and 11 €/tCO2 [25]. The electricity production cost 

is predicted to be in the range of  41 €/MWh [23]. Advanced CaL systems, such as those pro-

viding the heat for calcination with solids as a heat carrier, instead of oxy-fuel combustion, 

may exhibit even better economic values since the capital and operational costs related to the 

Air Separation Unit (ASU) are omitted [12]. 

2.1.1.2 Impact on the Cement Industry 

Nowadays, the cement industry generates approximately 5 % of global CO2 emissions [26]. 

Recent publications show that cement production grew from 594 Mt in 1970 to 2200 Mt in 

2005 [27] and is predicted to increase more [28]. Due to these indications much research has 

been carried out concerning the reduction of CO2 emissions from existing and new cement 

plants. Calcined limestone, CaO, is the main precursor to cement and is fed to the kiln for 

clinker production. Limestone calcination, which is the reverse reaction of Eq. 2.1, is respon-

sible for 70 % of the power required. The energy required for calcination and the related CO2 

emmisions can be avoided by feeding calcined material to the kiln that originates from the 

purge flow (F0) removed from the calciner of a CaL facility, which is capturing CO2 from a 

large scale power plant, as shown in Fig. 2.1. An integration of CO2 free power production 

and clinker production has been shown to be feasible leading to large economic savings[29]. 
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2.2  Review of Calcium Looping Dual Fluidized Bed Facilities 

Four Calcium Looping Dual Fluidized Bed (DFB) facilities in the range of 10-75 kWth have 

reported successful operation. These facilities are significant instruments testing of parame-

ters (e.g., calcium looping rate, solid inventory, effect of sulphur, etc.) and for sorbent charac-

terization. To further demonstrate the process a 200 kWth DFB facility is undergoing commis-

sioning in the University of Stuttgart, while a 1 MWth plant is expected to commence opera-

tion in 2011 in La Pereda Spain. The above plants are presented below.  

2.2.1 The 30 kWth DFB Test Facility at INCAR- CSIC in Spain 

The INCAR-CSIC facility is shown in Fig. 2.2 and consists of two circulating fluidized bed 

reactors: a carbonator and an air-fired regenerator. The height of the carbonator and the rege-

nerator is 6.5 m and 6.0 m, respectively while both reactors have a 0.1 m internal diameter. 

The first 2.5 m of the risers and the loop seals are surrounded by electric ovens. The facility is 

also equipped with zirconia oxygen probes to measure local O2 concentration due to the fact 

that aeration in the loop seal can reach 20 % of the total flow of gas entering the risers and 

there is uncertainty about the path of this aeration gas. In order to extract solid samples for 

further analysis and measure circulation rates (Gs, kg/m²s) a bypass of solids is located below 

the loop seals which divert solids to a dead volume for a certain period of time.  

 

FIG 2.2: 30 kWth DFB TEST FACILITY AT INCAR- CSIC [12] 



2.State of the Art Regarding the Calcium Looping Process 

 

 

7 

 

Moreover, quartz glasses are located in the inclined standpipe between the loop seals and the 

risers and are used for visual confirmation that the solid circulation rate remains stable. The 

flue gas, entering the carbonator, is synthetically pre-mixed and consists of air and carbon 

dioxide. The carbon dioxide reacts with active calcium oxide coming from the regenerator at 

temperatures between 600 and 700 °C. The formed calcium carbonate is regenerated in the 

CFB regenerator at temperatures between 800 and 900 °C. The mixture of gases and solids 

leave the risers through the primary cyclones from where the solids fall through a vertical 

standpipe to bubbling fluidized bed loop seals. The loop seals are aerated with air and solids 

flow over them towards an inclined standpipe that directs them to the other reactor. Recent 

experiments proved that the CFB carbonator reactor can reach high capture efficiencies be-

tween 70-90 %, during continuous operation for a range of experimental conditions [12]. All 

of the experimental campaigns conducted with use of the INCAR-CSIC facility [12, 30] 

proved that the CFB carbonator works as an effective carbon dioxide adsorber when supplied 

with sufficient flow of active calcium oxide while can reach high capture efficiencies.  

2.2.2  The 75 kW DFB Test Facility at CANMET- Canada 

The CANMET 75 kWth dual fluidized bed facility [13] is illustrated in Fig. 2.3. The facility 

consists of a CFB regenerator and a two stage combustor-carbonator. The regenerator is a 

CFB combustor designed to operate in oxy-fuel conditions using recycled flue gas. The car-

bonator is divided into two stages which operate in bubbling-moving bed mode. The total 

height of the riser is 5 m while both reactors have an internal diameter of 100 mm. In order to 

provide supplemental heating the bottom of the riser  is surrounded with three electric heaters 

5 kW each.  
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FIG 2.3: CANMET 75 kWth DUAL FLUIDIZED BED FACILITY [13] 

The carbonator can be fluidized only with air or with a mixture of air and superheated steam. 

The first stage of the carbonator is comprised of the combustor which provides flue gas to the 

second stage (actual carbonator). The ability to demonstrate the process with “real” combus-

tion flue gas is a novelty of this facility. The second stage is located two meters above the 

bottom of the first stage. As a result a single gas stream fluidizes both of the stages while they 

operate at different conditions. The carbonated sorbent is calcined in the regenerator and re-

turns back to the carbonator to repeat the cycle trough a conveying line (red line). The calcin-

er is fluidized with oxygen-enhanced air and/or recycle gas from a blower. This is essential 

for the oxy-fuel process in order to achieve high concentration of CO2 in the exit gas from the 

calciner. Flue gas exits at the top of the calciner and directed to the cyclone from where it 

passes through a heat exchanger (HX) for fine particle removal. In order to achieve solid 

transportation, the solids from the distributor are collected through a 45 degree „T‟. A soleno-

id valve controls the solid flow by conveying air through a 6.0 m conveying line so as to lift 

the solids up to the carbonator. This system allows collecting solid samples from the line and 

calculating the sorbent cycle number based on the total amount of calcined sorbent in the sys-

tem and the solid conveying line. A series of experiments conducted in the facility proved that 

is capable of achieving high CO2 capture efficiencies over 95 %. A CO2 capture efficiency up 

to 98 % was observed during the very first cycles and decreased to 72 % once the solids loop-

ing reached 25 cycles. Some of the decrease in CO2 capture  efficiency , with increasing loop-
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ing cycles, can be attributed to the attrition, which was about 60 %. The highest CO2 capture 

efficiency (98 %) was achieved in the temperature window of 580-600 °C.  

 

2.2.3 The DFB Test Facility of the Department of Thermal Engineering, University of 

Tsinghua- P.R. China 

 

This DFB reactor system [14] consists of two bubbling fluidized bed facilities and is pre-

sented in Fig. 2.4. The reactors are two bubbling fluidized beds. First, a cold model was built 

to provide guidance for the hot facility design. The downcomers are located on the wall side 

of each reactor to improve the solid flow. The novelty of this facility is the use of solid injec-

tion nozzles inside the reactors leading to immersed pipes of small diameter (risers) that con-

vey the solids between reactors.  

 

 

FIG 2.4: SCHEMATIC OF THE HOT MODEL DFB FACILITY [14] 

The internal diameter of the carbonator is 0.15 m while that of the regenerator is 0.12 m. Each 

reactor is surrounded by four electrical heaters of 2.5 kW. The flue gas stream which fluidizes 

the carbonator consists of a mixture of air and pure CO2 while air fluidizes the regenerator. 

The gas for carrying the sorbent in the solid injection nozzles is also air. Before the gases en-

ter the reactors they are pre-heated. The solid circulation rate between the reactors has been 

shown to be adjustable by changing the gas velocity in the solid injection nozzles, the amount 

of the sorbent and the structure of the solid injection nozzles. Moreover, CO2 capture efficien-

cy higher than 95 % has been also recored in this facility. 
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2.2.4 Previous work at the 10 kWth DFB Test Facility at IFK, Germany 

The 10 kWth DFB facility at IFK comprises of a Bubbling Fluidized Bed (BFB) with a 

diameter of 114 mm and a Circulating Fluidized Bed (CFB) riser with a diameter of 71 mm 

and height of 12.4 m. The solids exchange between the reactors is controlled with use of a 

cone valve, which is a novelty of this facility. A detailed description of this facility and the 

standard experimental procedure used by IFK is found in Chapter 4 and is therefore ommitted 

here. The first experimental campaigns were carried out in a scaled cold model and were fo-

cused on hydrodynamic aspects [9]. Later a parametric study was conducted with use of the 

10 kWth DFB facility [11]. Moreover, attrition rate was found to be below the limestone make 

up requirements estimated to maintain sorbent activity. Steady state CO2 capture efficiency up 

to 93 % has been recorded during previous operation. 
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2.2.5 The 200kWth DFB Test Facility at IFK, Germany- commissioning in 2010 

The 200 kWth DFB test facility at IFK comprises of a 10 m high carbonator (blue reactor) 

with a diameter of 0.23 m, a 10 m regenerator (red reactor) with a diameter of 0.15 m and a 

6 m combustor (yellow reactor) with a diameter of 0.35 m. The facility is presented schemati-

cally in Fig. 2.5 [31] below: 

                                   

                                                                               

      

                                                              FIG 2.5: SCHEMATIC OF 200kWth TEST FACILITY IFK [31] 

 

 

 

  

Fluegas O2+CO2+coal 

Fluegas 

CO2-rich Gas CO2-depleted Fluegas 

The DFB facility does not require 

electric heating due to the fact that 

the oxy-fuel fired regenerator will 

provide the necessary heat. It is de-

signed in such a way that the operat-

ing conditions fulfil the requirements 

for low specific heat loss, compact 

reactors and high throughput. The 

design case of the facility is CO2 

capture efficiency of 85 %. Parame-

tric variation of temperature, circula-

tion rate, make-up flow and bed 

mass is considered. Basic process 

requirements, considered for the 

design are good gas-solid contacting 

using high velocity in the CFBs for 

all reactors, homogeneous tempera-

ture distribution and Calcium Loop-

ing rate control through cone valves. 

The aim of the facility is the experimental testing of Calcium Looping Process (CaL) under 

realistic conditions by using different limestones. The determination of the CO2-capture 

costs and efficiency penalty through this pilot plant will contribute for the scale-up of the 

process to the next scale. 
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2.2.6  The 1 MWth  DFB Test Facility at La Pereda, Spain-commissionig in 2011  

The 1 MWth Calcium Looping pilot will be built in the Hunosa 50 MWe CFB coal power 

plant of La Pereda, using a side stream of flue gases of the commercial plant [32]. The pur-

pose is to evaluate and optimise the concept in the 1 MWth facility in operating conditions 

equivalent to large-scale industrial units and integrated in a commercial plant by analysing the 

controllability and stability of the process. The research efforts will be focused in minimizing 

sorbent make-up flow, operational cost, measuring the effects of attrition, determining the 

effects of coal ash and sulphur content. New techniques of reactivation and preactivation will 

be tested also. The goal of the project is to generate a conceptual design for a 20-30 MW Cal-

cium Looping demonstration plant which is the next development step of the CaL process  
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3. Theoretical Background  

In this chapter is going to be analyzed the theoretical  backround of the Calcium Looping 

Process (CaL) as far as the chemistry and the process itself is concerned. 

3.1 Chemistry of the Sorbent Particle 

The chemistry of the sorbent of the particle has been investigated in many studies the last de-

cate and concerns important factors such as the chemical equilibrium, the decay of the maxi-

mum carbonation conversion and the reactivation of the particle, points that are being ana-

lyzed below.  

3.1.1 Chemical Carbonation-Calcination Equilibrium  

The equilibrium CO2 concentration, in regard to the carbonation-calcination reaction, defines 

the maximum possible capture efficiency that can be achieved with the CaL process. It is a 

function of temperature and is given by Eq. 3.1, for the temperature interval of interest, which 

was established by Baker [33]: 

)
19130
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10462.1
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                                                                           (3.1) 

The chemical equilibrium can be further expressed as a function of the equilibrium partial 

pressure of CO2 in the flue gas and the reaction temperature [34], as shown by Eq. 3.2:  
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The equilibrium CO2 concentration and partial pressure increases with temperature. Due to 

the fact that coal-fired power plant flue gas exhibits a partial pressure of CO2 below 0.15, the 

temperatures to achieve a sufficient level of carbonation are between 600-750 °C. The maxi-

mum possible CO2 capture efficiency, or in other words CO2 conversion, through carbonation 

is termed as Eeq. It is defined through the equilibrium partial pressure of CO2, given in 

Eq. 3.2, and the volumetric concentration of CO2 in the flue gas to be treated (yCO2, in). The Eeq 

is given in Eq. 3.3:     
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This equilibrium allows for CO2 capture efficiencies higher than 89 % for the above men-

tioned parameters and at temperatures of around 650 °C [22]. Carbonator operation at 600 °C 

results in Eeq values higher than 96 %. Should a CO2 capture efficiency of above 90 % be re-

quired in todays coal-fired power plants carbonator operation would be realized within the 

temperature window of 600-650 °C. 

3.1.2 Fast and Slow Carbonation Reaction Regime 

The carbonation reaction is a gas-solid reaction which goes through two different successive 

regimes, the fast and the slow reaction regime, which are depcted in Fig. 3.1: 

 

FIG 3.1: FAST AND SLOW MECHANISM OF CARBONATION REACTION 

Initially the reaction proceeds quickly and is controlled through surface kinetics. At a certain 

point the fast reaction regime stops abruptly and the reaction becomes diffusion controlled, 

since the gas has no direct contact with active CaO [17]. The carbonation conversion at which 

the reaction regime shifts from fast to slow is termed as maximum carbonation conversion 

(Xmax) or sorbent carrying capacity and is illustrated in Fig. 3.1 with the green line. The shift 

from fast to slow carbonation regime takes place when a product layer of CaCO3 of 50 nm is 

formed [17]. The reaction rate of the slow reaction regime is generally so small that it is inter-

esting for technical applications [17]. 

Recently, this equation has been modified to account for the limit of maximum carbonation 

[35], as shown in Eq. 3.4: 
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In Eq. 3.4 kS  is the rate constant for surface carbonation, So is the initial surface area and eo is 

the particle porosity which are all constants and are dependant on the type of limestone used. 

The concentration of CO2 in the flue gas, CCO2, is dependent on the fuel type used and the 

excess of air setting, while CCO2,eq  and Xmax have been defined in Eq. 3.4 and Fig. 3.1, respec-

tively. The Xcarb is the actual conversion of the CaO particle to CaCO3. To better explain the 

physical meaning of Xmax, Xcarb and their difference Fig. 3.2 is used.  

 

FIG 3.2: PARTICLE BALANCE AND CRITICAL THICKNESS 

This part depicted by the addition of the orange and yellow regions of the particle represents 

the maximum possible conversion of a CaO particle to CaCO3 (Xmax), first defined in Fig. 3.2. 

The rest of particle (1-Xmax) can not react to CaCO3, in the fast reaction regime, because the 

diffusion resistance of the CaCO3 layer formed in the outer part is too big. The part that has 

converted to CaCO3 (Xcarb) is depicted by the orange region and is smaller than the maximum 

possible conversion, Xmax. The carbonated part of the particle, Xcarb, is naturally located in the 

outer part of the particle, since it is easily accessible from CO2. The difference between the 

maximum possible conversion of a CaO particle (Xmax) and the actual conversion of a particle 

(Xcarb) represents the available part for reaction with CO2. This part is called the free active 

part of the paricle (fa). It is respesented by the yellow region of the particle and is shown by 

Eq. 3.5: 
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3.1.3 Decay of Maximum Carbonation Conversion 

The maximum carbonation conversion of calcium-based sorbents decreases with each carbo-

nation-calcination cycle due to sintering phenomena [19, 36, 37, 38]. When the exact carbona-

tion-calcination cycle of a sorbent particle is known the symbol XN is used rather than Xmax to 

describe the maximum possible carbonation conversion. The XN decay as a function of the 

complete carbonation-calcination cycle number (N) can be calculated, for the average limes-

tone, using the following formula [39] where k an Xr (residual CO2  capacity) are empirically 

derived constants:  

R

R

N
X

kN
X

X

1

1

1

      

XR = 0.075, k = 0.52                                                              (3.6) 

The values of the constants of Eq. 3.6 are representative for the average limestone and have 

been derived from a large limestone database. Naturally, the constants of Eq. 3.6 differ for 

spericific limestones. The maximum carbonation conversion has been studied by Abanades 

and Grasa extensively [39]. Eq. 3.6 plotted in Fig. 3.3. The decay of XN is shown to be steep 

over the first 20 cycles, while it is smaller as N increases. Finally, the XN converges to the 

residual activity value XR, noted in Eq. 3.6. 

 

FIG 3.3: CARBONATION CAPACITY XMAX DECAY OVER 500 CYCLES 



3.Theoretical Background 

 

 

17 

 

The decay of XN (or Xmax) with increasing number of cycles (N) is a result of particle sinter-

ing. Particle sintering is a process where the small pore distribution (< 200 nm) of the sorbent 

particle decreases, resulting in a lower particle surface area and therefore a lower Xmax. This is 

illustrated in Fig. 3.4, where sorbent samples, from the Swabian Alb limestone, exhibiting a 

less small pores and a smaller surface area have a smaller maximum carbonation capacity. 

The data of Fig 3.4 have been derived from previous experimentation in the 10 kWth DFB 

facility of the University of Stuttgart [11]. 

    

FIG 3.4: INCREMENTAL PORE VOLUME DISTRIBUTION FOR SOLID SAMPLES COLLECTED AF-     

TER THE REGENARATOR AND WITH DIFFERENT CO2 CARRYING CAPACITIES (Xmax)  [11] 

3.1.4 Reactivation of CaO-Based Sorbents 

Sorbent deactivation, as shown in Fig. 3.4, is a considerable problem for the calcium looping 

cycle caused by sintering. Thermal pretreatment and hydration of spent sorbent have been 

examined, as countermeasures hereto, in order to improve sorbent reversibility. 

3.1.4.1 Thermal Pretreatment 

Lysikov first studied the effects of thermal pretreatment [36]. At first, the maximum carbona-

tion conversion (Xmax) of the sorbent was lower than might be expected for an untreated one. 

Consecutively, some of them displayed an increase in Xmax, which started to decrease after a 

few cycles. Recently, Manovic and Anthony published a study about thermal pretreatment 

[40]. In the first series of experiments pretreatment was performed at different temperatures 

(800-1300 °C) and different durations (6-48 h) using four Canadian limestones. This study 

presented a method which includes activation by grinding and thermal treatment. The combi-
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nation of both leads to a new behavior of the sorbent which called self- reactivation. Three 

types of pretreatment can be used in a thermogravimetric analysis (TGA) reactor which are 

carbonation, calcination and sintering under different conditions each time. The results indi-

cated that thermal pretreatment can lead to better performance of a sorbent in a longer series 

of cycles, especially for powdered samples pre-heated at 1000 °C. These results were ex-

plained with a newly proposed pore-skeleton model as shown in Fig.3.5. During thermal pre-

treatment two activities occur. Bulk diffusion during calcinations and ion diffusion after de-

composition of CaCO3 which leads to a hard skeleton formation. In subsequent cycles, the 

external (soft) skeleton grows as a result to accelerate the carbonation rate. Simultaneously, 

the inward hard skeleton keeps the particle morphology stable and reduction of surface is pre-

sented. In addition, the surface area which is smooth due to thermal pretreatment may be 

transformed and lead to increased conversions The conversion for one sorbent after infinite 

cycles is the consequence of the competition between ion diffusion (hard skeleton) and bulk 

mass transfer (sintering) which results in the formation of the sorbent morphology with a sta-

ble skeleton that determines conversions. Contrary to these results the second series of expe-

riments [41], investigating the behavior of La Blanca limestone, indicated that the pretreated 

sorbent has a lower CO2 capture capacity, even after 30 cycles. Developing sorbents with self-

reactivation performance will be very important due to economic and environmental advan-

tages. However, it should be mentioned that as LaBlanca limestone a lot of sorbents show 

similar behavior by not responding to thermal pretreatment.  
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3.1.4.2 Reactivation of Sorbent using Hydration 

The hydration of spent sorbents is a promising reactivation method [42, 43, 44]. It occurs in 

two stages, one fast surface controlled stage and one slow diffusion controlled stage. Two 

groups of researchers reported that reactivity of spent sorbent can be doubled using hydration: 

Manovic and Anthony who performed experiments in a pressurized reactor containing steam 

at 473 K [45] and Fennell et al. [42] who hydrated the sorbent at room temperature in a humid 

vessel. Higher capture efficiencies have also been achieved by hydrating particles whilst 

grinding in wet conditions but the most important drawback for industrial scale use is that wet 

mixtures have a tendency to solidify (cement) if not used rapidly [42]. A recent study of Ma-

novic and Anthony examined steam reactivation of the sorbent to improve the reversibility of 

multiple capture cycles [41]. The types of experiments, performed in a tube furnace, were 

calcinations/sintering of samples under different conditions and cyclic carbonation of partially 

sulfated and unsulfated sorbents. The particles were hydrated in a pressure reactor and placed 

on filter paper in an aluminum sample dish within the vapor space of the pressurized reactor 

at temperature of 200 °C. When the hydration experiment finished after 30 min the samples 

were transferred to a vacuum oven to get dried at 50 °C for 2 h. After two repetitions of the 

hydration process the samples were merged. For both types of samples the carbonation of the 

initial cycles was higher than for the natural sorbent (35-40 %) approximately up to 70 % as 

shown in Fig. 3.6 and in Fig. 3.7. 

FIG 3.5: SCHEMATIC REPRESENTATION OF PORE SKELETON MODEL [36] 
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FIG 3.6: STEAM REACTIVATION EFFECT ON SORBENT ACTIVITY DURING CARBONATION IN THE 

TGA PARTIALLY SULFATED SORBENT [42] 

 

 

FIG 3.7: STEAM REACTIVATION EFFECT ON SORBENT ACTIVITY DURING CARBONATION IN THE 

TGA UNSULFATED SORBENT [42] 
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This analysis shows that steam reactivation actually improves sorbent characteristics in com-

parison to original sorbent and could contribute in the commercialization of the process of 

CO2  separation by CaO-based sorbent.   

3.2 Characteristic Values of  the Calcium Looping Process 

In order to utilize particle chemistry, i.e. the carbonation-calcination reaction, it is important 

to examine the CaL Dual Fluidized Bed facility as a whole. This is realized by performing a 

mass balance and defining, analyzing the primary and intermediate facility operational para-

meters. The primary parameters that can be directly influenced by the handling of the opera-

tor, such the calcium looping ratio between the carbonator and regenerator, while the interme-

diate parameters are mainly a result of the variation of primary parameters and particle chemi-

stry.  

3.2.1 Carbonator-Regenerator Efficiency and CO2 Molar Balance of the CaL System 

The process of the CaO-based looping cycle is presented meticullusly in the following sche-

matic. 

 

FIG 3.8: SCHEMATIC OF THE CaO-BASED CO  LOOPING CYCLE DENOTES PRESENCE OF CaO AND 

CaCO  IN STREAM   

The molar balance of Calcium Looping (CaL) is demonstrated in Fig. 3.8. The CO2 is ad-

sorbed from CaO in the carbonator (nCa) and a CO2-lean flue gas is produced. A fraction 

(Xcarb) of the calcium looping rate (FCa) exiting the bed is carbonated. The CO2 captured 

(FCa ·Xcarb) is transferred to the regenerator with the calcium flow. A make up flow of fresh 

CaCO3 (F0) is necessary to compensate for the decay of the carrying capacity of the sorbent 
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[37]. The CO2 capture efficiency (ECO2) of the carbonator is the most important metric of its 

performance. It is defined as the ratio of the moles of CO2 captured in the carbonator and is 

given by the Eq. 3.7: 

inCO

outCO

CO

F

F
E
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,2

2
1

  

                                                                                                            (3.7) 

The regenerator performance is expressed through the regenerator efficiency (εreg). The rege-

nerator efficiency is defined based on how complete the calcination reaction in the regenerator 

is. The εreg is given in Eq. 3.8 based on the carbonation conversion of the incoming (Xcarb) and 

outgoing (Xcalc) sorbent in regard to the regenerator. 
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(3.8) 

If Xcalc= 0, than εreg would be 100 % and hence, the regenerator would calcine the sorbent 

fully. On the other hand if Xcalc=Xcarb than εreg would be 0 % and hence, the regenerator 

would not calcine the sorbent at all. 

For the carbonator mass balance to be satisfied the CO2 removed from the gas phase is equal 

to that adsorbed by the bed and equal to the increase of CaCO3 moles after leaving the carbo-

nator. In mathematical terms this is expressed by Eq. 3.9 and Eq. 3.10: 
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3.2.2 Primary CaL Operational Parameters 

Primary CaL operational parameters are defined as those that are directly influenced from the 

CaL operator or/and facility designer. These are the calcium looping ratio (FCa/FCO2) between 

the carbonator and regenerator, the make-up flow ratio (F0/FCO2), the carbonator space time 

(η) and the carbonator and regenerator residence time (rcarb and rreg, respectively). 

The calcium looping ratio FCa/FCO2 is defined as the molar ratio of calcium (FCa) and CO2 flow 

entering the carbonator. Increasing the sorbent looping ratio imposes a significant energy pe-

nalty on the process because more fuel must be combusted in the oxyfuel regenerator in order 

to heat up and calcine the circulating sorbent, thereby increasing the parasitic load from the 

ASU. A larger oxyfuel regenerator (and associated auxiliary equipment) also increases the 

Calcium Looping capital cost. In order not to operate with excessive FCa/FCO2 values resulting 

to extra costs it would be optimum that the regeneration efficiency 100 %. This can be ex-

plained through Eq. 3.11 which is derived through Eq. 3.8 and Eq. 3.10.  

Carbreg
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F
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(3.11) 

From Eq. 3.11 it is clear that any given pair of ECO2 and Xcarb can be achieved through infinite 

combinations of FCa/FCO2 and εreg, while their product remains constant. Naturally, the lowest 

value of FCa/FCO2 is achieved when εreg is 100 %.  

The make-up flow ratio F0/FCO2 is defined as the molar ratio of fresh CaCO3 and CO2 flow 

entering the carbonator. The make-up flow of fresh limestone is added as a countermeasure to 

the decay of the maximum carbonation conversion [37]. However, the addition of large 

amounts of fresh limestone leads to a slight increase in CO2 avoidance costs Poboß et al. [23] 

and may also present a disposal problem if the purged CaO-rich material does not have a 

market capable of handling large quantities. However, as reported by Weimer et al. [29] and 

noted above the purge molar flow (F0) can be used for the production of cement clinker. 

The carbonator space time (η) is defined as the ratio of moles of CaO (nCa) present in the car-

bonator and the molar flow of CO2 in the flue gas feed. The space time is given by Eq. 3.12:

2CO

Ca

F

n
                                                                                                                             (3.12) 

The space time expresses the carbonator inventory for a given CO2 flow. Through combina-

tion of the space time definition of Eq. 3.12 and the mass balance equation of Eq. 3.9, the re-
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lation between ECO2 and η is shown. The space time is related to capture efficiency, combining 

Eq. 3.9 and Eq. 3.12: 

dt

dX
E

Carb

2CO

 

                                                                                                            (3.13) 

Increasing the space time in the carbonator has the disadvantage that it increases the carbona-

tor pressure drop and therefore results to a higher parasitic load due to the electricity con-

sumed through the carbonator blower.  

The residence time of a sorbent particle in the carbonator and regenerator is defined as the 

ratio of the calcium moles existing in each respective reactor and the calcium looping ratio. 

The definition of the residence time is given in Eq. 3.14. The residence time of a sorbent flow 

in the regenerator is given by Eq. 3.14 below: 
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(3.14) 

The residence time in the carbonator (rcarb) is limited to 2-5 min., as has been shown from 

previous TGA studies, e.g. [37]. The reason here to is that the carbonation reaction would 

proceed after such a residence time through the slow diffusion controlled carbonation regime, 

as shown in Fig. 3.1, and the CO2 capture efficiency values would become moderate. The 

residence time in the carbonator is fully defined when the space time (η) and calcium looping 

ratio (FCa/FCO2) are given. The relationship connecting the above values is derived through the 

definition of space time, Eq. 3.12, and residence time, Eq. 3.14 and is given by Eq. 3.15: 

2COCa
F/F
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(3.15)

                                                                                                        

 

Regarding the regenerator, longer residence time (rreg) would mean higher values of regenera-

tor efficiency (εreg). This true provided that temperatures in the regenerator remained below 

950 °C. Otherwise increased sintering phenomena would occur to the sorbent through increas-

ing rreg. The residence time in the carbonator and regenerator are coupled with each other 

through the calcium looping ratio. However, the rcarb and rreg can be set independently, taking 

into consideration hydrodynamic limitations, by variation of the inventory of the carbonator 

and the regenerator, respectively.  

3.2.3 Intermediate CaL Operational Parameters 

Intermediate CaL operational parameters are those that cannot be directly set from the opera-

tor, but are a result of primary parameters and particle chemistry and are directly linked to the 
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CO2 capture efficiency (ECO2). These are the maximum carbonation conversion (Xmax) the 

actual carbonation conversion (Xcarb), the free active Ca part of the bed (fa) and the active 

space time (ηa).  

The actual carbonation conversion (Xcarb) is shown to be mainly a function of the FCa/FCO2, as 

is shown by the carbonator CO2 mass balance of Eq. 3.11. Assuming that εreg is 100 %, it is 

clear that the variation range of FCa/FCO2 is greater than that of ECO2. For example, if during 

steady state operation the ECO2 value is 80 % and the FCa/FCO2 value is doubled, the only way 

the mass balance of Eq. 3.11 can be satisfied is by the reduction of Xcarb. This relationship has 

been experimentally demonstrated in [11]. 

The maximum carbonation conversion (Xmax) was initially calculated through a population 

balance by assuming that every physical loop between the carbonator and the regenerator cor-

responds to a full carbonation-calcination cycle [19]. This is, however, not the case in a real 

reactor, as has been shown in [21] where the carbonator bed mass will have an average maxi-

mum carbonation conversion, Xmax, an average carbonated fraction, Xcarb, and an average free 

active CaO fraction, fa. Therefore, particles in the early carbonation-calcination cycles will 

have “spare” capacity which will be carried to the subsequent loop. For example, XN=1= 0.7 

from Eq. 3.6 and assuming Xcarb = 0.07, the particle must be circulated 10 times between car-

bonator and regenerator before this capacity is consumed and XN=2 is reached. The decay in 

maximum carbonation conversion as a function of Xcarb is included in the transformation of 

XN to XN,pc which is the maximum carrying capacity due to partial carbonation. The average 

carrying capacity of the system, based on the population balance, is given by Eq. 3.16: 
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The above equation and Eq. 3.11 show that the parameters defining the Xmax are the make-up 

flow (F0/FCO2), the calcium looping ratio (FCa/FCO2) and the Xcarb which is also related to the 

FCa/FCO2, as well as the decay curve of Eq. 3.6. A recent study [85], produced a similar equa-

tion taking into account not only the effect of partial carbonation but also the effect of partial 

calcination in the regenerator, i.e. when εreg≠ 1 and Xcalc≠ 0.  

However, during small scale experimentation (10-50 kWth) that has been conducted to date 

[11, 30], no make-up flow has been used and the Xcarb, FCa/FCO2 values have been intentional-

ly varied. Therefore, equations of the sort of Eq. 3.16 cannot be used for determination of 

Xmax during such experimentation. In such cases the Xmax will decrease continuously since the 

average number of cycle of the particles will increase due to the exposition of the sorbent to 
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carbonation-calcination conditions in DFB mode. A first simplistic approach would be to cor-

relate the Xmax decay with the cumulative sorbent specific CO2 loading L(t)CO2, although pa-

rameters such as the Xcarb, Xcalc, the calcination conditions, residence time in the regenerator 

play a definite role. The cumulative sorbent specific CO2 loading (L(t)CO2) is defined as the 

total moles of CO2 captured until a given time during experimentation per mol of sorbent in 

the DFB system and is given in Eq. 3.17. The L(t)CO2 increases with time since no or minimal 

amount of mass is added to the system during operation. 
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(3.17) 

In Eq. 3.17, ECO2(t) is the instantaneous CO2 capture efficiency while nCa,total is the total inven-

tory in the DFB system. The ECO2(t) is calculated through gas analysis, while the total calcium 

moles (nCa,total) are known through weight measurement. A link can be established between 

the theoretical carbonation-calcination cycle (N), of the TGA full carbonation-calcination 

experiments (see Eq. 3.6), and L(t)CO2 obtained during operation of a DFB CaL system. This 

is possible if the assumption is made that in both cases the decay of the maximum carbonation 

conversion, expressed as Xmax for the DFB system and XN for the TGA, is a function of the 

moles of CO2 captured per mol of CaO only. Such a link is given by Eq. 3.18, which allows 

for the calculation of the theoretical carbonation-calcination cycle N. 

N

0

N2CO
X)t(L

  

(3.18)

The free active CaO part of the average particle and of the carbonator bed (fa) is established 

through the difference of Xmax and Xcarb, as noted in Eq. 3.5. Naturally, the fa is dependant to 

the same parameters as Xmax and Xcarb and is a key parameter defining the average carbona-

tion reaction rate of the bed, as shown in Eq. 3.4.Therefore, in many modeling and experi-

mental studies considering constant space time, the CO2 capture efficiency has been related to 

fa, e.g. [37, 38]. 

The carbonator active space time (ηa) is defined as the product of space time (ηα) and the free 

active CaO part bed (fa), as shown in Eq. 3.19 below: 
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The active space time (τa) is the product of τ and fa. At a given inlet gas CO2 concentration, 

molar flow, carbonator temperature and gas-solid contacting mode the active space time  has 

shown to strongly correlate with the CO2 capture efficiency [11]. This because space time 

defines the carbonator inventory and the fa determines the average reaction rate of that inven-

tory, as shown in Eq. 3.4. However, this parameter must be put to further test to examine 

possible modifications. For example questions such as a) should the τ, fa in the active space 

time formula of Eq. 3.16 be both in the power of 1? b) is the reaction rate for two beds exhi-

biting the same active space time but different Xmax values the same?, still remain open. 
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4. Experimental Setup and Methodology 

In this chapter is analyzed the experimental Calcium Looping Facility of IFK which has been 

used for our experimental campaign and the procedure as well as the experimental strategy 

that has been followed.  

4.1 Description of the 10 kWth Calcium Looping Facility of IFK, University of 

Stuttgart 

A DFB Calcium Looping facility 

consists of a 12.4 m high, 70 mm 

diameter riser and a 114 mm di-

ameter Bubbling Fluidized Bed 

(BFB), as shown in Fig. 4.1. To 

assure the suitability of the facili-

ty, scaled cold model testing was 

performed and summarized by 

[9]. The riser is used as the car-

bonator (2) and the BFB as the 

regenerator (1). The novelty of 

this rig in comparison to other 

DFB systems is the control of the 

calcium looping rate between the 

beds by a cone valve. Flue gas 

enters the CFB carbonator, while 

the carbonated CaO flows    from  

the  double exit  loop      seal (3)  

 

 

 

 

 

the lower standpipe (7) and subsequently the lower loop seal (8) through which the sorbent 

flow proceeds to the carbonator. The carbonator off gas proceeds to the stack while the riser 

                       air 

  natural  gas 

 

CO2(10-15%) + N2 

CO2 lean flue 

gas 

CO2 rich 

gas 

FIG 4.1: SCHEME OF 10 KWth IFK CALCIUM LOOPING DFB 

FACILITY: (1) BFB REGENERATOR, (2) RISER CARBONA-

TOR, (3) DOUBLE EXIT LOOP SEAL, (4) CONE VALVE, (5) 

PRESSURE CONTROL VALVE, (6) BFB OVERFLOW, (7) 

LOWER STANDPIPE, (8) LOWER LOOP SEAL, (9) CYC-

LONE, (10) UPPER STANDPIPE, (11)  LOOP SEAL WEIR, (12) 

QUARTZ STANDPIPE SEGMENTS, (13) CANDLE FILTERS, 

(14) ELECTRICAL GAS PRE-HEATERS 

through the cone valve (4) and 

enters the BFB regenerator 

where CO2 is seperated from 

CaCO3. The partially calcined 

CaCO3 exits the carbonator 

through the overflow (6), enters  
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entrainment is separated with a cyclone (9), proceeds to the upper standpipe (10) and reaches 

the double exit loop seal. A desired fraction of the riser entrainment proceeds to the BFB re-

generator and the rest of the flow returns to the riser through the loop seal weir (11). The cal-

cium looping rate is controlled by varying the cone valve opening and the BFB absolute pres-

sure through a pressure control valve (5). The carbonator, regenerator and solid circulation 

system are electrically heated. Electrical pre-heaters (14) are used to heat up inlet gas flows 

up to a temperature of 900 °C. Flue gases exiting from riser and BFB pass eventually through 

candle filters (13) to remove any remaining fines. 

4.2 Control Strategy of the Facility 

The LabView® software program is used for control of the facility and data acquisition. Elec-

trical heaters are controlled automatically through type N thermocouples to maintain the de-

sired process temperature. Pressure is measured through differential and absolute pressure 

transducers placed so that facility pressure drop profiles can be obtained. All gas flows are 

controlled with Mass Flow Controllers (MFCs) except loop seal aeration which is controlled 

through rotameters. The carbonator is fluidized with a synthetic mixture of CO2 and N2, while 

the regenerator and loop seals are fluidized with air. The regenerator is fluidized with O2 

enriched air, where O2 reaches a volumetric concentration of up to 40 % vol. 

4.3 Gas-Solid Analysis 

The carbonator flue gas was analyzed by an ABB Advance Optima 2020 continuous gas ana-

lyzer, measuring CO2 (0-30 vol-%) and O2 (0- 29 vol-%) while the regenerator flue gas was 

analyzed by an ABB EasyLine 3020 continuous gas analyzer, measuring CO2 (0-100 vol-%) 

and O2 (0-100 vol-%). The air flow stream coming from the loop seals to the CFB is calcu-

lated from the O2 concentration measurement in the carbonator off-gas allowing for correct 

estimation of the CO2 capture efficiency. At regular intervals the carbonator inlet gas volume-

tric CO2 concentration was measured by the ABB analyzer to ensure that the value calculated 

from MFC settings was accurate. The conversion of a sorbent particle to CaCO3 after the car-

bonator (Xcarb) and the regenerator has been measured with a thermobalance at IFK. A large 

number of the samples were further analyzed with a TGA by the National Institute of Coal 

(INCAR) Consejo Superior de Investigaciones Cientificas (CSIC) of Spain to define the car-

bonation conversion (Xcarb) and the maximum CO2 carrying capacity (Xmax) in order to calcu-

late the free active fraction of CaO (fa).  
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4.4 Experimental Procedure 

The experimental plan is presented below as far as the facility start-up, the measurements, the 

evaluation of the results and the parameter variation is concerned.  

4.4.1 Facility Start-Up 

Before beginning with experimentation, the system was emptied in regard to solids and the 

material was always pre-calcined. In addition, the amount of sorbent to be introduced to the 

facility was weighed. The BFB was than filled up to the overflow level (6, see Fig. 4.1) and 

the rest of solids were filled into the upper standpipe and the lower standpipe. Than all rota-

meters, MFCs were checked to ensure that the corresponding valves were properly closed. 

Afterwards, the riser (2), the BFB (1) and the double exit loop seal (3) were supplied with air. 

Subsequently, the double exit loop seal (3) flow was increased till the solids in the upper 

standpipe (4) appeared to be in slightly bubbling condition.  Solid circulation through the up-

per loop seal began and became steady. Thereby, the CFB loop commenced operation. Slowly 

the air flow was started in the lower loop seal until the solids there also reached bubbling 

conditions. Finally, the calcium looping rate between the riser and the BFB was set by open-

ing and adjusting the position of the cone valve (4). 

4.4.2 Measurements During Steady States and Solid Sampling   

In order to assess the results obtained, it is important to not take into account data resulting 

from transient modi of operation. For example, if the calcium looping rate would be changed 

through cone valve variation, gas phase data would not stabilize immediately to a new value, 

but after a period of time. As a result, it is important to take into account only measurements 

attained during operational steady states. Steady states are defined as the time period (lasting 

at least 15 min) where all gas phase variables (e.g. outlet CO2 concentration) remain un-

changed. After each steady state solid samples were collected (three samples from the carbo-

nator and one from the regenerator).  Subsequently, the calcium looping rate was measured 

manually through an optical method analyzed below. The lower standpipe is constructed from 

a quartz glass standpipe segment, as shown in Fig. 4.2. When stopping the lower loop seal 

aeration (8), the rate of the solid bed height increment due to particle accumulation can be 

measured. The time required for the particle bed height in the lower standpipe to increase by 

10 cm, 15 cm and 20 cm was noted. This procedure was repeated after a steady state twice. In 

this manner the calcium looping rate between the carbonator and regenerator was attained, 
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since the bulk density of a fixed bed of sorbent has been previously defined. All the data were 

documented in a diary in order to later evaluate the results from the log files.  

 

FIG 4.2: QUARTZ GLASS SEGMENT 

4.4.3 Evaluation of the Results 

During operation the LabView® software program saves all measurement data in an Excel 

file every three seconds for both the carbonator and the regenerator. After each experimental 

day the collected data are stored in a diagnostic table for further analysis. Before analyzing 

the data O2 and CO2 gas measurements are subjected to corrections due to calibration of ABB 

analyzers. Using a gas with specific concentration, the zero error and the deviation between 

them are defined in order to build the linear equation that corrects the gas measurements.  

The analysis requires some data that cannot be measured directly but must be calculated using 

data from the initial log files which are the following: 

- Fair, in: Air that enters from the loop seals in the carbonator 

- FCO2: Corrected CO  stream getting into the carbonator 

- FCO2, out: Corrected CO  stream getting off the carbonator 

- ECO2: CO  capture efficiency 

- Mcarbonator: Mass of the bed of carbonator 

- η: Space time of the carbonator 
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- ECO2,eq: Chemical equilibrium-maximum CO  capture efficiency 

4.5 Experimental Parameters 

This campaign is designed in order to characterize the riser carbonator and regenerator opera-

tion. Two types of limestone were used, namely as Swabian Alb A and Swabian Alb B. Li-

mestone Swabian Alb A stems from the region of Swabian Alb in Germany. For limestones 

Swabian Alb A and Swabian Alb B a coarse Particle Size Distribution (PSD) of (0.3-0.6 mm) 

was utilized. In addition, for limestone Swabian Alb A a fine PSD (0.1-0.3 mm) was also im-

plemented. The carbonator was operated under realistic conditions. Carbonator temperature 

was set at approximately 650 °C. For the coarse and fine PSDs the carbonator velocity was 

close to 6 m/s and 4 m/s, respectively. Carbonator pressure drop was varied between 50-114 

mbar. Therefore the space time (η) was accordingly varied. The regenerator was operated at a 

constant temperature of 900 °C. Since the system was allowed to operate continuously for 5-

10 h every experimental day and since no make-up flow was present the maximum carbona-

tion conversion of the bed material during steady states varied in the range of 6-20 %. Moreo-

ver, the calcium looping ratio FCa/FCO2 has been varied between 3-23, thus varying the Xcarb 

between steady states and the residence times that solids spent in each reactor.  All experi-

mental conditions of the carbonator are listed in Table 4.1: 

TABLE 4.1: OPERATING CONDITIONS OF THE CARBONATOR 

Parameter Range 

Temperature (°C) 645-656 °C 

Superficial gas velocity (m/s) 4.1-6.1 

Limestones used and PSDs  
Swabian Alb A (0.1-0.3 mm)/(0.3-0.6 mm)  

Swabian Alb B (0.3-0.6 mm) 

Fluidization regime  Fast Fluidization regime 

Inlet CO2 concentration (%) 10.4-15.7 % (mostly 11-12 %) 

Bed solid inventory (kg/m
2
) 480-1129 

Bed pressure drop (mbar) 48-114 

Space time (h) 0.3-0.6 

Maximum average conversion 6.1-19.7 

Fraction of active CaO 0.1-6.4 

Active space time (h) 0.1-3.5 
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Capture efficiency 0.5-0.9 

Carbonator Residence Time (min) 0.1-8.6 

Regenerator Residence Time (min) 0.3-5.0 

4.6 Experimental Simplifications 

In order to perform this experimental campaign simplifications were made with respect to the 

real process. Firstly, the limestone was pre-calcined prior to experimentation. Secondly, there 

was no SO2  in the flue gas fluidizing the carbonator. Thirdly, the regenerator was fluidized 

with air and the required energy for calcination was supplied by the electrical heaters using 

CH4 combustion to maintain the temperature of the reactor. Moreover, no continuous make-

up flow of limestone was implemented. However, material was added occasionally in order to 

maintain the DFB system inventory within acceptable limits in regard to system operation.  
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5. Results and Discussion 

The following sections try to provide data in order to characterize regenerator and carbonator 

operation. The regenerator efficiency is linked with a suitable parameter, combining the car-

bonation conversion Xcarb of the inlet solid stream and the residence time within the reactor. A 

similar analysis is conducted for the carbonator addressing also a number of issues such as 

sorbent decay, required calcium looping ratios and hydrodynamics.  

5.1 Regenerator Operation 

Previous work had defined the residence time needed in a stand alone fluidized bed calciner in 

order to achieve full conversion of CaCO3 to CaO, based on residence time, particle size and 

temperature. In such units the carbonation conversion (Xcarb) of the particles in the feed is 1. 

However, the Xcarb of the particle flow entering the carbonator is typically below 15 %, which 

constitutes the greatest difference between a stand alone fluidized bed calciner and a regenera-

tor within the CaL system. Therefore, it was considered appropriate to combine the carbona-

tion conversion of the incoming particles and the residence time in the regenerator in order to 

find a suitable correlation for the regenerator efficiency. The factor  
reg

carb

r

X
represents such a 

suitable combination. The regenerator efficiency and (εreg), defined in Eq. 3.7, and the carbo-

nation conversion of the outlet sorbent flow from the regenerator (Xcalc) are plotted in Fig. 5.1 

and 5.2, respectively, for two different limestones and PSDs. All experimental points stem 

from steady states exhibiting constant temperature (900 °C) and partial pressures of 

CO2 < 0.3 bar. 
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FIG 5.1: REGENERATOR REACTOR PERFORMANCE VS EFFICIENCY WITH TREG=900 C, 

PCO2=0.3 bar, DP=0.1-0.3 AND DP=0.3-0.6 

 

FIG 5.2: REGENERATOR REACTOR PERFORMANCE VS XCALC  WITH TREG=900 C, PCO2=0.3 bar, 

DP=0.1-0.3 AND DP=0.3-0.6 

 



5.Results and Discussion 

 

 

36 

 

Both εreg and Xcalc show a very good correlation with the proposed factor 
reg

carb

r

X
. At 

reg

carb

r

X
 

values of around 2-3 1/h, the regenerator efficiency is generally above 90 % corresponding to 

carbonation conversion of the outgoing sorbent flow (Xcalc) lower than 2 %. With increasing 

the factor 
reg

carb

r

X
the regenerator efficiency drops and the Xcalc naturally increases. At values as 

higher than 6 1/h, the regenerator efficiency drops below 40 % while the Xcalc value increases 

to above 6 %. The explanation of the above noted trends can be found when looking into the 

physical meaning of the parameter 
reg

carb

r

X
. It represents the difficulty in regenerator‟s ability to 

calcine a carbonated particle entering the bed at given temperature and partial pressure of 

CO2. At a given partial pressure of CO2 and regenerator temperature, the average reaction rate 

in the regenerator should be constant. The particle size and carbonation conversion Xcarb of 

the incoming particle define the CaCO3 content within it to be calcined. Hence the higher the 

Xcarb, the more duty is imposed to the regenerator and the difficulty for the reactor to perform 

increases. The difficulty for the regenerator increases when the residence time in the regenera-

tor is limited, since then the exposure of the particle to calcination conditions is also limited, 

as is the case when operating with high values of FCa/FCO2. Hence high values of 
reg

carb

r

X
cor-

respond to low values of εreg and vice versa. The results above may prove to be useful future 

tool for designing new facilities in order to have optimum regenerator operation under all cir-

cumstances.  

5.2 Carbonator Operation 

In regard to carbonator operation, examples of operational steady states are presented. Fur-

thermore, the decay of the maximum conversion (Xmax) with increasing sorbent specific CO2 

loading L(t)CO2 is compared to what was expected in the TGA. Furthermore, the required Cal-

cium Looping ratio FCa/FCO2 for a given CO2 capture efficiency is investigated, while the role 

of Xmax and εreg in this relation is underlined. The parameter of active space time, which al-

ready has been indentified as a suitable parameter to characterize the carbonator, is tested for 

suitability. In addition, the physical explanation linking carbonator residence time and the 

CO2 capture efficiency is given. However, it must be noted that carbonator residence time is 

not an independent parameter, but it is fully defined when the calcium looping ratio and car-
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bonator space time are known. Finally, the flow structure of the riser carbonator is analyzed 

and offers an explanation in regard to the axial CO2 profile measured. 

5.2.1 Examples of Steady States  

Examples of steady states leading to high CO2 capture efficiencies are shown in Fig. 5.3, 

Fig. 5.4 and Fig. 5.5, conducted with different limestones, PSDs, values of maximum carbo-

nation conversion (Xmax) and calcination efficiencies. The steady states of Fig. 5.5 and Fig. 

5.3 were conducted with use of the Swabian Alb A limestone exhibiting a PSD of 0.1-0.3 mm 

and 0.3-0.6 mm, respectively. The Fig. 5.4 corresponds to the Swabian Alb B limestone. The 

carbonator temperature and CO₂ inlet concentration are 650 °C and 11.3-11.6 vol-% respec-

tively, while the CO₂ outlet concentration is 1-1.5 %, resulting in a CO₂ capture efficiency 

(ECO2) of above 85 %. Differences in the noted calcium looping ratio (FCa/FCO2) can be basi-

cally explained through the different Xmax values, calcination efficiencies (εreg) of the three 

steady states, rather than on chemical differences between the sorbents. In all cases operation 

is very straight forward. Achieving a steady state is met with relative ease and the only inter-

vention after some hours of operation is the addition of small amounts of limestone to main-

tain a constant reactor inventory since some is lost in time due to attrition. In this experimen-

tal campaign 69 steady states were achieved.  
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FIG 5.3: EXAMPLE OF A HIGH ECO2 STEADY STATE: INLET YCO2, TCARB, OUTLET YCO2 AND ECO2 ARE 

PLOTTED VS TIME  AT η = 0.33 h AND FCa/FCO2= 5.7 XMAX= 13, XCALC= 0.5, PSD= 0.3-0.6 FOR SWABIAN 

ALB LIMESTONE A 

 

 

FIG 5.4: EXAMPLE OF A HIGH ECO2 STEADY STATE: INLET YCO2, TCARB, OUTLET YCO2 AND ECO2 ARE 

PLOTTED VS TIME  AT η = 0.30 h AND FCa/FCO2= 14, XMAX= 14.5, XCALC= 12, PSD= 0.3-0.6  FOR SWA-

BIAN ALB LIMESTONE B  
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FIG 5.5: EXAMPLE OF A HIGH ECO2 STEADY STATE: INLET YCO2, TCARB, OUTLET YCO2 AND ECO2 ARE 

PLOTTED VS TIME  AT η = 0.46 h AND FCa/FCO2= 23, XMAX= 18, XCALC= 12, PSD= 0.1-0.3 FOR SWABIAN 

ALB LIMESTONE A  

5.2.2 Decay of Maximum Carbonation Conversion (Xmax)  

In Fig. 5.6, the decay of the maximum carbonation conversion (Xmax) is shown as a function 

of the cumulative sorbent specific CO2 loading (L(t)CO2) for both limestones and PSDs. 

Fig. 5.7 exhibits essentially the same graph as Fig. 5.6 but the scale of the y-axis, depicting 

the Xmax, has been limited between (0-20 %) which is the range recorded during experimenta-

tion. The blue line in both Fig 5.6 and Fig. 5.7 represents the expected Xmax decay of the 

Swabian Alb limestone as a function of L(t)CO2, as derived from the corresponding XN vs. N 

TGA curve of the form of Eq. 3.10 and from Eq. 3.11. Additionally, for calculation of the 

total calcium moles present in the DFB system (nCa, total), needed for calculation of the L(t)CO2 

as shown in Eq. 3.21, it has been assumed, that all sorbents after pre-calcination exhibited a 

carbonation conversion value of Xcarb equal to 30 %.This is typical when pre-calcining CaCO3 

in our system. The arrows in Fig. 5.7 indicate the point at which fresh pre-calcined sorbent 

mass was added in the system, fact which explains the increase of the maximum carbonation 

conversion at that point. The mass of the added sorbent is noted beside the arrow. 
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FIG 5.6: DECAY OF MAXIMUM CARBONATION CONVERSION Xmax WITH INCREASING CUMULA-

TIVE SORBENT SPECIFIC CO2 LOADING 

 

FIG 5.7: DECAY OF MAXIMUM CARBONATION CONVERSION WITH INCREASING CUMULATIVE 

SORBENT SPECIFIC CO2 LOADING; (Xmax< 20 %)  
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As shown in Fig. 5.6 and Fig. 5.7, for low L(t)CO2 values (< 3 mol CO2/mol CaO), the Xmax of 

the Swabian Alb limestone exhibits lower values than those extrapolated from TGA experi-

mentation. For example at a CO2 bed loading of 1 mol CO2/ mol CaO the Xmax would be ex-

pected to be slightly above 40 %. However, values measured for such a value of L(t)CO2 were 

in the range of only 12-18 % only. The Xmax continuously decays with increasing CO2 capture 

and therefore L(t)CO2. On the other hand, for L(t)CO2 values greater than 3, the Xmax values 

recorded during experimentation in the DFB system seem to exhibt similar values and decay 

trend with the extrapolated TGA values. Whenever an increase of Xmax is noted, this can be 

attributed to the addition of fresh pre-calcined mass, as shown in Fig. 5.7, or to experimental 

error during solid analysis. Moreover, it is unclear if both the Swabian Alb limestone A & B 

exhibit a residual activity, similar to the behavior observed in the TGA. Experiments, with a 

CaL DFB facility, achieving much higher values of L(t)CO2 will be needed in order to resolve 

the above issue. Differences noted in Fig. 5.6 and Fig. 5.7 between full carbonation-

calcination TGA experiments and operation in a CaL DFB system can be explained based on 

that in a real DFB system partial carbonation and rapid particle heating-cooling rates exist 

which may lead to different sintering patterns than in the TGA. Based on Fig. 5.6 and Fig. 5.7 

for the specific experiment, the comparison between the two different limestones and PSDs, 

in terms of Xmax decay, can not be achieved with ease. The comparison becomes more diffi-

cult when taking into account the fact that the addition of new mass, needed to maintain the 

hydrodynamic stability of the DFB system, increases the maximum carbonation conversion at 

a specific point. However, it seems that the Swabian Alb limestone B exhibits a slighty higher 

maximum carbonation conversion (Xmax) in comparison to the Swabian Alb A limestone. Fi-

nally, it is also unclear why the Swabian Alb limestone A, with a fine PSD (0.1-0.3 mm), ex-

hibits generally smaller values than the same limestone with a coarser PSD of (0.3-0.6 mm) 

for the same value of L(t)CO2.  

Future experiments studying the Xmax decay in a DFB system may explore ways to minimize 

attrition in order to not have to add new mass in order to maintain hydrodynamic stability and 

to not vary the calcium looping rate between the beds in order to keep carbonator and regene-

rator residence times constant. 
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5.2.3 Calcium Looping Ratio (FCa/FCO2) variation. 

The calcium looping ratio is a key parameter to the process since it is linked greatly to O2 

consumption in the regenerator and therefore to process economics. The calculated values of 

FCa/FCO2 from Eq. 3.9 are plotted against the values measured visually (with use of the quartz 

standpipe segment, see Fig. 4.2) in Fig. 5.8. For lower FCa/FCO2 both methods produce similar 

results because visual measurement is easy. Deviation exists for higher FCa/FCO2 values result-

ing from the difficulty of visual measurements. Since calcium looping ratio values derived 

match for low FCa/FCO2 values, the use of Eq. 3.9 is considered accurate and is used for data 

analysis while visual measurement is considered to be a good indicator during experimenta-

tion. 

 

  

FIG 5.8: MEASURED FCa/FCO2  PLOTTED AGAINST CALCULATED FCa/FCO2   
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Fig. 5.9 and Fig. 5.10 plots, for two different limestones and particle sizes, the ECO2/Eeq 

against the calcium looping ratio (FCa/FCO2) for several steady states. The equilibrium-

normalized CO2 capture efficiency (ECO2/Eeq) quantifies the reactor performance in compari-

son to the optimum allowed by thermodynamics. Since the steady states where attained at 

different times they exhibit different values of cumulative sorbent specific CO2 loading 

L(t)CO2 and therefore different values of Xmax. Moreover, the 
reg

carb

r

X
 in the regenerator also 

varies, leading to different regeneration efficiencies (εreg) and different values of carbonation 

conversions regarding the solid flow stream entering the carbonator (Xcalc). Other conditions 

such temperature, space time were kept constant or varied within a narrow window.  

 

 

FIG 5.9:  ECO2/EEQ  PLOTTED VS FCa/FCO2 FOR STEADY STATES WITH INLET YCO2 OF 11.3 %, 

TCARB OF 650 °C , η=0.27-0.6 h  CLASSIFIED BY XMAX FOR SWABIAN ALB A LIMESTONE 
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Some trends are evident from the above graph, like the fact that an increase in the calcium 

looping ratio (FCa/FCO2) results in an increase in CO₂ capture efficiency, however two main 

issues are raised. The first is related to the impact of calcination efficiency (εreg) on the values 

of FCa/FCO2 recorded. For example, some steady states of Fig. 5.9  required extremely high 

values of FCa/FCO2 (>15) in order to achieve high CO2 capture efficiencies in the range of 

ECO2/Eeq = 90 %. These steady states exhibited εreg values in the range of  37-93 %. The 

second is related on the influence of the Xmax on the required FCa/FCO2 value in order to 

achieve a given ECO2/Eeq value. For example, it can be noted in Fig. 5.9 that for an FCa/FCO2 

value of around 7.5 the ECO2/Eeq is higher than 90 % when the Xmax is in the range of 13-14 % 

while it is 55 % whne the Xmax is in the range of 7-8 %. Although, the trend- that for the same 

FCa/FCO2 and with increasing Xmax values ECO2/Eeq -generally holds true, exeptions exist.Such 

an exception is noted in Fig. 5.9 where solids having an Xmax of 6-7 % exhibit a better per-

formance than thouse with an Xmax of 7-8 %.  

Since the product of the regeneration efficiency and calcium looping ratio (FCa/FCO2·εreg) of 

every steady state expresses the calcium looping ratio that would have been required if the 

regenerator efficiency (εreg) was equal to 1, as shown by Eq. 3.7 expressing the carbonator 

mass balance, this product is included in the x-axis.  As a result, by eliminating the effect of 

FIG 5.10:  ECO2/EEQ  PLOTTED VS FCa/FCO2 FOR STEADY STATES WITH INLET YCO2 OF 11.3 %, 

TCARB OF 650 °C,  η=0.29-0.49 h  CLASSIFIED BY XMAX FOR SWABIAN ALB B LIMESTONE  
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regeneration efficiency, in such a way, the plots of Fig. 5.9 and Fig. 5.10 are transformed into 

the graphs shown in Fig. 5.11 and Fig. 5.12, respectively. 

 

  

 

FIG 5.11:  ECO2/EEQ  PLOTTED VS FCa/FCO2·N FOR STEADY STATES WITH INLET YCO2 OF 11.3 %, 

TCARB OF 650 °C , η=0.27-0.6 h  CLASSIFIED BY XMAX FOR SWABIAN ALB A LIMESTONE 

FIG 5.12:  ECO2/EEQ  PLOTTED VS FCa/FCO2·N FOR STEADY STATES WITH INLET YCO2 OF 11.3%, 

TCARB OF 650 °C  ,  η=0.29-0.49 h  CLASSIFIED BY XMAX FOR SWABIAN ALB B LIMESTONE 
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From Fig. 5.11 and Fig. 5.12 it is shown that the bulk of the data correspond to FCa/FCO2·εreg 

values between 5 and 12. From Fig. 5.11 it is clear that the high FCa/FCO2 ratios noted in 

Fig. 5.9 are due to the low regeneration efficiencies in the regenerator caused by very limited 

residence times in the reactor. Moreover, for both limestones (Swabian Alb A & B, see 

Fig. 5.11 and Fig. 5.12) it is particularly clear that for a given FCa/FCO2·εreg higher ECO2/Eeq 

values are achieved when the Xmax is higher. As shown in Fig. 5.11 for higher maximum car-

bonation conversion values, which means that the material is more fresh, high efficiencies can 

be achieved with low calcium looping ratios. For example, as shown in Fig. 5.11, with a 

FCa/FCO2·εreg value of only 3 and an Xmax value 15.8 the equilibrium normalized value of CO2 

capture efficiency is (ECO2/Eeq) 92 %. On the other hand in order to achieve the same efficien-

cies at low maximum carbonation conversion values, higher circulation rates are necessary. 

This can be illustrated from Fig. 5.11 where a combination of only a very high FCa/FCO2·εreg 

value equal to16 lead to a CO2 capture efficiency value 91 % when the Xmax was as low as 

6 %. It is of particular interest to examine which pairs of FCa/FCO2·εreg and Xmax produce CO2 

capture efficiencies ECO2/Eeq higher than 90 %. This pairs are plotted for Swabian Alb limes-

tone A & B and both PSDs in Fig. 5. 11. From Fig. 5. 11 it is clear that a value ECO2/Eeq of 

above 90 % can be maintained through different combinations of Xmax and FCa/FCO2·εreg when 

other conditions, such as space time, temperature etc. remain constant or within a narrow 

window. 

5.2.4 Active Space Time of the Carbonator, a Determining Factor? 

The active space time (τa) is the product of τ and fa, as shown in Eq. 3.16, and has shown to 

strongly coorelate to CO2 capture efficiency either directly or through use of the equivelant 

concept of active inventory for a given flue gas flow [46]. A previous study [11], utilizing a 

BFB carbonator and Swabian Alb limestone A in continuous DFB mode, had shown that the 

equilibrium normalized CO2 capture efficiency increases with active space time, while all 

experimental points fit a single line. The above statement holds true, in particular for runs 

conducted with the Swabian Alb limestone B, as shown in Fig. 5.14, with the exception of 

one outlier point which exhibits the lowest measured value of Xmax, i.e 6.2 %. Therefore, in-

creasing the active space time increases the ability of the bed to capture CO2 and therefore 

higher values of equilibrium-normalized CO2 capture efficiency are obtained. The Swabian 

limestone B exhibits critical τa in the vicinity of 0.15 %h which implies that beyond this ac-

tive space time value, the CO2 capture ability of the carbonator bed is enough for the CO2 

capture efficiency to start approaching equilibrium values (ECO2/Eeq> 90 %). 
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For Swabian Alb limestone A the equilibrium normalized CO2 capture efficiency seems to 

increase with active space time for steady states conducted with the same value of Xmax, as 

shown in Fig. 5.13. Moreover, the value of Xmax seems to influence the value of active space 

time needed to achieve a given CO2 capture efficiency, i.e. for the same value of active space 

time, the CO2 capture efficiency seems to increase when the Xmax increases. This can be ex-

plained based on TGA results which show that sorbents exhibiting lower values of cycle 

number, and therefore higher values of Xmax, exhibit a higher carbonation reaction rate. In 

addition, the existence of a number of steady states with Xmax values greater than 12 % and 

ECO2/Eeq values greater than 90 %) in combination with active space time values close to zero 

can be further attributed to a Swabian Alb limestone A characteristic. Swabian Alb limestone 

A exhibits an acceptable reaction rate within the transition regime between the fast reaction 

regime and diffusion controlled reaction regime. This means that even at fa values approach-

ing zero, i.e. at the end of the fast reacrion regime, the reaction rate would be far from becom-

ing slow. 

 

FIG 5.13:  ECO2/EEQ  PLOTTED VS ACTIVE SPACE TIME FOR STEADY STATES WITH INLET YCO2 OF 

11.3 %, TCARB OF 650 °C, η=0.29-0.49 h  CLASSIFIED BY XMAX FOR SWABIAN ALB B LIMESTONE 
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FIG 5.14:  ECO2/EEQ  PLOTTED VS ACTIVE SPACE TIME FOR STEADY STATES WITH INLET YCO2 OF 

11.3 %, TCARB OF 650 °C,  η=0.27-0.6 h  CLASSIFIED BY XMAX FOR SWABIAN ALB A LIMESTONE 

5.2.5 Physical Explanation of Residence Time 

In Fig. 5.15 and Fig. 5.16 the equilibrium normalized CO₂ capture efficiency is plotted 

against the carbonator residence time, which is defined by Eq. 3.19, for limestones for the 

Swabian Alb limestones A & B, respectively and other given coditions. 
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FIG 5.15:  ECO2/EEQ  PLOTTED VS CARBONATOR RESIDENCE TIME FOR STEADY STATES WITH 

INLET YCO2 OF 11.3 %, TCARB OF 650 °C,  η=0.27-0.6 h  CLASSIFIED BY XMAX FOR SWABIAN ALB A 

LIMESTONE 

FIG 5.16:  ECO2/EEQ  PLOTTED VS CARBONATOR RESIDENCE TIME FOR STEADY STATES WITH 

INLET YCO2 OF 11.3 %, TCARB OF 650 °, η=0.29-0.49 h  CLASSIFIED BY XMAX FOR SWABIAN ALB B 

LIMESTONE 
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Examining the behavior of Swabian Alb limestone A it is obvious that there a trend line of 

points, with high values of maximum carbonation conversion approaching equilibrium values 

even though residence time values are as high as 5 min, exists. For example, in Fig. 5.15, 

through carbonator residence time of 4.5 min and in combination with a maximum carbona-

tion conversion value of 15 %, CO2 capture efficiency close to the 82 % of the equilibrium 

value is achieved. The points with lower values of maximum carbonation conversion (below 

10 %) also approach equilibrium values when residence times are small (below 2 min). The 

same behavior is also observed in Swabian Alb limestone B, as shown in Fig. 5.16. For ex-

ample, an ECO2/Eeq value of 90 % is achieved with an Xmax value of 12-13 % and a residence 

time of above 4 min, while the same CO2 with an Xmax of 9-10 % and residence time below 1 

min.  

The explanation to the above observations can be summarized as follows: The average carbo-

nation conversion rate during the experimental steady states is 1/min. This means that the 

Xcarb increases in average by 1 % every minute it stays within the carbonator. Therefore when 

the Xmax is as high as 15 % the sorbent can spent more than 4 min in the carbonator without 

all of the free active CaO (fa) being used up. This is of course not the case when the Xmax is 

as low as 6-7 %. To operate with such a degraded sorbent and achieve CO2 capture efficiency 

values ECO2/Eeq of above 90 % is possible only of the residence time in the carbonator is  2 

min or less, as shown in Fig. 5.15 and Fig. 5.16. This is only possible at the highest values of 

FCa/FCO2·εreg (> 12) recorded during this experimentation. 

5.2.6  Hydrodynamic Behavior of Riser carbonator 

In this chapter is being studied the hydrodynamic behavior of the CFB carbonator according 

to specific parameters such as the riser velocity, the pressure drop profile, the total solid in-

ventory and the limestone fluidization behavior.  

5.2.6.1 Flow Structure of Riser Carbonator and Standpipes  

In Fig. 5.17 the typical pressure drop and solid fraction (εs) profiles of the riser carbonator are 

presented. 
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Three distinct regions are noted for the typical pressure drop profile and solid fraction (εs) of 

Fig. 5.17. In the middle of the riser a „lean core-annulus region‟ exists, exhibiting a solid 

fraction of 0.01-0.02. As is typical for this region the solid fraction is higher at the bottom 

than at its top. The solids move upwards from the center of the riser and downwards from the 

side. At the top of the riser and near the riser exit, the „exit region‟ is observed, having a solid 

fraction of above 0.02. A further region known as the „dense region‟ exists at the bottom of 

the riser, exhibiting high εs values. As illustrated in Fig. 5.17 the value of the solid fraction at 

2.00 m height is about 0.14. The lower pressure drop and average εs value equal to 0.10 ob-

tained in the first 0.48 m can be explained based on the influence of the distributor jets and 

due to that the return legs of the riser are placed approximately 1.20 m above the distributor. 

The determination of the height of the dense bed is not directly known from pressure trans-

ducer measurements since only 6 are used for the whole of the riser. However, the dense bed 

height can be calculated by approximation. The typical profile of Fig. 5.17 is taken into ac-

count to present an example. The solid average fraction in the region of the axial section 0.48-

3.09 m is 0.14. It is certain from Fig. 5.17 that this section contains part of the lean core-

annulus region the dense bed region and their border. It is assumed that the solid fraction of 

the dense bed region (εsd) and lean core-annulus region (εslean) within the section 0.48-3.09 m 

 FIG 5.17: FLOW STRUCTURE AND SOLID FRACTION PROFILE ALONG THE RISER HEIGHT                     

( UO=5.75 m/s, CARBONATOR INVENTORY= 3.88 kg, ΔPriser= 98 mbar ) 
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is 0.2 [47] and 0.027 (same as the average εs value of the region (3.092-6.092 m), respective-

ly. The following mass balance can be written for the axial riser section 0.48-3.092 m: 

  
smss

aa
12

                                                                                                            (5.1) 

The symbol “a” represents the part of the axial region that is covered by the dense region. For 

the typical case of Fig. 5.17 and with the assumptions mentioned above the part of the axial 

region that is covered with the dense bed region is 65 %, since we have “a= 0.65”. This means 

that the border of the dense bed region is at approximately 2.20 m which is much more than 

predicted by the cold model [9]. The existence of the dense bed has a direct influence on the 

CO2 axial profile in the carbonator. By measuring the CO2 concentration in the first 730 mm 

above the riser carbonator distributor, the results indicate that the most of the CO2 capture 

takes place in the axial section 0-730 mm above the distributor. The measurements indicate 

that during all experiments, for both limestones and particle sizes, the CO2 capture efficiency 

taking place in the first 730 mm of the riser is above 80 % of the total CO2 capture efficiency 

as derived at the carbonator exit. A typical axial carbonator profile is shown in Fig. 5.18.  

The densification of the solid flow, after the lean core-annulus region leading to the forma-

tionn of the exit region, as shown in Fig. 5.17, is due to the geometry of the riser exit. The 

meachanism through which the densification is formed is showed in Fig. 5.19, depictining the 

upper part of the riser, the cyclone and the duct connecting them. Solids are move upwards 

from the center of the riser (red arrow). A part of them moves downwards from the sides 

(green arrows) while the rest (purple arrow) exit the riser and proceed to the cyclone through 

the duct. The downcoming solids collide with the upcoming ones and momentum exchange 

takes place, while they are further decelerated through the upcoming gas. Therefore, the 

downcoming particles at some point move to the center and start travelling upwards. Through 

this mechanism the exit region is formed, as a result of this internal solid recirculation pattern. 

In the carbonator riser the formation of the exit region is very evident due to that the riser exit 

is inclined and because it located below the riser top. 
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FIG 5.19: SCHEMATIC OF SOLIDS BEHAVIOR IN THE EXIT REGION OF THE RISER CARBONATOR 

The standpipe of the double exit loop seal (see Fig. 4.1) operates generally in the slugging or 

slip-stick regime. On the contrary, the lower standpipe transferring solids from the regenerator 

to the carbonator operates in mildly bubbling regime. The critical reason that can explain this 

difference is that the upper standpipe has to cope with a higher solid flow and pressure drop 

through it. This is because the only a fraction of the riser entrainment equal to the calcium 

looping rate passes through the lower loop-seal and because the BFB is most of the times 

slightly pressurized (c.a. 30 mbar). 

FIG 5.18: TYPICAL AXIAL CARBONATOR PROFILE ( TCARB= 650 C, FCa/FCO2= 4-24, ηα730mm=  0.05-

0.2 h, ηα= 0.33-0.53 h ) 
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5.2.6.2 Effect of Carbonator Riser Pressure Drop (ΓPriser-carb)   

Increment of carbonator riser pressure drop (ΔPriser-carb) is primarily caused due to higher mass 

availability in the carbonator. However, the increment of carbonator riser pressure drop does 

not result in a uniform change of the pressure drop and solid fraction profle in the carbonator. 

This is illustrated in Fig. 5.20 and Fig. 5.21, where experimental runs, with varying ΔPriser-carb 

and other conditions same, are plotted.  

 

 

 

FIG 5.20: EFFECT OF TSI ON THE RISER PRESSURE DROP PROFILE FOR SWABIAN ALB A LIMES-

TONE ( UO= 5.75 m/s, TCARB= 650 C, CARBONATOR INVENTORY= 3.03, 3.6, 3.88 kg , ΔPriser-carb= 77, 91, 

98 mbar ) 
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The pressure drop readings between the axial section 3.09-12.13 m, as shown in Fig. 5.20, 

remain practilcally unchaged. Therefore, it can be concluded that increasing the ΔPriser-carb and 

hence the mass in the riser carbonator does not significantly affect the lean core-annulus and 

exit regions. However, the increment of ΔPriser-carb causes an increase of the pressure drop 

within the axial section 0-3.09 m of the same amount, as can be seen in Fig 5.20. Therefore, 

the solid fraction profile of this region increases. The mechanism of mass accumuluation in 

the dense bed of the riser carbonator when increasing ΔPriser-carb can be summarized in that the 

height of the dense bed is increased.The effect of ΔPriser-carb increment on the riser pressure 

drop and solid fraction profile are similar to those predicted from the cold model experimenta-

tion [9].  

5.2.6.3 Effect of Carbonator Riser Velocity  

The effect of velocity on the riser pressure profile and solid fraction profile is presented in 

Fig. 5.22 for two runs conducted with the coarse PSD (0.3-0.6 mm) of the Swabian Alb A 

limestone and exhibiting the same carbonator riser pressure drop (ΔPriser-carb) and all other 

operational parameters.  

FIG 5.21: EFFECT OF TSI ON THE SOLID FRACTION PROFILE  FOR SWABIAN ALB A LIMESTONE     

( UO= 5.75 m/s, TCARB= 650 C, CARBONATOR INVENTORY= 3.03, 3.6, 3.88 kg , ΔPriser-carb= 77, 91, 98 

mbar ) 
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As shown in Fig. 5.22 by increasing the velocity for the same ΔPriser-carb, higher pressure drop 

gradients and solid fraction values (εs) are obtained in the lean core-annulus and exit regions. 

The opposite is true for the axial section 0-3.09 mm above the distributor, which is the region 

that incorporates the dense bed. Such a trend has been predicted from the experimental cam-

paigns of the cold model [48]. The increment of the pressure drop- solid fraction at the exit 

region of the bed is a clear indicator that the riser entrainment increases [9]. Due to this beha-

vior, increasing the velocity beyond a maximum value leads to riser malfunction. This value 

has found to be approximately 6.0 m/s for the coarse PSDs of Swabian Alb limestones A & B, 

while it is approximately 4.3 m/s for the fine PSD. Mass accumulates in the upper standpipe 

(above from the quartz standpipe segment) while solid flow from the loop seal to the riser 

stops and the riser becomes leaner. After accumulation to a certain height in the upper stand-

pipe, solids are discharged abruptly back to the riser making the riser dense again. This phe-

nomenon is periodic, but may also lead the facility to trip and breakdown operation, since 

mass may gather up to the cyclone barrel. Standpipe size of larger diameter and loop seal, 

cyclones design with lower pressure drops may be a potential solution to the problem. 

FIG 5.22: EFFECT OF VELOCITY IN THE RISER PRESSURE DROP PROFILE FOR SWABIAN ALB A 

LIMESTONE ( UO= 5.12, 5.98 m/s, CARBONATOR INVENTORY= 3.6 kg, ΔPriser-carb= 92 mbar, PSD= 0.3-

0.6 mm, TCARB= 650 C ) 
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5.2.6.4 Limestone Fluidization Behavior 

In Fig. 5.23 the pressure drop and solid fraction profile are plotted, while the carbonator riser 

superficial velocity, pressure drop and other parameters are constant. 

 

The results show that the two limestones exhibit similar hydrodynamic behavior,   

As far as the fine PSD (0.1-0.3 mm) of the Swabian Alb limestone A is concerned, it was not 

possible to directly compare it with the other two, as operation was impossible for velocities 

above 4.3 m/s, above which solid accumulation in the upper standpipe is obeseved. However, 

the classical flow structure (dense bed, lean core-annulus and exit region) presented in Fig. 

5.20-Fig. 5.23 is evident also for the fine PSD.  

5.2.6.5  Riser Entrainment and Cone Valve Discharge 

Previous work with use of the scaled cold model has showed that there is an exponential 

equation connecting the riser superficial velocity and riser entrainment [9]. However, during 

this experimental campaign, entrainment measurements with use of the upper standpipe 

quartz segment (11 & 12, Fig. 4.1) were difficult. This can be attributed to the fact that circu-

lation rate measurements were carried out under difficult conditions, as riser entrainment was 

too high to measure accurately. However, it can be stated, with relative certainty that the en-

trainment range was between 10-20 kg/m
2
s, which is below what has been expected from the 

FIG 5.23: PRESSURE DROP AND SOLID FRACTION PROFILE ALONG THE RISER FOR DIFFERENT 

PARTICLE SIZES (UO=5.8 m/s, ΔPriser-carb=86 mbar , PSD= 0.3-0.6 mm, TCARB=650°C)   
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cold model. This difference may be a result of the fact that cyclone dimensions and of the 

duct connecting the riser to the cyclone were constructed differently to the cold model.  

Previous studies in the cold model showed that the cone valve discharge is mainly controlled 

by the product of the pressure drop through the valve and the opening of the valve [9]. There-

fore cold model experiments suggested that the cone valve discharge can be controlled 

through closing or opening the cone valve and by increasing or decreasing the absolute pres-

sure of the BFB. In our experimental campaign the flow has been controlled perfectly by va-

rying the cone valve opening from 2-8 mm from the fully closed position in different operat-

ing conditions.  
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6. Conclusions 

Through experimentation with use of the 10 kWth Calcium Looping Dual Fluidized Bed fa-

cility significant progress has been in achieved in the effort to characterize regenerator and 

carbonator operation. Regarding the carbonator high CO2 capture efficiencies (over 85 %) are 

possible, regardless of the limestones and PSD used, at the gas-solid contacting mode pro-

vided by the CFB. Moreover, almost complete calcination is possible in the regenerator. 

The regeneration efficiency (εreg) is characterized through the ratio of the carbonation conver-

sion of the incoming solids (Xcarb) and the residence time in the regenerator (rreg) for a given 

particle size, partial pressure of CO2 (<0.3 bar) and temperature (900 °C). For values of 
reg

carb

r

X

between 2-3 1/h the regenerator works perfectly with efficiencies over 90%. This means that 

an incoming particle with a high value of Xcarb (e.g. 15 %) would need 3-4.5 min for almost 

complete regeneration. At 
reg

carb

r

X
values of 6 1/h the regeneration efficiency falls to as low as 

40 %, while the carbonation conversion of the outgoing particles (Xcalc) reaches an unaccepta-

ble 6 %. 

Both limestones exhibited continuous decay of the maximum carbonation conversion (Xmax) 

with increasing CO2 capture. In the early hours of experimentation (values of cumulative sor-

bent specific CO2 loading, L(t)CO2, around 1), the material is still fresh and the measured val-

ues of Xmax were  approximately 12-18%), while within the last hours (L(t)CO2> 6) the values 

measured were between 6-8%.  

The calcium looping ratio FCa/FCO2 values where significantly higher than the product of 

FCa/FCO2·εreg, especially for the higher values of FCa/FCO2. The latter is explained due to li-

mited residence time in the regenerator. However, it is the FCa/FCO2·εreg that is important for 

carbonator operation, as shown from the carbonator mass balance. Moreover it is the 

FCa/FCO2·εreg that is important for assessing the calcium looping ratio (FCa/FCO2) for large scale 

facilities since those shall be equipped with a regenerator operating with an εreg of above 90 

%. For a constant Xmax and with increasing FCa/FCO2·εreg values the CO2 capture efficiency 

increases due to the reduction of Xcarb, the increment of fa and therefore of the carbonation 

reaction rate and CO2 capture efficiency. The required FCa/FCO2·εreg values in order to reach a 

CO2 capture efficiency higher than 90 % of the equilibrium value depend heavily on the value 

of the maximum carbonation conversion, Xmax. For example, in regard to the Swabian Alb A 

limestone, such an efficiency is achieved with an FCa/FCO2·εreg value of approximately 8 and 
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an Xmax value of above 11 % or with an FCa/FCO2·εreg value of 6 and an Xmax value of above 

13 %, while results are similar for the Swabian Alb limestone B.  

The active space time (ηa) has shown to strongly correlate to the CO2 capture efficiency. In-

crement of the active space time means essentially increment of the carbonator inventory for a 

given CO2 flow or increment of the carbonation reaction rate of a given inventory or both and 

therefore leads to increasing CO2 capture efficiency. The  Swabian Alb limestone B exhibited 

a critical active space time value of 0.15 h, above which the CO2 capture efficiency approach-

es equilibrium values (ECO2/Eeq>90%). The Xmax value seems to play a parametric role in the 

relationship of active space time and CO2 capture efficiency and thus further experimental 

results must be generated in order to define possible modifications to the active space time 

(ηa) value.  

The carbonator residence time (rcarb) is fully defined when the space time (η) and calcium 

looping ratio (FCa/FCO2) values are set, has however an interesting physical meaning. For the 

space time window of operation, an increment of residence time for a given Xmax leads to de-

creasing CO2 capture efficiency (ECO2). This can be explained, since increased residence 

times in the carbonator mean increasing levels of carbonation conversion Xcarb and therefore 

decreasing levels of the free active CaO part of the bed (fa), carbonation reaction rate and CO2 

capture efficiency. In regard to Swabian Alb limestone A limestone ECO2/Eeq values higher 

than 90 % have not been recorded for Xmax values below 9 % and rcarb values higher than 

2.5 min. On the other hand such ECO2/Eeq values, can be achieved with an Xmax of above 15 % 

and a rcarb value of 4.5 min. This is possible since when the Xmax values are high, e.g. 15 %, 

high residence times such as 4.5 min that lead to high carbonation conversion Xcarb values, 

still allow sufficient fa values and carbonation reaction rate to exist. Too high carbonator resi-

dence times ultimately lead to the Xcarb becoming equal to the Xmax and thus to low carbona-

tion reaction rates and CO2 capture efficiencies. 

More than 80 % of the CO2 capture efficiency realized in the carbonator takes place in the 

first 730 mm of the carbonator bed. This can be explained due to that this area is covered 

from the dense bed region and due to the fact the fresh calcined sorbents enter the carbonator 

at 1.2 m above the distributor. Regarding sorbent allocation within the carbonator pressure 

drop and solid fraction profiles were measured. The carbonator exhibits a dense, lean core 

annulus region. The dense bed accommodates 60% of the total mass. The solid fraction values 

of the different regions, their variation with carbonator inventory and velocity and the “C” 

shaped hydrodynamic profiles are in accordance with cold model predictions. In addition the 
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cone valve controlled the calcium looping ratio between the carbonator and the regenerator 

sufficiently, while the riser entrainment was between 15-20 kg/m
2
s which was much lower 

than expected. 
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8. Annex 

                   

Fig. 8.1: Inlet yco , Tcarb, outlet yco  E co /Eeq are                                              Fig. 8.2: Inlet yco , Tcarb, outlet yco  E co /Eeq are 

plotted vs time at η of 0.57 h and Fcao/Fco  of 18.43                                             plotted vs time at η of 0.52 h and Fcao/Fco  of 7.74     

                    
Fig. 8.3: Inlet yco , Tcarb, outlet yco  E co /Eeq are                                              Fig. 8.4: Inlet yco , Tcarb, outlet yco  E co /Eeq are                          

plotted vs time at η of 0.37 h and Fcao/Fco  of 7.86                                                plotted vs time at η of 0.42 h and Fcao/Fco  of 19.44 

 

                    

Fig. 8.5: Inlet yco , Tcarb, outlet yco  E co /Eeq are                                             Fig. 8.6: Inlet yco , Tcarb, outlet yco  E co /Eeq are                                                          

plotted vs time at η of 0.48 h and Fcao/Fco  of 23.95                                             plotted vs time at η of 0.38 h and Fcao/Fco  of 8.63 
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plotted vs time at η of 0.37 h and Fcao/Fco  of 7.86 

Fig. 8.4: Inlet yco , Tcarb, outlet yco  E co /Eeq are 

plotted vs time at η of 0.42 h and Fcao/Fco  of 19.44 

Fig. 8.5: Inlet yco , Tcarb, outlet yco  E co /Eeq are 

plotted vs time at η of 0.48 h and Fcao/Fco  of 23.95 
Fig. 8.6: Inlet yco , Tcarb, outlet yco  E co /Eeq are 

plotted vs time at η of 0.38 h and Fcao/Fco  of 8.63 
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Fig. 8.7: Inlet yco , Tcarb, outlet yco  E co /Eeq are                                                Fig. 8.8: Inlet yco , Tcarb, outlet yco  E co /Eeq are                          

plotted vs time at η of 0.37 h and Fcao/Fco  of 8.41                                                  plotted vs time at η of 0.43 h and Fcao/Fco  of 11.52 

 

                   

Fig. 8.9: Inlet yco , Tcarb, outlet yco  E co /Eeq are                                              Fig. 8.10: Inlet yco , Tcarb, outlet yco  E co /Eeq are                          

plotted vs time at η of 0.33 h and Fcao/Fco  of 3.91                                                plotted vs time at η of 0.37 h and Fcao/Fco  of 6.66 

  

                 

Fig. 8.11: Inlet yco , Tcarb, outlet yco  E co /Eeq are                                          Fig. 8.12: Inlet yco , Tcarb, outlet yco  E co /Eeq are                          

plotted vs time at η of 0.44 h and Fcao/Fco  of 7.00                                              plotted vs time at η of 0.46 h and Fcao/Fco  of 23.00 

 

Fig. 8.7: Inlet yco , Tcarb, outlet yco  E co /Eeq are 

plotted vs time at η of 0.37 h and Fcao/Fco  of 8.41 

Fig. 8.8: Inlet yco , Tcarb, outlet yco  E co /Eeq are 

plotted vs time at η of 0.43 h and Fcao/Fco  of 11.52 

Fig. 8.9: Inlet yco , Tcarb, outlet yco  E co /Eeq are 

plotted vs time at η of 0.33 h and Fcao/Fco  of 3.91 

Fig. 8.10: Inlet yco , Tcarb, outlet yco  E co /Eeq are 

plotted vs time at η of 0.37 h and Fcao/Fco  of 6.66 

Fig. 8.11: Inlet yco , Tcarb, outlet yco  E co /Eeq are 

plotted vs time at η of 0.44 h and Fcao/Fco  of 7.00 

Fig. 8.12: Inlet yco , Tcarb, outlet yco  E co /Eeq are 

plotted vs time at η of 0.46 h and Fcao/Fco  of 23.00 
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Fig. 8.13: Inlet yco , Tcarb, outlet yco  E co /Eeq are                                           Fig. 8.14: Inlet yco , Tcarb, outlet yco  E co /Eeq are                          

plotted vs time at η of 0.52 h and Fcao/Fco  of 8.00                                               plotted vs time at η of 0.48 h and Fcao/Fco  of 8.6 

 

                 
Fig.8.15: Inlet yco , Tcarb, outlet yco  E co /Eeq are                                    Fig. 8.16: Pressure drop profile along the riser, dp= 92mbar                        
plotted vs time at η of 0.43 h and Fcao/Fco  of 7.80                                                                          

 

 

                

Fig. 8.17: Pressure drop profile along the riser,  dp= 62mbar                     Fig. 8.18: Pressure drop profile along the riser,  dp=56mbar     

 

 

 

Fig. 8.13: Inlet yco , Tcarb, outlet yco  E co /Eeq are 

plotted vs time at η of 0.52 h and Fcao/Fco  of 8.00 

Fig. 8.14: Inlet yco , Tcarb, outlet yco  E co /Eeq are 

plotted vs time at η of 0.48 h and Fcao/Fco  of 8.60 

Fig. 8.15: Inlet yco , Tcarb, outlet yco  E co /Eeq are 

plotted vs time at η of 0.43 h and Fcao/Fco  of 7.80 
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Fig. 8.19: Pressure drop profile  along the riser,  dp= 86mbar                  Fig. 8.20: Pressure drop profile along the riser,  dp= 75mbar   

                               

                    

Fig. 8.21: Effect of velocity in the riser pressure drop profile                                         Fig. 8.22: Effect of velocity in the riser pressure 

drop profile                                          

(u=5.13m/s, u=5.88m/s), dp=82mbar                                                                                 (u=4.1m/s, u=4.29m/s), dp=57mbar 

 

 

 

 

 

 
Fig. 8.23: Effect of velocity in the riser pressure drop profile                                                                             

(u=4.1m/s, u=4.29m/s), dp=75mbar                                                                                         

 

 

Fig. 8.21: Effect of velocity in the riser pressure drop profile 

drop profile (u=5.13m/s, u=5.88m/s), dp=82mbar                                                                                                                      
Fig. 8.22: Effect of velocity in the riser pressure drop profile 

drop profile (u=4.10m/s, u=4.29m/s), dp=57mbar                                                                                                                      

Fig. 8.22: Effect of velocity in the riser pressure drop profile 

drop profile (u=4.10m/s, u=4.29m/s), dp=75mbar                                                                                                                      


