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Evyopiotieg

H mapovoa dwatpipn exnoviOnke oto Epyoaotipio Atpoxvntipov kot Agfritov tov Tunpatog
Mnyavordyov Mnyavikeov tov EMII ota miaicia tng epeuvnTikig Hov evacyoinong and tov Anpilio
tov 2010 £w¢ Tov lovAio Tov 2015.

[pata amd 6Aa Bo bera va evyapiomiom Tov kabnynt Ap. Eppavounii Kakapd yio v avabeon
™G ev AOY® SatpiPng, T SuvaTOTNTO TOL HOL £3MGE VO GLVEPYUCTM LE EPELVNTIKEG OULAOES TOV Kol
AOUTPODG EMIOTAUOVEG KOl UNYOVIKODS TOL ECMTEPIKOV Kol TOL €EMTEPIKOD, OTA TAGICL TNG
EPEVVNTIKNG LOL dPOGTNPLOTNTAG KOl TI GLUVEYT VITOGTHPIEN Kol EUTIGTOCVVT IOV £0E1EE GTO TPOCWOTO
LoV OAQ AVTA TO XPOVICL.

Hopddinio, opeilm Eva TOAD peydio evyaptot®d oto Ap. Kupidko [Mavoémovio yia Ty adidAeimtn
KOl OUGLOGTIKY ETIGTNUOVIKY KoBodnyNnon tov oe OAN T didpKela g exndvnong g dwTping. Me
Bononoe pe tov koAVTEPO TPOTO TOGO oTNV guPdbuven pov oty Emotiun g povteAomoinong
(QUOIKOYNUKOV SlEPYUCIDY 000 KOl TNV AVOTTLEN KPITIKNG okEYNG YOP® OO TO OVTIKEIUEVO TNG
EMOTAUNG TOV dlepyacidv. H cuvelcpopd Tov NTav KOTAAVTIKY E01KA GE GTIYUES TTOL TO «EV o
TOPOKATO» Qoivovtay akatopdmTo.

210V¢ suvadéApovg Xproto Xpiotodovrov kot Epnytdvva Kovtoovura tov Eexvioape pali v
TEPIMETELD, TOV AEYETOL H1OAKTOPIKT StoTpiPn Kol pésa amd avti) TV cuvodomopia Tpoékvye pa fabid
QIAl0 TOVG OQEIA® Vo UEYGAO EVYOPIOTA Y10 TV GLVEIGPOPE TOVG GE OTOLN GTIYUN YPEIUCTNKO TN
BonBeld tovg. Ot otiypéc mov popactikope poli oto vroyewo tov ktnpiov O g XyoAng TV
Mnyavoroywv Mnyavikedv 0o pov peivovv aléyaoteg.

Yg OhO TO €MOTNUOVIKO, SLOIKNTIKO KOl TEYVIKO TMPOCMOMIKO TOL TOL TOPUPTHUATOS TOV
EKETA/IAEII otnv ABnva opeilo éva peydlo guyopiotd, mov pe forncav pe kébe dvvatd tpomo
kol oe k@PBe SvokoAia. Idwaitepa, otovg epevvntég Ap. IMavoayiwm poppuéin kor Ap. Niko
Nwordmovro kabdg kot 610 Ap. Apioteidn NikoAdmovAo aicBidvopal vToyPeog Yo TNV TOAVTAELPT
oLuPoAn Tovg Kot TNV e&atpeTikn €mg Tdpa cuvepyasio pag. [TapdAinio aicbdavopon vToypeog 6To
npocnikd Tov Epyactnpiov Atponapayoyodv kot Agftov kot 1d10itepa, TOV avamAnpmT kadnynt
K. Zotpro Kopéiia kabog kot toug Ap. Ayyeho AovkéAn kot Ap. Avtavn Kovpovdico yio v ayaot
ocvvepyasio kot ToADTIUN PonOeld Tovg, Kupimwg TNV apyn TS EKTOVNONG TS SLTPIPNC.

Enmiong, Bo nMBesha va evyopiomiom Oeppd tovg SMAGUOTIKOVS @OTNTEG XPLoTOPOPO
Toaxoroyidvvn, Kooto Mapaipdakn, MidAin Kovyrovutln kot Evayyelio IMamadnpov yio v dyoyn
oULVEPYNGTO TTOV ElyOUE KATE TN SLAPKELN TNG EKTOVIONG TOV SITAMUATIKOV TOVG EPYACLAOV.

‘Eva evyapiotd 0éAm eniong va angvbBive oto Evyevideto Tdpopa yia tnv xop1ynon vrotpoeiog
KT T O1GPKELD TOV JEVTEPOL £TOVE TNG dATPIPNG HOL.

[dwiitepec evyapiotieg otn @eikn pov AOnva I'évrika yio tnv @IAOAOYIKN empéLelD Kot d1OpOBmaon
TOV EAANVIKOD KEWWEVOL TNG SLTPIPNC.

Té\og, amd TI¢ evyaploTieg dev B umopohoav va AEITOVV 1) O1IKOYEVELR LOV KoL 01 PIAOL LOV TTOV LE

ompiEav owovoukd kot Nod yio vo pTacm HEXPL TEAOVG GE AVTO TO SUGKOATN oL GLVAO OLOPOT|
npocTadeLa.

Atceoviog Kovotavtivog

AbMva, OxtoPprog 2015
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Xoppwva pe amogoon g ['evikng Zovédevong g Xyoing Mnyavoldywv Mnyavikdv tov EMIIT
ot1g (28/09/2015) n moapodoo Awtpipn yivetow amodexty otnv AyyAikn yAdooa. Eyxel emmAiéov
npootedel EAANVIKN TtepiAnym ue €ktaor ion mepimov pe tov éva Tpito NG EKTUCNG TOL OyYALKOV
KELWLEVOUL.
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H éyxpion e Adoktopikny Awotpiic amd ) Zyody Mnyavorldymv Mnyavikdv tov EOvikod
Metoofov IToAvteyveiov dev vTOdNAGDVEL amodoyn TV YVOU®V T0V cvyypoaeéo (N. 5343/ 1932,
ApbBpo 202).
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Summary

Scope of this Thesis is the design, the process integration and the simulation of various advanced
energy systems, the common feature of which is the absence or the minimization of GHG emissions.
The main issues that are attempted to be addressed in this Thesis are related to the terms and frames of
proper and feasible operation of innovative energy systems. Through the process modeling (Aspen
Plus™), numerous valuable conclusions are extracted related to the design and operation of the total
systems and each of the sub-process that compose them. Moreover, the basic economic indexes that
determine their economic feasibility of the under investigation concepts are estimated by means of the
techno-economic analysis on them.

In the first chapter, the methodology followed for the selection of the energy systems that are
investigated in this Thesis is explained. In first, a brief discussion is made concerning the prediction of
the worldwide energy consumption and CO- emissions derived from the fossil fuel combustion. At a
second level, the predominant strategic options for the drastic reduction of the anthropogenic GHG
emissions are defined and presented: a) Carbon Capture and Storage (CCS), b) Carbon Capture and
Utilization (CCU) and c) Biomass exploitation for advanced fuels and chemicals production. As far as
the CCS is concerned, the analysis is distinguished by the fuel type (natural gas or coal) whereas
regarding to the CCU, more attention is paid on the CO, conversion into alcohols (methanol and
ethanol) through catalytic hydrogenation. Concerning the biomass utilization route, the investigation
was focused on the biomass conversion into value added fuels and chemicals such higher alcohols and
aviation biofuels.

The aim of the second chapter is to present a natural gas (NG) fired power plant where Pd
membranes are employed for the CO, capture leading to a near zero GHG emissions energy system.
According to this concept, natural gas is transformed into a H-rich fuel through the consecutive
processes of autothermal reforming and water gas shift reaction. Pure hydrogen is recovered through
Pd membranes and is led to be combusted in GT. The methodology that is adopted for the selection of
the best design of the process in terms of system optimization is presented in detail for each section/unit.
Next, a sensitivity analysis of several operating parameters is performed in order to determine the key
parameters that maximize the plant efficiency and minimize the total required membrane area.
Simulation results showed that the Pd membranes employed with NGCC with 90% CO; capture
efficiency can reach a net efficiency equal to 50.82%, revealing it as the most efficient option for CO;
capture in a NG fired system, as far as the net efficiency is concerned. From the economic analysis it is
concluded that the investment cost, which is strongly influenced by the membrane area requirement,
plays the most important role on the total plant cost. From this evaluation it is shown that the case with
the optimum (i.e. minimum) membrane area can achieve a CO; avoidance cost 7.4% lower than the
MDEA base case.

In the third chapter, the most important post combustion carbon capture technologies i.e. the amines
scrubbing, and the Calcium looping, are investigated in order to compare their efficient application in
large scale fossil fired power plants in comparison with oxyfuel combustion. The post combustion
capture techniques differently affect the power plant: the amine system consumes steam for stripping
(reboiler), whilst calcium sorbents regeneration process consumes fuel. On the other hand, oxyfuel
technology has to suffer the power consumption penalties for the oxygen production from an Air
Separation Unit. The comparative tool used is the exergetic analysis of the most significant processes
employed in these schemes techniques. The carbonation/calcination process is the most energetically
and exergetically efficient with the lowest exergy penalty (-9.0%, whereas in the amine and oxyfuel
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case is -10.0% and -9.5% respectively), even though a considerable amount of exergy (22.3% of total
exergy in fuel) is lost in the CaL unit. In the MEA case, 7.7% of the exergy input was calculated that is
lost in the capture unit and 1.0% during CO, compression. In the oxy-combustion case, the ASU is the
main unit where most of the exergy losses for CO; capture are observed (5.1% of the total exergy input
in the system).

In the fourth chapter, various design and operating aspects are investigated for the valorization of
industrially captured CO; towards methanol production and the circumstances under of which this
concept can be economically viable. Cost breakdown in various Power-to-Fuel concepts confirm that
hydrogen cost is the most crucial factor. Several power delivery options for hydrogen production
through electrolysis are compared for their economics. The use of cheap electricity in conjunction with
adequate time coverage throughout the annum is of high importance for lowering the overall H;
production costs. Also, a Power-to-Fuel system integrated with a coal fired power plant can be an
interesting option for excess power transformation when the electricity sell is not profitable. The
economic analysis on the H production scheme revealed that each of the three main parameters for the
determination of the H, cost (electrolyzer capital cost, electricity cost and storage cost) can play the key
role in the feasibility of the plant depending on the concept each time. A considerable effort is needed
in order the CO; derived fuels to reach a competitive level in the global market.

The fifth chapter is dedicated to the investigation of various design aspects for the valorization of
industrially captured CO- towards methanol and/or ethanol. In the framework of the CO, conversion
unit, two novel concepts are examined aiming to the improvement of the process performance, one for
methanol and another for ethanol production. For the methanol case (CO2+3H;—CH3OH+H;0), a new
scheme of employing a membrane reactor with high selectivity either in methanol permeation
(organophilic) or in water permeation (hydrophilic) is explored via process simulation. The methanol
extraction has a beneficial effect on the methanol yield and requires a more compact sized reactor. In
ethanol case (2CO,+6H,—C;HsOH+3H:0), a new process configuration through the intermediate
DME (di-methyl ether) synthesis is presented and compared to the conventional method based on CO,
conversion to CO in a reverse water gas shift (rWGS) reactor followed by the mixed alcohol synthesis
reactor. The novel synthesis route via DME has a higher efficiency (total energy efficiency: 70.3% on
LHYV basis whereas the corresponding efficiency of the conventional scheme is 63.2%) because of lower
heat and power demands for its effective operation. From the economic analysis, it is shown that the
novel ethanol plant results to lower ethanol production cost than the conventional one through the rwGS
by 18% but the high cost for H, production through water electrolysis keeps it far for competitive levels.

In the framework of the biomass utilization, the sixth chapter is related with the synthesis of Higher
Alcohols (i.e. ethanol, plus C3-C4) from biomass gasification. These compounds could be used directly
as fuel or fuel additives or as important intermediates for the chemical industry. A comparison is
performed between the different process configurations. All steps and important unit operations are
modeled and presented with the aim to correctly evaluate the peripheral energy requirements and
conclude with the overall thermodynamic limitations of the processes. The differentiation between
black liguor and solid biomass gasification, the type of catalyst employed, and the effect of the recycling
scheme adopted for the reutilization of unconverted syngas are evaluated. The design has to cope with
the limited yields and poor selectivity of catalysts developed so far. The gas cleaning is different
depending on the different requirements of the catalysts as far as H,S purity. The process simulation
results reveal that the CO hydrogenation to higher alcohols is favoured by high pressure, temperature
around 325 °C and high reactor residence times. A biorefinery using modified Fisher — Tropsch (FT)
catalysts (MoS;) prevail over modified MeOH catalyst (Cu-Zn based) for HA production. The
efficiency of HA production in HHV terms can reach up to 25%.
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In the seventh chapter, the conceptual process design for the production of branched paraffins with
high carbon number is presented, based on the upgrading of alcohols synthesized from biomass-derived
syngas and the economic evaluation and comparison with the Fischer-Tropsch (FT) process and
biochemical pathways. Two routes, one based on n-butanol and another on isobutanol upgrading, are
described and modeled. The flow sheeting results reveal high performance for both process
configurations, resulting in an aviation fuel yield 0.172kg/kgseedstock and a thermal efficiency of 40.5%
in the case of employing a modified Methanol catalyst for the mixed alcohols synthesis (MAS). Such
alternative pathways offer higher efficiencies compared to FT synthesis because specific products such
as C12+ branched paraffins for jet fuel applications are achieved with higher selectivity in the conversion
processes. The water balance at the whole process reveals that the annual demands for fresh water from
a 190MW, biorefinery plant are 641000m?, emerging the water management as an important issue with
considerable environmental impacts. Simulations of the overall process show a rather high biomass
carbon to product utilization ratio (up to 30%) leading to relative low CO, emissions. The economic
evaluation reveals that the minimum jet fuel selling price in a FT plant (1.24 €/1 jet fuel) is lower than
the corresponding price in @ MAS plant (1.49 €/1 and 1.28 €/1 for cases with different catalysts). The
biochemical route based on Acetone-Butanol-Ethanol fermentation is considered as the most
economically desirable option (0.82 €/1). Moreover, the option of selling organic compounds, which are
produced intermediately (i.e. light and heavy olefins, C4 alcohol isomers) via the alcohols’ upgrading
processes was proved promising enough for the feasibility of such biorefineries plants.
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Xovoyn

O okomdg avtrg TG dTpPng etvar n avartuén kot 1 PeEATIOTONOINON TPONYUEVOV EVEPYELUKDV
GULGTIUATOV TOL £(0VV G KOWO YOPUKTNPIOTIKO TIG EANYIOTOTOMUEVES —OV OYL UNOEVIKEG- EKTOUTEC
do&ediov Tov avBpaxa (CO2). Ta Pactkd (ntpoto wov TibevTot Tpog depedlvnom apPopovV TO TAAIGLO
KOl TIC GUVONKEC Ylo. TNV CMOTI KOl OTOJ0TIKN AELTOLPYIQ VE®V EVEPYEINKDYV GUGTNUATOV TTOL OEV
éxovv ¢ Tdpa perenBel. IToAAd Kot xpiolLe GUUTEPACLOTE TPOKVTTOVY OO TNV HOVIEAOTOINON
aTtdv TV cvotudtov ce Aspen Plus™ kabdg kot amnd v owkovopoteyviky avéivon. Avtd
oyetiCovtor pe to oyedououd, T Asttovpyic Oyl UOVO TOV GUGTNUATOV GUVOAIKG OAAG KOl T®V
EMUEPOVS SLEPYUCIDV TTOL TA AMOTEAOVV KO LE TNV OKOVOUIKY] Plooctdtnta outdv.

210 TPAOTO KEPAALO e&NyEiTal TO TANIG10 KOl 01 OEUOTIKEG TEPLOYEG TOV EVTAGGOVTOL TO EVEPYELUKA
GUGTHLLOTO TTOV UEAETMVTOL OTIV €V AOY® SLoTpi1]. Apyikd YIVETOL Lol GUVTOUN TOPOVGINGT] GYETIKA
LE TIC EVEPYELNKES KOATAVOAMOELS maykooping kot Tig ekmopnés COz mov mpoépyoviol omd Tnv
EKUETAAAEVGT OPVKTAOV KOVGIH®Y. e de0TEPO EMiMEOO TaPATIOEVTOL O1 KUPIOPYEG CTPOTNYIKES YOl TN
dpaotikn pelwon Tov ekmoundv avtdv: o) Aéopevon COz kot aroBnkevon, B) Aéopevon CO. kot
enova&lonoinon kot v) aglomoinon Popdlog yio TNy mopoy®yn TPONYUEVEOY KOVGIL®Y KOl DAIK®OV.
YHETIKG PE TNV TPDOTN EMAOYN, N ovdAvon yivetal yuo Ogppikovg oTafpode PE OOPOPETIKO TUTO
Kavoipov (Puokd 0éplo 1 oTePEdS AVOPAKOC), EVD GYETIKO UE TN Oe0TEPN EMAOYN TEPLGGOTEPN
éupaon divetar otn petatponn tov CO; oe adkodreg (LebBovorn kot cBovodn) HECH KOTOAVTIKNG
vopoyovmons. Ocov apopd v mepintwon tng a&omoinon g Propdlog ot emkevipmbnke ot
UETATPOTN OUTNG GE AVATEPNC TOLOTNTOAG KOAVGLLOL KOl XNUKEG EVOGELS, OTMG OVATEPEG AAKOOAEG KO
0.EPOTOPIKA PLOKOVGIUAL.

O oxomdg Tov HeVTEPOL KEPaAaiov gival 1) dlepedvnon TG EPAPLOYNG TNG TEXVOAOYiNG LepPBpovdv
naidadiov (Pd) ywa ) déopevon CO;2 amd cuvdvacuévo kKHkAo PLoKoD aepiov o€ pia Asttovpyio pe
elaylotomompéveg ekmounés aepiov Tov Beppoknmiov. Xopemva pe v vrd e&étaon diepyooia, 1O
QUOIKO 0EPL0  LETATPEMETAL GE £€VO 0€PL0 KOVUGIHO TAOVUGLO GE VOPOYOVO HECH  SLadOYIKMV
Oepproynukav depyocidv. To vépoyovo avtd duywpiletor amd 1o CO; oTic pepPpdvec Kot odnyeitan
TPOG KOOOT OTOV 0EPLOOTPOPho. Metald twv o1dYv eivar 0 TPocdoplouds Tov PEATIoTOV
OYEOL0G OV KOl 0 KOOOPIGUOS TOV TOPAUETPOV AELTOVPYING Y0, LEYIOTN ATOO0GT), GE GUVOLOCUO UE
YOUNAO K66TOC NAekTpomapaymync. Ta amoteléouata TV TPOcOPOIMGEDY E0e1EaV OTL 1) d1dTasn ToL
npotetveron pmopel va gtéoet to 50.82% xabapr amddoon pe Tovtdypovn anddoon déopevong CO2
ion ue 90%, xobiotmdvtog TV Vo e€TOOT TEYVOLOYIOL MG TNV O ATOSOTIKY ETAOYN Y10 SEGUEVOT)
CO2 and evepyelokd CLGTAHOTO PUGLKOD 0EPiOL. ATO TNV OIKOVOUIKT OVOAVLGYN TPOKLATEL OTL TO
KOGTOC TV UeUPpavdv, Tov eEapTaTal KOTA TOAD 0md TV EMPAVELL TOVS, Tailel oNUAVTIKO pOAO GTNV
OAN eméEVOVOT]. TTNV OKOVOUIKA PBEATIOT TiepinTmon, 10 kOoTog amopuyng CO:2 pmopel duvnTikd va,
yiver 7.4% pkpdtepo and avtd g nepintwong apvaov pe MDEA.

Y10 1Tpito KePAAMO eEetdlovTal Ol O SNUOVTIKEG TeYVoAoYieg déapevong CO2 dniadn ékmivon
pe apiveg, KOKAog acPeotiov Kot Kavon pe kabapd o&uyovo, vd TO TPIGHO TNG ATOSOTIKOTNTAG TOVG
Kot T dvvatdTa BEATIOONG TOVE KOTA TNV EQAPUOYT TOVG o€ ABavOpakikd Oepuoniektpikd oToduo.
Ot petd kodong 6EGUEVONG TEYVOAOYIES EMIOPOVV JPOPETIKA GTN AELTOVPYIC TOV GTAOUOD: Ot apiveg
KOTOVOADVOLV OTLUO Y10, TNV OVOYEVVIOT] TOV SLOADTH, EVO Y10 TNV OVAYEVVIOT] TOV GTEPEDY 0CPEGTION
KOTOVOADVETOL KOO0, ATTO TNV GAAN UePLd, 1 Teyxvoroyia kabapold 0&uyovou €xel va KAVEL e DYNAES
KOTOVOADGEL 0TI HOVASO d@PIGUOD TOV a€Pa Yo TNV Topaymyn Tov kabapod o&uyovov. Qg
EPYOAEID GUYKPLONG OVTMV TOV TEXVOLOYIOV EMAEXONKE M e€epyslakn avaAlvon. Ty TEPINT®ON TV
apwvav (MEA), 7.7% g cuVOAKNG €EEPYELOC TOV EIGEPYETOL GTO GTAOUO KOTUGTPEPETAL GTT LOVAdQ
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déopevong kat 1.0% xatd t cvumieon tov do&ewiov tov dvBpoka. Av Kot évo onuoviikd mTocd
e&epyerog (22.3% tng cLVOAIKNG GTO KAOGIUO) YAVETAL GT LOVAdE, KOKAOL TOV acPectiov, 1 eV AOY®
depyooia givol 1 mo amodoTiky] TOG0 amd eVEPYELOKNG OGO Kol eEEPYELOKNG TAELPAS LE TN KPITEPN
nown e&épyetag (-9.0%). Zmv mepintoon g kabapng kavong e o&uyovo, 1 Topaymyn oEuyovov ot
povada Stoywplopod Tov agpo givor M diepyacio pe TIC meplocotepeg eepyelakec ommAeteg (647.8
kJ/ kgcoz).

O okomdg TOV TETAPTOL KEPUANIOL €ival 1 dlepehvnor SLPOP®Y GTOLYEIMV KOl TOPAUETPOV Y10l
mv enavadlomoinon tov decpevopevov CO; mpog mapaywyn peBavoing oe peyding kApoKog
epappoyéc. Ta otoyeio avtd oyetilovtat pe TV TNYN TOPAyOYNG EVEPYELNS TOV amoLTeiTaL KuPimG Yo
TNV TOPAy®YN VOPOYOVoL, TNV TEXVOAOYia décuevong d10&eidion Tov GvBpaka Kot Tn dtayeipion
(neTopopd kar amobfKevon) TV aéptov avidpaviav (Hz kot COz). H avdivorn kdotovg og d1dpopeg
TEPMTMOGELG CLGTNUATOV TOPAYWOYNG KOVGIU®V amd eVEPYELD EXPEPALDVOLY OTL TO KOGTOG LOPOYOVOL
glvar o o kpioog mapdyovtag. AlQopes ETAOYEG Y10 TN UETOPOPA NAEKTPIKNG EVEPYELNG Yl TNV
TOPOYOYT] TOL VIPOYOVOL LEAETMVTAL KO GUYKPIVOVTOL OGOV QpOPE TNV OIKOVOLLIKT TOVG Ploctudtnra.
H yprion ¢mvng nAeKTpIkng eVEPYELNG GE GUVOLOCUO UE TO LEYAAO GUVTEAEGTI| YPNOLOTOINGNG Elvarl
amopaitnTa yioo TV HEIOT TOv KOGTOLG TAPAY®YNG TOL VOPoYOvov. Emiong, n ovvoeon tétoimv
cvotnuatov pe MOavOpokikd otabud mapaymyng evépyelag eivar o evolopEépovcsa W0€d ylo. TNV
EKUETAAAEVGN TG TEPIGOEING NAEKTPIKNG EVEPYELOG OTAV 1] TOANGN NG oTO dikTLO dev KabioToTon
ocvppépovoa. Kabe pia and tig mapopétpoug yio tov kafopiopd Tov KOGTOLG Tov VOPoyOvoL (KOGTOG
KEQPAAAIOV TOL NAEKTPOADTY], KOGTOG NAEKTPIGLOD KOl KOGTOG 0o KeEVOTG TOV VOPOYOHVOL) UTOPEL VoL
naigel kabopiotikd poro ot Prwoipdtnta Kabe oxediov avordywg to oyédio kdbe popd. Iavimg,
peydAn mpoondBeia Bo mpémel va katafAndel étor dOTE TA KOVGUM TOV TPOEPYOVTOL OO TNV
enavagionoinomn tov CO2 va TAcoVV £VOL AVTAYOVIGTIKO ETITESO TNV 0yopd.

To méunto kepdAolo aeopd TNV Olepedvnon OlPOPOV CTOEIDMY GYESGUOL Yot TNV
0TOJ0TIKOTEPT METATPOTN TOV d10&Ediov Tov AvOpaka oe vVYMANG adiog Kovoio. Avo KOVOTOUEG
depyooieg mapovoialovtat yia tn Peltioon g mapaywyng oAKooAdv, Eva yio pebavorn kot Eva yuo
atbovoln. v mepintwon g pebovoing (CO.+3H; — CH3;OH+H,0) napovoialetat éva véo oynuoa
Bociopuévo 6g KOTAADTIKOVG OVTIOPAGTAPES e LEUPPaVES e VYNAT dtomepatdTnTa €ite amd uebavoin
(opyavopirec) 1 and vepd (VOpoOPIRec). H amopdkpuvon pebavoing ommv mpmdTn mepintwon E£xet
EVEPYETIKT EMOPUCT GTNV TOPOYDYIKOTNTA NG MEOOVOANG, LEIDVOVTAG TOV OTOITOVUEVO OYKO TOL
avtidpaotipa. Xy devtepn mepintwon (2C0,+6H; — CHsOH+3H20), mapovctdleton yio mpmn
Qopad po véa ddtaln o TV Topaymyn g abavoing pécm evdidpeong mopaywyns DME.
SVYKPIVOUEVO WE TOV GUUPATIKO TPOTO TOPAY®YNG HECH TNG AVTIOTPOPNS AVTIOPUCTC LETOTOTIONG
(CO2tH2; —» CO+H20 — C;HsOH) mpoxbdmtel 6Tt 10 TPOoTEWVOUEVO GYNHO £XEL VYNAOTEPT OtOS00T
AMOY® TOV YoUNAOTEP®V Deplik®V Kol evepyElokaVY amatthoemy. H otkovopukn avilvorn odnyel oto
oLUTEPAGHN OTL TO KOGTOC TOPAYMYNG OTO TPMTOTLTO GYNU lvar yaumAdtepo katd 18% amd avtd
nov PocileTar oTNV avticTpoEn avTidpacn LETATOTIONG.

Y10 MAaicto tng diepevvnong tpomev alomoinong g Propdlac, To £kto KePAAMIO oyeTileTOn [E
Vv oOvheon avotepwV oAkooAdv (cfavodn, TPomavoAn KTA) HEC® OepUoynUiK®V OlEPYUcLDV
(cepromoinom Propdlog). AvTég o1 EVOGEIS LTopovV Vo yproiponotnfovy gite amevbeiog og kavoio 1
pocheTikd Kawoipwy N cav Pdon v v ocvvleon GAlov ynuikedv ovoldv. ITapovoidlovtor kot
GLYKPIVOVTOL dLO JLAPOPETIKES SLaTAEELG dlepyacidV, Kabmg Kot KABE VTOGVGTNIA Kot SlEPYasia oV
TIg ovvBétovv. H povtehomoinon ovtdv €xel okomd va mpocdloplotodv OAec ol Oepuikéc ko
EVEPYELOKES OMOATNOELG EVOG TETO0V GUGTHLATOS, KaBmG Ko va Kabopiotovv ta 6pla wov tibevtal amnd
Bepurodvvapkng mhevpds otn Aettovpyia kabe depyaciag. E&etaleton m emidpacn tov tHmOL NG
TPMOTNG VANG Propdloc mov ¥pnoUonolEiTOL 6TO GYXESOOUO KOl TN AELTOVPYio OAOV TOV GLGTAKATOC,
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KaBMG KOl 1 OVOKLKAOQOPIO. KOl ETOVOYPNOILOTOINoN T®V agpiv Tov Ogv aviédpocay GToV
avtdpactipo ouvieons. Ot younAég emOO0ELS TOV GUYYPOVOV KOTOAVTOV TETOOVL TOOV (YoUNAn
petatpont] CO kot pukpy EMAEKTIKOTNTO GE OVATEPEG CAKOOAES) OPOVV GOV AVOCTTOATIKOS TOPAYOVTOG
ot Aettovpyia Tov oTafpol kot avtd AapPdvetar vrdyn 6to oyedcud kol 6Tov Kaboplioud TV
mopopéTpov Asttovpyiog. To aéplo ohvOeomng Kot To. aéPLo TOL TPETEL VO ATOUAKPLVOOHV Ao ovTo
(xvpimg micoeg, copatidia, HaS kot CO2) kabopiletar and Tov TOTO TG TPAOTNG VANG KOl QVTO LE TN
oelpd Tov kabopilel To ovonue kKobopiopod mov Ba emideybel. O mpocopodoelg £de&ay OTL N
VOPOYOVMGT TOL HovoLeldiov Tov dvBpaka gvvoeital 6 VYNAN Tigon, Beppokpacio yop® otovg 325
°C kot € PEYAAOVS XPOVOVG TAPAUOVIG GTOV AVTIOPAGTIPO. AVTO EMITPEMEL TN HEIDON TNG TAPOYS
TOV OVOKVKAOQOPOOVI®MV OEPI®V, YEYOVOG TOL 0ONYEL GTN ONUAVTIKN UEIDOT TOV EVEPYELNK®DV
KOTOVOADGEDV TOGO Y10 TN GLUTIEST AVTOV OGO Kol Yyl Tn Agltovpyic tov avapopeotipa. To
Brodwliotnpro mov ypnoponolel tporomouévo katodvtn Fischer-Tropsch vrepéyet Evavtt owtod pe
TPOTOTONUEVO KATOADTY Yo, 60VOeoT peBavOAng 6TV Topaymyn avatepmv oikoolmv. H anddoon
TNV TOPUYDYT CLTAOV TOV EVOCEMV o€ facn Avdtepng Oeppoyovov Ikavotntag propel va ptdoet £mg
70 25%.

Téhog, ot0 £Bdop0 KEPAANL0, TOPOVGLALOVTAL VO TPMTOTLTTOL TPOTOL TAPAYWDYNG OLUKAUIICUEVMY
TAPAPVOV Paciopévol 6Ty avaPadpion aAKooA®DY, ToV TPOEPYOVTOL OO TO EVEPYELONKO GUGTN L TOV
TOPOVGIAGTNKE GTO TPONYOVUEVO KEPGAalo. H avaAivon meptlaufavel tnyv owkovopikn a&loAdynomn kot
oOYKpIoN oVTOV TOV Ogpuoynuikdv ocvotnpateov pe aviioyo ocvotiuato Fischer-Tropsch M
BrodwAtotipla mov Paciloviar oe Proynpukég depyaociec. O évag tpdmog mapaywyng Paciletor otnv
avafaduon N-Boutavorng eved o dAlog otnv toofovtovorng. Ta aroteléopata TV TPOGOUOIDGEDY
é0e1&av VYNAEG emMBOCELS Kol 6TAL SVO GLGTNHIATA, VITOAOYILOVTAG TOPaY®YIKOTNTA KAVGiLoV TCET £mG
ko 0.172kg/KGteedstock Kot 40.5% Oeppuixd Babud amdédoong oty nepintmon mov epoapproletal n devTepn
Bepuoynukn dwdpoun mapaywyns. To 1oolbyro vepol og 6A0 to ProdwAictipro duvapukotntag 190
MW é8e1Ee eTho1eg avaryKkec ppéckov vdatoc 641000 M, avadeikviovtag T dtoeipion Tov vepod mg
éva peifov mepiparioviikd {nua yo térola Tponyuéva cvotnuato. H a&tomoinon tov dvBpaka mwov
gunepleyetan otny apykt| Propdla etvon oxetikd vynin (30%), odnyodvrog oe xapniés ekmopnes CO.
Amd v owovouikn a&lohdynon mpodkuye OTL M Aot T TOANGNG kavcipov tlet o éva
ovotnua Fischer-Tropsch (1.24 €/l jet fuel) sivar elappdg yopmAotepn omd To. TPOTEWVOUEVO.
Oepuoynukd cvomuata (1.49 €/1 xoar 1.28 €/ yio T1¢ dVO TEPTTMOEIS PE TOVG SLOUPOPETIKODG
KaTOAVTEG), OAMG TO chomuo mov Paciletal otn Proynuikny depyacio tng (dpmong AkeToOVNg-
Bovtavoing-Abovoing eivar n owkovopkd o embount emthoyn (0.82 €/1). EmmAéov, n nepintwon
TOV VO TOAOVVTOL Ol OPYAVIKEG EVACELS TTOL TAPAYOVTOL EVOIAUEGO GTN GUVOAIKT dlepyacia (EAappég
kot Papeig orepiveg kot oopepny C4 0AKOOA®DV) OTOJEIKVOETAL ®G TOAAG VLTOGYOUEVN Yo TN
Blociwomta tétoiwv otabudv aélonoinong Popdlog.

XXV



XXVi



Preface

My name is Konstantinos Atsonios and | studied Mechanical Engineering in the National Technical
University of Athens (NTUA) during the period 2004-2010. Currently, I am a PhD candidate of NTUA.
My major field of expertise is the modeling of conventional advanced processes mainly in the energy
sector.

My diploma thesis in NTUA was undertaken in collaboration with CERTH (Centre for Research &
Technology Hellas) and focused on the numerical investigation of Circulating Fluidized Beds (CFBs).
The main scope was the implementation of the arithmetic results from the formulation of an Energy
Minimization Multi — Scale (EMMS) analysis in a CFD code and the performance of 3D simulations
of the isothermal flow of a 1.2 MW, CFBC unit. The EMMS model is used for the better estimation of
drag coefficient between the co-existing phases in a CFB riser. Two papers in an international scientific
journal (Chemical Engineering Science) and one in an international conference (Efficient and clean coal
technologies conference) were published in the frame of this diploma thesis.

In 2010, | started working as a research mechanical engineer in both the Laboratory of Steam
Boilers and Thermal Plants (LSBTP) in NTUA and the Centre for Research and Technology Hellas /
Institute of Solid Fuels Technology and Applications (CERTH/ISFTA), in parallel. More especially, |
was involved in two EU funded for CO; capture and storage (CCS) with Palladium membrane
CACHET-II project), (EU-7FP Contract no.: 241342, http://www.cachet2.eu) and with calcium looping
process (CAL-Mod, contract: RFCS-CT-2010-0013, http://cal-mod.eu-projects.de/). Part of my
research work on these projects was used for the writing of the 2" and 3' chapters of this PhD Thesis.

Seeking for a more sustainable option for the future energy systems, since the CCS concept will be
in force as soon as the fossil fuel deposits are depleted, | started turning my interest into the biorefinery
concept. In 2011 and in collaboration with a diploma thesis student, the process units that compose a
thermochemical biorefinery plant such the gasification and the gas cleaning unit were started to be
developed. The system integration of a biorefinery plant that is based on the thermochemical conversion
of higher alcohol synthesis was completed in early 2013. Afterwards, and inspired by the research work
that was undertaken in the frame of the EU funded project EUROBIOREF (contract: FP7-ENERGY -
241718), two novel thermochemical routes for aviation fuel production from alcohols were developed
in Aspen Plus™ and simulated. The upgrading unit for aviation fuels production was coupled with the
alcohol plant that was examined in the previous study. In collaboration with a diploma thesis student,
the economic evaluation of biomass-to-aviation fuel schemes was accomplished.

Since the last years, the “Power to Fuel” was emerged and considered as the main alternative route
of the CCS concept for the feasible management of the captured COg, I also included two studies on
this field in this Thesis. The first one is an attempt to identify the terms and conditions for viable
operation of the “Power to Fuel” concept. The second one was a new idea for a more effective ethanol
production via CO> hydrogenation.

In short, this Thesis consists of the investigation of advanced energy systems that belong to the
main categories/options for GHG emissions minimization. At different stages of this work, results were
published in journals and conferences. A list of publications, that are relevant with this thesis, is given
below:
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Nomenclature

Symbol Units Explanation
A pre-exponential factor (reaction kinetics)
b kJ/kg specific exergy index
Cs % capacity factor
Ci M€ equipment cost of each component
Co M€ reference erected cost
E kw exergy
Ea J/mol activation energy
Ecarb - carbonation efficiency
f - Scale factor
Fr kmol/kmol Ca solids looping ratio
Fo kmol/kmol make-up (fresh limestone) ratio
h kJ/kg enthalpy
| kw irreversibility
Jr2 mol/(m?s) hydrogen flux
ki driving force factors (reaction kinetics)
Ki adsorption factors (reaction kinetics)
m kals mass flow rate
MW kag/kmol molecular weight
N kmol/s molar flow rate
p bar or MPa pressure
P kw electricity power output
PH2 Pa hydrogen partial pressure
gh2 mol/(msPa") hydrogen permeability
Q kw heat stream
Qnez mol/(m?sPa") hydrogen permeance
R 8.314 J/molK gas constant
ri kmol/s-Kgcat reaction rate
S kJ/kg entropy
S, ) reference size
S/IC - steam to carbon ratio
S/ICO - steam to CO ratio
SPECCA MJinv/Kgco? Specific Energy Consumption for CO, Avoided
T °CorK temperature
molar fraction
X average conversion of solids in the carbonator/calciner
kw work power



Greek Symbol Units

Explanation

mass fraction

0 m membrane thickness
e kJ/mol standard chemical exergy
€o,i kd/mol chemical exergy
% efficiency
- 0,/02 ratio
Subscripts and superscripts Explanation

ave maximum average

calc calcination

carb carbonation

ch chemical

e electrical

ex exergy

f fuel

feed feed side in membrane

FG flue gas

m material

0 reference state

perm permeate side in membrane
pre pre-reforming

REF reference

ph physical

th thermal

tot total

ut utilization

Acronyms Explanation

ABE Acetone-Butanol-Ethanol process
AEP Average Electricity Price (€/MWhe)
AGR Acid Gas Removal

AMP 2-Amino-2-Methylpropanol
ASU Air Separation Unit

ATJ Alcohol to Jet fuel

ATR Autothermal Reformer

BL Black Liquor

BMC Bed Material Cooler

BMH Bed Material Heater



CaL
CAPEX
CcC
CCR
CCS
Ccu
CDS
CFB
CFD
CHP
CLC
CLOU
COE
CcoT
CRI
CtL
Cuu
DCAC
DCFROR
DDB
DEA
EBTF
EC
EGR
EIA
ENRTL
EOR
EU
FCI
FT(S)
GHG
GHR
GHSV
GT
GTCC
GtL
HA
HAS
HC

Calcium Looping

Capital Expenditure (M€)

CO;, capture unit

Carbon Capture Rate

Carbon Capture and Storage

Carbon Capture and Utilization
Clean Dark Spread (€/MWhe)
Circulating Fluidized Bed
Computational Fluid Dynamics
Cogeneration Heat and Power
Chemical Looping Cycle

Chemical Looping Oxygen Uncoupling
Cost of Electricity (€/MWhe)
Combustor Outlet Temperature (°C)
Carbon Recycling International

Coal to Liquid

Carbon (COy) Utilization Unit
Direct Contact Air Cooler
Discounted Cash Flow Rate of Return
Double-Declining-Balance
Diethanolamine

European Benchmark Task Force
Evaporative Cooler

Enhanced Gas Recovery

Energy Information Administration
Electrolyte Non Random Two Liquid
Enhanced Oil Recovery

European Union

Fixed Capital Investment
Fischer-Tropsch (Synthesis)
Greenhouse Gas

Gas Heated Reformer

Gas Hourly Space Velocity (1gas/lca-h)
Gas Turbine

Gas Turbine Combined Cycle

Gas to Liquid

Higher Alcohols

Higher Alcohol Synthesis

Hydrocarbons



HHV
HP
HPC
HRF
HRSG
HSMR
HT
H2P

ICE
IEA
IPCC

LH
LHV
LNG
LP

LT
LPC
LPG
LUVO
MACRS
MAO
MAR
MDEA
MEA
MES
MFSP
modFT
modMeOH
MR
MS
MSW
NG
NGCC
NMP
NREL
NRTL
OECD
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High Heating Value

High Pressure (bar)

High-Pressure Column

Hydrogen Recovery Factor

Heat Recovery Steam Generator

Hydrogen Separation Membrane Reactors
High Temperature

Hydrogen Plant

Indirect Costs

Internal combustion engine

International Energy Agency

International Panel on Climate Change
Intermediate Pressure (bar)
Langmuir-Hinshelwood (kinetic model)
Lower Heating Value (kJ/kg)

Liquefied Natural Gas

Low Pressure (bar)

Low Temperature

Low-Pressure Column

Liquefied petroleum gas

Luftvorwéarmer (Air pre-heater in German)
Modified Accelerated Cost Recovery System
Methylaluminoxane

Mixed Alcohols Reactor

Methyl diethanolamine

Monoethanolamine

Microbial Electrosynthesis System
Minimum Fuel Selling Price

modified Fischer Tropsch synthesis catalyst
modified methanol synthesis catalyst
Membrane Reactor

Membrane Separator

Municipal Solid Waste

Natural Gas

Natural Gas Combined Cycle

Normal Methyl Pyrrolidone

National Renewable Energy Laboratory (U.S.)
Non Random Two Liquid (property method)

Organization for Economic Co-operation and Development



O&M
OPEX
PCU
PR
PSA
PtF
PtG
PV
RDF
RES
RH
SET Plan
SH
SNG
ST
TCI
TDIC
TEC
TEG
TIC
TIT
TPC
TPEC
TRL
USAF
wC
WGS

Operating and Maintenance
Operating Expenditure (M€)
Purification and Compression Unit
Pre Heater

Pressure Swing Adsorption
Power to Fuel

Power to Gas

photovoltaics

Refuse Derived Fuel

Renewable Energy Sources
Reheater

Strategic Energy Technology Plan
Super Heater

Substitute Natural Gas

Steam Turbine

Total Capital Investment

Total Direct and Indirect Costs
Total Equipment Costs
Triethylene-glycol

Total Installed Cost

Turbine Inlet Temperature (°C)
Total Plant Costs

Total Purchased Equipment Cost
Technology Readiness Level
U.S. Air Force

Working Capital

Water Gas Shift
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1. Introduction

1.1 Necessity for a low-carbon energy

From the dawn of the Industrial Revolution, Energy is considered as one of the most important
goods for the maintainance of the developed and developing communities. Thousands of wars have
been declared and millions of people have been sacrificed in the name of the conquest or the defense of
power sources. The contemporary human civilization owns a lot at the power sources obtained by the
inner of the Earth; the fossil fuels (coal, oil and natural gas). Especially the last 100 years, the oil price
has strong correlation with the geopolitical situation mainly around the Mid East (Figure 1).
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Figure 1. Temporal evolution of crude oil price and world production the last 50 years [1, 2]

The continuous increase in global energy demand is considered as one of the major concerns that
should be seriously addressed in short term. According to the predictions of the U.S. Energy Information
Administration (EIA), all the fuel types will be exploited with an increasing rate, the total energy
consumptions are expected to increase by 10% in 2040 (Figure 2).

However, the worldwide power production cannot rely on fossil fuels forever. Two are the main
reasons for this: The first is the fact that fossil fuel reserves beneath the surface of Earth are not infinite.
According to Shafiee and Topal prediction model, coal reserves are available up to 2112, and will be
the only fossil fuel remaining after 2042 [3].
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The second one is the environmental impacts of fossil fuel combustion, which have been proved
that are a lot. Due to human activities, CO, emissions has increased by 3.9% with respect to the natural
carbon cycle [5] and the CO; concentration is 385ppm, 30% more than in two centuries ago. A great
controversy that has been blown up the last years whether the anthropogenic derived CO, emissions is
the main cause of the so called “Greenhouse Gas Effect” [6]. According to the International Panel on
Climate Change (IPCC), if severe measurements are not taken, the CO; concentration in atmosphere
may be up to 570 ppm by 2100, causing a rise in the mean global temperature of around 1.9 °C, with
irretrievable effects on the life on Earth [7].
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Figure 4. Global Carbon dioxide emissions from
major fuel sources since 1970 (data from [8])

Figure 5. Carbon dioxide emissions by sector in 2011
(data from [8])

1.2 Strategies for a low carbon energy

In this light, EU has put in high priority the development of affordable, cost-effective and resource-
efficient technology solutions, towards a decarbonised energy system in a sustainable way. In parallel,
EU aims to secure energy supply and to complete the energy internal market in line with the objectives
of the Strategic Energy Technology Plan (SET-Plan) and of the related energy legislation (notably the
Renewable Energy and CCS Directives) and energy policies designed to deliver the targets: According
to them, the GHG emissions in EU should be reduced 20% below 1990 levels by 2020, and a further
reduction to 80-95% is intended by 2050. Furthermore, RES should cover 20% of the final energy
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consumption in 2020 [9, 10]. More specifically in the transport sector, a reduction of at least 60% of
GHGs by 2050 with respect to 1990 is required, while by 2030 the goal for transport will be to reduce
GHG emissions to around 20% below their 2008 level [11].

Although the increment of the share of the Renewable Energy Sources (RES) on the energy mixture
is considered as a viable option that has strong contribution to the drastic reduction of GHG emissions,
there are some bottlenecks that prevent the predominance of RES in the global energy map. Firstly, the
RES electricity cost is in general terms higher than the cost of electricity derived from conventional
power plants, thermal or nuclear. As it is extracted from Figure 6, the increase of RES contribution to
the energy mixture leads to increase in the electricity price. Secondly, the electricity grid cannot rely on
RES exclusively due to the stochastic feature of the renewable power production (mainly for solar and
wind power) and the extreme load fluctuations that require a highly flexible system for an efficient
operation. In order to secure the stability of the energy supply to the grid, and taking into account that
any energy storage technique is currently economically unfeasible, fuel thermal plants have the lion’s
share on the electricity production worldwide.

Furthermore, the contemporary societies are not prepared for a no-carbon economy: Apart from
power consumption, carbon is an indispensable compound for an enormous range of applications and
uses (materials, plastics, clothes, steel), which is primarily derived from fossil fuel sources. Hence, on
the one hand, carbon use should be drastically mitigated, on the other hand, our everyday life cannot
become independent of the petroleum and coal derived goods and products within a very short period.
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Figure 6. LCOE of renewable energy technologies and conventional power plants at locations in Germany in
2013 (data from [12])

Among the Clean Coal Technologies that are related to the GHG emissions reduction is the adoption
of methodologies that increase the power plant efficiency such as advanced supercritical steam cycle,
novel materials, improved steam turbines etc. Also, the use of pre-drying technologies in low coal rank
cases may lead to an efficiency increase of 4 to 6 percentage points [13-15]. Even though all these
options are already commercially available, they have limited influence on the radical reduction of CO»
emissions.
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The three main strategies for drastic mitigation of GHG emissions from anthropogenic sources are
the Carbon Capture and Storage (CCS) concept, the Carbon Capture and Utilization (CCU) concept and
the biomass based technologies for fossil fuel substitution.

1.2.1 CO; capture and storage

According to the Blue Map Scenario of the International Energy Agency (IEA), Carbon Capture
and Storage is expected to play the most significant role in the endeavor to meet the 2°C target
contributing with 8.2 Gt of the total CO, emission cap (14 Gt) [16]. The main options available for
storage of COg, in a scale sufficiently high to have an impact as a greenhouse gas mitigation option are:

. Storage in the oceans

. Storage in geological formations (deep aquifers, depleted gas and oil reservoirs or
deep coal seems, mineral sequestration, etc)

. Enhanced oil and gas recovery (EOR and EGR)

Table 1 summarizes the large scale CO, capture projects that are in operation or are scheduled to
start worldwide as they are published in the Global CCS Institute web site [17]. In more than half, are
captured CO- is used for EOR. 35% of them are located in United States and 25% in Asia. 22 out of 54
projects are employed in Power Production sector and 13 of them in Natural Gas processing plants. In
most of these cases (60%), a pre-combustion capture option has been selected.

Mitsubishi Heavy Industries, Ltd. (MHI) holds the world leading in large scale post-combustion
CO capture units with 11 commercial plants in operation so far [18]. The world largest CO, capture
and compression plant is expected to start operation in Texas in late 2016, where 4766t/d will be
separated and sequestrated from flue gases derived from coal fired boiler with 90% capture efficiency.

As stated above, power sector is responsible for the majority of the CO, emissions worldwide and
therefore, the most of studies, projects and roadmaps in the field of CCS are focused on application in
fossil fuel power plants. Generally, the methodology for carbon capture is correlated with the type of
fossil fuel (gas/liquid or solid) that is employed in the plant.
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Table 1. Status of current large scale CCS projects worldwide * [17]

Chapter 1

ala Project name status Country COz_ capture Operation Industry/ Capture type Transport Primary storage
capacity (Mtpa) date sector type type
1  Val Verde Natural Gas Plants Operate U.S.A. 13 1972 NG Pre-combustion Pipeline EOR
2 Enid Fertilizer CO2-EOR Operate U.S.A. 0.7 1982 Fertiliser Industrial separation Pipeline EOR
3 Shute Creek Gas Processing Facility Operate U.S.A. 7.0 1986 NG Pre-combustion Pipeline EOR
4 Sleipner CO2 Storage Operate  Norway 0.9 1996 NG Pre-combustion direct injection  storage - offshore
S I(\B/Iriije;tl:lams Synfuel Plant & Weyburn- Operate  Canada 3.0 2000 SNG Pre-combustion Pipeline EOR
6 In Salah CO; Storage Operate  Algeria 0 2004 NG Pre-combustion Pipeline storage - onshore
7 Snghvit CO2 Storage Project Operate  Norway 0.7 2008 NG Pre-combustion Pipeline storage - offshore
8  Century Plant Operate  U.S.A. 8.4 2010 NG Pre-combustion Pipeline EOR
9  Air Products Steam Methane Reformer Operate  U.S.A. 1.0 2013 Hydrogen Industrial separation  Pipeline EOR
10 Coffeyville Gasification Plant Operate  U.S.A. 1.0 2013 Fertiliser Industrial separation  Pipeline EOR
11  Lost Cabin Gas Plant Operate  U.S.A. 0.9 2013 NG Pre-combustion Pipeline EOR
12 Petrobras Lula Oil Field CCS Project Operate  Brazil 0.7 2013 NG Pre-combustion direct injection EOR
13 Boundary D_am Integrated CCS Operate  Canada 1.0 2014 Power Post-combustion Pipeline EOR
Demonstration
14 Alberta Carbon Trunk Line with Agrium Execute Canada 0.3-0.6 2015 Fertiliser Industrial separation  Pipeline EOR
COz2 Stream
15 Illinois Industrial CCS Execute U.S.A. 1.0 2015 Chemical Industrial separation Pipeline storage - onshore
16  Quest Execute  Canada 1.08 2015 Hydrogen Industrial separation Pipeline storage - onshore
17  Uthmaniyah CO2 EOR Demonstration Execute S. Arabia 0.8 2015 NG Pre-combustion Pipeline EOR
18 Gorgon Carbon Dioxide Injection Execute  Australia 3.4-4.0 2016 NG Pre-combustion Pipeline storage - onshore
19  Kemper County Energy Facility Execute U.S.A. 3.0 2016 Power Pre-combustion Pipeline EOR
20 Abu Dhabi CCS Execute U.A.E. 0.8 2016 Iron & steel Industrial separation ~ Pipeline EOR
21  Petra Nova Carbon Capture Execute U.S.A. 14 2016 Power Post-combustion Pipeline EOR
22 Sinopec Qilu Petrochemical CCS Define  China 0.5 2016 Chemical Pre-combustion Pipeline EOR
23 Yanchang Integrated CCS Demonstration Define  China 0.46 2016 Chemical Pre-combustion Pipeline EOR
24 C\/I::trtsati{;ﬁonnF;Z;E;;'ggwstge':zth Execute  Canada 1.2-14 2017 Oil refining Pre-combustion Pipeline EOR
25 FutureGen 2.0 Define U.S.A. 11 2017 Power Oxy-fuel Pipeline storage - onshore
26  Rotterdam Opslag en Afvang . . -
] ; Define  Netherlands 1.1 2017 Power Post-combustion Pipeline storage - offshore
Demonstratieproject
27  Sinopec Shengli Power Plant CCS Define  China 1.0 2017 Power Post-combustion Pipeline EOR
28  Sargas Texas Point Comfort Define US.A. 0.8 2017 Power Post-combustion Pipeline EOR
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48
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Medicine Bow Coal-to-Liquids Facility
Spectra Energy's Fort Nelson CCS
Korea-CCS 1

Quintana South Heart

China Resources Power Integrated CCS
Demonstration

Don Valley Power

Hydrogen Energy California

Texas Clean Energy

Peterhead CCS

Bow City Power

Indiana Gasification

Mississippi Gasification

Dongguan Taiyangzhou IGCC with CCS
Huaneng GreenGen IGCC

Korea-CCS 2

Shenhua Ordos CTL Project (Phase 2)
South West Hub

Shanxi International Energy Group
CCuUs

Shenhua / Dow Chemicals Yulin Coal to
Chemicals

Shenhua Ningxia CTL

Caledonia Clean Energy

PetroChina Jilin Oil Field EOR (Ph. 2)
Riley Ridge Gas Plant

C.GEN North Killingholme Power

White Rose CCS

CarbonNet

Define
Define
Evaluate
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US.A
Canada
Korea
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China

U.K.
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US.A
U.K.
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U.S.A.
U.S.A.
China
China
Korea
China
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China

China

China
U.K.
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U.S.A.
U.K.

U.K.
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2.2
1.0
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1.0

5.0
2.7
2.7
1.0
1.0
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2.0
1.0
1.0
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2.0

2.0-3.0

2.0
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2.0

1.0-5.0
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2016-17
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2019-20
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CTL
NG
Power
Power

Power

Power
Power
Power
Power
Power
SNG
Chemical
Power
Power
Power
CTL
Fertiliser

Power

Chemical

CTL
Power
NG
NG
Power

Power

Pre-combustion
Pre-combustion
Post-combustion
Pre-combustion

Post-combustion

Pre-combustion
Pre-combustion
Pre-combustion
Post-combustion
Post-combustion
Pre-combustion
Pre-combustion
Pre-combustion
Pre-combustion
Pre-combustion
Pre-combustion

Industrial separation

Oxy-fuel

Industrial separation

Pre-combustion
Pre-combustion
Pre-combustion
Pre-combustion
Pre-combustion

Oxy-fuel

Under evaluation

Pipeline
Pipeline
Shipping
Pipeline

Pipeline

Pipeline
Pipeline
Pipeline
Pipeline
Pipeline
Pipeline
Pipeline
Shipping
Pipeline
Shipping
Pipeline
Pipeline

Pipeline

Pipeline
Pipeline
Pipeline
Pipeline
Pipeline
Pipeline

Pipeline

Pipeline

EOR
storage - onshore
storage - offshore
EOR

storage - offshore

storage - offshore
EOR

EOR

storage - offshore
EOR

EOR

EOR
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under review
storage - offshore
storage - onshore
storage - onshore

not specified

storage - onshore

Not Specified
storage - offshore
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L explanatory notes: a) storage — onshore/offshore: dedicated geological storage — onshore/offshore deep saline formations, b) EOR: Enhanced Oil Recovery, ¢) CTL: Coal to
Liquids, d) SNG: Synthetic Natural Gas
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An overview of the available options for CO; separation from a gas stream (flue gas or synthesis
gas) is presented in Figure 7. Apart from the CO, storage in order to mitigate the global GHG emissions,
the CO, removal from a gaseous stream is a known process in gas processing industry that is performed
for various other purposes, too: a) in gas purification (e.g. in a hydrogen plant), b) in syngas cleaning
section in a Gas to Liquid Plant before the Fischer-Tropsch process, c) in case that the pure CO; stream
is the final product in a chemical industry, etc. Therefore, the investigation of CO, separation has a
multiple interest in terms of environmental protection and industrial processes optimization.

| CO,capture techniques |

Bio-based Absorption Adsorption Cryogenics | | Gas hydrates Membranes Chemical
Microbial oxyfuel looping
Algal system " " CO, separation Gas-CLC
| Chemical " Physical | 5 = v Syngas-CLC
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Figure 7. Process and various options for pre-combustion carbon capture

a) CO; capture from Natural Gas fired power plants

In CEASAR project, the most representative capture technologies for NG-fired power plants was
investigated and evaluated for the case of a state-of-the art combined cycle power plant. According to
it, chemical absorption is considered as the most preferable techniques for such application. the MEA
scrubbing for post-combustion option and MDEA for pre-combustion option [19].
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Figure 8. Net efficiency of MEA/MDEA for CO, Figure 9. Cost of Electricity and CO- avoidance cost of
capture in NGCC MEA/MDEA for CO, capture in NGCC plant

Even though the post combustion capture has lower estimated COE (Figure 9), pre-combustion
CO;, capture offers the unique opportunity to co-produce H, and power. In a future low carbon economy,
H> may be one of the most efficient energy vectors, with possible application to fuel cells in the transport
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or power sector. The interest for further development of the pre-combustion options is also illustrated
by the several commercial scale plants that are designed for pre-combustion capture (see Table 1).

Among the various pre-combustion techniques, palladium (Pd) or Pd-alloys membranes technology
is considered as a promising option. Palladium membranes were first developed for pure hydrogen
production in the early 1950's and their development has been spurred by the desire to produce ultra
pure H, for applications such as fuel cells. Palladium membranes have demonstrated its superiority to
other Ha-selective membranes due to its ability to be permeable to hydrogen over a range of
temperatures and its high selectivity resulting in the production of hydrogen of the highest purity.
Palladium membranes have previously only been applied in niche markets [14]. Although it is an
already known application mainly for ultra-pure hydrogen production and other processes [20], the use
of a Pd membrane reactor (MR) or membrane separator (MS) for H,/CO; separation has not been
investigated so far in an advanced energy system such a NG fired power plant.

b) CO; capture from coal fired power plants

The issue of capturing CO; from coal fired power plants has been extensively investigated the last
years. Especially, three PhDs in the Laboratory of Steam Boilers and Thermal Plants were dedicated to
CO, capture techniques in coal/lignite fired power plants, using both post-combustion, oxy-fuel [21,
22] and pre-combustion [23] options.
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Figure 10. a) Net efficiency and b) Cost of Electricity and CO, avoidance cost of three CO, capture techniques
employed in coal fired power plant [24, 25]
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Among the most competitive capture technologies for possible implication in a coal fired power
plant in future are the amine scrubbing (e.g. MEA solvent), the oxyfuel (or O2/CO- cycle) and the
Calcium Looping process (CaL). Based on data from the International Energy Agency [24] and the EU
funded CAL-MOD project [25], the CaL technology presents better characteristics in terms of net
efficiency (Figure 10a) and cost of electricity/ CO, avoidance cost (Figure 10b).

It is admitted that special effort is dedicated to minimize the energy penalty in all the capture
techniques, in the framework of numerous studies worldwide. There is room enough for technology
improvements that will beneficiate the plant performance and the concept feasibility. Nevertheless, the
enhancement of such three technologies is fundamentally limited by the thermodynamics. The proper
tool for the evaluation and estimation of such thermodynamic constrains is exergy analysis.

Another issue that is not taken into account in most of the theoretical studies is the quality of the
final CO; stream in terms of the impurities. Although the gas stream that is derived from a capture unit
is in high CO; concentration, it is not allowed to be transferred and stored unless the concentration of
the species except CO; fulfils certain specifications owed to H&S (explosion avoidance), technical
reasons (mainly corrosion), [26-28] and increase in storage capacity [29]. Hence an intensive gas
treatment before compression is compulsory in the most of the capture cases.

1.2.2  CO; capture and utilization

The alternative concept for the management of captured CO; is the utilization of it in various
purposes, namely as ‘the CO. capture and utilization (CCU) concept’. The majority of CO> use in
industry is for urea production, which accounts for more than half of the global annual usage [30].
Alternatively, CO; is utilized also physically in various applications such as refrigerant medium, in fire
extinguishers and in the petroleum and NG industry for Enhanced Oil Recovery (EOR) and Enhanced
Gas Recovery (EGR), respectively [31, 32]. Even though CO; is a thermodynamically and kinetically
stable molecule, various ways have been developed, mainly based on the fact that the central carbon of
the CO, molecule is electrophilic and can be easily attacked by nucleophiles [33]. The methods for CO,
transformation can be sorted in six categories [30, 34]: chemical reduction (i.e. Boudouard),
electrochemical reduction [35], photochemical reduction (i.e. artificial photosynthesis),
thermochemical conversion (i.e. dry reforming and hydrogenation), biological (i.e. photosynthesis,
anaerobic conversion) and inorganic transformation [36]. Figure 11 shows the potential pathways for
CO; transformation into valuable products.

Up to now, only 0.5% of the total anthropogenic CO, emissions are used in industrial applications,
which is translated into 24 Gt CO; per year [38]. In order the CCU concept to have effective impact on
the drastic reduction of the CO, emissions, the quantities of end-products derived from CO;
transformation should cover the market demand. The selection of the final products should be correlated
to global demands and consumptions of them.

The CO. hydrogenation towards methane production (also known as Sabatier reaction) has
extensively investigated since 1910 and the substitute natural gas (SNG) was the first CCU based energy
carrier that was examined. The most significant advantages of the Power to Gas (PtG) concept against
other energy storage techniques are a) the high storage capacity compared to Hy, b) the high energy
density (~40 MJ/m?) and c) the existing infrastructure for distribution in the NG grid and utilization in
domestic, power and industrial sectors.
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Figure 11. CO- fixation options [30, 34, 37]

However, this is an eight-electron process with significant kinetic limitations, which thus requires
specific operating conditions (high pressure and temperature) in presence of catalyst in order to achieve
acceptable rates and selectivities [39, 40].The great disadvantage of the PtG concept is the high
production cost of SNG which may be 5 to 6 times than current market prices [41]. This last fact mainly
turned the interest towards the production of advanced liquid fuels such methanol.

Methanol is considered as one of the most valuable chemicals with a series of uses in various sectors
(power, transport, steel, chemical industry) either as fuel or as block for the synthesis of other chemicals
(dimethyl ether, formaldehyde, methyl tert-butyl ether, acetic acid, gasoline, etc). Moreover, since
methanol has the lowest production cost to market price ratio among the fuels that can be potentially
produced from COy, it is the most representative product of the so called “Power-to-Fuel” (PtF) concept.
In Iceland, a demonstration plant with capacity 4,000 tons of renewable methanol per year is operating
since 2011 and a larger plant with capacity 40,000 t/y is planned to be constructed by Carbon Recycling
International (CRI)[42]. In Canada, Blue Fuel Energy will built a methanol plant with capacity 400,000
t/y, powered by renewable electricity [43].

The “Power to Fuel” concept has been linked with the production of fuel mainly used for
transportation. Transportation sector has a considerable share on the total energy use worldwide
(~18%), the vast majority is derived from liquid fuels usage [44]. The remarkable development of China
and India induces the considerable increase in energy demand in the transportation sector the next
decades (Figure 12). This matter is inextricably connected with the global warming crisis, and the
inevitable depletion of the fossil based energy sources (energy shortage crisis). Thus, the reduction of
CO, footprint in the transportation sector should focus on the origin of the carbon or the adoption of
renewable sources (biofuels).
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1.2.3  Biomass usage for fossil fuels substitution

As quoted above, the contemporary civilization is tightly bonded with the petroleum based
economy; even if the problem of power production and supply is totally solved by the use of renewable
and sustainable energy sources, we cannot imagine our lives without the petroleum based materials and
products such as plastics, clothes, chemicals, etc.

Bio-based energy (bioenergy) is expected to play a crucial role in the achievement of the targets for
GHG emissions mitigation contributing to more than half the European renewable energy in 2020 and
covering about 11% of the total energy consumption in Europe. However, several actions are still
required to promote the development of alternative fuels and advanced biofuels from lignocellulose and
other non-food feedstocks, putting them into commercialization and securing their sustainability [11].

The term biorefinery is referred to an energy system that uses as feedstock biomass to convert it
into valuable fuels, heat & power or chemicals. Figure 13 illustrates the potential pathways in a
biorefinery plant. The four criteria for the classification of a biorefinery plant are: a) the kind of
feedstock, b) the platform that is used for the biomass transformation (C6 sugars, syngas, oils, bio-ail,
biogas, lignin, etc.), c) the kind of process for the final products accomplishment (thermal, chemical or
biological) and d) the final products and their application: energy products (fuel, heat and power) or
material products (chemicals).

Some of the chemical compounds that are widely produced in most of the biorefinery systems are
the higher alcohols (C2+) and especially ethanol (or bioethanol), which is considered as the most
widespread renewable fuel accounting 23430 million gallons in 2013 globally [28]. Only 5% of the
global ethanol is petroleum derived (synthetic) [27, 29]. In commercial scale, bioethanol is produced
through biochemical conversion (hydrolysis and fermentation) of lignocellulosic or sugar/starch
feedstocks. USA and Brazil are the world leading countries in bioethanol production [30] mainly from
grains (corn) and sugar, respectively.
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Figure 14. Current status of Higher Alcohols Synthesis using thermochemical technologies [45]

The plants that are dedicated to higher alcohols (HA) production in commercial, demo and pilot
scale via thermochemical methods are presented in Figure 14 with their corresponding capacity in

millions liters per year.
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Even though the selectivity rates through biochemical processes are very high, only the cellulosic
part of the biomass can be transformed into ethanol, resulting to rather low carbon utilization rates
(~25%). The alternative method for biomass to higher alcohol synthesis (HAS), where the biomass
carbon utilization is potentially higher, is the thermochemical pathway. This route has very strong
similarities with the coal to liquid (CtL) and gas to liquid (GtL) concepts, since the produced syngas is
converted into C2+ alcohols under high temperature and pressures (240-420°C, 40-260 bars) over
specific catalyst (Cu-Co, Cu-Zn, Rh- and MoS,). The basic steps of a thermochemical biorefinery based
on biomass basification are shown in Figure 15. The principal weakness for commercial application in
industrial level is the high methane and methanol selectivities. Very few studies have focused on the
improvement of the process as far as the selectivity into alcohols with large carbon number is concerned.

gascleaning el final product

ading purification
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Figure 15. Fundamental steps of a thermochemically based biorefinery system

1.3 Scope of this PhD thesis

The scope of this Thesis is the development, the design and the modeling of advanced energy
systems and processes that are oriented to the significant reduction of the GHG emissions and especially
the CO. emissions. The methodology for process integration and design of novel systems that are based
on low TRL (Technology Readiness Level) is presented in detail: Most of the case studies use data
obtained from lab or bench scale tests for the design of systems in full scale. In the first section of the
Introduction, it is explained why it is important to move to a low carbon energy era, while in the second
section the roadmap for the accomplishment of this transition. Hence, three parts are determined for the
investigation of such energy systems, the Carbon Capture and Storage, the Carbon Capture and
Utilization and the bio-based advanced fuels and chemicals production. These options are presented
justifying why are considered as the most attractive and promising.

The first part is dedicated to the process integration of of power production systems with CCS.
More specifically, the implementation of the Pd Membrane Technology in gas fired power plant and
the exergy analysis of the most competitive capture techniques in a coal fired power plant are studied.
On the one hand, the identification of the design specifications and the operating conditions is addressed
for the optimum performance of the plant, in terms of efficiency and electricity cost. On the other hand,
in the second analysis of the first part, the calculation of the exergy losses in each process can answer
to identify the best kind of energy to be spent for CO; capture in a coal power plant: low quality heat
through steam (amine scrubbing), high quality heat through fuel combustion (CaL process) or electrical
power (oxyfuel combustion). Special attention is paid for the CO, stream quality in accordance to
specific regulations for the compression, transport and storage.

The second part relates to the evolution of the second strategic option for the management of the
capture COg, the transformation into valuable chemicals and fuels. More specific, in the case of the
methanol production from CO- and the need for further investigation in order to be an economically
competitive concept, several techno-economic aspects and parametric analyses are investigated. The
main goal of the fourth chapter is the determination of the boundary conditions that make it as a
profitable option. In the second chapter of this part, two novel process schemes of CO, hydrogenation
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with advanced characteristics are presented towards the enhancement of methanol and ethanol
production. The main goal in this analysis is to develop new process concepts that can yield the desired
products with lower losses and power/heat consumptions.

The third part deals with the development, design, process integration, optimization and techno-
economic analysis of a thermochemical biorefinery that employs higher alcohols as chemical blocks.
In the first chapter, a detailed description of the bio-based higher alcohols production process through
thermochemical route is performed and the modelling methodology that is followed in each step. In
addition, the influence of various parameters on the plant operation is investigated in terms of the
maximization of the final products yields in conjunction with the minimization of the thermal and power
consumptions. In the second chapter, a further investigation in this bio-based concept is made focusing
on the mixed alcohols upgrading towards the synthesis of added value fuels mainly for aviation use.
More specifically, two novel schemes are presented in detail, one based on ethanol and another based
on isobutanol. These systems are thoroughly examined from the energy and economic point of view,
comparing with the corresponding biochemical schemes.

The Thesis focuses on several advanced and novel energy systems, while the main goals that are
set are summarized below:

e Design and process integration of new energy systems and identification of the parameters for
the best operation

o Comprehension of the operation principles of various new processes and the impact of these
parameters on the plant performance

¢ Identification and suggestion the direction of research for the improvement of the advanced
technologies and processes that are examined in this Thesis

e Cost estimation, CAPEX and OPEX calculation and sensitivity analysis in order these systems
to be an economically attractive option

e Comparison with existing and corresponding technologies for the definition of the most
promising techniques for further investigation in larger scale

e Determination of the roadmap of the future research activities for further improvement of these
energy systems and processes

1.4 Process modeling: general definitions, methodology, contribution

The most appropriate way to assess the potential commercialization and erection of advanced
systems is by means of the techniques of the Chemical Process Modeling in conjunction with the Cost
Engineering disciplinary. The basic advantage of the Thermodynamic Tools in contrast to other
numerical approaches such CFD analysis is that, in general terms, the calculated results can be yielded
very fast with negligible computational cost, enabling the performance of several runs, test cases,
parametric investigations in steady or unsteady conditions (depending on the software used), in off-
design loads. These analyses lead to valuable conclusions about a) the effective operation of the plant
in terms of efficiency and the main design data, b) the size and the main dimension of the most
significant components, ¢) the potential modifications for the plant improvement (if any) and d) capital
and operational cost.

The simulation tool that was mainly used in this Thesis is ASPEN Plus™. The main features of this
process simulation software are summarized below:
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Component databank that consists of thermophysical properties, reaction kinetics, enthalpy and
transport properties.

Equipment database for the simulation of basic operating principles providing mass and energy
balance and the main operation features, depending the unit block.

Sophisticated thermodynamic model solver that is served for the calculation of thermodynamic
interactions such as vapour-liquid equilibria, properties of each stream, the operation of complex
units such columns, etc. Mathematical solver that solves the equations that are used to simulate the
process operations.

Inter-connection with Excel and FORTRAN that enables the user to simulate more processes that
do not exist in the default options such user defined operation unit, reaction kinetics, etc.

Main flowsheet program — Controls and keeps track of the flowsheet calculations. This part of the
software interacts with the data banks and solvers and controls the order of calculation. This part
usually has a graphical user interface.
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2. Using palladium membranes for carbon capture in natural
gas combined cycle power plants: Process integration and
techno-economics

2.1 Introduction

The enhancement of innovative technologies for Carbon Capture and Storage (CCS) is an important
option for the drastic reduction of greenhouse gas emissions. In this way, thermal plants can remain as
the predominant energy source while causing fewer environmental impacts, since it seems renewable
sources will be unable to replace them completely in the foreseeable future. The three commonly
proposed options for CO, removal and storage in thermal plants are:

e post-combustion capture, mostly used as a retrofitting option for existing plants, where the flue
gases from fossil fuel combustion are treated to clean them of CO; before the stack [46-48].

o oxy-fuel combustion, where the oxidant is pure oxygen (almost 99% purity or higher) that is
produced in an Air Separation Unit (ASU) [49].

e pre-combustion capture, where fossil fuel (i.e. coal and natural gas) is transformed to synthesis
gas (or syngas, composed mostly from H, CO, CO, and H;0) before it enters the combustion chamber.
Thus, carbon is separated before the power island. The carbon sequestration options are independent of
the initial fuel type (gas or solid) since the produced syngas is able to attain the desired conditions
(temperature, pressure, composition) for the carbon-capture process. The gas-conditioning step can
include processes like shift, quench, gas cleaning and cooling.

Several studies have investigated pre-combustion capture modelling for natural gas thermal plants
in recent years, employing various separation technologies. Most case studies employ chemical
absorption for CO, separation from synthetic gas, with an air-blown ATR reactor [50-54]. There are
also simulations that adopt other approaches, like physical absorption [55] and hydrogen separation
membrane reactors (HSMR), where various other reactions are also carried out, such as reforming [56]
and water gas shift [57]. Useful information can be derived from the review by Scholes et al. [58]
concerning carbon sequestration with membranes. CO,-selective membranes have limited application
in power plants with carbon capture [59] and therefore there is no further discussion in this area.

Each type of membrane is based on a different operating principle. For instance, hydrogen
separation with metallic membranes, where the predominant material is Pd, can occur owing to the
dissociative chemisorption of H, [60]. Figure 16 shows a schematic depiction of a Pd membrane
separator with the basic terms and the H, permeation mechanism. A membrane is a thin sheet of natural
or synthetic material that is permeable to substances in solution. Consequently, a membrane is a physical
barrier between two compartments; the feed side, containing the mixture (feed) that consists of the
compound that needs to be recovered and the permeate side, where the permeating specie is retrieved.
The driving force for H, permeation is the difference in hydrogen partial pressure between the two sides,
Apnz. The hydrogen flux Juz (mol/(m?s)) at steady state is expressed by Sievert’s law:

‘]Hz =QH2 [ plr—1|2,feed - plr—]iz,perm:| (Eq 1)

where PHz.feed® Ph; perm gre the hydrogen partial pressure in the feed and permeate side respectively
and Qu2 (mol/(m?sPan)) is the hydrogen permeance which can be represented by the Arrhenius equation:
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where g2 is the hydrogen permeability (mol/(msPa"), ¢ is the membrane thickness (m), Ea is the
activation energy (J/mol), R is the gas constant (8.314 J/molK) and T is the operating temperature (K).
The exponent n expresses the exponential correlation of partial pressure with the permeation. A typical
value of n is 0.5. Maintaining a high driving force (p"wz,eed - P"H2,perm) at elevated rates along the length
of the membrane is achieved by the application of the sweep gas Another feature of a membrane is
selectivity, which expresses the ability to permit only hydrogen to permeate through the membrane. An
operating condition that is a function of the applied feed flow rate, concentration and available
membrane area is the Hydrogen Recovery Factor (HRF). It is defined as the ratio of hydrogen permeated
to the maximum amount of hydrogen that can be recovered or derived from the feed gas and the
stoichiometrically maximum amount of produced H> from reactions obtained in the feed side:

mHZ permeate
HRF = ' (Eq. 3)

m e
H 2, feed H 2, produced

This parameter and the permeability determine the required membrane area for a certain separation,
which is the most important factor affecting the cost of the whole equipment.
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Figure 16. Hydrogen permeation through Pd membranes: general definitions and mechanism

On the other hand, porous inorganic membranes, mostly made from silica [61] and zeolites [62] or
alumina [63] are correlated with molecular diffusion of H, [64]. Polymeric membranes (non-porous)
combine solution and diffusion mechanisms [65]. Although the main disadvantage of membranes with
Pd-alloys is the high cost of the material, they offer perfect hydrogen permeability and selectivity,
contributing to the achievement of zero CO; emissions [58] [66]. Nevertheless, considerable efforts are
being made to improve membrane characteristics, lowering membrane cost by reducing the required
membrane area [47, 58, 67].

In this chapter, Pd membrane implementation for CO; capture in a natural-gas-fired power plant is
investigated. After a brief description of the process, the rest of the chapter is separated into two parts:
a thermodynamic and an economic analysis. In the thermodynamic analysis, the methodology for the
process optimization is investigated concerning the optimum design of the system and the suitable
operating parameters. In the second part, a cost analysis and calculation of the cost of electricity and
CO; avoided is presented for the six selected cases. Additionally, the effect of membrane area on the
economic feasibility of the system is investigated.
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Figure 17. Process flowsheet diagram of the total power system

The outline of the system is presented in Figure 17. An Hz-rich fuel is produced from natural gas
reforming in an Autothermal Reformer (ATR), and CO is further shifted in the water gas shift reactor
(WGS). The autothermal conditions are met using a rich oxygen stream (95% purity) produced in an
air separation unit (ASU). The maximization of hydrogen production and purification is performed in
the two-stage water gas shift membrane separation unit, where H, production further increases and H.
is separated from the rest of the syngas. The nitrogen stream that is produced from the ASU is utilized
as sweep gas, increasing the hydrogen recovery driving force in the membranes. The Hp-fuel mixture is
fed to the power plant island, which consists of a gas turbine combined with a heat recovery steam
generator (HRSG). The rest of the syngas enters the purification and compression unit, where the rich
CO; is purified, compressed and sent for storage under supercritical conditions.

2.2 NGCC case without capture

The selected reference NGCC for electricity production without carbon capture is based on two
large-scale identical gas turbines (GT), “F class”, each equipped with a heat recovery steam generator
(HRSG), and one steam turbine. The plant layout is shown in Figure 18. Each HRSG is of triple
pressure with single reheat type. Before feeding the gas turbine combustor, natural gas is preheated up
to 160°C by means of saturated water extracted from the intermediate pressure (IP) drum, increasing
the overall plant efficiency. The water after the fuel preheating is returned to the point after the
condensates pump.The fuel flow rate to the gas turbine combustor is set to keep the same Turbine Inlet
Temperature (TIT) of the case without natural gas preheating, which is 1360°C. The GT exhaust
temperature is 604°C.

Apparatuses and systems that produce or consume energy, power should be modeled with high
accuracy in order to yield quite representing results as the energy balance is concerned. For instance,
the majority of power generated in a NGCC comes from the Gas Turbine (GT). Especially in case that
the energy system is modeled with ASPEN Plus™, a commercial turbomachinery has strong differences
with a simple C-B-T approach (only a compressor a burner and a turbine). Not only does the produced
power deviates from the real value but outlet stream mass and enthalpy are also far from the expected
values, affecting the corresponding results of the steam cycle, too.
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Figure 18. Reference Natural Gas Fired Combined Cycle Power Plant

The power island consists of two Gas Turbines (GTs) each with a Heat Recovery Steam Generator
(HRSG) and one Steam Turbine (ST), so called ‘2-2-1 scheme’. This 2-2-1 arrangement is quite popular
among utilities, since it adds operational flexibility as required by competitive electricity market. Each
GT has a net power of 275.7 MW, and the ST a net power of 279.3 MW, (without steam extractions).
The power island provides the other parts of the plant with electrical power and steam where required.
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Figure 19. Gas Turbine scheme

As far as the GT is concerned, special effort is paid for the modeling of a real turbo-machinery
engine using generic tools of the ASPEN Plus™ taking into account the EBTF (European Benchmark
Task Force) specifications [19]. While the characteristics of a GT designed for firing a H-rich fuel may
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be somewhat different from NG, it is assumed in this study that they are similar. The combustor outlet
temperature (COT) is at 1443°C and the outgoing flue gases are mixed and cooled with a fraction of the
compressed air, so that the turbine inlet temperature (TIT) is 1355°C. A part of the compressed air is
by-passed for the cooling of the turbine blades (see Figure 19). The amount of air required for blade
cooling is not calculated in detail in this work but is determined from the EBTF specification for the
Turbine outlet temperature (TOT) which is set to 608°C. The validation of this approach has been based
on the GateCycle® built-in libraries for GT modeling at commercial scale.

Regarding the steam cycle, it is designed so as to maximize the heat recovery from the flue gases
(triple pressure with single reheat). The operating parameters of the power island are summarized in the
following Table 2.

Table 2. Power island specifications

Natural Gas LHV 46502 kJ/kg
GT pressure ratio 18.1
Turbine Inlet Temperature 1355°C
Flue gas HRSG outlet temperature 69 °C
Compressor #p, 90.85 %
Turbine #is 93.65 %
Inlet filters/exhaust pressure drop 0.01 bar
HP/IP/LP ST i 92/94/88 %
Generator efficiency 98.5 %
Mechanical efficiency 99.6 %
Steam cycle pressures:

HP/IP/LP evaporation 130/35/5 bar

Condenser 0.048 bar

Deaerator 5.0 bar
Pinch point at evaporators 10°C
Heat exchangers Apioss 3 % Pinitial

The basic simulation results for the reference NGCC power plant are shown in Table 3, while the
main thermodynamic data of the streams are provided in Table 4.

Table 3. Overall power balances for NGCC power plant without CO; capture

Gas turbine net output, MWe 275.7 % 2
Steam turbine gross output, MWe 285.0
Total steam cycle auxiliary consumption, MWe 5.7

Net power output, MWe 830.7
Fuel input (LHV base), MWth 7124 x 2
Gross LHV efficiency, % 58.7

Net LHV efficiency, % 58.3
Specific CO; emissions, kg/MWh 354.3
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Table 4. Stream flows, conditions and compositions of NGCC reference plant (see Figure 18)*

Stream  mass flow T p h Composition %v/v, wet

no kals °C bar kllkg H, CO CO; N2 (o)) Ar H20
1 15.32 15.0 2257 -1.14

2 1532 1600 2212 326.04 NG, See EBTF document [19]

3 649.98 15.0 1.01 -0.56 - - 0.03 7730 2074 092 101
4 649.98 426.2  18.10 - - 0.03 7730 2074 092 101
5 665.30 1355.0 17.56 - - 397 7439 1239 089 8.36
6 665.30 607.6 1.04 656.07 - - 397 7439 1239 089 8.36
7 665.30 88.2 1.01 76.36 - - 397 7439 1239 089 8.36
8 70.71 559.5 120.92 35035 - - - - - - 100.0
9 93.39 561.0 2297 3599.8 - - - - - - 100.0
10 11.18 234.6 509 29278 - - - - - - 100.0
11 104.58 32.1 0.05 13423 - - - - - - 100.0
12 5.65 230.8  28.42 99343 - - - - - - 100.0
13 5.65 25.0 28.02 107.01 - - - - - - 100.0
14 5167.1 18.2 1.01 76.05 - - - - - - 100.0
15 5167.1 29.2 203 12216 - - - - - - 100.0

! mass flows refers to 1 GT and 1 HRSG, while power balances shown in Table 3 to a configuration with 2GT and
2HRSG and 1 steam turbine

2.3 Design of key components for the optimum operation of the power plant

The operation of each unit of the novel power plant configuration has been investigated in detail in
order to reach the most efficient overall performance, taking into account the minimum cost per ton of
CO; avoided.

2.3.1 Airseparation unit

Two streams are produced by the ASU by the cryogenic method: rich O; and pure N2. The process
flowsheet is displayed in Figure 20. Firstly, half of the required air (1) is compressed in four stages (2),
employing inter-cooling at 28°C in order to reduce the compressors’ power consumption. The rest of
the air (3) is extracted from the GT compressor and mixed before air pre-cooling and purification. Air
is dehydrated and cleaned before its introduction into the main heat exchanger (7). Air is cooled in two
stages in the direct contact air cooler (DCAC). Consequently, molecular sieves completely remove any
remaining water and any other impurities. The clean air stream enters the main heat exchanger at a
temperature of 20°C (7) and exits at a temperature near the dew point (8b).

The oxygen and nitrogen separation is achieved in two distillation columns at different operating
pressures. Since products should be at elevated pressures, the oxygen stream is firstly pumped at a high
pressure and is evaporated afterwards in the main heat exchanger. In order to refrigerate the air stream
efficiently, part of the air (7a) is compressed up to 30 bar, so that the required refrigeration load for
liquefaction is lower. The first column operates at high pressures (HPC — high-pressure column), where
both air streams come into contact with the liquid nitrogen stream, which is condensed at the top of the
column. The outlet streams are liquid air (9) with high concentration in O, (almost 40%) and a nitrogen-
rich gaseous stream (10) with relatively high purity. In the second column (LPC — low-pressure
column), the separation is completed. The produced streams are a liquefied oxygen stream (11) and a
highly pure (>99.5%) nitrogen stream (12) in gaseous phase at the top of the LPC. Both columns consist
of 30 stages and their outlet flow rates are modified so that the produced streams have the desirable
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composition and purity. Both product streams, O (liquid) and N (gas), are pumped and compressed
(16) to 52 and 25 bar, respectively. To increase the reforming and post-combustion efficiency, the
oxygen stream is preheated up to 130°C before utilization (13).

A

nitrogen 15
4—| C
‘—

13

12

Vl
L1l
o
<
<
Q
D)
)

11 14

T
Lo

D

Main Heat
Exchanger

] o

{

sieves
sieves

Molecular

Molecular

Figure 20. Air Separation Unit layout

The basic characteristics of the ASU system are presented in Table 5.

Table 5. ASU main specifications

O, recovery efficiency % 99.1%
N> recovery efficiency % 99.7%
Oxygen purity % viv 95.0%
Nitrogen purity % viv 99.6%
Specific O production @50bar kWh/tnO, 218.08
Specific N2 production @25bar kWh/tnN2 187.33

2.3.2  Gas heated reformer - autothermal reforming reactor (GHR-ATR)

Before the reforming process, the natural gas is pre-heated. Theoretically, the hotter the fuel, the
less the heat demand for the hot reformate gas to sustain the autothermal condition, if the pre-reforming
temperature is assumed to be constant. The temperature is increased to 120°C by means of the hot
compressed air extracted from the GT compressor to the ASU. Nevertheless, these two streams are
subject to self-ignition if coupled into a heat exchanger. Therefore, an intermediate heat transfer
medium (e.g. water) is included. Additionally, the CO; purification system delivers a hot condensed
water stream which mixes with the natural gas through injection. This reduces the required steam from
the steam cycle. Finally, natural gas is preheated up to 360°C using the hot sweep gas before it enters
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the membrane separator (MS). In the high-pressure reformer reactor, GHR-ATR, the natural gas (NG)
hydrocarbons are reformed to CO and H. (Figure 21).
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Figure 21. Scheme of the autothermal reforming reactor (ATR)

This conversion is conducted in two consequential steps: in the first step, the NG stream is mixed
with steam and undergoes pre-reforming in a gas-heated reformer (GHR).In the pre-reformer,
hydrocarbons with more than one carbon in their molecular chain mainly participate in the reforming
reaction (T=700°C):

CXHerxHZO—>xCO+(x+)2/jH2 (R1)
Subsequently, part of the mixture reacts with oxygen from the oxidizing agent via catalysts in order

to reach the desirable reforming temperature. In reality, apart from partial oxidation (R2), there is also
carbon dioxide yield according to the exothermic reactions (R3) and (R4).

CH,+050, >CO+2H,,  AH,g, =-38kJ/mol (R2)
CH,+0, >CO,+2H,,  AH,g, =-322kJ/mol (R3)
CH, +20, >CO, +2H,0, AH,q, =-891kJ/mol (Ra)

The main part of the process is conducted in a third step, where natural gas is reformed in the
presence of catalysts. Typical materials used for autothermal reforming catalysts are the same as those
used for methane reforming and partial oxidation, mostly nickel-based [68-70]. Reaction (R5), for steam
reforming of methane, is strongly endothermic.

CH,+H,0—>CO+3H,, AH g =+206 kJ/mol (R5)
2CO - C+CQO,, AH e =—173 kJ/mol (R6)
CO+H,0—>CO, +H,, AH g0 =—41 kJ/mol (R7)

As the presence of catalysts achieves an outlet condition practically in chemical equilibrium, the
ATR process can be easily modelled with a Gibbs reactor in ASPEN Plus™, which predicts an outlet
mixture with the least Gibbs energy [71]. Under these conditions, the reverse Boudouard reaction (R 6)
and the water gas shift (R 7) are also taken into account for calculation of equilibrium. This part of
syngas production is of high importance because it affects the efficiency of the other components of the
hydrogen plant. It should be noted that any NG quantity that is not reformed cannot be utilized in any
other process that enhances hydrogen production. A further issue is the way it is removed from the
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retentate stream leading to CO; purification before compression and storage. There are three basic
parameters that define an autothermal reaction: temperature, pressure and steam-to-carbon ratio (S/C,
the amount of steam to total carbon in hydrocarbons of NG). As shown in the following figures (Figure
22 and Figure 23), higher S/C ratio and temperature increase the oxygen demand but reduce the rate of
unconverted hydrocarbons after the process.
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Figure 22. Oxygen demand at the ATR parametrically  Figure 23. Effect of ATR temperature on autothermal
with temperature and pressure reforming process (p=50.9 bar, S/C=1.5)

Regardless of the type of hydrogen plant investigated, the foremost objective is to maximize the
CO vyield and the secondary objective is to produce Ha. These goals correlate with the Chatelier’s
principle in WGS, which suggests that the equilibrium of shift reaction (R7) will favour the maximum
hydrogen production only if the reactant concentrations are as great as possible in the reaction zone.

2.3.3  Design of water gas shift reactors (WGS) and membrane separators (MSs)

The configuration of WGS reactors with non-integrated MS is presented in Figure 24.

oxygen water/ water/
steam steam
steam ' )J
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final fuel{ 397°C » __&OC
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Figure 24. Hydrogen production unit scheme with two separation stages

On the one hand, low WGS temperature favours CO shift, but the demand for Tsyngas—400°C for
high H, fluxes through the membranes increases the complexity and equipment cost of the unit. The
WGS reaction process is performed at two stages, i.e. at high temperature (400°C) and at lower
temperature (360°C) in order to achieve high CO conversion rates, which directly correlate to the
hydrogen recovery factor (HRF). The syngas is cooled down before each WGS reactor (at 272 °C) so
that the reactors operate adiabatically. The stream outlet temperatures from the membrane separators
(MSs) are calculated with the simulation tool presented in [72] for the rigorous modelling of H>
separation through membranes.
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a) Investigation of the H; separation stages in the membranes
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Figure 25. H; plant with a) one stage and b) three stages of hydrogen separation

In order to define the number of H; separation stages, two more cases, with one and three membrane
separators, are investigated. In the first case, the CO shift is performed at the same temperatures before
the H; separation. The one-reactor case is illustrated in Figure 25a. The composition of feed gas and
permeate gas for the three membrane stages is shown in Table 6.

Table 6. Gas composition of the streams at the 3-stages membrane case (Case 1)

molar fraction H, CO H,0 CO, CH4 No+Ar
MS# 1 feed inlet 0.569 0.043 0.202 0.172 0.006 0.007
MS# 1 feed outlet 0.377 0.062 0.292 0.249 0.009 0.011
MS# 2 feed inlet 0.413 0.027 0.257 0.284 0.019 0.000
MS# 2 feed outlet 0.203 0.037 0.348 0.386 0.026 0.012
MS# 3 feed inlet 0.216 0.025 0.336 0.396 0.026 0.000
Retentate 0.101 0.029 0.385 0.454 0.030 0.000
Final fuel 0.499 0 0.004 0 0 0.497
MS# 1 perm inlet 0.302 0 0.005 0 0 0.692
MS# 2 perm inlet 0.107 0 0.007 0 0 0.887
MS# 3 perm inlet 0 0 0.007 0 0 0.993

The selection of two stages of H, separation through membranes is justified in Figure 26. It is clear
from that for a certain hydrogen recovery factor, the plant efficiency for all the cases is almost the same
— as expected, because the final fuel composition is the same and the amount of heat that is recovered
from the steam cycle is also approximately the same. Furthermore, the CO conversion at the WGS
reactors is performed at an equal rate in all cases. However, the required membrane area is the critical
factor for the selection of the number of hydrogen separation stages: in the single-MS case, the required
membrane area is the largest, and in the two- and three-MS cases the corresponding total membrane
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area does not differ considerably. However, the introduction of the third WGS reactor increases the
equipment cost, despite the fact that the membrane area is reduced by around 1.5%. Thus, the selected
number of stages is two.
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Figure 26. Comparison of one-stage, two-stage and three-stage membrane separation

b) Investigation of the H, separation rate at the membranes

In order to determine the optimum operating conditions at the membranes, i.e. the rate of separation
at the two reactors that correlates with the corresponding membrane area, a sensitivity analysis is
performed. According to Figure 27, the rate of H; separation at the first membrane, which determines
the difference of hydrogen partial pressure at the rear end of the first membrane, affects the CO
conversion rate at the LT-WGS and the Apu. at the second membrane. From Figure 27, the best value
of Apwg at the outlet of the first membrane is around 9 bar.
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Figure 27. Effect of Apy: at the outlet of the 1%t membrane separator on total membrane area (Case 1)

2.4 Purification, compression and recirculation

Special attention should be paid to the design and optimization of the Purification and Compression
Unit (PCU). Unlike other pre-combustion CO, capture technologies, the retentate stream after Ho-
selective membrane separation does not contain pure CO,, and a purification process must be included
before CO, compression and storage. It is clear that apart from CO; the retentate stream contains H,0,
unreformed CH, and other hydrocarbons, plus unconverted CO and H. that did not permeate the
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membranes. Regarding oxygen stream purity, N> and Ar are expected, too. Two options are investigated
here: oxy-combustion of the remaining combustibles and cryogenic separation.

e  The first concept suggests the elimination of the remaining combustibles like CH4, H2 and CO
with pure O, derived from the ASU (Figure 28a). The combustion is performed under catalytic
conditions under near-stoichiometric conditions so as to minimize the excess oxygen at the final CO;
stream. In this concept, the use of an expander before combustion is investigated. Adding an expander
has a triple positive effect. Firstly, the mixture is separated more easily at lower pressures. Secondly,
the manufacturing cost of units such as the evaporator is significantly lower if they operate at lower
pressures. Thirdly, the CO.-rich mass flow rate that is compressed is less than the corresponding
retentate stream that is expanded, contributing positively to the total power balance.

e  The second concept suggests the recovery of the combustibles in cryogenic conditions. The
sensitivity analysis is focused in the CO, stream purification and compression block based on two
separation methods: (a) flash separator, and (b) distillation column.
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T
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Figure 28. Purification schemes a) oxy-combustion, and cryogenic separation with b) flash separators and c)
distillation column

Combustibles recovery mainly involves a distillation column, a heat exchanger, a flash separator
(Figure 28b) and an external refrigeration system (Figure 28c). After passing through the heat
exchanger, the inlet stream is partly condensed and is separated at the flash separator. The liquid stream
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is further cooled by means of the Joule-Thomson effect, while the gas stream is cooled through
expansion. Both streams enter the distillation column to make combustibles separation more effective.
The cooling loads for the column’s condenser are obtained from an external refrigerant and are
dependent on the desirable rate of carbon capture efficiency. The corresponding heat in the reboiler can
be obtained by the refrigerant inter-cooling while it is compressed. The distillation column outlet
streams can be used to assist the cooling of the retentate stream after water removal (reducing energy
consumption).

The refrigeration system comprises a two-stage compressor in order to provide cooling loads at two
different temperatures: at -20°C for the retentate stream cooling and at around -65°C (depending on the
recovery rate, which determines the dew point of the outlet gas stream) to fulfil the condenser duties at
the distillation column. The most suitable cooling medium employed in the modelling is R1150
(ethylene - C2Hy4). Assuming that the temperature approach of all heat exchangers is 3°C, the pressure
levels for the evaporation are 2.26 and 23.47 bar, and for condensing 27 bar. Finally, the compressor’s
polytropic efficiency is assumed to be equal to 0.82. Since the present cooling medium cannot reject its
heat directly into the ambient air while it is condensed, a secondary auxiliary cooling cycle is required.
The cooling medium in this refrigerant cycle is the commercial R134a and the coefficient of
performance COP of this cycle is assumed to be 3.59.

Table 7. Outlet streams from PCU for the three purification methods

separation method flash separator distillation column post combustor
stream rich CO, recovered rich CO; recovered rich CO;
combustibles combustibles
T(°C) 18.0 -29.2 18.0 16.7 18.0
p (bar) 110.0 25.0 110.0 25.0 110.0
m (kg/s) 2x49.96 2x2.21 2x49.66 2x2.52 2x46.70
CO; 96.28 18.65 99.77 7.74 96.59
- CO 0.01 0.23 0.00 0.26 0.00
2 H: 0.62 47.95 0.00 43.50 0.00
g  CH 1.80 16.20 0.04 26.25 0.00
2 N2 0.40 8.68 0.00 10.03 1.38
£ Ar 0.75 8.29 0.01 12.22 1.89
23 H20 0.14 0.00 0.18 0.00 0.13

The characteristics of the outlet streams from the PCU for the three purification methods are
depicted in Table 7, whereas the results of the four cases are compared in Figure 29 and Table 8. For
a certain carbon capture rate (CCR=90%), the best CO- purification option is oxy-combustion without
an expander. It seems that the heat utilization of the hot gases after the oxy-burner stage contributes
more effectively to the plant performance than the retentate stream expansion after the membrane
section.
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Figure 29. Net efficiency and total membrane area of the four under investigation cases

Table 8. Energy balance of the four cases based on different purification schemes

case number | 1l \ VI

e . oxy-combustion oxy-combustion  distillation flash
purification scheme . .

w/o expander with expander column separation

CO; avoided (%) 90% 90% 90% 90%
GT net power (MWe) 667.94 667.91 695.77 698.30
ST gross power (MWe) 350.73 336.23 274.83 275.77
Steam cycle auxiliaries (MWe) -8.19 -7.89 -7.07 -7.11
ASU consumption (MWe) -33.97 -34.00 -28.35 -29.60
N> compression (MWe) -61.32 -60.78 -50.76 -50.78
CO, purification & compression (MWe) -4.69 5.08 -14.61 -11.98
Net electric power (MWe) 910.50 906.55 869.81 874.60
Thermal power input LHV (MW4) 1791.71 1791.82 1738.25 1766.05
Net electric efficiency LHV (%) 50.82% 50.59% 50.04% 49.52%
Efficiency penalty (%) 7.5% 7.7% 8.3% 8.8%
CO2 specific emissions (g/kwWh) 42.16 42.73 43.29 43.60
SPECCA* (MJ_nv/kgCOy») 291 3.02 3.28 3.52

* SPECCA (Specific Energy Consumption for CO, Avoided) is the additional fuel energy (in MJ, referred to LHV)
required to avoid one kg of CO;

2.4.1 Off-gases recirculation of the catalytic oxy-combustion at the ATR

As stated above, the gas stream that exits the post-combustor consists mainly of CO; and H,O at
high temperature. Partial recirculation of this stream back to the ATR has multiple positive effects, such
as i) less steam extraction from the steam cycle, and ii) less oxygen demand for keeping autothermal
conditions in the ATR, since the inlet temperature of the mixture of NG with retentate increases. On the
other hand, the complexity of the unit increases, and consequently so does the operational cost of the
system. According to Figure 30, the recirculation of the retentate stream has a small beneficial effect
on efficiency (maximum 0.30% increase). The maximum plant performance is achieved for a split
fraction around 50%; however, since most of the units and pipelines would greatly increase in size in
this case, it must be concluded that this should not be adapted to the process.
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Figure 30. Effect of recirculation of fraction of retentate stream on plant efficiency

2.5 Determining optimum operating parameters

Having determined the configuration of the energy system that is being studied, the best values for

the operating parameters are investigated.

2.5.1 Steam to carbon ratio (S/C) at the ATR

The effect of both the S/C ratio and the HRF on the net efficiency is illustrated in Figure 31. It is
concluded that the steam to CO ratio (S/CO) limitation in the WGS for the avoidance of coke formation
on catalysts (S/C0>2.0) plays a considerable role in the determination of the optimum value of the S/C
ratio in the ATR. For both cases, for an S/C ratio less than 1.7, additional steam is required to be
extracted from the steam cycle and mixed with the syngas before the WGS reaction. Were it not for this
limitation, the best value of the S/C ratio would be smaller. The S/C value chosen is thus 1.7.
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Figure 31. S/C ratio effect for two HRF cases (with dash lines is the hypothetical trend of efficiency in case of
no restriction for S/CO ratio at the WGS)
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2.5.2 Hydrogen recovery factor

According to the above graph (Figure 31) the rate of hydrogen separation plays an important role
not only in plant efficiency but also in the total required membrane area. It is clear that the greater the
HRF the more hydrogen enters the GT instead of the oxy-combustor, and consequently the more
effectively the system operates. On the other hand, high HRF values require a greater membrane area,
which has a negative effect on the investment cost.

2.5.3 ATR temperature
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Figure 32. Effect of temperature at the ATR on the plant performance and H; productivity

As seen above, a comparatively low temperature in the ATR deteriorates the heat quality of the
produced syngas. The same trend is observed for plant efficiency and the specific hydrogen production
(Figure 32). Even though the heat input of the unreformed hydrocarbons and other combustibles is
transferred to the steam cycle through oxy-combustion, the net efficiency drops dramatically for
temperatures below 1000°C. The temperature that is set for the case study is therefore 1050°C.

2.5.4 Carbon Capture Rate (CCR)

One of the major advantages of Pd-membranes technology is the absence of carbon in the permeate
stream, which allows us to adjust the rate of CO, avoided by splitting off a portion of the inlet NG
directly to the GT. This benefits the efficiency of the plant and reduces the total membrane area required.
There are two possible positions for the introduction of the natural gas to the fuel: (a) in the sweep gas
phase before entrance to the membrane separator (MS#2) and (b) after the membrane separation and
before entrance to the GT, taking into account that the hydrogen molar fraction on the permeate side
cannot be greater than 50%.

As shown in Figure 33, lowering the carbon capture rates leads to higher net efficiency and lower
membrane area. Furthermore, the introduction of the natural gas before the membrane separation
reduces the demand for steam extraction in order to reach the desired H, concentration in the final fuel.
This has a beneficial effect on plant efficiency. However, the increase in the mass transfer rate of the
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hydrogen on the permeate side due to the presence of the hydrocarbons deteriorates the H, permeation,
resulting in an increase of the membrane area by 7%.
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Figure 33. Effect of CCR and the introduction of NG (prior of after the Membrane Separators) in case of
CCR#100% (HRF= 95%)

Hence, in CCR #100% cases it is favourable to introduce the natural gas after the membrane
separators. The cases with different CCR are compared in Table 9.

Table 9. Energy balance of the cases under investigation based on different capture rate and use or not of

expander

purification scheme

oxy-combustion

oxy-combustion with

w/o expander expander
case number 1 | v 1]
CO; avoided (%) 100% 90% 100% 90%
GT net power (MWe) 682.19 667.94 682.12 667.91
ST gross power (MW¢) 358.45 350.73 342.15 336.23
Steam cycle auxiliaries (MW¢) -8.53 -8.19 -8.19 -7.89
ASU consumption (MWe) -38.52 -33.97 -38.59 -34.00
N compression (MWe) -69.54 -61.32 -68.99 -60.78
CO;, purification & compression (MWe) -5.34 -4.69 5.79 5.08
Net electric power (MWe) 918.71 910.50 914.29 906.55
Thermal power input LHV (MW,) 1838.38  1791.71 183859  1791.82
Net electric efficiency LHV (%) 50.00% 50.82% 49.73% 50.59%
Efficiency penalty (%) 8.3% 7.5% 8.6% 7.7%
CO, specific emissions (g/kwWh) 2.15 42.16 2.16 42.73
SPECCA (MJLnv/kgco?) 2.92 291 3.02 3.02
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2.5.5 Membrane pressure
Feed gas pressure

The operating pressure on the feed side of the membrane separator (MS) determines the operational
pressure of the whole H; production plant. In the present study, the feed gas pressure is set at 46 bar. A
sensitivity analysis is performed in order to investigate the pressure effect on the total efficiency of the
plant and on the required total membrane area (Figure 34).

It is clear that a high operating pressure on the feed side of the membrane allows a significant
reduction of the total required membrane area, but the net efficiency of the plant deteriorates. This is
due to the fact that the hydrogen partial pressure difference on both sides plays a very important role in
hydrogen flux. As can be seen from Figure 34, an increase in the operating pressure on the feed side of
the membranes from 46 to 55 bar contributes to a reduction of the membrane area by 22%. On the other
hand, the cost of the other components in the hydrogen production unit (e.g. ATR, WGS and combustor)
is expected to increase — but there are no available data on this.
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Figure 34. Effect of the feed gas pressure in the membranes

Sweep gas pressure

Another way to enhance the H, flux through the membranes is to reduce the hydrogen partial
pressure at the permeate side. For lowering the sweep gas pressure below 25 bar, an extra compressor
is required downstream of the MS#2, so that the fuel enters the GT combustion chamber at an
appropriate pressure (Figure 35). Contrary to the previous case, when the volume of the gas is doubled,
the compression duty is considerably greater. In this section, cases where pperm<25bar are examined.
For the hydrogen plant system to be operational, several modifications should be made, which are
illustrated in the following figure. Where the fuel temperature after the C2 stage is greater than 500°C,
inter-cooling is required.
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Figure 36. Effect of pressure at the permeate side (CCR=90%, HRF=95%)

Figure 36 shows the efficiency of the system drops considerably when pperm is less than 10 bar.
This is due to the lower fuel inlet temperature at the GT combustor. Since the mair/ My ratio is relatively
high (around 7.0) the fuel inlet temperature plays a considerable role in the GT efficiency. For pperm
>10bar, the energy penalty due to fuel consumption after the membrane stage is balanced by the
increased fuel inlet temperature; thus, the net efficiency drops only slightly. On the other hand, the
required membrane area is reduced dramatically (up to 75% reduction of the membrane area), which
has a positive effect on the equipment cost of the plant. Another configuration is also investigated here:
the membrane separation takes place at two different permeate pressures. Only a part of the sweep gas
is compressed up to 25 bar and used in two coupled counter-current membrane separators; the rest of
the sweep gas is employed at lower pressures in a third membrane module (MS#3). The layout of the
hydrogen plant is shown in Figure 37.
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This configuration is investigated for MS#3 permeate pressure of 5 and 10 bar; the basic results are
summarized in Figure 38. For a greater proportion of permeated hydrogen at MS#3, the required
membrane area is reduced, while net efficiency drops due to higher power consumption for the fuel
compression at C3. However, the best case proves to be where the permeate side is at 10 bar at each
membrane separator: here, the efficiency remains above #ne: >50% and the total membrane area is
lowered significantly (69.4% reduction of the membrane area compared to pperm =25 bar). The HRFs of
MS#1 and MS#2 and 37.2% and 89.2%; the total HRF is equal to 95%.
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Figure 38. Sensitivity analysis of the combination of membranes with different permeate pressure (HRFiotal =
95%)

An alternative option for the use of the fuel stream from MS#3 is to fire it in the HRSG (i.e., the
afterburning option as suggested for the IGCC case by partner PTM). In the IGCC case, the turbine
exhaust temperature (front temperature on the gas side of the HRSG) is lower than that of the NGCC
(without any additional firing, 597°C for the IGCC compared to 608°C for the NGCC). This means that
post-firing fuel brings larger benefit for the IGCC case than for the NGCC case. Furthermore, by firing
combustibles at a point after the gas turbine, only the steam cycle efficiency is involved. Steam cycle
efficiencies are much closer to the ~45% total efficiency of the IGCC compared to the natural gas
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combined cycle of above 50% efficiency. Therefore, moving towards a larger steam cycle in the NGCC
is much more detrimental to overall efficiency, i.e. in terms of increased running costs.

2.6 Optimized case study

Following process selection and sensitivity analyses in sections 2.3 and 2.4, Case | emerges as the
optimum case as far as plant performance is concerned, since it shows the greatest net efficiency. The
schematic configuration of the base case is depicted in Figure 39. The process parameters for Case |
are summarized in Table 10. The energy balance of the plant is presented in Table 13, while the basic
characteristics of the streams relevant to the process flow sheet of Figure 39 are presented in Table 11.

Table 10. Process parameters for Cases | and VI

CASE | VII
purification scheme oxy-combustion w/o expander
S/C ratio at the ATR mole/mole 1.7
NG temperature before ATR °C 360
Pre-reforming Temperature °C 700
ATR Temperature °C 1050
HRF at MS#1 % 37.2
HRF at MS#2 % 89.2
HRF total % 95.0
HT-WGS Temperature °C 400
LT-WGS Temperature °C 360
Sweep gas inlet temperature °C 303
Oxygen purity % 95.0
Apw2 at the outlet of 1st membrane bar 9.0
pressure at the feed side bar 45 55
pressure at the permeate side bar 25 10
total membrane area m? 28588 9412

According to the previous sensitivity analyses, membrane pressure on both sides plays a significant
role in the reduction of the required membrane area. The optimum case for the minimization of the
required membrane area in conjunction with a net efficiency higher than 50% is Case VII. In this case,
the total required membrane area is 9412 m? The MS#1 has an area equal to 2x836 m? contributing to
hydrogen separation where HRF=37.1%. The MS#2 has a total surface area of 2x3870 m?, contributing
to hydrogen recovery up to HRF=95%. All the investigations to find the best combination of high
efficiency and low membrane area were performed keeping the design parameters of the membrane
constant (outer diameter do, inner diameter d, length L).

49



Chapter 2

~lele @
" 13:/UUUJ

| HRSG #1
__ syngas : -
water/steam finalfuel I lZO JZl 22
natural gas CO5-rich |
air/fluegas _______ Oyrich |
N,-rich

Figure 39. Process Flow Diagram for case |

1
13
11
________ syngas e
water/steam final fuel lZO JZl 22
natural gas CO,-rich
air/fluegas ________ O,-rich

N,-rich ! 23

Figure 40. Process Flow Diagram for Case VII
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Table 11. Main streams characteristics for case | (see Figure 39)

Chapter 2

Total Total molar composition (%)
ala  Flow Flow T P

kmol/s  kg/s °C bar H.0 CO, H, N2 (07} Ar CO CH4 CxHy
1 2.19 39.53 10.0 70.00 0.00 2.00 0.00 089 0.00 000 000 89.00 8.00
2 2.33 41.95 360.0 50.51 577 188 0.00 084 000 0.00 0.00 8386 7.54
3 3.81 68.67 433.2 50.50 100 0.00 0.00 0.00 0.00 000 000 0.00 0.00
4 1.21 38.95 130.0 50.50 0.00 014 0.00 129 9500 357 0.00 0.00 0.00
5 10.74 149.57 626.8 49.00 31.72 567 4538 033 0.00 040 1589 0.61 0.00
6 10.75 149.70 2720 49.00 3177 566 4535 033 000 040 1588 0.61 0.00
6a  10.75 149.70  400.0 48.00 2021 1722 5691 033 0.00 040 432 061 0.00
7 5.56 139.25  299.0 47.50 39.03 3327 1678 063 000 078 835 117 0.00
7a  5.56 139.25 385.6 47.00 36.61 56.10 4647 063 0.00 078 293 0.00 0.00
8 6.24 167.64 3024 25.00 11.71 0.00 0.00 8786 0.26 017 0.00 0.00 0.17
8a 8.75 173.93  386.0 24.00 717 0.00 36.61 5610 0.00 0.12 0.00 0.00 0.00
9 4.46 137.03  331.8 46.00 4042 4975 4.45 079 000 097 216 146 0.97
10 1251 180.31  397.3 23.10 6.10 0.00 50.00 4382 0.00 008 000 0.00 0.08
11  45.05 1300.0 15.0 1.01 1.01 0.03 0.00 7730 20.74 092 0.00 0.00 0.92
12 47.38 1276.7 1355.0 17.56 1562 0.02 0.00 7347 994 076 000 0.00 0.76
13 50.99 1380.7 607.5 1.04 1459 0.02 0.00 73.74 1070 0.77 0.00 0.00 0.77
14 029 9.44 131.8 50.50 0.00 014 0.00 129 9500 357 000 0.00 357
15  0.52 9.39 1500.0 5.00 100 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
16 461 146.47 911.8 41.00 46.29 51.69 0.00 084 001 116 000 0.00 1.16
17 247 107.92 28.0 40.50 0.12  96.13 0.00 157 0.01 217 0.00 0.00 217
18 247 10792 250 78.30 0.11  96.13 0.00 157 001 217 000 0.00 217
19 247 107.92 28.0 110.00 0.11  96.13 0.00 157 001 217 0.00 0.00 217
20 1448 260.79 559.5 110.34 100 0.00 0.00 000 0.00 000 000 0.00 0.00
21 12.95 233.26  560.5 26.45 100 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
22 13.68 246.47  308.7 4.85 100 0.00 0.00 000 0.00 000 000 0.00 0.00
23 13.68 246.47 26.0 0.05 100 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
24 50.99 1380.8 68.3 1.01 1459 0.02 0.00 73.74 1070 0.77 000 0.00 0.77
25 3.69 66.51 335.0 130.00 100 0.00 0.00 0.00 0.00 0.0 0.00 0.00 0.00
26 0.62 11.24 245.0 35.00 100 0.00 0.00 0.00 0.00 0.00 000 0.00 0.00
27 292 52.62 560.0 118.65 100 0.00 0.00 0.00 0.00 0.0 0.00 0.00 0.00
28  0.69 12.44 559.0 25.00 100 0.00 0.00 0.00 0.00 0.00 000 0.00 0.00
29 042 7.48 61.8 5.15 100 0.00 0.00 0.00 0.00 0.0 0.00 0.00 0.00
30 0.01 0.13 433.2 50.90 100 0.00 0.00 000 0.00 0.00 000 0.00 0.00
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Table 12. Main streams characteristics for Case VII (see Figure 40)

mass

molar

molar composition (%)

ala  flow flow ;I' P

kmolls kgl C bar  H,0 CO; H, N2 0 Ar co CHs  CHy
1 210 3791 100 70.0  0.00 200 0.00 0.89 0.00 0.00 000 89.00 8.00
2 201 3619 3600 595 573 1.89 0.00 0.84 000 000 000 8390 7.54
3 329 59.27 4332 595 100.0 0.00 0.00 0.00 0.00 0.00 000 0.00 0.0
4 103 3332 1300 595 0.00 014 000 1.29 95.00 357 000 0.00 0.00
5 923 12878 6246 580 31.89 568 4512 0.33 000 040 1576 0.82 0.00
6 923 128.78 2720 57.0 31.77 566 4535 0.33 0.00 040 1588 0.61  0.00
6a  9.23 128.78 400.0 565 2040 17.17 56.61 0.33 000 040 427 082 0.0
7 715 12439 3011 565 26.34 2224 4391 0.63 000 077 820 157 0.00
7a 7.5 12439 360.0 560 2371 24.86 46.54 0.63 000 077 289 157 0.0
8 532 14498 380.0 100 8.8 0.00 000 9137 027 018 000 000 0.8
8a 6.27 146.87 3831 100 6.95 000 1503 7764 023 015 000 000 0.5
8b 1068 15580 3340 10.0 4.35 0.00 5000 4556 000 009 000 000 0.09
9 386 117.96 400.0 550 40.66 49.12 440 0.78 000 09 212 1.96 0.96
10 10.89 15959 4695  23.0 4.27 0.04 49.03 4470 000 0.09 000 172 0.24
11 4505  1300.0 15.0 1.0 101 003 000 7730 2074 0.92 000 000 092
12 4669  1269.3 13550 17.6 1418 051 0.00 7400 1033 0.78 0.00 000 0.78
13 50.23 13716 6075 1.0 1325 048 000 7424 1107 079 0.00 0.00 0.79
14 5023 13716 683 1.0 1325 048 000 7432 1116 079 000 000 0.79
15  0.29 9.42 1321 595 0.00 014 0.00 1.29 95.00 357 000 0.00 357
16  4.03 127.38 1031.3 50.0 46.96 51.02 0.00 0.84 001 118 0.0 0.00 1.8
17 213 93.15  28.0 495 0.11 96.06 0.00 159 002 222 000 000 222
18 213 9315  25.0 783 0.11 96.06 0.00 159 002 222 000 000 222
19 213 93.15  34.0 110.0 0.11 96.06 0.00 159 002 222 000 000 222
20 1407 25355 5595 1103 100.0 0.00 0.00  0.00 000 000 000 0.00 0.0
21 1291 23250 5605 265 1000 0.00 0.00 0.00 0.00 000 000 0.00 0.0
22 1394 25117 3076 49  100.0 0.00 0.00  0.00 000 000 000 0.00 0.0
23 1394 25117 26.0 00 1000 0.00 0.0 0.00 0.00 000 000 0.00 0.0
24 047 8.41 1505 50 1000 0.00 0.0 0.0 000 000 000 0.00 0.0
25  0.40 7.29 4147  10.0 1000 0.00 0.00  0.00 000 000 000 0.00 0.0
26 057 1028 2450 350 1000 0.00 0.00 0.00 000 000 000 0.00 0.0
27 281 50.67 560.0 1186 100.0 0.00 0.00  0.00 0.00 000 000 0.00 0.0
28  3.15 56.69 3350  130.0 1000 0.00 0.00  0.00 0.00 000 000 0.00 0.00
29 015 2.64 61.8 52 1000 0.00 0.00 0.00 0.00 000 000 0.00 0.0
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The basic characteristics of the streams relevant to the process flow sheet for Case VI, the optimum
case, are presented in Table 12. The process flowsheet for Case VI is depicted in Figure 40, while the
process parameters are summarized in Table 10 and the corresponding energy balance is depicted in
Table 13:

Table 13. Energy balance

CASE | VII
CO; avoided (%) 90% 90%
GT net power (MWe) 667.94 661.72
ST gross power (MWe) 350.73 362.25
Steam cycle auxiliaries (MWe) -8.19 -8.37
ASU consumption (MWe) -33.97 -34.25
N2 compression (MWe) -61.32 -96.56
CO;, purification & compression (MWe) -4.69 -3.27
Net electric power (MWe) 910.50 881.52
Thermal power input LHV (MW4) 1791.71 1762.76
Net electric efficiency LHV (%) 50.82% 50.01%
Efficiency penalty (%) 7.5% 8.3%
CO, specific emissions (g/kwh) 42.16 42.16
SPECCA (MJLnv/kgco2) 291 3.28

By increasing membrane-tube diameter and keeping the outer gas flow envelope constant, the cross-
section of the permeate side is increased and the corresponding cross-section of the feed side is reduced.
This could positively affect the H, mass transfer on the radial axis on both sides, which increases the
H: flux. For instance, an increase of membrane-tube diameter by 30% would result in a total membrane
area of 7890 m? (16.2% reduction).

2.7 Comparison with other CO> capture techniques

In order to evaluate and compare the Pd membrane technology with other CO; capture techniques
in terms of plant efficiency, the thermodynamic analysis of other known options is performed and
discussed in this section. Each of these units is modelled in ASPEN Plus™: in all cases an issue of
utmost importance is choosing the right set of physical properties model, including the set of reactions.
These options for the processes modelled are presented in Table 14.

Table 14. Property methods selection for process modeling

Unit Property method
CO; removal with Selexol process PC-SAFT
CO; removal with Rectisol process RK-Soave

CO; removal with MEA/MDEA/K,COsprocess NRTL with electrolytes
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a. Chemical absorption options

In CO, capture by chemical absorption, separation from the syngas is performed bringing a MEA
aqueous solvent into contact with CO; in an absorber column, where the following reaction occurs:

+ _
(CH2)2 OHNH,+H,O + CO, <—>(CH2)2 OHNH; + HCQO, (R8)
CO,
‘clean’ gas cooler flash
lean solvent
. cooler
a
5 main heat 5
% exchanger, g
7]
gas-in
pump
............. - reboiler

for MDEA___ 4} steam

case only !

Figure 41. Typical design of chemical absorption systems

The gas outlet of the first flash separation (HP flash) contains light gases (CO & H, for pre-
combustion case and N, O, for the post combustion case) and is returned back to the absorber to
increase the overall recovery at the ‘clean’ gas stream. The release of CO; carried in the solvent occurs
in the stripper unit that operates at elevated temperatures, allowing the reverse reaction (1) to take place.
The MEA solvent is thus regenerated and reused. The required heat for solvent regeneration is provided
by steam extracted from the steam cycle. The gaseous outlet of the stripper mainly consists of CO- and
steam, and these two components are separated by condensation at ambient temperature.

Post-combustion CO; capture consists of CO; absorption by chemical absorption with MEA. The
power block parameters are kept the same as in the reference case. It has been assumed that the capture
rate is 90%. The pressure in the absorption column is set to 1.1 bar with a booster fan upstream, in order
to account for pressure drops and keep the GT exhaust pressure equal to the reference NGCC without
carbon capture. The absorption temperature is set to about 50°C, so a cooler is required after the HRSG.
The CO; captured by MEA in the absorption column is released in the stripper, where heat is required
for the reboiler. This heat is supplied by steam extracted from the steam turbine, de-superheated with
water. Stripper pressure at the bottom of the column is set at 1.8 bar and the reboiler temperature is
119°C. The CO; released in the stripper column is compressed according to the EBTF requirements[19],
with three compression stages (4.35 bar, 18.65 bar and 80 bar) with intermediate cooling to 28°C and
one pumping stage after the 80 bar compressor raising the pressure to 110 bar.

The nominal net output decreases because i) of the steam required for amine regeneration and ii) of
the additional auxiliary power consumption (amine circulation pumps, fans overcoming the gas pressure
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losses, additional cooling water pumps, CO, compressors). The amount of energy for regeneration is
assumed equal to 3.95 GJ/tonneCO, with steam at a pressure of ca 4.2 bar. Under these assumptions,
the predicted net electric efficiency penalty is of about 8.6 percentage points. The plant layout is shown
in Figure 42.

14

>
Figure 42. Natural Gas Combined Cycle with post-combustion Carbon Capture employing MEA

In the MDEA case, the solvent regeneration is performed partially with pressure throttling and the rest

of it with thermal stripping at ambient pressure. Therefore, the corresponding specific heat for solvent
desorption is considerably lower than that of the MEA process [54, 73]. The principle of CO; capture
with MDEA is similar to the MEA process:

OH(CH2)2 (CH3)2 N+H,O + CO, <—>OH(CH2)2 (CH3)2 NH*+ HCO, (R9)

The MDEA process is suitable for pressurized systems since it has a better performance at high

CO; partial pressures [74]. The main components of the NGCC power plant with pre-combustion
MDEA-based technology are:

A GHR-ATR that converts a steam-methane mixture into hydrogen into two consequential steps: a
pre-reforming gas heated reformer (GHR) and a more conventional air blown auto-thermal reformer
(ATR). In order to avoid catalyst poisoning from sulphur components present in the natural gas, a
desulphurization section is required in front of the reformer. The NG is humidified in a saturator
and preheated inside a heat exchanger with HP saturated water from the HP drum, before it mixes
with steam and enters the pre-reformer. The operating pressure of the GHR-ATR is 30 bar.
Reforming is conducted at 950°C with a S/C ratio of 1.5 and the additional required heat is obtained
using air as oxidant which is extracted from the GT compressor. Heat from the syngas is integrated
in the steam cycle by producing HP superheated steam.

Two water-gas shift reactors (WGS) that convert the CO within the syngas produced by the ATR
into CO; and H». The first WGS is a high temperature reactor allowing a fast conversion (smaller
catalysts volumes). The water-gas shift reaction is exothermic with the exit temperature rising to
400 °C and the heat released in the reaction is recovered by superheating HP and LP saturated steam
inside a heat exchanger. The second WGS reactor operates at lower equilibrium temperatures
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(around 224°C), where the reaction is promoted and enhances a further CO conversion. After the
LT WGS follows a heat exchanger heating up water for syngas saturation.

A CO; separation unit (carried out with MDEA technology) to capture CO- from the syngas exiting
the WGS in order to produce a decarbonised fuel (Hzand N2 with some traces of CH., CO and H.O
remaining from the previous reactions) which is then fed in the combined cycle. The operating
pressure of the CO- absorber is around 24 bar. The specific energy consumption for the process is
1 ca. MJ/Kgco2 and the required heat is provided by means of steam extraction from the LP ST. The
syngas output stream has high hydrogen content (58% vol) and is moisturized and preheated before
entering the combustor. A small fraction of the syngas is mixed with the natural gas feed and the
mixture is directed to the desulphurization unit.

Two saturators: the first saturator humidifies and heats the NG before the pre-reformer reactor; this
reduces the amount of steam bled from the turbine in order to reach the desired Steam-to-Carbon
ratio (S/C ratio). The second saturator humidifies the syngas before the combustor inlet lowering
the flame temperature with benefits on NOx formation.

The power block parameters are kept the same as in the reference case. This includes the Turbine
Inlet Temperature (TIT); this represents a change from current hydrogen fired turbine
manufacturer’s recommendations. However, this type of advancement may be expected as demand
for hydrogen fired gas turbines increases.

The CO; stream compression train is according to the EBTF requirements, with three compression
stages (4.35 bar, 18.65 bar and 80 bar) with intermediate cooling to 28°C and one pumping stage
after the 80 bar compressor raising the pressure to 110 bar.

Figure 43. Natural Gas Combined Cycle with pre-combustion Carbon Capture employing MDEA

The plant layout is shown in Figure 43. The same configuration is adopted for all the pre-

combustion options (physical absorption, hot potassium, cryogenics, CO2-selective MS etc.).
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The hot potassium technology for CO- capture is conducted in same configuration with the amine
scrubbing one. For the hot potassium (K.COs) process modeling, the equilibrium modelling of chemical
solvents in ASPEN Plus™ is based on Electrolyte NRTL (ENRTL) model, while the Redlich-Kwong-
Soave (RK-SOAVE) equation-of-state is employed for vapor phase prediction. In 35% w/w K;COs
solvent is considered (boiling point of the solvent: 115 °C, operating pressure: 20 bar) [75]. The
temperature dependent equilibrium constants of the CO, and H.S reactions were introduced to the model
according to [76].

b. Physical absorption options

Concerning the capture technology based on physical absorption, the CO; separation is also
performed through a contacting gas/solution absorption column. Since the process operates at high
pressures, the solvent regeneration can be achieved only with stages pressure throttling. The energy
duties for these technological options include power consumption for solvent pumping and cooling
provided from a refrigeration system. The CO, removal from syngas through physical absorption is
achieved with the increased solubility rates of CO- in certain water solutions, such as Selexol® (a blend
of dimethyl ethers of polyethylene glycol) and Rectisol® (methanol) at low temperatures [77, 78].

‘clean’ gas

v: lean solvent

cooler

absorber

) CO; pump
gas-in

Figure 44. Typical design of physical absorption systems

The process scheme of a typical physical absorption unit that is assumed for CO, capture is presented
in Figure 44 and the process parameters are summarized in the following Table 15:

Table 15. CO; capture Plant specifications

chemical absorption MEA MDEA Kz2CO3

absorber stages 8 8 6
lean solvent Y%ow/w 40 40
lean solvent temperature, °C 40 40
stripper stages 4 4 6
specific heat at reboiler, MJw/kgcon 4.17 1.92
specific power consumptions, MJ./kgcoz

physical absorption Rectisol™ Selexol™
lean solvent Y%ow/w 98.0 90.0
lean solvent temperature, °C -20 0
HP/IP/LP flash pressure, bar 5/1.01/0.16 5.5/1.01/0.18
specific power consumptions, MJ./kgcoz 0.24 0.36
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c¢. Cryogenics

The technique of CO; separation under cryogenic conditions (-54.5°C) is examined for both the pre
and post combustion options. The PCU scheme and operation parameters in both cases that are adopted
are based on flash separator and are presented in Section 2.4. In the post-combustion case, the PCU
operation does not affect the operation of the reference plant, but for the use of electricity for the
coverage of the power demands (compression duties). As mentioned above, in the pre-combustion case,
the system configuration is the same with the plant layout that is presented for the MDEA case.

d. CO; selective membranes

The core idea of the Pd membrane concept is the hydrogen separation from a H./CO, mixture
composing a pure fuel stream for the GT. The opposite idea is the permeated stream to be the pure CO;
stream that is sent for compression and storage by means a CO; selective membrane separation unit. To
increase the CO; permeability, extracted steam from the ST is used as sweep gas. Huang et al. proved
experimentally that using membrane with the facilitated transport mechanism and using steam as the
sweep gas, high CO; recovery (>95%) and selectivity rates (98%) can be achieved [79]. For the CO--
selective membrane, a simplified approach is adopted, assuming 100% selectivity and 90% CO;
recovery factor. The pressure in the permeate side is set at 11.5 bar. The permeate stream is cooled
down to 30°C and enter the TEG unit for effective H,O/CO; separation according to the EBTF
guidelines. The pure CO2 stream undergoes compression to 110 bar. The process configuration of the
H> plant is the same with the MDEA case (see Figure 43)

e. 0;/CO; cycle

In this case, the Air Separation Unit that is considered for the pure oxygen production is similar to
the proposed ASU in Section 2.3.1. In this case, since the oxygen is provided at the GT in gaseous form
in atmospheric pressure, the air booster is omitted. The ASU produces oxygen with 95% v/v purity with
specific consumptions 230.0 kWh/tno.. The oxidizing medium that enters the GT also consists of
recycling rich-CO; stream with oxygen concentration 23%. The GT operation parameters are the same
with the air-fired case. The flue gases that exit the boiler undergo intensive purification in order to
produce a pure CO; stream suitable for transport and storage. The PCU configuration that is adopted is
based on flash separator and is presented in Section 2.4.

Results - thermodynamic performance

Table 16 summarizes the main results from the process simulation for various CO, techniques in
NG fired power plant, in terms of plant performance, i.e. energy balance and specific CO, emissions. It
is clear that the CO, capture scheme based on Pd membrane separators has the best performance in
terms of net efficiency (or energy penalty) and SPECCA index. In this case, the major energy penalty
is for O2 production and N, compression, while the energy duty for CO, compression is negligible due
to the high operating pressure. On the other hand, in the case of the capture technology with amines,
steam extraction for solvent regeneration deteriorates the ST gross efficiency. The high energy penalty
for CO, compression for the physical solvent cases is due to the low CO; separation pressure from the
solvents.

As it is also stated in the Introduction [19], the amine scrubbing technique using MDEA in a pre-
combustion scheme has higher net efficiency than the MEA scrubbing in post-combustion option, owed
to lower specific regeneration heat. The comparison of the MDEA case with the two physical absorption
cases reveals that chemical absorption solvents have a greater loading capacity at relative low partial
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pressures than the Selexol™/Rectisol™ processes. It should be mentioned that the CO, concentration
in a syngas stream derived from natural gas reforming, is two or three times smaller than for a syngas
derived from biomass or coal gasification.

The use of cryogenic techniques for post-combustion capture has the worst performance, contrary
to the pre-combustion option, where the net efficiency is relatively high. In this case, the highest power
consumptions are observed in the CO, Compression Unit, due to the fact that the purified CO; stream
exit the Purification Unit with pressure below the atmospheric.

Finally, the oxy-combustion scheme is a less competitive option for NG-fired power plants due to
high consumptions mainly in the ASU and the Purification and Compression Unit.
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Table 16. CO; capture (CCR=90%) in NGCC with various CO; capture techniques - main results

post-combustion

pre-combustion

CO; capture scheme no €O oxy-
capture | \iea cryogenics | MDEA  Selexol™  Rectisol™  K,CO;  cryogenics C.02 Pd- MS fuel
selective MS
GT net power, % MWe/LHV 38.70 38.70  38.66 35.92 35.15 35.59 36.06 35.47 34.57 37.28 32.96
ST gross power, % MWe/LHV 20.00 14.72 20.44 17.96 19.14 19.36 13.41 19.38 16.92 19.58 25.35
steam cycle auxiliaries, % MWe/LHV -0.40 -0.34 -0.41 -0.44 -0.49 -0.50 -0.40 -0.50 -0.46 -0.46 -0.40
ASU + N, compression, % MWe/LHV - - - - - - - - -0.83 -5.32 -6.43
CO, capture unit, % MWe/LHV - -1.53 -15.90 -1.20 -2.68 -2.09 -0.87 -1.10 - - -0.66
CO, compression, % MWe/LHV - -1.85 -6.01 -1.87 -3.20 -2.98 -1.41 -3.23 -0.81 -0.26 -0.95
Net electric power, % MWe/LHV 58.30 49.71  36.78 50.37 47.93 49.38 46.79 50.02 49.39 50.82 49.88
Efficiency penalty, % - 8.6 21.52 7.93 10.37 8.92 1151 8.28 8.91 7.48 8.42
CO; avoided, % - 88.3 83.30 88.40 90.00 89.80 60.73 89.47 92.16 89.5 90.60
CO specific emissions, g/kwWh 354.3 41.6 56.0 41.0 42.6 42.5 179.8 43.4 32.7 42.2 25.4
SPECCA, MJpnv/kgcoz - 341 12.11 3.10 4.29 3.58 8.70 3.29 3.46 291 3.17
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2.8 Economic evaluation

This section presents an economic assessment of the membrane cases discussed in the previous
sections from a thermodynamic point of view. This analysis can indicate the optimal membrane operating
conditions and configurations in terms of economic viability. To this end, specific investment costs will
be firstly presented and discussed, while the cost of electricity and CO. avoided will be considered
afterwards. The assumptions and methodology for the economic analysis are consistent with the EBTF
common framework. The examined cases are benchmarked against the MDEA pre-combustion carbon
capture technology.

2.8.1  Specific investment costs

The calculated specific investment costs for membrane application in NGCC with different CCR are
presented in Table 17. In this calculation, the cost of the membrane module is assumed to be equal to 5.4
k€/m?. Total Capital Requirement is determined from Total Plant Costs (TPC), which are estimated from
Total Equipment Costs (TEC), adding installation costs (68% of TEC), indirect costs (14% of total direct
cost) and contingencies and owner costs (15% of TPC). The calculated membrane surface area is large,
resulting in economic penalties. The examined cases are:

e oxy-combustor for the CO, stream remaining combustibles (feed-side pressure: 46 bar, permeate-side
pressure: 25 bar) — Cases | and Il

e oxy-combustor and expander (feed-side pressure: 46 bar, permeate-side pressure: 25 bar) — Cases IlI
and IV

o (istillation column for the separation of the combustibles (feed-side pressure: 46 bar, permeate-side
pressure: 25 bar) — Case V

o flash separation of the combustibles (feed-side pressure: 46 bar, permeate-side pressure: 25 bar) —
Case VI

e oxy-combustor for the CO, stream remaining combustibles (feed-side pressure: 55 bar, permeate-side
pressure: 10 bar) — Case VI

Table 17. Plant costs and specific investment cost for the different cases and different CCR

Oxy-combustion Oxy-combustion
w/o expander oxy-combustion distillation flash w/o expander
(feed / permeate with expander column separation  (feed / permeate
side: 45/25bar) side: 55/10 bar)
Casel Casell Caselll CaselV Case V Case VI Case VII
CCR (%) 90% 100% 90% 100% 90% 90% 90%
Membrane cost (M€) 108.6 132.0 116.2 129.5 120.7 147.6 35.8
Total Equipment Cost (M€) 563.2 607.7 584.8 625.8 589.4 591.4 482.8
Total plant cost (M€) 1078.6 1163.8 1120.1 1198.5 1128.9 1132.7 924.7
Specific costs (€/kWhet) 1362.3 1456.8  1436.5 1524.9 14925 1489.3 1206.4

Table 17 illustrates that the specific investment costs for oxy-combustion without expander are the
lowest (among the cases with membrane feed-side pressure of 46 bar and permeate-side pressure of 25
bar). Membrane costs represent a significant part of the total equipment costs between 108.6 and 147.6
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ME, with the total equipment cost lying in the range 563.2-625.8 M€. Most of the cost of the reactor is
related to membrane manufacturing and layer deposition (which is not affected by the membrane) as well
as manifolding (which is assumed to be independent from the feed pressure). However, when the
membrane feed-side pressure is increased up to 55 bar and the permeate-side pressure is reduced down to
10 bar (Case VII), the membrane costs and consequently the total equipment costs are reduced
significantly. The CCR significantly affects the membrane cost, since the greater the CCR the greater the
membrane area requirements. The second most expensive component is the GT (seeTable 18).

Table 18. Total Plant Costs (M€) and Specific Investment Cost for the different cases and different CCR

Case VII  Case Il Case | CaselV Caselll CaseV  Case VI
CCR (%) 90 90 100 90 100 90 90
GT generator and auxiliaries 104.77 105.06 105.73 105.06 105.73 106.35 106.47
HRSG, ducting and stack 53.54 54.06 55.27 51.28 52.92 51.31 50.71
HRSG 2 (GHR ATR) 6.72 6.90 7.54 4.26 7.54 4.93 4.97
HRSG 3 (WGS) 2.38 2.37 2.59 3.35 2.59 2.47 3.15
HRSG 4 (post combustion) 8.67 5.50 9.54 4.65 8.35 6.46 4.31
ST generator and auxiliaries 50.17 49.10 49.82 46.76 47.26 41.70 41.79
Cooling water system and BOP 63.23 62.12 63.21 61.08 62.11 51.72 54.19
CO, compressors and condensers  4.81 6.14 6.73 17.90 19.55 15.56
Distillation column 43.12
GHR ATR 54.43 55.02 60.07 55.02 60.07 57.86 58.48
WGS HT+LT 14.61 14.77 16.13 14.77 16.12 15.53 15.70
N2 compressor 14.67 21.77 23.69 21.64 23.55 19.19 19.39
ASU 67.51 69.93 73.36 69.91 76.31 61.26 61.90
Expander 11.20 12.23 4.99 411
Heat exchangers 1.58 1.78 1.94 1.78 191 1.85 2.52
Membrane separators 35.77 108.63 132.03 116.16 129.53 120.67 147.58
Fuel compressor 0.59
H, compressor 22.07
Total Equipment Costs 482.84 563.18 607.65 584.83 625.77 589.41 591.42
Total Installation Costs 328.33 382.96 413.20 397.69 425.52 400.80 402.17
Total Direct Plant Costs 811.17 946.14 1020.86  982.52 1051.29  990.22 993.59
Indirect Costs 113.56 132.46 142.92 137.55 147.18 138.63 139.10
Total Plant Costs 924.73 1078.60 1163.78 1120.08 1198.47 1128.85 1132.69
Contingency 92.47 107.86 116.38 112.01 119.85 112.88 113.27
Owner's costs 46.24 53.93 58.19 56.00 59.92 56.44 56.63
Total Capital Requirement 1063.44 1240.39 1338.34 1288.09 1378.24  1298.17 1302.60
Net Power Output (MW) 881.52 910.50 918.71 896.71 903.83 869.81 874.63
Specific Cost (Euros/kW) 1206.37 1362.32  1456.76  1436.45 1524.89 149249  1489.32

2.8.2 Cost of electricity and cost of CO; avoided

The cost analysis of the examined cases on a yearly basis is illustrated in Table 12.12, while in Table
12.13 the cost analysis per MWhe, the cost of electricity (COE), and the CO; avoidance cost are presented.
The economic viability of the application of the Pd-membrane-based CO; capture technology in NGCC
systems is examined on the basis of the break-even electricity-selling-price method. The comparison of
the examined cases in terms of cost of electricity and CO, avoidance cost demonstrates that the CO;
avoidance cost and the COE are strongly dependent on membrane cost, which potentially represents a
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significant part of the total capital requirement of the installation if there are high membrane area
requirements. The fuel costs and the investment costs represent the most important part of the cost per
MWh. Given that membranes have to be replaced every five years, membrane cost reduction or flux
increase is fundamental to reduce the cost of consumables and render the technology more competitive.
The CCR-100% cases result in reduced energy efficiencies and increased COE compared to the respective
CCR-90% cases. However, the cost of CO; avoided is lower.

Table 19. Cost analysis on yearly basis

Oxy burner Distillation Flash Oxy Oxy OxyBurner OxyBurner
w/o expander, separation  Burner Burner +expander
column - +expander
feed/permeate CCR 90% -CCR CCR CCR CCR 90% CCR
side: 55/10 bar ° o 90% 90% 100% ° 100%
Case VII Case V Case VI Case | Case Il Case 111 Case IV
Net Electric efficiency (%) 50.01 50.04 49.52 50.82 49.97 50.06 49.17
Electric efficiency (%) 50.01 50.04 49.52 50.82 47.97 50.06 49.17
Fuel cost (M€/y) 309.36 305.06 309.94 314.45 322.64 314.39 322.59
PAI (M€/y) 32.12 37.22 37.32 35.97 38.09 37.00 38.96
Maintenance (M€/y) 18.49 22.58 22.65 21.57 23.28 22.40 23.97
Consumables, (M€/y) 9.73 17.24 20.32 17.25 19.87 17.78 19.40
Table 20. Cost analysis per MWhe
Oxy Burmer . illation  Flash Oxy — Oxy  Oxy Oxy
. w/o expander, . Burner Burner Burner + Burner +
Electricity cost components column-  separation -
feed/permeate CCR90% CCR 90% CCR CCR expander  expander
side: 55/10 bar ° ° 90%  100% CCR90% CCR 100%
Case VII Case V Case VI Case | Case Il  Case lll Case IV
Investment cost, (€/MWh) 16.78 20.76 20.72 18.95 20.27 19.98 21.21
Fixed O&M costs, (E/MWh)  7.82 9.36 9.34 8.61 9.1 9.02 9.48
Consumables, (€/MWh) 1.48 2.68 3.15 2.56 2.93 2.68 2.90
Fuel costs, (E/MWh) 46.79 46.76 47.25 46.05 46.82 46.75 47.59
COE, (€/MWh) 72.87 79.56 80.46 76.17 79.12 78.43 81.18
Cost of CO; avoided, (€/tcoz) 62.05 83.57 86.48 72.49 72.55 79.91 78.41

The cost of electricity as a function of membrane cost for the cases under investigation is shown in
Figure 45, while Figure 46 illustrates the cost of CO; avoided. It can be seen that the Pd-membrane-based
concept with oxy combustion (Case ), which is the optimum choice for the CO; stream purification in
terms of energy efficiency vs. the MDEA pre-combustion CO; capture technology, can achieve reduced
cost of CO; avoided, given that the membrane cost does not exceed the threshold of ¢. 4.5 k€ m2, which
could be regarded as a target cost for early-stage application of the technology. From the figures below, it
is evident that when the membrane feed pressure is increased up to 55 bar, while the permeate-side pressure
is reduced down to 10 bar, the costs of electricity and CO; avoided are significantly lower than the MDEA
base case, even when the membrane cost is assumed to be 5.8 k€/m?. In this case, a CO, avoidance cost
7.4% smaller than the MDEA base case is achieved.
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Figure 45. COE as a function of membrane cost
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Figure 46. Cost of CO; avoided as a function of membrane cost

2.8.3  Effect of membrane area reduction on COE and cost of CO; avoided

The CO; avoidance cost and the COE for the optimum case, i.e. where there is oxy-combustion w/o
expander, can be further reduced when different membrane characteristics are taken into consideration
(Table 21). The following cases are examined: (i) membranes with double permeance compared to the
original case, and (ii) membranes with the support layer thickness reduced by half compared to the original
case. In these cases the membrane area requirements are reduced by 14% and 26%, respectively.

Table 21. Plant costs for different membrane characteristics

CCR (%) Original case  Double permeance  Reduced support layer thickness
Membrane (M€) 108.6 93.1 80.7

Total Equipment Cost (M€) 563.2 547.7 535.3

Total plant cost (M€) 1078.6 1048.9 1025.1

Specific costs (€/kWnet) 1362.3 1324.8 1294.7
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As expected from the thermodynamic results and investment cost assessment, the lowest cost of
electricity and CO; avoided is achieved when the membrane surface area is minimized (see Figure 47 and
Figure 48). This is because membrane costs take up a significant share of the overall plant costs.
Membranes also lead to higher total plant costs, as they affect investment and fixed costs. This is because
membrane lifetime is assumed to be only five years.
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Figure 47. COE as a function of membrane cost
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Figure 48. Cost of CO- avoided as a function of membrane cost

2.9 Conclusions

Through rigorous process simulation and sensitivity analyses, it can be concluded that an NGCC-CCS
plant integrated with Pd membranes can achieve a net energy efficiency of 50.3% at a carbon capture rate
close to 100%, or a net energy efficiency of 51.10% at a reduced capture rate of 90% (the same, for
example, as the NGCC-CCS base case using MDEA). The latter can be achieved by downsizing the
hydrogen block and mixing the fuel gas stream with natural gas. The economic evaluation reveals that the
optimum membrane case can achieve a CO; avoidance cost 7.4% lower than the MDEA base case. The
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economic evaluation also reveals that the most important part of the cost per MWh, where improvements
are possible, is the investment cost, which is strongly affected by the required membrane area and
associated costs. Thus, in order to render this technology competitive, it is of utmost importance to focus
on the reduction of these costs. To understand the potential of membrane area reduction, a sensitivity
analysis of H; flux against various membrane parameters has been performed. The study has highlighted
that mass transfer resistance on the feed side and across the ceramic support layer is the most significant
limiting factor on the overall H flux across pure Pd membranes. This indicates that future R&D activity
in Pd membranes needs to devote more effort to membrane modules and support designs in order to reduce
mass transfer resistance and unleash a higher H; flux for Pd membranes. Membrane material research will
remain essential, but for natural gas application it will be more driven by the stability and robustness of
the Pd material than H, permeability.

66



3. Exergetic comparison of CO: capture techniques from solid
fossil fuel power plants

3.1 Introduction

The development of carbon capture from gases produced in thermal process like combustion in the
form of CO; and its storage in appropriate geological formations is one of the most promising options for
Greenhouse Gas (GHG) effect reduction. The greatest interest for Carbon Capture and Storage (CCS)
implementation is found on the power production sector, and more specifically, on coal-fired thermal
plants which account for most of the anthropogenic CO; emitted worldwide [8]. Post-combustion capture
options are considered the most mature of the options for CO; separation, i.e. its separation and capture
from flue gases. The other important technology is oxy-combustion, i.e. the replacement of air with pure
oxygen stream as the oxidizing medium.

Among the post-combustion CO, capture techniques, the most mature technology that is most likely
to become commercially available in large scale is chemical absorption by mean of amine solution such
MEA (monoethanolamine)[80]. The CO- separation from the flue gas is performed in the absorber column
where an amine aqueous solvent reacts with the CO,. The release of CO and simultaneously the solvent
regeneration is conducted in a stripper, at elevated temperatures where the reverse reaction takes place.
The required heat for the solvent regeneration is obtained through steam extracted from the power plant’s
steam cycle. The rich-CO- stream is easily purified by water condensation and is compressed with inter-
stage cooling (Figure 49).
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Figure 49. amine scrubbing configuration

Another promising technology is the calcium looping (CaL) [81]. The main principle of this process
is the continuous calcium sorbents recirculation between a carbonator and calciner reactor. In the
carbonator, CO- from flue gas is captured by reacting with solid lime (CaO) to form limestone (CaCOs).
The sorbent's regeneration and CO; release is performed with a calcination process. Due to the
endothermic nature of the calcination reaction, the simultaneous fuel combustion in the reactor (calciner)
is required. To achieve high CO, concentrations in the out-coming gas, pure O, stream is used. The great
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amounts of excess heat from the process is recovered and utilized for electricity generation. Previous
studies have shown than the CaL process can achieve the lowest energy penalty compared to other capture
techniques like chemical absorption [82] and oxyfuel [33]. The process flowsheet diagram is depicted in
Figure 50.
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Figure 50. CaL process flowsheet

Finally, the third pathway studied here is based on the so called oxy-combustion - O2/CO, combustion.
Using oxygen in CO- instead of air as oxidizing agent, the produced flue gas is composed of CO, and H.O
which are easily separable through cooling and water condensation. In order to regulate the combustion
temperature through thermal mass introduction that would otherwise be air’s N2, portion of the flue gases
is recirculated and mixed with the pure oxygen stream prior to combustion. The technology that is adopted
for large quantities of pure Oz (95% v/v) is through cryogenic distillation in Air Separation Unit (ASU)
(Figure 51).
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Figure 51. Air Separation Unit configuration for pure O, production
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Exergy analysis of CCS schemes is already presented by other researchers with valuable results for
understanding each process limitations. Amrollahi et al. revealed for the amine scrubbing process that the
greatest amount of exergy is mainly lost in the CO, absorption process and in the solvent regeneration unit
[83]. Through exergy analysis in calcium looping process [84, 85] it is revealed that a large amount of
exergy dissipation is observed during calcination. In the oxy-fired power plants, exergy based studies were
focused on the improvement of sub processes performance comprising the power plant. For example in
[86, 87], it is revealed that a great part of exergy losses occur in the Air Separation Unit and the CO,
purification Unit respectively Xiong et al. [88] showed that an oxy-fired combustion boiler has lower
exergy penalty that the corresponding air-fired. They also estimated that an overall 4.08% exergy penalty
in the oxy-combustion case without taking into account the CO, compression. Exergetic analysis has also
been performed for other CCS technologies such a pre-combustion scheme including H. selective
membranes and cryogenic separations [89, 90].

The main scope of this study is to perform the exergy analysis of the three capture technologies and
to calculate the irreversibilities in each process indicating which of them operate with the most effective
way in principle, based on the second law of thermodynamics. Firstly a certain coal-fired power plant is
assumed, retrofitted with these three capture techniques. Through this analysis, the determination of the
limitations for further improvement of these is addressed. The second law analysis a very useful tool is an
approach that can lead to more objective conclusions. The main question that is addressed to be answer in
this study is the following: “What kind of energy is best to be spent for CO, capture in a coal PP, low
quality heat through steam (MEA), high quality heat through fuel combustion (CaL) or electrical power
(oxyfuel)?”

3.2 Model description

The process simulations are performed with ASPEN Plus™. The process modelling of the selected
reference case is not presented in detail since the plant performance optimization at the main boiler is
beyond the scope of the paper. The reference case is assumed to be a modern pulverised coal fired
atmospheric steam boiler, supercritical with single reheat and air preheater with hot flue gas (LUVO). The
feedwater preheating before it enters the boiler is also taken into account by using extracted steam from
both high and low pressure steam turbine. The net electrical power output is defined at 300.0 MWe and
the corresponding gross 310.9 MWe. The fuel properties and the main specifications for the reference
plant operation are summarized in Table 22.

Table 22. Reference plant key parameters

Fuel properties Operating parameters
C (% d.b) 69.8 air equivalence ratio 1.25
H (% d.b.) 3.9 HP steam (°C/bar) 600/240
O (% db.) 7.2 CRH steam (°C/bar) 370/65
N (% d.b.) 1.7 HRH steam (°C/bar) 600/60
S(%d.b) 0.4 steam turbine isentropic efficiency HP/IP/LP (%) 92/94/88
ash (% d.b.) 17.0 condenser pressure (bar) 0.050
moisture (w/w %) 7.8 feedwater preheating temperature (high/low pressure °C)  125/240
LHV (kJ/kg a.r.) 25460 fuel gas temperature before LUVO (°C) 325

air temperature after LUVO (°C) 300
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3.2.1 MEA Scrubbing

In CO; capture by chemical absorption with amines, separation from the flue gas is performed bringing
a MEA aqueous solvent into contact with CO; in an atmospheric absorber column, where the following
reaction occurs:

(CH,), OHNH,+H,0 + CO, <>(CH, ), OHNH;+ HCO; (R1)

The required heat for solvent regeneration is obtained from low pressure steam condensation (i.e. 5
bar), which is extracted from the turbine. The property method that is selected for such a model case is
NRTL with electrolytes, as it is in the ASPEN Plus™ library [91]. The make-up MEA for amine
compensation due to degradation is determined according to the Strube & Manfrida’s study [92] (see Table
26). The main characteristics of the basic streams for the amine scrubbing case are shown in Table 23.

Table 23. Streams characteristics of amine scrubbing case (for stream numbering see Figure 49)

m T p molar composition (%)
stream (kg/s) (°C) (bar) H.0 CO; N2 0O, Ar MEA
1 346.7 50.0 1 7.0 14.6 74.2 3.3 0.9 0.0
2 284.0 55.2 1 10.4 1.6 83.3 3.7 0.9 0.0
3 2108.9 40.1 1 80.4 6.8 0.0 0.0 0.9 12.7
4 2171.6 58.7 1 80.6 13.4 0.0 0.0 0.0 6.0
5 24.6 25.0 1 99.8 0.0 0.0 0.0 0.0 0.2
6 2170.8 95.3 1.3 80.6 13.4 0.0 0.0 0.0 6.0
7 2084.3 110.6 1.1 80.4 6.8 0.0 0.0 0.9 12.7
8 67.8 29.5 1 1.9 97.8 0.2 0.0 0.0 0.0
9 67.3 25.0 60 0.3 99.4 0.2 0.0 0.0 0.0
10 67.3 24.9 110 0.3 99.4 0.2 0.0 0.0 0.0
11 93.3 248.6 5.0 100.0 0.0 0.0 0.0 0.0 0.0
12 93.3 120.6 4.6 100.0 0.0 0.0 0.0 0.0 0.0

3.2.2 Calcium Looping Process

The methodology for the carbonation process simulation is mainly based on the model introduced by
Charitos et al. [93], slightly modified in order to take into account the presence of sulphated part of
sorbents. The basic equations for the estimation of the carbonation efficiency (Ecar), the carbonate ratio
(Xcarb), the reaction rate (RRcarb), the fraction of active particles for carbonation reaction (fat) and the CO;
fraction at the clean gas (Ycoz,0ut) are presented below:

Yeo,.0u . (Eq. 4)
Ecarb :1_—(” =min ( Eeq ) (¢ fact : RRcarb ’ T))
yCOZ,in
£ _q Yoo _; 4137-20 (_ 20474} (Eq. 5)
“ yCOZ,in yCOZ,in T [K]
- Neain (Eq. 6)
Feo,.in
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t* Xmax - Xcalc - Xsulf (Eq 7)
fo=1-exp| ———  |=1-exp| - FCa,in
NCa,inv/FCa,in ¢ RRcarbNCa,inv
RRcarb = kc ’ Xmax '(ycoz - yCOZ,eq) (Eq. 8)

where, p=1, k.=0.26 s[93]. The carbonate conversion is calculated via the following expression:

Foo . (Eq. 9)
CO,,in E

x carb + X

carh — calc

Ca,in
The estimation of maximum CO- carrying capacity (Xmax) as a function of the looping ratio (Fg) and
the fresh limestone ratio (Fo) was according to the approach developed by Hawthorne et al. [94]. According
to this, the maximum fraction of CaO available to form CaCOj; after the N cycle for a random particle is
estimated from the following empirical equation:

(1-X,)" +kN
where k=0.52 and X,=0.0863 (residual capacity) are constants depending on the type of sorbent. The

average total carrying capacity Xmax is based on the population balance and is given by the following
equation:

X, (Eg. 10)

N

N-1

X 225(1—5] X, (Ea.11)
N Fr Fr

Figure 52 presents the dependence of Xmax by the variation of the fresh limestone ratio (Fo) and looping

ratio (Fr). Increase of fresh limestone enhances the maximum carrying capacity, whilst high looping ratios
have the opposite effect.
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The algorithm for the calculation of the carbonation reaction rate based on the aforementioned
methodology was developed using a FORTRAN house-built code, interconnected with the carbonator
model in ASPEN Plus™ (as a continuous stirred reactor). The calciner modeling was based on chemical
equilibrium, which predicts total carbonate conversion under the specified conditions in the calciner
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reactor. The main operation parameters of the CaL system are summarized in Table 26. The characteristics
of the basic streams of the CaL base case are shown in Table 24.

Table 24. Streams characteristics of CaL unit (for stream numbering see Figure 50)

stream m T p molar composition (%)

(kgls)  (°C) (bar) HO CO; N2 0, Ar CaO CaCO; CaSO; SiO;

1 346.1 1640 1 7.0 146 742 3.3 0.9 0.0 0.0 0.0 0.0
2 346.1 3300 1 70 146 742 33 0.9 0.0 0.0 0.0 0.0
3 2805 6499 1 8.0 2.0 85.2 3.8 1.0 0.0 0.0 0.0 0.0
4 2805 90.0 1 8.0 20 852 38 1.0 0.0 0.0 0.0 0.0
5 6726 8995 1 0.0 0.0 0.0 0.0 0.0 99.3 0.0 0.6 0.1
6 7382 7000 1 0.0 0.0 0.0 0.0 00 86.7 12.6 0.6 0.1
7 2579 7630 1 158 78.7 11 2.7 1.6 0.0 0.0 0.0 0.0
8 101 8985 1 0.0 0.0 0.0 0.0 0.0 992 0.0 0.6 0.2
9 266 25.0 1 coal analysis — see Table 22

10 164 251 1 0.0 0.0 0.0 0.0 0.0 0.0 91.9 0.0 8.1
11 246.6 15.0 1 1.0 0.0 77.3 207 0.9 0.0 0.0 0.0 0.0
12 58.7  29.6 1 15 950 35 0.0 0.0 0.0 0.0 0.0 0.0
13 1049 2603 1 158 78.7 11 2.7 1.6 0.0 0.0 0.0 0.0
14 1435 280 1 28 910 13 3.2 1.9 0.0 0.0 0.0 0.0
15 256.1 600.1 260 100 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0
16 177.1 600.0 38 100 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0

3.2.3 Oxyfuel

Pure oxygen production is performed based on a cryogenic method applied in the ASU. The separation
of oxygen from air is based on the different dew point of oxygen and nitrogen, preferably at high pressures.
The split of these two compounds is accomplished in two distillation columns, one high and one low
pressure. The outlet stream from the latter are in low temperature and are used as the cooling medium for
air refrigeration in a heat exchanger. The process parameters specification are adjusted in order to achieve
95% pure oxygen stream and >99% purity in the nitrogen one.

Table 25. Streams characteristics of ASU for the oxyfuel case (for stream numbering see Figure 51)

T p molar composition (%)
stream

(kg/s) (°C) (bar) H20 N> 0, Ar
1 278.7 15.0 1.0 1.0 77.3 20.7 0.9
2 278.0 28.0 4.7 0.6 77.6 20.8 0.9
3 276.8 20.0 4.5 0.0 78.1 21.0 0.9
4 276.8 -177.2 4.4 0.0 78.1 21.0 0.9
5 191.1 -187.0 1.9 0.0 67.8 30.8 1.4
6 85.7 -189.6 1.9 0.0 100 0.0 0.0
7 65.5 -182.7 1.1 0.0 15 95.0 35
8 211.3 -189.8 1.9 0.0 98.8 1.0 0.2
9 65.5 15.0 1.3 0.0 1.5 95.0 35
10 211.9 9.5 1.9 0.4 98.4 1.0 0.2
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Due to the fact that the fuel combustion is performed with oxygen excess, which cannot be easily
removed from the rich-CO. gas stream - contrary to the water content, which is removed through
condensation after cooling - a cryogenic separation unit is required. The process parameters of all the CO;
capture cases are summarized in Table 26. The characteristics of the basic streams of the ASU regarding
the oxyfuel case are shown in Table 25.

Table 26. CO; capture Plant specifications and modelling assumptions

chemical absorption with MEA

absorber / stripper stages 8/4
lean solvent w/w 40 %
lean solvent temperature 40°C

Make-up MEA
specific heat at reboiler

1.2-10* kg/Kdiean solvent

3.58 M\]th/kgcoz

Calcium Looping process

carbonation / calcination Temperature 650 /900 °C
looping ratio, Fr 8.2 (mol/mol)
make-up ratio, Fo 0.05 (mol/mol)
maximum sorbents conversion, Xmax 0.1624
solids inventory at the carbonator 415000 kg
pressure drop in the carbonator 150 mbar
carbonator reactor volume 4685 m3
BMH — solids temperature outlet 700 °C
specific oxygen production 220 kWh/ton O,
O, concentration in rich-O; stream 95.0%
O concentration in oxidizing medium 40.0%
oxygen concentration at the calciner outlet 6% v/v
02/CO; cycle
O, concentration in rich-O; stream 95.0%
O concentration in oxidizing medium 30.0%

specific power consumption in ASU 220 KWh/tnO,
pressure ratio at ASU compressor 4.8

3.2.4  CO; purification and compression

Even though the gas stream that is produced in the oxy-fired reactor (combustor of calciner) is in high
CO; concentration, it is not allowed to be transferred and stored unless gas purification takes place. The
problem of O, tracking in the rich-CO; stream is observed for any oxy-fired case, regardless of the process
under investigation. From experimental and numerical studies on both Pulverized Coal (PC) [49, 95] and
Circulating Fluidized Bed (CFB) [96-99] oxy-fired boilers, the specified oxygen to fuel equivalence ratio
(M) is specified between 1.1-1.2 and the corresponding O concentration at the flue gas exit is around to
1.5% or even higher. On the contrary, very few experimental studies on oxy-calcination have been
performed using coal so far and the reported oxygen excess at the exit of the reactor is reported to be more
than 5% to ensure high fuel combustion efficiencies [100, 101]. Hence, like in oxy-fuel cases [102-104]
the implementation of CO, purification unit for the removal of oxygen and other inert gases is essential
for the CaL technology, too. Primarily for H&S (explosion avoidance), technical reasons (mainly
corrosion), [26-28] and increase in storage capacity[29] the limitations for condensable and non-
condensable components are rather strict, making the gas treatment before compression compulsory.
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For the case of CO; stream derived from the oxy-calciner, according to the limitations shown in Table
27, H2O and O are the species that require intensive removal in order to meet the abovementioned
specifications. Inert gases (Ar, N2) are present in the CO; stream but their concentration is under 4%.
Regarding the NOy, there is not a justified conclusion about the impact of calcination reaction on the rate
of their formation in the oxy-calciner. However, the NOx emissions are expected to be low and around 100
ppm [49, 105]. Similarly for the SO« production, there is not clear view. In this study it is assumed that S
originating from the fuel totally reacts with CaO sorbents forming CaSOa.

Table 27. Indicative CO; stream specifications for transportation, EOR and geological storage (adopted by [27])

component transportation EOR geological storage
CO; >95% >95% >90%

H.O <50 ppmv <50 ppmv <500 ppmv
H>S <10-200 ppmv <50 ppmv <1.5%

0O, <10 ppmv <10 ppmv <4%

Ar <4% <4% <4%

N2 <4% <4% <4%

H» <4% <4% <4%

CO 0.2% <4% <4%

CH4 <5% <4% <4%

NOy <100 ppmv <50 ppmv <200 ppmv
SOy <100 ppmv <50 ppmv <200 ppmv

The specified excess air in the calciner plays the most important role on the concentration of the non-
condensable components in the rich-CO; stream. The water content depends on the moisture and hydrogen
content of the fuel used in the calciner. Figure 53 shows the gas species concentration in the CO, stream
in comparison with the corresponding limitations for the application of the pure CO; in Enhanced Oil
Recovery (EOR) processes [26, 27]. According to Figure 53, the nitrogen and argon concentration are
below the threshold, however extensive removal for water and oxygen is required, regardless of the oxygen
ratio. Additionally, current combustion technologies in fluidized bed boilers can insure high combustion
efficiency rates with low excess oxygen ranging from 1.05 to 1.20 [105]. As it is illustrated in Figure 53,
an oxygen removal unit is inevitable.
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Figure 53. Effect of excess air on gas species content in the CO, stream after gas cooling and comparison with
the specified limitations
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The process flow diagram of the Purification and Compression Unit (PCU) is depicted in Figure 54.
The O,/CO; separation is based on the Joule-Thomson effect, like in the ASU operation: At first, rich-CO>
stream is compressed up to 10.5 bar through a three-stage compression train with inter-cooling. Then, it
enters the absorber for water removal. The solvent used is triethylene-glycol (TEG) in 99.95% wt. at 40°C.
The rich-solvent is throttled at 1.3 bar and heated up to 195°C for the solvent regeneration in a stripper.
This heat is obtained from the lean solvent that is cooled and pumped before re-entering the absorber. The
reboiler heat at the stripper is taken from the rich-CO, stream (see Figure 54).
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Figure 54. Process flowsheet of the Purification and Compression unit consisting of H.O and non-condensable
gas removal

Table 28a. Streams characteristics of PCU for the CaL case (for stream numbering see Figure 54)

m T p vapor molar composition (%)
stream .

(kg/s)  (°C) (bar)y  fraction {0  co, N> 0. Ar TEG
1 161.8 300.0 1.01 1 15.8 76.2 0.4 6.1 15 0.0
2 150.1 5.0 10.5 1 0.1 90.4 0.5 7.2 1.8 0.0
3 50.6 40.0 15.0 0 0.4 0.0 0.0 0.0 0.0 99.6
4 53.8 12.6 10.3 0 0.7 17.7 0.0 0.1 0.0 81.5
5 146.8 405 10.3 1 2:102  90.2 0.5 7.4 1.9 0.0
6 146.8 -42.1 103 0.90 2102  90.2 0.5 7.4 1.9 0.0
7 128.9 412 95 0 3-102 100 0.0 1-10°% 8-10° 0.0
8 128.9 15.0 110 0 3-10 100 0.0 1.10° 8-10° 0.0
9 17.9 -69.5 95 1 0.0 31.6 3.4 51.8 13.1 0.0
10 17.9 15.0 9.5 1 0.0 31.6 3.4 51.8 13.1 0.0
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Table 28b. Streams characteristics of PCU for the oxyfuel case (for stream numbering see Figure 54)

m T p vapor molar composition (%)
stream .

(kg/s) (°C) (bar)  fraction H.0 CO; N2 02 Ar TEG
1 78.2 28.0 1013 1 2.7 87.2 1.6 5.6 2.8 0.0
2 773 5.0 10.5 1 0.1 89.7 1.6 5.8 2.9 0.0
3 324 40.0 15 0 0.4 0.0 0.0 0.0 0.0 99.6
4 34.2 18.7 103 0 0.6 15.6 0.0 0.1 0.0 83.7
5 755  40.0 10.3 1 2-10? 89.5 1.6 5.9 3.0 0.0
6 755 424 103 091 2-107 89.5 1.6 5.9 3.0 0.0
7 624 -412 95 0 3-102 100 0.0 1-10°° 1.10* 0.0
8 62.4 15.0 110 0 3-107? 100 0.0 1-10°3 1-10* 0.0
9 13.2 -61.3 95 1 5-10°8 46.0 8.4 30.3 15.3 0.0
10 13.2 150 95 1 5-10® 46.0 8.4 30.3 15.3 0.0

Table 29. Process parameters for the PCU

Compression train

pressure outlet 10.5 bar
intercooling stages 1.8, 3.4 and 5.5 bar
isentropic efficiency 75%
Dewatering Unit

solvent triethylene-glycol (99.95% wt.)
solvent loading 17.1 kmol TEG/kmol H,O removed
number of stages of the absorber / stripper 6/3
regeneration temperature of the solvent 295
specific heat of regeneration 237.6 kIt TEG

Cryogenic Unit for light gases (mainly O2) removal
hot stream temperature after the Heat Exchanger -42.1°C
number of stages of the distillation column 20
COP of the Refrigeration System 1.06
pure CO; final pressure 110 bar

The CO purification through the removal of the light gases (mainly O,) is accomplished
cryogenically, in a distillation column, taking advantage from the different boiling point of CO; from the
other species. The cooling loads for the proper operation of the cryogenic system are obtained by an
external Refrigeration System. The main parameters for the PCU are summarized in Table 29.

3.3 Exergy analysis — Methodology

For the gaseous/liquid material streams, the total exergy amount En (kW) is defined as the sum of the

physical en and chemical e, (kJ/kmol) part:

E,.=N -(gph +£ch)

where N is the molar flow in kmol/s. The physical and chemical exergy are defined:
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en=(h=h)-T,(s-s,)
chgas ZX| 0|+RToin|nXi

The specific chemical exergy &, and the molecular weight of the components that are taken into
consideration for the exergy analysis of the three capture technologies are presented in Table 30.

(Eg. 13)

Table 30. Chemical exergy and the molecular weight of various components

component £0,i (kJ/mol) MW (kg/kmol)
H20 (1) 0.88 18.02
H20 (9) 9.47 18.02
CO2 19.61 44.01
N2 0.72 28.02
02 3.97 32.00
Ar 11.69 39.95
CaO 110.20 56.08
CaCOs 1.00 100.09
CaS04 8.20 136.14
SiO; 1.90 60.09
MEA 1534 61.08

For the calculation of the fuel chemical exergy (the corresponding physical exergy is assumed equal
to zero), the following equation is adopted based on the Lower Heating Value and the Ultimate (elemental)
analysis [106]:

Ve Ve Yc

To calculate the chemical exergy of MEA in liquid phase, the group contribution method was adopted
[107]. According to this method, when the chemical constitution of the substance is known, the
contribution of simple chemical groups in chemical exergy can be considered. Monoethanolamine (MEA)
with)known molecular formula (C2H;NO) has the following group constituents with the corresponding
chemical exergy: -CH,- (651.46 kJ/mol), -OH- (-51.34 kJ/mol) and -NH. (284.34 kJ/mol). Hence, the
MEA chemical exergy was calculated at 1534 kJ/mol. This approach can also be found in similar studies
in the literature [83, 108]. In order to calculate the exergy losses lwowi in €ach process, the exergy balance
around the CO; separation and compression unit is required.
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Figure 55. Exergy balance around the CO; capture unit for a) the post-combustion techniques and b) the oxyfuel
techniques

E,.; =M, LHV, [1.0437+0.18967—”+0.06177/—°+0.04287/—NJ (Eq. 14)

FG

77



Chapter 3

The exergy balance at each CO; capture process according to the exergy streams shown in Figure 55
is summarized in the following equation.

EN +EN

air

+E{ +Ey +Eg =Ef8 +EZy +ES" + 1y (Eq. 15)

The main goal of this study is to identify the amount of exergy needed and destroyed for CO2 capture
in an existing coal fired power plant. For the post combustion options (amine scrubbing and calcium
looping), the required intervention is the installation of the capture plant before the stack of flue gases and
the exergy balance that should be calculated is shown in Figure 55a. In the oxy-fuel case, the exergy
balance is defined somehow differently. The operation of this capture mode requires the installation of the
ASU, the PCU and the flue gas recirculation (Figure 55b). Hence, the exergy balance of the oxyfuel case
for the abovementioned purpose includes these main processes.

Four indexes are introduced for the exergetic comparison of the capture technologies. The first one is
the specific required exergy, bex required:
EM+E, +EJ
By recuired = — % [k/k Eq. (16
w-readed O, captured [kka] - (16)
This index expresses the amount of exergy in kJ that is required either as heat, power or chemical
exergy, in order 1kg CO; to be separated from flue gas and captured. The amount of exergy in kJ that is
spent by the form of heat, power or chemical exergy in order to capture 1 kg CO; is represented by the
following index:

I Eq. (17)

— total [kJ/kg]
P-%eM - CO, captured
The total irreversibility low is calculated from the equation (Eqg. 15). Additionally, the exergy
utilization efficiency (7ex_ut) IS introduced and expresses the fraction of the total exergy than enters the
capture and purification and compression unit that is not destroyed in the form of irreversibilities:
Eqg. (18)

I total

_EiF"G+E"‘ +E}”+E\,ic+Eg‘

air

nex,ut =1

Finally, the overall exergy efficiency of the whole plant (#ex.«t) is defined as the net power generation
(Protnet) to the fuel exergy input (Eser):

Eq. (19)

77 — Ptot,net .100%
ex, tot E

fuel

3.4 Results and Discussion

Simulations at the reference power plant reveal an overall thermal net efficiency equal to 39.2% on a
LHV basis. The specific fuel consumption is calculated at 360.6 kg/MWhe, whereas the specific CO,
emissions are 851.7 kg/MWhe. The overall exergy efficiency was calculated equal to 36.9%. A detailed
description of exergy flows in this case is seen in Figure 56. Half of the fuel exergy is dissipated in the
boiler, during the conversion of chemical energy to heat, for the steam generation and reheating process.
The hot flue gases contain 3.2% of the total fuel exergy at the boiler exit, after the air preheater (LUVO).
Around 10.4% of exergy is dissipated at the rest steam cycle (expansion, condensation and preheating).
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50.0%

Main Boiler

Figure 56. Exergy flow at the reference power plant without CO, capture

Figure 57 shows the exergy flow at the amine scrubbing case. A considerable amount of exergy in the
form of low enthalpy heat is required for the solvent regeneration while 11% of the produced power
electricity is used for the power requirements of the compression step (totally 8.8% of the exergy input is
lost in MEA capture and CO, compression processes). Due to the reduced amount of steam expanded in
the turbine, the exergy losses in Turbine and Condenser & Preheater are lower, in comparison to the
reference case (Figure 56).

Main Boiler

Ealr E_ﬁ,el

0.1% 99.4%

Figure 57. Exergy flow at the MEA post-combustion capture case
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A more detailed analysis on the exergy dissipation in the amine capture unit follows in Table 31.
Solvent regeneration has the highest exergy losses in the capture process followed by the CO; separation
in the absorber. The exergy losses in the CO- purification process that takes place during CO- cooling are
77.4 kKJlkgcoz Or 0.9% of li:. It is underlined that this parameter refers only to the cooling of gaseous stream
after the stripper, where the rich-CO, stream is cooled and water is removed through condensation. Only
1.0% of the total irreversibilities are observed during the increase of pure CO, pressure using the typical
compression train with inter-stage coolers. If the CO, compression was conducted in one stage up to 60
bar without intercooling, the irreversibilities in this unit would be 33.2% higher. It should be pointed out
that Ere is not the sole exergy that enters the plant: 0.08% of the total exergy input comes from the
combustion air and 0.49% from the amine solvent make-up. Nevertheless, the discussion about the exergy
dissipation is made on the basis of the Es in all the examined cases.

Table 31. Irreversibility (% total exergy losses in the plant and in kJ per kg CO, separated) by unit sections for the
CO, capture and compression plant for amine scrubbing case (40 wt. % MEA, 10 wt. % COy)

process /1ot (%) I (kJ/kgcoz)
Flue Gas blower 0.1% 13.1

Flue Gas cooling 0.1% 6.8

CO; absorption 3.8% 315.9
solvent regeneration 7.1% 595.2
rich/lean heat exchanger 0.3% 21.2

CO; cooling 0.9% 77.4

The influence of the solvent composition on the plant performance in terms of energetic and exergetic
performance is also investigated in this study. As it is seen in Table 32, high MEA/CO: ratio in the lean
solvent promotes the effectiveness of the process (compare the 1% and 3" cases with the 2™ and 4™ ones).
This is illustrated by the less reboiler duty and the exergy losses in the amine unit in the first case, where
the MEA/CO_ mass ratio is equal to 4. Additionally, low MEA concentrations leads to less efficient capture
system, comparing the 1% with the 3" case.

Table 32. Effect of lean solvent composition on the plant and capture unit performance

. reboiler lean solvent Amine Unit net energy net exergy
lean solvent composition

ala (% wt) duty, Qren  exergy, Esov  exergy losses,  efficiency efficiency
' (kJ/kgcoz)  (kI/kgcoz) Imea (kJ/kgco2) (%) (%)
1 40 wt. % MEA, 10 wt. % CO, 3583 316646 971.6 28.8 26.1
2 30 wt. % MEA, 10 wt. % CO; 5977 880093 1692.5 24.8 23.3
3 30wt % MEA, 7.5 wt. % CO, 4002 254560 1037.9 27.9 25.6
4 25wt. % MEA, 8 wt. % CO; 5217 517391 1460.8 25.6 24.0

In the CaL case, the exergy flow is quite different (Figure 58).
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Figure 58. Exergy flow at the CaL post-combustion capture case

The required exergy for the operation of the calcium sorbents cycle is inserted in the unit mainly in
the form of chemical (fuel) and work (ASU and boosters) power. Almost half (47.9%) of the initial fuel
input is used for the carbonate sorbents regeneration in the calciner, while more than half of which is
transformed into useful heat for steam generation in the secondary steam cycle (25.6%). The amount of
fuel (Ene) compared to the case of MEA is about 92% more because of the requirement to cover the
calciner heat duty demands. Moreover, 22.2% of the total gross power produced is consumed for the proper
operation of the compressors in the ASU, the CaL Unit and the PCU. It is observed that Ca looping process
induces significantly more exergy losses (22.3% of total Ere) than MEA (7.7%) due to the fact that fuel
combustion, which occurs in the calciner, has by definition a large amount of irreversibility. More
specifically, from the total 22.3% of exergy losses in the CaL, 2.1% comes from the carbonation process
where CO, capture takes place, 2.7% in the ASU, and 16.3% in the calciner unit. Less significant losses
in the CaL unit are the losses in the solid heat exchangers (0.5% of total Ese).

Furthermore, the exergy of the spent (purge) CaO solids that exit the loop due to the introduction of
fresh material represents the 0.7% of the total exergy losses of the system. Keeping in mind that the
utilization of heat from the cooling of this solid stream is not technically feasible, the exergy regain from
such heat recovery is not considered. On the other hand, 25.6% of the total exergy is recovered as high
enthalpy heat at the CaL unit and is utilized for steam generation and subsequently for power production.
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Figure 59. Percentage contribution of the exergy losses (irreversibility) in each process in CalL case

Figure 59 presents the percentage contribution of the dissipated exergy in all the process steps of the
CaL case. The calcination process accounts for most of the losses mainly due to the simultaneous
combustion in the reactor for direct heating. It is noteworthy that 5.5% of the exergy is remained at the
“final product CO,” —apart from electricity- that can be sent for storage or further application (i.e. EOR,
CO, fixation, etc.). The exergy content of the make-up limestone is significantly low compared to the
exergy input (5x10-%) and thus it is neglected.

A sensitivity analysis is performed in CaL case in order to investigate the effect of some parameters
on exergy losses reduction. Among the most important operational parameters are the quality of the
supplementary fuel that is used in the calciner and the limestone make-up ratio, Fo. A sensitivity analysis
(Table 33) reveals that the overall plant operates more effectively —in energetic and exergetic point of
view- when the minimum make-up ratio for certain CO; capture in the carbonator is required.
Nevertheless, the similar values of the #e.t Of the two cases with different Fo reveal that the CalL
performance is not considerably affected by the make-up ratio. Low Fq value induces lower Xmax and thus,
high looping ratio is needed for certain CO- capture. Hence, the Dexrequired 1S high, the Deyspent @aNd 7exut
indexes are higher. The way that the two cases have different overall plant efficiency (energy and exergy)
is explained below.

Table 33. Sensitivity analysis on the CaL process case (90% overall capture efficiency)

case “base case” “high Fq case” “high S” case
fresh limestone ratio, Fo (mol/mol) 0.05 0.10 0.20
fuel used in the calciner coal coal petcoke
CaO looping ratio, Fr (mol/mol) 8.20 4.47 16.78
maximum capacity, Xmax (mol/mol) 0.1624 0.2254 0.1887
SPECCA (MJ/kgcoz) 4.05 4.49 4.68

Dex required (kJ/Kgcoz) 6892.8 6241.1 10461.2
bex,spent (kJ/kgcoz) 30735 2815.3 4909.6
Nexut (%) 56.7% 56.4% 54.0%
Hex.tot (%) 27.9% 27.3% 27.4%

The comparison of the results derived from the “base case” with the “high S” case highlight that the
properties of the supplementary fuel plays important role in the CaL performance. Specifically, for the
petcoke case, where S is 4.65%, high make-up ratios are required in order to achieve 90% capture
efficiency in the carbonator [109]. Taking into account that the effective removal of sulfur from the loop
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cannot be realized with mechanical or other separation methods, calcium sulfate (CaSO.) tends to
accumulate in the solid loop. Having increased Xsur values at the loop, the Xmax deteriorates, leading to
higher Fg, inevitably. This fact has negative impact on both the plant efficiency and the CaL performance,
suggesting low sulfur fuels for the sorbent regeneration in the calciner. Furthermore, high S content in the
spent lime makes it inappropriate for utilization in cement manufacture by substitution of raw materials
for clinker production [109].

In an ideal case, when high the sorbents have high Xmax value and thus low looping ratio is required,
the Dex required @Nd the Dexspent d0 NOt drop up to the corresponding levels of MEA and oxy-combustion cases.
These high rates are mainly attributed to the increased temperature levels at which both carbonation and
calcination take place. Taking into account that 650/900 °C have been proven as the most suitable
temperatures for carbonation and calcination respectively, little modifications can be done in this certain
process configuration for exergy losses reduction by changing the operational temperatures. Another
option should be the adoption of new advanced sorbents with higher carrying capacity and ability of CO;
absorption/desorption at lower temperatures. For instance, regarding the improvement of Xnax parameter,
sorbent treatment methods such as steam regeneration and thermal pre-treatment have been investigated
and proposed [110]. However, even though this would be a thermodynamically appropriate suggestion,
several issues in terms of technical and economic feasibility of the technology should be addressed.

{5

Figure 60. Exergy flow at the oxy-combustion capture case

In the oxy-combustion case (see Figure 60), considerable power fractions are consumed for the
compressors required for the CO, capture, i.e. the cryogenic air separation in the ASU, the cryogenic CO»
purification and compression. Most of power is consumed at the ASU for pure oxygen production. During
the flue gas cooling water is removed in liquid form, the exergy of which is negligible (0.01%). Although
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the pressure ratio in the Purification and Compression Unit is higher, the energy requirements for rich CO»
stream compression are lower than in the ASU case. Although 70% of the flue gas recirculates in order to
reduce O concentration at the oxidizing medium from 95% after the ASU to 30% before the boiler, the
energy duties for fan operation are 0.6% of the total LHV input and 0.2% the corresponding exergy losses.
In other words, if the boiler can afford pure oxygen without mixing with flue gases as the oxidizing
medium, this would have a marginal positive impact of 0.6% in terms of exergy efficiency. . It is
noteworthy that flue gases at the boiler exit (FG2) contain 3.4% of the fuel exergy whereas the
corresponding value of flue gases at the boiler inlet (FG1, oxidizing medium) is 10.0%. This relative high
value in the oxidizing medium is attributed to fact that CO; has higher specific chemical exergy (o, that
N2 (see Table 30), which is the corresponding inert gas in the reference case, where air is used for
combustion.

It is seen from the exergy analysis in all the examined cases that at least 8.7% of the exergy is destroyed
for CO; purification and compression is inevitable for any capture scheme that is implemented on
atmospheric thermal plants: Part of this exergy is in the form of power for CO, compression and
purification, whereas another part is the total exergy of the final streams (final CO. stream and clean flue
gases) that cannot be further utilized. Table 34 shows the basic energy and exergy balance results of the
three investigated CO- capture schemes. It should be underlined that the purpose of this study is not to
present the best option for CO- capture after the comparison of the optimized cases of them but to indicate
the potential of each technology improvements with respect to exergy losses reduction. Based on the
ASPEN Plus™ simulations, it is concluded that CaL technology is slightly the most efficient option for
carbon capture from existing coal power plant. The overall capture efficiency is defined as:

kg of C captured

carbon capture efficiency (%) = -
kg of total C in the plant

Eq. (20)

For the better evaluation of the energy systems in terms of energy efficiency, SPECCA (Specific
Energy Consumption for CO, Avoided) is introduced. This index expresses the additional fuel heat energy
in MJ that is required to avoid 1 kg of CO.. The SPECCA values indicate that the CaL case uses the least
fuel energy for CO, capture:

j/n_]/nref (
-E

ref

SPECCA =3600- M3,y /Ko, ) Eq. (21)

Table 34. Energy and exergy balance

Reference amine

without capture  scrubbing Cal Oxy-fuel
overall capture efficiency (%) - 90.0 90.0 90.0
net electric efficiency (%) 39.2 28.8 29.4 29.1
energy penalty (%) - -10.4 -9.8 -10.1
exergy penalty (%) - -10.0 -9.0 -9.5
specific CO; emissions (kgco2/MWh) 851.7 116.2 119.8 115.3
SPECCA index (MJLnv/Kgcoz2) - 4.54 4.05 4.36
Dex, required (kJ/Kgco2) - 2366.6 6892.8 1345.1
Dex, spent (kJ/Kgco2) - 11135 3073.5 1565.7
Nex, ut (%0) - 59.8 56.7 48.6
Aex, tot (%0) 36.9 26.9 27.9 27.4
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The specific exergy requirements for the proper operation of the Calcium looping process are by far
the highest ones. Around 86% of this is chemical exergy in the form of fuel in the calciner and the rest
14% accounts for power consumed in the ASU’s compressors and the refrigeration system operation.
Similarly, the total specific irreversibility in this technology is almost three times higher than the others.
Besides, the exergy utilization, which is illustrated from the #exu index, is lower than the corresponding
value in the post-combustion case (59.8%) but higher than the corresponding of the oxy-combustion case
(48.6%). Hence, the rest of exergy that is not used or lost for CO, capture at the carbonation-calcination
cycle can be effectively recovered for further power production. This heat is high enthalpy valued and is
transformed in a Rankine cycle into work power with high efficiency.

Table 35 explains why the CaL technology has the highest efficiency despite it has the highest specific
exergy losses in capture unit. Table 35 groups the irreversibilities for each technology, depending on the
process type. The ljare expressed as kJ per CO- captured. Ca looping reactors for CO- capture and release
have by far higher specific losses. On the other hand, the contribution of ASU is 2 times less in the CaL
case, in comparison to the oxyfuel case. Additionally, due to the nature of the CaL process, almost half of
the fuel input is not combusted in the boiler, where the specific exergy losses are higher. The fact that the
autothermal oxy-calciner is more efficient by exergy point of view than the boiler (air or oxy fired) is the
main reason why the total plant has the lowest irreversibilities when the CaL technology is employed for
CO; capture. The CO, compression with inter-stage cooling has lower exergy losses than the CO;
purification based on the cryogenic separation and its compression in liquid form. The difference between
the CaL and oxy-fuel technology is attributed to the fact that the O, concentration in the rich-CO; gas is
higher in the latter case.

Table 35. Contribution of each process to the total exergy penalty for each capture technology

capture technology

li (kJ/kgco2) for each process

amine scrubbing CaL Oxyfuel
main power plant 7424.0 3151.0 7110.0
CO; separation from flue gas 315.9 235.4 179.1
sorbent/solvent regeneration 661.3 1977.8 -
CO; purification & compression 135.2 303.5 453.6
O, production in ASU - 322.5 647.8
total irreversibilities 8523.8 77113 8236.9

3.5 Conclusions

In this chapter, the energetic and exergetic comparison of three competitive technologies for CO,
capture at an existing coal fired power plant was presented. Calcium Looping (CaL) process was proven
the best option for CO; capture among the others, in terms of overall energy and exergy efficiency. In
other words, it seems that the answer to the question raised in the introduction is high quality heat through
fuel combustion. In the MEA case, 7.7% of the exergy input was calculated to be lost in the capture unit
and 1.0% during CO, compression. High MEA/CO. ratios and high MEA concentrations in the lean
solvent promote the effectiveness of the process. Although a considerable amount of exergy (22.3% of
total Ewe) is lost in the CaL unit, the carbonation/calcination process is the most energetically and
exergetically efficient with the lowest exergy penalty (-9.0%). From the sensitivity analysis in the CaL
case, it was concluded that low Fy ratios have little beneficial contribution to the exergy losses reduction.
Sulfur content in the supplementary fuel has negative impact on both the plant efficiency and the CalL
performance. Only lowering the operating temperatures at the two reactors would induce to the technology
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lower irreversibilities. This is not technically possible presently in the present being, according to the
existing Ca sorbents. In the oxy-combustion case, the ASU is the main unit where most of the exergy
losses (647.8 kl/kgcoz) for CO, capture are observed. A potential development of O; selective membranes
or other technology with minimum or zero power consumptions would help to save more than 9% of the
total exergy input.
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4. Techno-economic aspects for methanol production systems
based on CO2 hydrogenation

4.1 Introduction

The control of the Greenhouse Gas (GHG) emissions is one of the most challenging environmental
issues that should be faced in the 21% century. The increase of CO, concentration from 280 ppm at the
beginning of the Industrial Revolution to 370 ppm up-to-date is proved that a great part of it comes from
anthropogenic factors and has disastrous effects on the global weather, the climate, and the average
temperature [6, 44]. According to IEA Blue Map Scenario for reducing CO emissions, the Carbon Capture
and Storage (CCS) is considered among the major measurements that should be addressed in large scale
worldwide [31, 44]. However, several obstacles such as high capital and operational cost, the several social
and technical issues that should be addressed for the CO;, safe storage in conjunction to the low carbon
pricing policy, hinder the adoption of this option for CO, footprint mitigation.

A more feasible option to mitigate CO, emissions is to transform it into valuable compounds, like fuel
organic and inorganic chemicals, namely as ‘the CO; capture and utilization (CCU) concept’. The majority
of CO. use in industry is for urea production, which accounts for more than half of the global annual usage
[30]. Alternatively, CO- is utilized also physically in various applications such as refrigerant medium, in
fire extinguishers and in the petroleum and NG industry for Enhanced Oil Recovery (EOR) and Enhanced
Gas Recovery (EGR), respectively [31, 32]. Even though CO; is a thermodynamically and kinetically
stable molecule, various ways have been developed for CO- reduction, mainly based on the fact that the
central carbon of the CO> molecule is electrophilic and can be easily attacked by nucleophiles [33]. The
methods for CO, transformation can be sorted in six categories [30, 34]: chemical reduction (i.e.
Boudouard), electrochemical reduction [35], photochemical reduction (i.e. artificial photosynthesis),
thermochemical conversion (i.e. dry reforming and hydrogenation), biological (i.e. photosynthesis,
anaerobic conversion)[36] and inorganic transformation. This study focuses on synthesis of methanol from
CO; through catalytic hydrogenation. Hence, the main feedstock apart from CO; that is required is pure
hydrogen.

Since the H./CO; ratio for CO, hydrogenation towards hydrocarbons synthesis should be four (4) for
methane and three (3) for methanol synthesis, the required amounts of hydrogen are very large. There are
three routes for non-fossil derived hydrogen production: water electrolysis, biomass conversion and solar
conversion [33, 111]. Electrolysis is based on the water splitting into H. and O, the energy for this reaction
is given in the form of electricity derived from Renewable Energy Source (RES) i.e. photovoltaic panels
(PV), wind farms hydropower and geothermal plants. The second category consists of thermochemical
(i.e. gasification, pyrolysis) or biochemical conversion of biomass, the intermediate products of which
process are properly converted into rich H, fuel. Through solar conversion, either via thermolysis or
photolysis, heat or photons are respectively used for hydrogen synthesis [112, 113]. Biomass gasification
and separation of H, from the produced product gas is not commercially available at large scales while
thermolysis and photolysis processes are just beginning to be explored for their potential use by research
projects in the EU [114, 115]. In the present study, the hydrogen is considered to be derived from
electrolysis, since this is the most mature and well-established technology even in industrial scale [116]
and also it is not relied on carbon-contained source like biomass.
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Several electricity sources have been proposed in the literature, including cheap grid electricity [117],
surplus electricity from power plants [118, 119], renewable electricity [120, 121], etc. In the case of RES
one of the major issues that should be addressed is the stochastic nature of the renewable power production
and the extreme load fluctuations that require a highly flexible system for an efficient operation. Besides,
the CCU unit cannot operate with maintain high performances under these variable throughputs conditions
as it incorporates , according to the existing technology, since components such unit operations that have
lower efficiencies at part load, such as compressors, steam production cycle and the CO; capture system
itself. A technical solution to this issue is the intermediate storage of the produced H. in order to secure
the constant hydrogen delivery to the CCU unit with the negative effect of the increase in the investment
cost.

The scope of this study is the investigation of various aspects for the valorization of CO, towards the
production of liquid fuel (methanol), in large scale applications. These aspects are related to the power
source for the hydrogen production through electrolysis (grid electricity, renewable energy source), the
CO;, capture scheme (selection of the proper capture technique) and the input gas (H, and CO,)
transportation options (pipeline, truck or trailer). The assessment is made in terms of minimization of
methanol production cost by performing the economic evaluation, determining the boundary conditions
and the next steps that should be done so that the proposed concept can be profitable.

4.2 Process description

The concept for liquid fuel (methanol) synthesis through CO; hydrogenation is shown in Figure 61.
The pure CO; stream is fossil derived and comes from separation and purification from combustion gases
of a power plant or other intensive carbon emission industry (e.g. cement plant, steel industry).

"electnc‘lty from’, A
‘\grid or RES’ ,/’

~
il P

water
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CO2 \‘~ i
separation / -------------
industry water

Figure 61. Conceptual design of the proposed methanol production from CO

-

The concept that is presented in this study is not based on a total utilization of the produced CO, from
fossil fuel combustion (power plant or intensive industry). In case that the total amount of the CO; captured
from the flue gases of a typical 300 MW. coal fired power plant undergoes to hydrogenation, the required
power duty for water electrolysis is estimated at 1.77GWe. which is technically infeasible and economically
unprofitable.
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Several studies dedicated to the techno-economic investigation of this concept can be found in the literature
[117, 119, 122-127]. Among the major conclusions that are extracted from them is that the hydrogen
production cost is most significant factor that affects the economics of this methanol-from-CO, concept.

4.3 Methanol synthesis from CO2

Concerning the CO, fixation step towards the production of valuable chemicals, the catalytic
hydrogenation for methanol is examined. Methanol is formed from CO; hydrogenation under three-phase
conditions [128]:

CO+2H, < CH,0H AH 34, =-90.7kJ / mol, (R1)
CO,+H, < CO+H,0 AHjq, = +41.2kJ I mol,, (R2)
CO,+3H, ©CH,OH +H,0  AHg, =—49.5kJ /mol,, (R3)

The adopted methodology for the methanol synthesis is kinetically based and the equations for the
estimation of the kinetic rates of the above mentioned reactions are based on [128].

The process flow diagram of a typical methanol synthesis unit from CO- is shown in Figure 62. The
unit consists of the methanol synthesis, gas separation and product purification. The inlet gas is heated up
to a temperature level so that the reactor operates adiabatically under the specified temperature. The
required heat for crude methanol heating and separation is obtained from the gas outlet cooling. In order
to achieve high purity levels in the methanol product (>99.2%), the liquid stream after the first flash
separator is throttled down to some kPa below the atmospheric pressure, following the same approach with
the Rectisol™ process. A small portion (1%) of the recycling gas is extracted as purge gas in order to
avoid by-products accumulation such as hydrocarbons, inert gas etc.

-3

CO,
43 @ ¢
H,, CO, CO, @ ) ) purge

gas methanol

Methanol
synthesis

H,/CO,

I
4

crude methanol

steam
Figure 62. Process flowsheet of the CO, to MeOH concept

Table 36 presents the main specifications of the process modeling design of the methanol production
unit. The methanol plant capacity is determined by the hydrogen capacity in each case examined. This
process model is served for the calculation of the scaling parameters that are required for the total
equipment cost estimation (see Table 37). The process modeling is necessary at this stage in order to make
the energy balance calculations and to determine parameters such as the rejected heat duty and the power
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consumptions in the compressors and the blowers, which are not easily calculated otherwise. For simplicity
reasons these operating parameters are constant regardless of the plant size. The methodology for the
development of the process design for the methanol synthesis and purification is inspired mainly from
[122]. The reactor modeling is based on the kinetic model developed in [128].

Table 36: Key Process specifications for the conventional MeOH synthesis from CO,

H,/CO, ratio 3.0

inlet gas preheating temperature 168°C

MeOH reactor temperature/pressure 250°C/65bar

flash separator #1 temperature/pressure 30.0°C/64.5 bar

flash separator #2 temperature/pressure 24.5°C/0.2 bar

crude methanol preheating 85°C

distillation column, number of stages 60

distillation column, inlet pressure 1.3bar

final product composition (% v/v) 99.3%CH30H, 0.1%H.0, 0.6%CO;

Regarding the economic evaluation, the methodology for the calculation of the equipment cost of each
component in the CUU and the assumptions for Capex and Opex estimation are following.

The Total Capital Investment (TCI) estimation is performed according to Peters & Timmerhaus
methodology [129] and is based on a series of intermediate cost types, the first of which is the Total
Purchased Equipment cost (TPEC) for each case. The equipment cost of each component is estimated
based on similar equipment costs from the literature according to the following equation:

f
C =C, [i—] (Eq. 22)

0

Table 37. Equipment cost estimation for the methanol production unit

Reference Reference  Scale installatio

Equipment List Scaling parameter erected cost, size factor n factor FZe;r Ref.
Co (ME€) S f n y
methanol reactor feed gas (kg/h) 7.69 87.5 0.6 21 2006  [126]
heat exchanger heat duty (MW) 39.26 355 1 1.49 2007  [130]
distillation unit MeOH flow rate (t/h) 16.58 6.75 0.7 1.52 2006  [126]
compressor power (MW,) 12.08 10 0.67 1.72 2006  [131]
cooling system Q rejected (MW4pn) 49.600 470 0.67 1.49 2007  [132]
booster power (MW¢) 14.770 47.61 0.67 2.47 2011 [11;3
wastewater kg/hr water input 20353 393100 105 247 2010 [135]
treatment
. . . _ ] 106

flash tank gas feed (kg/s) installation cost (in M€) = 2.47-983.2-10°-(feed 2000 [136]

gas in kg/s)®®

Furthermore, having the Total Purchased Equipment Cost (TPEC) estimated, the next step is the Total
Installed Cost (TIC) calculation. This is accomplished by multiplying each equipment cost with an
installation factor n, specified for each component (see Table 37). The parameters for the operational cost
calculation such as O&M and insurance are considered as a portion of the Fixed Capital Investment (FCI).
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The assumptions that are made for the economic evaluation of the methanol plant are summarized in Table
38.

Table 38. Economic assumptions

exchange rate 0.755 €/$
discount rate 10%
recovery period 25 years
Capital Recovery Factor 0.11
year basis 2012
Operating and Maintenance (O&M) 5% FCI
Insurance 2% FCI

4.4 Pure CO2 from coal derived flue gas

The Carbon Capture and Storage concept has attracted a lot of attention the past decade. A great
development has been gained on each of the main CO; separation techniques, even though no concept has
reached to a commercial level yet. Among the several CO; caption options, amine scrubbing (MEA) and
oxyfuel technology are considered the most competitive and ready to apply technologies for the first
generation of applications in industrial scale. The post-combustion chemical absorption technique with
amine scrubbing is the most mature technology with higher Technology Readiness Level and has already
been tested and implemented in large scale applications [137]. Therefore, the amine scrubbing is selected
as the CO; capture technology for this study.

The cost for CO; capture with the amine scrubbing post-combustion technology is set at 43.8 €/tncozp24]
[24]. The delivered CO; stream bares the same specification with storage specification: oxygen should
absent from the pure CO- stream to avoid ignition after reaction with the H; in the reactor. The specific
heat demands for amine regeneration are 4.17 MJw/kgcoz and the electric power consumption 0.021
kWh/kgco2 [138].

The second parameter that composes the cost of CO; is the transportation cost. The location of the
CO;, capture unit with respect to the CO; utilization unit influences the cost for CO; delivery. In case that
the two units are in the same place, the cost of CO, equals to the cost for CO, separation (CO; delivery
cost is zero). Otherwise, a specific cost 9.23 €/tn for CO; transportation is assumed based on [139] when
a pipeline network is applied. From the same study [139], it is concluded that the specific cost for CO;
storage in liquid form 4.46 to 13.86 €/tn CO.. Hence, in the present study, the total cost for CO, transport
and constant when the CO; is conducted far away from the CO; capture plant is set 20 €/tn following the
assumption made by Barbato et al. in [127].

4.5 Hydrogen production

In water electrolysis, water is split into O, and Hz by means of electrical power. This option for H
production has the lowest efficiency (35-42%) and the highest H, production cost (for large scale 20-25
$/GJn2) among the other technological options. However, currently it is considered as the best option
among the other RES based technologies for sustainable and clean hydrogen production in large scale
[140, 141]. There are three main electrolysis options (alkaline electrolysis, polymer electrolyte membranes
and high-temperature electrolysis). Alkaline (KOH) electrolysis is the best available since it is quite mature
up to large scale H, production [142]. Moreover, it has been tested successfully for discontinuous
operation, and its load can be altered easily by adapting the current density [121]. Therefore, KOH
electrolysis is selected as the most suitable technique for the examined concept in this study.
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The water electrolysis process is not modeled in detail in this study. For the analysis, the basic aspects
that affect the techno-economic evaluation are only taken into account: It is assumed that highly pure
(>99.9%) H- and O gaseous streams are produced in the electrolyzer, the operating conditions of which
are 80 °C/30 bar, which are typical for large scale commercial alkaline electrolyzers [121, 143, 144]. The
specific power consumption is set 4.34 kWh/Nm?® based on [121]. Assuming that the rest of power
demands in the electrolysis unit is 10% of the consumptions for water electrolysis and hydrogen production
[143], the overall electrical consumptions are 55.56 kWh/kgha.

Figure 63 shows a schematic depiction of a H, production plant with water electrolysis. Apart from
the electrolyzer which is the main component, the balance-of-plant also consists of several items: the
rectifier, the control system, the water purification, and the water and alkaline tank. The process water is
purified in the demineralizer before it enters the electrolyzer removing minerals and other impurities that
may hurt the electrolyzer. As the electrolysis type that is selected is alkaline, a KOH tank is required in
order to feed the electrolyzer with the electrolyte solution. The rectifier is served for the transformation of
the alternating current (AC) to direct current (DC). The cooling water system is used for both the
maintenance of the electrolysis temperature at a constant level and the cooling of the product gas streams
before compression and storage. Furthermore, the produced oxygen that is in high purity is considered as
product and therefore, the oxygen liquefaction and storage is taken into account.
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Figure 63. Conceptual process diagram of the water electrolysis plant

Provided that water electrolysis is an energy demanding process, special effort is paid in this study in
order to determine the scheme with the lowest specific hydrogen production cost. Table 39 summarizes
the key parameters of a selected number of studies based on hydrogen production. The definition of the
index capacity factor (Cy) is the fraction of the actual operation to the designed operation (i.e. if the
electrolyzer operates at full load at 24/7 mode).

Table 39 illustrates the considerable discrepancy in the estimated hydrogen production costs even
amongst studies with similar parameters. Furthermore special note has to made to avoid wrong
assumptions such as the use of renewable electricity from a “network” of wind farms in 24/7 mode or the
use of a dam for hydrogen production with a capacity factor more than 50-60%. In the following
paragraphs, the aspects of some of the cases studies are discussed and evaluated in respect to the source
of power for H; production.

92



Chapter 4

Table 39. Key parameters production costs of various hydrogen production plants

Power Electricity Capacity H, Plant H2 production
source Price (€/kWh) Factor, Ct (%) Capacity cost (€/kg) Year Reference
grid 0.004-0.047 98.6% 22 MWe 2.29-3.75 1985 [145]
grid 0.0543 90.0% 150,000 kg/day 4.113 2002 [144]
grid 0.0560 100.0% 3.3 MWe 3.270 2011 [121]
grid 0.0427 85.0% 1,500 kg/day 4.695 2005 [146]
grid 0.0427 88.0% 1,500 kg/day 3.989 2009 [143]
grid 0.0233 70.0% 0.14 MWe 1.994 1996 [147]
grid 0.0475 97.0% 1,500 kg/day 3.989 2013 [148]
grid 0.0483 86.0% 50,000 kg/day 3.973 2013 [148]
RES 0.016 91.3% 100, 500 MWe 1.590 2003 [117]
wind 0.0427 97.0% >50,000 kg/day 3.492 2005 [146]
wind 0.0349 98.0% >50,000 kg/day 2.328 2009 [143]
wind 0.0520 44.0% 50,000 kg/day 2.910 2011 [149]
solar PV 0.047-0.064 27.1% 592,000 kg/day 4.291-5.028 2008 [150]
hydropower 0.0104 87.7% 225,000 kg/day 1.558 2013 [127]

a) Large scale electrolyzer with electricity from grid

This first scenario is based on central H, production with electricity from the grid feeding an electrolysis
process (large scale) with a capacity of 140 MW, or equivalent to the production of 60.5 tw./day. Because
of the size of the H; system, a central hydrogen production plant is considered with high capacity factor
(90.0%). However, since the CCU plant is considered to have an 85% availability factor, the overall
analysis is made with the latter value. The methodology for the cost estimation of the electrolytic hydrogen
production plant is adopted from the Production Case Studies carried out from the Department of Energy
H2A Analysis and more specifically from the study on “Current Central Hydrogen Production from Grid
Electrolysis version 3.0” [151]. According to this, the capital cost of a Central hydrogen production plant
with similar design capacity to the case that is currently investigated (67,200 kg/d) was estimated
$69,775,218 or 784.0 €/kg/d (2010 basis).

Table 40 shows the different costs of a water electrolysis hydrogen production depending on the
country. It is pointed out that the only varying parameter is the purchased electricity price from the national
grid of each country. The architecture of the total Power-to-Fuel scheme plays a very crucial role in the
economic feasibility and implementation of the concept. In other words, the location of each major unit
operation (H. plant, CO, capture and Carbon Utilization) is located determines the total cost.

Table 40. Regional difference in the electricity price and its impact on the H, economy

Unit U.S.A. E.U. Japan
Electricity price (industrial 2013) €/kWh 0.050 0.126 0.099
Electrolyzer Cost €/kgn2 0.762 0.762 0.762
H> Compression & Storage Cost €/kgn2 0.043 0.043 0.043
Electricity Cost €/kgnz 2.804 7.066 5.530
H. production cost €/kgnz 3.609 7.871 6.334
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According to several studies [144, 152-154], the specific cost for hydrogen transport varies with the
different scenario and the methodology for handling and transportation. For instance, transporting
hydrogen in liquid form has very low cost (0.1-0.2 €/kg) but hydrogen liquefaction is a capital (800
€/kg/day) and energy (10-13 kWh/kg) intensive process [144]. Hence, it is suitable only for very long
distance transmissions. On the other hand, the hydrogen handling in gaseous form has a specific capital
cost equal to 2000 €/kW. for compression with corresponding energy consumption 0.5-2 kWh/kg and
1.63€/kg for transport via tube trailers and 0.2-0.6 M€/km via pipeline.

Table 41 presents the most suitable option for various cases of hydrogen transport, depending on size
and transmission distance according to the study of Yang and Ogden [153]. It is concluded that for a large
scale H> plant, the optimal way for H, transmission is through pipelines, regardless of the distance. Beyond
this, according to the study of Tzimas et al. [152], the concept of centralized system that employs pipeline
network for hydrogen delivery is expected to developed in the future.

Table 41. Comparative assessment for the best option for H; transport [153]

transmission

size plant preferable option for transmission cost

a/a pe—T big ShortdIStanC:aong H, delivery estimation (€/kg)
1 X X gas tube trailer 0.60
2 X X liquid tanker truck 1.36
3 X X gas pipeline 0.23
4 X X gas pipeline 0.53

For the evaluation of the whole “Power to Fuel” concept and the cost breakdown estimation, the
determination of the location of the subsystems each other (CCU general configuration) needs to be
defined. Table 42 presents various schemes with different configuration. The first three schemes are
related to the main concept that is discussed in this section. It is concluded that, in terms of feedstock gas
cost, hydrogen production scheme is preferable to be near to the unit that is consumed, i.e. the methanol
plant. Thus, the first scenario is selected for the economic evaluation of the total concept with the same
main assumptions (energy source: grid electricity, electricity price: 0.05 €/kWh). As it is revealed from
the methanol plant cost breakdown in Figure 64, the hydrogen production has the lion’s share on the
methanol production cost. The terms and conditions for the minimization of the electrolyzer and electricity
cost in order the technology to be more competitive is not part of this study.
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800 ~ m CCU electricity cost
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= B CO2 cost
£ 500 A
S 400 L E8i€£m _____ O Electricity Cost for H2 compression
c
q\*: 300 - O Electricity Cost for H2 production
200 B H2 Compression & Storage Cost
100 1 - B Electrolyser Cost
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Figure 64. Power to Methanol cost breakdown
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In the previous analysis, the market of oxygen is not taken into account. Oxygen is a valuable product
that has numerous applications in various sectors such as the iron and steel industry, and the medical sector
[155]. Given that oxygen that is produced through electrolysis is in high purity, it has the potential to fulfill
the requirements for the implementation in every use (oxidizing agent or medical product). In this case,
the compression, cooling and liquefaction of the produced oxygen and the corresponding power
consumptions and operational costs are included. The specific power consumption for O liquefaction is
set 0.3711 kWh/kgo.. Because of the high quality in terms of purity, the oxygen selling price is set at 87.4
€/tn, based on [156]. The introduction of the oxygen liquefaction and compression unit causes 14.9%
increase in the total capital cost and the corresponding total operational cost drops by 1.3% in the whole
Power-to-Methanol system. As a consequence, the methanol production cost drops at 859.2 €/tn (10.1%
decrease). It is seen that the oxygen marketing has a beneficial effect on the mitigation methanol
production cost and should be taken into consideration.

b) Large scale electrolysis, plant using electricity from thermal power plant

Seeking for low electricity price for hydrogen production, a concept that has been recently emerged is
the use of the “Power to Methanol” system as an energy storage option for the stabilization of the electricity
system. In other words, in countries where the RES has a great share on the energy mix such in Germany,
there is the need for the flexible operation of the thermal power plants, due to the stochastic behavior of
the electricity production of the RES and the fluctuations in the energy demand. The conditions and under
which the use of excess power can be profitable are examined in this section.

The analysis is carried out based on data provided from the European Energy Exchange regarding the
fluctuation of the electricity price in Germany in 2014 (see Figure 65a) [157]. According to this, the
average electricity price (AEP) for this year is 32.2 €/ MWh. The economic evaluation is based on the term
“clean dark spread”, (CDS), which is defined as:

CDS = AEP-COE [€/ MWh] (Eq. 23)

where the Cost of Electricity (COE) is determined by the sum of the fuel cost, the cost from CO,
emissions and other costs. For simplicity reasons, several assumptions are made for the accomplishment
of the economic evaluation of this case. The first is that the electricity pricing is the same for the whole
examined period (see Figure 65a) and is not affected by the introduction or not of the power plant to the
energy system. The electricity cost and the earnings from its selling to the system are exclusively
determined by the (Eq. 23).

The power plant that is used from this analysis is considered as a lignite fired thermal plant with a
typical capacity of 300 MWe and a net efficiency of 36%, a typical value for German lignite power plants
according to RWE [158]. As a starting point, the fuel cost is assumed as 2.0 €/GJw, the specific CO;
emissions 0.971 tnco2/MWh, the CO, emissions tax 7.2 €/tnco. and the other operational costs are 2.0
€/MWh. Based on these assumptions, the COE is calculated at 29.0 € MWh and hence, the average CDS
= 3.3 €/MWh. As it seen in Figure 65b, 27% of the year, the electricity production is not profitable to be
sold to the energy system. Considering an availability factor of the plant 85% and making the arbitrary
assumption that it operates only at full load, the annual incomes from selling the electricity is 7.4 M€.
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Figure 65. a) average daily electricity price and b) cumulated electricity price in 2014 in Germany

The H; plant capacity is the same with the power plant 300 MWe but the specifications for the
economic evaluation the same with the previous scenario so that the comparison between the two cases to
be made on equal terms. At a first analysis, the H; plant operates for 2203 h, when the average COE is
higher than the electricity price. Taking also into account the 85% capacity factor of the power plant, the
corresponding capacity factor is calculated at 25.2%. The electrolyzer specific capital cost, according to
the previous analysis, is 582.92 k€/MW and the electrolyzer efficiency is 50.0 kWh/kgn. Similarly, the
methanol unit has the same specific capital and operational cost with the previous case: 42.05€/tn and
38.02 €/tn of methanol, respectively.

The decision for operating or not the “Power-to-Fuel” (PtF) system by the power plant operator is not
taken suddenly or unexpectedly but it is programmed from the previous day, when the pricing of the
electricity cost is determined by the electricity trading market. In this light and since the power to fuel
plant operates in stable load, no storage units for H, and CO; are required.

The cost breakdown of the base case of this CCU concept that is studied is presented in Figure 66. Contrary
to the previous case where the electricity is supplied from the grid, the electrolyzer unit capital cost is the
most significant factor for the determination of the minimum selling process of the methanol in this case.
This is attributed to the lower hours that the PtF system operates and the electricity cost for hydrogen
production is a bit lower.
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Figure 66. Methanol production cost break down (use excess electricity from lignite power plant)

A sensitivity analysis of the change of several important parameters by +20% is performed. Figure 67
presents how the minimum methanol selling price is affected.

CO2 emissions credits €788 €990

Methanol Plant Cost
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€966 0%
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CO2 cost
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Fuel cost € 683 €1,272

€500 €700 €900 €1,100 €1,300
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Figure 67. Using Power from Coal plant for Methanol Synthesis - Sensitivity analysis (the white bars are when
an increase of 20% of each parameter is considered whereas the black bars for 20% decrease)

It is seen that the fuel cost and power plant performance have the greatest impact on the methanol
price. Lower fuel price and power plant net efficiency increase the capacity factor of the PtF plant as the
COE increases. Additionally, the reduction on the electrolyzer cost has a considerable effect on the
methanol price minimization. Furthermore, the increase in CO, tax rate that is expected the next years
beneficiates the feasibility of this concept.

It should be pointed out that in each case, only the under investigation parameter was changed, without
affecting any other one. In most of these cases, this assumption is reasonable. For instance, changing the
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COE by changing the net efficiency or the fuel cost, the annual average electricity price is not expected to
be affected in a large country with high national power load like Germany. On the other hand, any change
in the CO, emission credits will affect the electricity price, but this aspect is not easily determined because
several factors related to energy policy and political issues should be taken into account, and therefore this
correlation is neglected.

c¢) Decentralized H, production in small scale Electrolysis plants using electricity from grid

In the case of a decentralized H; plants with smaller capacity than the corresponding in the previous
case (central production), the hydrogen compression, storage and transport parts (C/S/T) should be taken
into account. According to the discussion above, for small plant size and relative short distances between
the H. plants and the central CUU, the most appropriate option for hydrogen handling and transport is the
transport of compressed H with gas tube trailers. In the case of providing electricity from grid, thanks to
the 100% availability of power, the storage capacity is not large and therefore the installation cost of a H,
storage unit is not taken into account. The capital cost of the unit was calculated based on the H2A analysis
methodology for small forecourt plants with grid electrolysis in 2010 values.

Table 42. Summary of the several H./CO; production schemes (energy source: grid electricity, electricity price:
0.05 €/kWh)

case Hydrogen Plant  CCU configuration! inlet gas production & delivery
capacity cost (€/kgnz-coz)

1 140 MW, H2P-CC-CUU in the same location 3.003

2 140 MW, H2P away from CC-CUU 3.337

3 140 MW, CC away from H2P-CUU 3.005

4 1 MW, H2P away from CC-CUU 3.982

5 9.4 MW, H2P away from CC-CUU 4.560

1 H2P: hydrogen plant, CC: CO, capture unit, CUU: CO utilization unit

d) Decentralized H, production in small scale Electrolysis plants interconnected with RES (wind farm)

Contrary to the previous scenario, if electricity available is intermittent then a hydrogen buffering
system to secure the continuous flow rate to the fuel synthesis plant is required. Hence, the H, compression
storage and distribution components are also included in the investment cost analysis. In case that the H,
plant is near to the CUU, the third part (i.e. hydrogen transport) is not taken into account.

For the investigation of this case, data of European Energy Exchange [157] obtained from [146] is
used regarding a wind farm in Germany. This data is referred to the fluctuation of electricity price and the
corresponding power feed-in per day (see Figure 68a-b).

It should be underlined that, on the one hand, the electrolyzer should be highly flexible and have an
effective operation at even far from the design point in order to be capable to catch up with the great
fluctuations of the power output of the wind plant. On the other hand, the methanation unit is not
technically proven that can be operate with flexibility under conditions with great variables in the feed
rate, since it consists of several equipment and complex heating & cooling network systems that perform
effectively manly in the design point. Hence, the hydrogen storage is necessary in order to secure the H»
feeding with constant flow rate.
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Figure 68a. Electricity price along one year period

[146]

Figure 68b. Hourly wind in-feed along one year

period [146]

The demand for a constant hydrogen flow rate to the CO, Utilization Unit is the main input for the

determination of the hydrogen storage capacity. For each case, the hydrogen output flow rate is the mean
value of the annual hydrogen production. On the other hand the tank should be big enough in order to can
host all the quantity of the produced hydrogen anytime. The hydrogen production curve is calculated based
on the data from only one year presented in Figure 68a-b, assuming to be representative for the whole
plant life. The specific cost for the H; storage is set at 400 €/kg [144].
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Figure 69a. Dependence of the maximum capacity
factor of the electrolyzer on the maximum purchased
electricity price

Figure 69b. Dependence of the capital cost and
electricity cost with the maximum purchased
electricity price

Figure 69a shows how much electrolyzer operation time is required for different plant sizes versus
the maximum price allowed for the electricity purchased. It is clear that the option for cheap electricity in
this case leads to low hydrogen productivity, a fact that has negative effect on the production cost
regardless of the plant size, as it is shown in Figure 69b.

Figure 70 summarizes the H, production cost breakdown for electrolyzers with different sizes. It is
clear that the cost for hydrogen storage plays the most significant role in the hydrogen production cost
when the constant hydrogen flow rate is considered as a necessary condition. Moreover, it is proven that
the maximization capacity factor of the unit, which is achieved with small size units, is a more important
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parameter compared to the maximization of the utilization of the available electricity produced at the RES
plant.
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Figure 70. Sensitivity analysis on Electrolysis plant capacity (decentralized H; plant using
electricity from RES)

4.6 Concluding remarks

Each of the three main parameters for the determination of the H. cost (electrolyzer capital cost,
electricity cost and storage cost) play a key role in the feasibility of the scheme. When the capacity factor
of the hydrogen plant is maximum (supply of grid electricity in large scale application) the minimum
methanol cost is determined by the electricity cost. When cheap electricity is used in large scale application
but with less operating time, the electrolyzer capital cost is the most important factor. Finally, when RES
electricity is used in an autonomous H; plant, away from the methanol plant, the dominant factor is the H;
management in terms of storage issue. The concept of central electrolysis using grid electricity preferably
in the same site with the CO; capture and utilization units is the most appropriate in terms of H, production
cost and consequently, the methanol production cost.
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Figure 71. Influence of electricity price and capacity factor (Cr) on the methanol production cost. (US, JP,
EU stands for the electricity grid provided in USA, Japan and EU-28, respectively)
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Figure 71 illustrates the impact of the electricity price and the capacity factor (Cr) on the feasibility
prospects of a Power to Methanol concept. Additionally, based on the typical ranges of cost of electricity
and the operating hours for various power sectors [12, 159], the impact of the electricity provider to the
hydrogen plant on the methanol production cost is also depicted. The maximization of the plant operation
hours is of the most important requirements, since in case of low capacity factors, the methanol production
cost becomes extremely high even in the case of low expensive or zero electricity cost. For this reason,
concepts based on renewable hydrogen with high electricity cost and low capacity factor are not
economically viable and thus are not suggested for the time being. It is concluded that the use of cheap
electricity derived from thermal plants (coal or nuclear) under a regular basis has the potential to produce
methanol from CO. with high prospects of competiveness. Similarly, in case that electricity is provided
from the grid, the region in which the concept is examined plays considerable role, because electricity
pricing is a matter of policy of each state/country.

This study is an attempt to identify the aspects for the operation of a methanol production plant, based
on CO; utilization. Several cases and sensitivity analyses were investigated in order to identify the
influence of various design and operational parameters on the process, in terms of system efficiency and
economic feasibility. The current status of the ‘“Power-to-Fuel” (PtF) concept is not economically
attractive under any conditions studied here. The production cost of methanol from CO; is about 2.5 times
higher than the corresponding conventional prices. A considerable effort is needed in order the CO-
derived fuels to reach a competitive level in the global market. This study aimed to define the barriers that
should overcome in order to become feasible providing charting of electricity source per case, charting of
gas storage and Capex /Opex estimation and cost breakdown. More specifically, the key parameters that
strongly affect the viability of the PtF concept are the following:

o electricity cost. The electrical consumptions that are required in order to produce hydrogen from water
and then to transform CO; into organic compounds with high energy content is the most significant
factor that influences the power to fuel economic feasibility. In terms of efficiency enhancement, the
state-of-the art electrolysis reaches the maximum achievable value (~70%), which is
thermodynamically limited. Consequently, only the use of cheap electricity on regular basis (high
capacity factor) can contribute to the minimization of the share of the electricity cost on the
methanol/ethanol production cost.

e system configuration. It is revealed in this study that the hydrogen production is preferable to be near
to the methanol plant, avoiding high logistics costs for delivery and storage of H,. On the other hand,
the location of the CO; capture unit has small influence on the inlet gas production and delivery cost.

e oxygen utilization. The oxygen that is produced in the H; plant is in high quality and can be used in
numerous applications in industrial, medical and other sectors. Selling the produced O, with a very
competitive price, the methanol production cost reduces at least 10%.

e Capex reduction. The investment cost has a 30% share on the methanol production cost. The 2/3 of
this is the alkaline electrolyzer cost. So, a new electrolyzer design with lower cost would reduce
considerably the minimum selling price of the produced alcohol in order the investment to be
profitable. A revolutionary and alternative route of CO; reduction to value added chemical synthesis
is the technology based on microbial electrosynthesis system (MES) where microorganisms are used
in order to convert the direct electric current into chemical energy such as ethanol, directly from water
and CO,. On the one hand, this route is expected to have reduced investment cost as the water-to-
ethanol process is conducted in only one step. On the other hand, since this is a relative new concept,
it has not been implemented in large scale yet so that a complete economic assessment and comparison
to be accomplished.
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5. Process improvements on energy systems based on
thermocatalytic CO2 hydrogenation for methanol and ethanol
production

5.1 Introduction

An option for the drastic mitigation of CO, emissions, alternative to the Carbon Capture and Storage
concept, is to transform it into valuable compounds, like fuel and chemicals, namely as ‘the CO, capture
and utilization (CCU) concept’. The majority of CO use in industry is for urea production, which accounts
for more than half of the global annual usage [30]. Alternatively, CO; is utilized also physically in various
applications such as refrigerant medium, in fire extinguishers and in the petroleum and NG industry for
Enhanced Oil Recovery (EOR) and Enhanced Gas Recovery (EGR), respectively [31, 32].

In order the CCU concept to have effective impact on the drastic reduction of the CO emissions, the
guantities of end-products derived from CO; transformation should cover the market demand. The
selection of the final products should be correlated to global demands and consumptions of them. Thus,
this study focuses on synthesis of alcohols that can be used as alternative fuels in the transportation sector.
The method for CO; transformation that is examined in this study is the catalytic hydrogenation, which is
considered the most mature and old technology in this field.

There are three routes for non-fossil derived hydrogen production: water electrolysis, biomass
conversion and solar conversion [33, 111]. In the present study, the hydrogen is considered to be derived
from electrolysis, since this is the most mature and well-established technology even in industrial scale
[116] and also it is not relied on carbon-contained source like biomass. Electrolysis is based on the water
splitting into H, and Oy, the energy for this reaction is given in the form of electricity derived from
Renewable Energy Source (RES) i.e. photovoltaic panels (PV), wind farms hydropower and geothermal
plants. Since the H,/CO; ratio for CO, hydrogenation towards hydrocarbons synthesis should be four (4)
for methane and three (3) for methanol synthesis, the required amounts of hydrogen are very large.

Apart from methanol, ethanol is gaining the interest the last decades not only as an alternative fuel
[160, 161] but also a valuable chemical block for numerous products synthesis [39]. In order the CCU
concept to become the most appropriate option for CO, mitigation in a global scale, the synthesis of several
chemical products should be included in a generalized road map. Ethanol is considered as a perfect additive
into petrol, contributing to the increase of octane number and the reduction of CO and PM emissions.
Furthermore, ethanol has an important advantage over methanol for application as transportation fuel
because it is less toxic and dangerous, permitting higher blending ratios with conventional gasoline [80,
162]. However, the alternative ethanol fuel is bio-based and is mainly produced from sugar/starch crops
through fermentation. On the other hand, few studies [117, 163, 164] that have investigated the technical
and economical prospects for CO; derived ethanol synthesis.

The scope of this study is the investigation of new process schemes for the valorization of CO, towards
the production of methanol and ethanol. In the methanol case, the use of membrane catalytic reactor for
the fuel synthesis is examined whereas in the ethanol case, a novel concept is presented that based on the
use of DME as intermediate product. The produced alcohols (methanol, ethanol and DME) can be used
either as transportation fuels or as the basis for the synthesis of other chemicals. The ASPEN Plus™
process specifications and the modeling approach of the fuel synthesis unit are described in the following
paragraphs in detail. The comparison with the conventional technologies (traditional methanol reactor in
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the first case and the ethanol synthesis based on the reverse water gas shift (rWGS) reaction in the second
one) is made in terms of efficiency by performing the thermodynamic analysis and in terms of economic
feasibility.

5.2 Process Description

The concept for transportation fuels through CO. hydrogenation is shown in Figure 72. Carbon
dioxide is separated and purified from the flue gas of a power intensive industry such as power sector or
cement plant. The required hydrogen for the CO; hydrogenation is derived from water electrolysis that is
accomplished with electricity derived either from renewable energy sources or from the grid. The process
configuration for the CO; transformation into fuels and the final product separation and purification
depends on the product type (methanol or ethanol). Since the CO, hydrogenation is accomplished in high
pressure (>40 bar) both the inlet gases should be compressed before they are delivered to the CO;
Utilization Unit (CUU).
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Figure 72. Conceptual design of the proposed avionics production from CO;

521 Feedstock gases

The input gases that are required for the alternative ethanol synthesis are carbon dioxide (CO;) and
hydrogen (H>).

Pure CO; separated from combustion gases of a power plant or other intensive carbon emission
industry (e.g. cement plant) is considered as the source for the required CO,. A great development has
been gained on each of the main CO; separation techniques, even though no concept has reached to a
commercial level yet. Among the several CO; caption options, amine scrubbing (MEA), Calcium Looping
(CaL) and oxyfuel technology are considered the most competitive and ready to apply technologies for the
first generation of applications in industrial scale. The chemical absorption technique with amine
scrubbing is the most mature technology with the highest Technology Readiness Level and has already
been tested and implemented in large scale applications [165]. Therefore, it is selected for this study as the
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CO;, capture technology. For the process analysis the specific heat demands for amine regeneration are set
4.17 MJw/kgcoz and the electric power consumption 0.021 kWh/kgco2 [138].

The water electrolysis is the selected method for pure H, production. In this process, water is split into
0O, and H; by means of electrical power. This option has the lowest efficiency (35-42%) and the highest
H. production cost (for large scale 20-25 $/GJw.) among the other technological options. However, it is
considered as the best option for sustainable and non- fossil fuels oriented hydrogen production [140, 141].
Alkaline (KOH) electrolysis is the best available since it is quite mature up to large scale H, production
[142]. Moreover, it has been tested successfully for discontinuous operation, and its load can be altered
easily by adapting the current density [121]. Therefore, KOH electrolysis is selected as the most suitable
technique for the examined concept in this study. Similar to the CO; capture, the water electrolysis process
is not modeled in detail in this study. The basic aspects that affect the techno-economic evaluation are only
taken into account: It is assumed that highly pure (>99.9%) H. and O, gaseous streams are produced in
the electrolyzer, the operating conditions of which are 80 °C/30 bar, which are typical for large scale
commercial alkaline electrolyzers [121, 143, 144]. The specific power consumption is set 4.34 KWh/Nm?
based on [121]. Assuming that the rest of power demands in the electrolysis unit is 10% of the
consumptions for water electrolysis and hydrogen production [143], the overall electrical consumptions
are 55.56 kWh/kgu..

5.2.2  Methanol synthesis from CO;

Concerning the CO, fixation step towards the production of valuable chemicals, the catalytic
hydrogenation for methanol and ethanol synthesis is examined. The scope of this analysis is to present
novel process configurations for the production of these alcohols and to investigate how these schemes
can improve the whole plant performance.

In this section, two different reactors types are presented, examining their influence on the process
performance, in terms of mass flow rates and energy efficiency: The first is a tubular catalytic reactor,
which is the traditional reactor scheme for methanol synthesis and is used in numerous commercial
applications, and the second one is a zeolite membrane reactor. Methanol is formed from CO;
hydrogenation under three-phase conditions [128]:

CO+2H, < CH,OH AHS,, =—90.7kJ / mol (R4)
CO,+H, < CO+H,0 AH 2, =+41.2kJ / mol,, (R5)
CO, +3H, <> CH,OH +H,0  AHZ%, =-49.5kJ /mol.,, (R6)

a) Methanol synthesis from catalytic CO; hydrogenation

The process flow diagram of a typical methanol synthesis unit from CO; is shown in Figure 73. The
unit consists of the methanol synthesis, gas separation and product purification. The inlet gas is heated up
to a temperature level so that the reactor operates adiabatically under the specified temperature. The
required thermal energy for crude methanol heating up and distillation separation is recovered from the
outlet stream after the methanol synthesis reactor. In order to achieve high purity levels of the methanol
product (>99.2%), the liquid stream is throttled down to some Pa below the atmospheric pressure after the
first flash separator, following the same approach with the Rectisol™ process [166]. A small portion (1%
v/v of the total stream) of the recycling gas is extracted as purge gas in order to avoid by-products
accumulation such as hydrocarbons, inert gas etc.
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Figure 73. Process flowsheet of the CO, to MeOH concept

Table 43: Key Process specifications for the conventional MeOH synthesis from CO,

H2/CO, ratio 3.0

Inlet gas preheating temperature 168°C

MeOH reactor temperature/pressure 250°C/65bar

Flash separator #1 temperature/pressure 30.0°C/64.5 bar

Flash separator #2 temperature/pressure 24.5°C/0.2 bar

Crude methanol preheating 85°C

Distillation column, number of stages 60

Distillation column, inlet pressure 1.3bar

Final product composition (% v/v) 99.3%CH30H, 0.1%H.0, 0.6%CO;

The key process specifications for the methanol plant are shown in Table 43 and the parameters of
the kinetic model in Table 44. The reaction rate r; (kmol/kgca/S) expressions for the reactions (R 4), (R 5)
and (R 6) are respectively:

Peh,oH

Keq,l sz (Eq 24)
(1+ Keo Poo + Koo, Peo, ) (P + Ko /KB Pro )

Py,oP
k2Kco2 [pco2 Py, _HZOCOJ

leCO Pco pi{f B
r;[ =

_ Keg.2 (Eq. 25)
=
(1+ Keo Peo + Keo, Peo, )( le/zz +Kyo Kn{{f : szo)
Per.on Ph,0
k K p p3/2 _ 3 2
3 YCO, ( CO, MH, plé_"/ZZ Kequ (Eq 26)

G:

(1+ Keo Peo + Keo, Peo, )( p|14/22 + KHZO/Kgf : szo)

The output capacity of the methanol plant is set at 120 million liters annually, 2.5 times greater than
the corresponding production capacity that the Carbon Recycling International (CRI) considers as a
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standard commercial plant [167]. The main characteristics of the basic streams of this concept are
summarized in Table 45.

Table 44. Kinetic rate calculation for MeOH synthesis [128]

parameter * reaction (R 4) reaction (R 5) reaction (R 6)
?:cptgr:elz(riltial = 26010 eXp(—lO.FSjilo“j k, =7.31.10° exp(%ilo"] k, = 4.36-10° exp[76-5R2T'104J
igﬁ'sltfr:l:m(q 100y K. = 51T£ 12621 log, K., = —2(;73+ 2029 log,K,,,= 3266—14.650
Kcoz Keo, ~102107 eXp(G.?;_-rlO“]

Keo Keo =7.99-107 exp[s'g}__\l’_'l_lo4 J

Kiyo/ KFZZ Ko / Kl =4.13-10™ exp(—lO'A:T'lodj

1 partial pressure piin bar, temperature T in K and R=8.314 J/molK

Table 45. Stream characteristics for the conventional CO, to MeOH concept

m T p molar composition (%)
stream (kg/s) (°C) (bar) CO, H> H,O CO CH30H
1 5.8 20.5 60 25.0 75.0 0.0 0.0 0.0
2 20.4 138.5 60 18.8 79.0 0.1 1.6 0.6
3 20.4 158.4 60 14.5 69.3 6.9 1.8 75
4 7.9 50.0 59.4 16.0 0.0 41.5 0.2 42.3
5 5.8 24.2 0.2 0.3 0.0 49.9 0.0 49.9
6 1.9 50.0 12 95.2 0.0 0.6 1.3 29
7 12.5 50.0 59.4 14.3 82.9 0.1 2.1 0.6
8 1.6 111.4 1.5 0.0 0.0 100.0 0.0 0.0
9 2.1 99.7 1.1 0.0 0.0 98.5 0.0 1.5
10 3.7 48.1 1.1 0.6 0.0 0.1 0.0 99.3

b) Methanol synthesis through membrane reactor

The use of membranes technology for separation of the produced vapours along the reactor (either the
methanol or the water) is investigated. This concept has been examined in several studies in the past [168-
173]. Here the focus is primarily on the integration of such membrane reactors with the overall carbon
utilization system. For this the process design takes into account the light gas recirculation.

Figure 74 depicts a sketch of the membrane reactor concept. For the modeling of the membrane
reactor in ASPEN Plus™, a series of equilibrium reactors are considered with the intermediate
interpolation of split separators. The split fraction of the vapours (only water and methanol) that are
assumed to permeate the membrane is specified by the determined separation factor. The separation factor
of a component i (SF;) is defined by the following equation:
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Figure 74. Sketch of the membrane methanol reactor

5.2.3  Ethanol synthesis from CO;

As quoted in the introduction, a central plan for CO; fixation towards to the drastic mitigation of GHG
emissions should not rely on methanol production, exclusively, but it should include the production of
other valuable chemical products. One of them is ethanol. In this section, two schemes for ethanol synthesis
are presented, the first is the “traditional” route based on the reverse water gas shift reaction and the second
scheme —the “novel” one - is based on the intermediate synthesis of DME.

a) Ethanol synthesis based on reverse WGS (rWGS)
The direct reaction of ethanol synthesis through CO; hydrogenation is the reverse reforming:
2CO, +6H, < C,H,OH +3H,0 (R7)

In practice, the direct ethanol synthesis suffers from very low selectivity to C». alcohols and low
conversion rates at even high pressures [163, 164, 174]. Hence the thermochemical route that is adopted
is in two steps through reverse water gas shift (rWGS) followed by the CO hydrogenation:

CO, +H, < CO+H,O (R8)
2CO+4H, < C,H,OH + H,O (R9)

However, the effective CO, conversion into CO is achieved in high temperatures (in 575°C, a CO-
conversion around 48% can be achieved) due to the endothermic nature of the rWGS, increasing the
demands for a high temperature heat source, which is achieved through the combustion of a portion of the
recycling gas (tail gas), as it shown in Figure 75. After the rWGS reactor, the produced H»O is removed
through condensation after gas cooling at 30°C. The gas is compressed at 80bar and introduced to the
Mixed Alcohol Synthesis (MAS) reactor, where CO is catalytically hydrogenated at 325°C. The
methodology for a modified FT catalyst MAS reactor and the process configuration for alcohols separation
have already been described in previous studies [175, 176].
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Figure 75. Process flowsheet of the rwWGS-MAS concept

The main characteristics of the basic streams of this concept are summarized in Table 46.

Table 46. Stream characteristics for the conventional CO, to EtOH concept based on rwWGS

m T p molar composition (%)
stream (kg/s)  (°C)  (bar) H.0 CO; H> CO CH30OH CoHsOH  CsH,OH
1 58 50.0 25.0 0.0 251 749 0.0 0.0 0.0 0.0
2 266 4878 250 0.0 121 708 17.0 0.1 0.1 0.0
3 266 1200 250 5.8 6.3 65.0 2238 0.1 0.1 0.0
4 27 1021 41 98.5 0.1 0.0 0.0 0.6 0.7 0.0
5 242 1152 80.0 0.2 6.7 68.9 242 0.0 0.0 0.0
6 242 2119 800 0.9 8.6 67.1 205 1.0 1.9 0.0
7 242 2119 800 1.0 9.2 66.9  20.0 1.0 1.6 0.3
8 27 1261 41 26.5 0.9 0.0 0.0 22.6 41.1 8.9
9 04 289 0.2 0.0 4.6 0.0 0.0 944 0.9 0.0
10 1.2 433 0.2 0.0 0.0 0.0 0.0 0.3 99.7 0.0
11 0.3 300 0.2 0.0 0.0 0.0 0.0 0.0 0.0 100

b) Ethanol synthesis from DME

The novel thermochemical route for ethanol synthesis from CO, through DME that is proposed in this
study consists of a series of two reaction stages.

The first stage is the DME synthesis from CO; and H.. Even though the conventional method for
commercial DME synthesis from syngas (including both CO and COy) is in two steps 1) methanol
synthesis and 2) methanol dehydration, it have been shown that the one-step process based on bifunctional
catalysts is more thermodynamically and economically favorable [124, 177-179]. The main reactions that
take place in the DME synthesis reactor are (R10), (R8) and (R11). The first and the third are catalyzed
by a methanol synthesis catalyst such as Cu/ZnO/Al,Os, while the second reaction by an acidic catalyst
such HZSM-5 [179].
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CO,+3H, & CH,0OH +H,0
CO,+H, < CO+H,0

AH 3, = —49.5kJ/mol .,
AH e =+41.2kJ/mol o,

2CH,OH <CH,OCH,+H,0 AHY, =-23.4kJ/mol,,

(R10)
(R8)

(R11)

This process is kinetically rate depended and conducts in the range of 220-300 C and 30—60 bar. The
methodology for the kinetic rate calculation is adopted from the study of Lu et al. [179] and the parameters
are summarized in Table 47 while the expressions for the kinetic rates (ri, kmol/kgca/s) calculation of the
reactrions R10, R8 and R11 respectively are the following:

1 Pu,o0Pch.on

3
Keq,l pCO2 sz

pco2 pH2 [1_
L=k

2
pCHSOH pDME
r,=k, -
( pHZO Keq,z J

1 Pco, Py,
Pro K

eq,3 pCO

(1+ Keo, Peo, + Keo Peo ty Ky, P, )3

I3 3
1+ Kcoz Peo, + KeoPeo + \[ KH2 Ph,

Table 47. Kinetic rate calculation for DME synthesis [179]
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reaction (R11)
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L partial pressure piin bar, temperature T in K and R=8.314 J/molK

The second stage of the proposed concept for alcohols synthesis is the DME transformation into
C,HsOH. The alcohols (methanol and ethanol) production from methyl ether is conducted in two
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consecutive steps [40, 180, 181]. The first is the DME carbonylation where methyl acetate (MA) is formed
in the presence of H-Mordenite (H-MOR) zeolite:

CH,OCH,; +CO < CH,COOCH, (R12)
The next one is the produced ester hydrogenation over the Cu/ZnO catalyst.
CH,COOCH, +2H, < CH,OH +CH,CH,OH (R13)

The reaction process is accomplished in a dual bed reactor sequentially, at 15 bar and 220 °C. Apart
from the produced alcohols and the unconverted DME and MA, CO- and ethyl acetate (EA) are also found
in the reactor exit [40, 180]. After the products separation, DME, MA and EA reenter to the reactor,
whereas the CH3zOH and CO; are sent at the DME synthesis unit. The process configuration for the ethanol
separation and purification is similar to the conventional CO; to ethanol plant.

-

ethanol

H,, CO,

methanol

-9

Ethanol
synthesis

syngas

Figure 76. Process configuration of the CO> to Ethanol plant through DME

The main characteristics of the basic streams of this concept are summarized in the following Table.

Table 48. Stream characteristics for the conventional CO, to EtOH concept based on DME synthesis

m T p molar composition (%)
stream (kg/s) (°C) (bar)  CO; H, H,0O CO CH;OH C;HsOH DME
1 5.8 52.9 50 25.0 75.0 0.0 0.0 0.0 0.0 0.0
2 18.0 189.9 50 10.4 78.4 0.2 6.2 3.9 0.0 0.9
3 18.0 155.5 50 4.8 70.7 9.8 9.6 0.8 0.0 4.3
4 3.0 131.3 2.8 0.0 0.0 100.0 0.0 0.0 0.0 0.0
5 0.5 54.4 50 0.1 0.0 18.8 0.0 78.4 0.0 2.7
6 3.1 -25.8 1.1 23.0 0.0 0.0 6.7 0.2 0.0 70.1
7 4.0 28.1 15 4.6 82.8 0.0 10.9 0.0 0.0 1.7
8 71 220.0 15 7.0 65.1 1.4 2.2 12.2 12.1 0.0
9 2.0 64.7 11 7.1 0.0 0.0 0.3 92.3 0.3 0.0
10 2.7 80.4 11 0.0 0.0 0.0 0.0 0.1 99.9 0.0
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5.3 Cost analysis

The Total Capital Investment (TCI) estimation is performed according to Peters & Timmerhaus
methodology [129] and is based on a series of intermediate cost types, the first of which is the Total
Purchased Equipment cost (TPEC) for each case. The equipment cost of each component is estimated
based on similar equipment costs from the literature according to the following equation:

f
C =C, [g—] (Eq. 31)

0

Furthermore, having the Total Purchased Equipment Cost (TPEC) estimated, the next step is the Total
Installed Cost (TIC) calculation. This is accomplished by multiplying each equipment cost with an
installation factor n, specified for each component (see Table 49 and Table 50).

Table 49. Equipment cost estimation

Reference Reference Scale install Ref
Equipment List Scaling parameter  erected cost, size S factor, factor, ea} Ref.
Co (M€) >0 f n Y
methanol reactor feed gas (kg/h) 7.69 87.5 0.6 2.1 2006 [126]
rWGS reactor feed gas (t/h) 0.4720 210 0.8 247 2010 [182]
DME reactor kmol/s feed gas 15.855 291 0.65 1.52 2007 [183]
ethanol reactor! feed gas (Ib/h) 49.600 729095 0.65 247 2005 [184]
heat exchanger heat duty (MW) 39.26 355 1 1.49 2007 [130]
distillation unit MeOH flow rate (t/h)  16.58 6.75 0.7 1.52 2006 [126]
compressor power (MW,) 12.08 10 0.67 1.72 2006 [131]
cooling system Q rejected (MWyy) 49.600 470 0.67 1.49 2007 [132]
booster power (MW,) 14.770 47.61 0.67 2.47 2011 E;j
alcohols separation liquid feed (kg/s) 7.207 8.836 0.67 247 2005 [185]
wastewater treatment kg/hr water input 20.353 393100 1.05 2.47 2010 [135]
gas turbine power output (MW,)  73.2 266 0.75 1.27 2007 [183]
installation cost (in M€) = 2.47-983.2-10"

flash tank gas feed (kg/s) 5. (feed gas in kg/s)°® 2000 [136]
boiler boiler capacity (Ib/hr) online equipment cost estimation [186]

! the same methodology for both ethanol reactors is followed.

The parameters for the operational cost calculation such as O&M and insurance are considered as a
portion of the Fixed Capital Investment (FCI).

Table 50. Economic assumptions

exchange rate 0.755 €/$
discount rate 10%
recovery period 25 years
Capital Recovery Factor 0.11
year basis 2012
Operating and Maintenance (O&M) 5% FCI
Insurance 2% FCI

One of the most important aspects of the economic analysis is the determination of the H, cost. The
selection of the power supplier for the electrolysis operation, the hydrogen management prior utilization,
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the electrolysis technology are decisive parameters for the estimation of the hydrogen production and
delivery cost [121, 127, 144]. However, since the detailed estimation of the hydrogen production cost is
out of the scope of this study, it is assumed equal to 3.0€/kg.

Similar to the previous study, the cost for CO, capture with the amine scrubbing port-combustion
technology is set at 43.8 €/tncoz. The delivered CO. stream bares the same specification with storage
specification [19]: oxygen should absent from the pure CO- stream to avoid ignition after reaction with
the H; in the reactor. The specific heat demands for amine regeneration are 4.17 MJw/kgco2 and the electric
power consumption 0.021 kWh/kgco- [138].

5.4 Results and discussion

In this section the results derived from the process simulations and the economic evaluation of the two
main systems (methanol and ethanol production) are presented and discussed.
54.1 Process simulation results

For the evaluation of the productivity rate of each component (CH;OH and CO), the yield parameter
is introduced, which is the product of the CO, conversion per pass with the selectivity of the specified
component.
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Figure 77. Volumetric flow inlet and CO- conversion as a function of the separation factors SFyater and SFyeon

An evaluation of the effect of water and methanol separation factor on the process in terms of
performance is shown in Figure 77. The beneficial effect on the process performance with the increase of
SFweon is also illustrated by the decrease of the actual volumetric flow of the gas stream that enters the
reactor. The volume flow rate of the reactant gas is depended on the methanol yield and the rate of the
recycling gas. It is clear that the reactor size is determined by the gas inlet flow rate. Even though the
design configuration of the membrane reactor is more complex than the traditional one, the basic
dimensions of the former are expected to be up to 50% smaller, an aspect which could lead to reduced
equipment cost.
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The CO; conversion increases under hydrophilic or organophilic conditions. However, water removal
from the reaction side has practically negligible influence on the inlet gas volumetric flow, a fact that is
attributed to the increase in CO vyield with the increase of water separation factor, SFuaer, as it is depicted
in Figure 78. In this case, water removal favors the increase of CO yield according because of the water
gas shift reaction. The methanol yield, on the other hand, benefits by both water and CH3;OH permeation.
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Figure 78. CO and CH3OH yield as a function of the separation factors SFwater and SFmeon

The main results the CO, to Methanol schemes assuming 50% removal efficiency for both reactor
types are shown in Table 51. In order to assess the performance of each CO, Utilization Unit, the CUU

efficiency is introduced and defined as:

Mep,on ° LHVCH3OH (Eq. 32)
Teuy rﬁHzinIet ’ I—H\/Hz +Z I:)cons
Table 51. Main results the CO, to Methanol schemes
traditional hydrophilic organophilic
reactor membrane reactor membrane reactor
methanol/water selectivity (mol/mol) - 3 1/3
methanol removal ratio, SFu20 - 18.1% 50.0%
water removal ratio, SFcrson - 50.0% 16.7%
methanol selectivity (%) 80.7% 83.4% 88.4%
CO; conversion (%) 31.9% 42.1% 39.7%
methanol yield per pass (%) 25.7% 35.1% 35.1%
recycling ratio (kmol/kmol) 3.16 2.09 1.99
inlet gas actual volume flow rate (m?/s) 2.751 1.440 1.396
methanol annual production (tn/y) 98343 98415 98390
methanol purity (%) 99.3% 99.5% 99.4%
total heat requirements (MWy,) 9.64 9.14 9.05
rejected heat (MW,) 14.60 12.44 14.15
total power requirements (MW¢) 0.46 0.33 0.26
CUU efficiency (% LHV basis) 85.7% 85.9% 85.9%
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The methanol yield increases by 26% through the use of membrane reactor as a result of the increase
in both CO- conversion rate and methanol selectivity. As a consequence, the recycling ratio (defined as
the molar flow rate of the recycling gas to the feed gas) drops by 30% allowing the decrease of the reactor
size (lower gas volume flow rate). This also slightly decreases heat and power demands. The CUU
efficiency is not improved significantly but it is high in all cases.

The energy balance of the overall Power-to-Methanol concept is illustrated at the Sankey diagrams for
both schemes (traditional concept and membrane reactor) in Figure 79. The equilibrium limitations in the
traditional reactor leads to the recycling of a large amount of unconverted gas, its enthalpy of heat is 3.6
times greater than the feed Ho/CO- gas. The electrical demands in the electrolyzer unit dominate the overall
requirements: up to 97% of the total electricity demands are for the hydrogen production. In terms of
exergy, the exergy input by means of electricity in the H; unit is 90%, including thermal energy demands
for the amine regeneration in the CO. capture unit. The calculated total exergy efficiency in the
conventional scheme is 52.7%, whereas in the novel scheme with the membrane reactor is 53.7%.

a)

] re
B  clcctricity
B chemical

waste heat
74.8MW,,

Flue gas
2.0 MW, CO, separation &
74.8 MWy, compression unit

1.1MWe

Fuel
synthesis
unit

Methanol
separation

H,
compression

H;
production
unit

140 MW,
0 MW, waste heat

15.8 MW,

waste heat
56.0 MW

b) [ nea
_ electricity | \aste heat
B chemical | 74aMw,

Flue gas
2.0 MW, CO, separation &
74.8 MWy, compression unit Fuel Methanol
syl separation
1.1Mwe unit P

H,
compression

H,
production
unit

140 MW, 148 MW,

39.1 MWy, waste heat

waste heat 14.8MWy,

56.0 MW

Figure 79. Energy flow diagram of the CCU process using a) traditional methanol synthesis reactor and b)
membrane reactor for methanol synthesis (50% SFwmeon and 16.7% SFuater)
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The energy flow at the two ethanol plants is illustrated by the corresponding energy flow diagrams in
Figure 80. The heat streams in the DME scheme (Figure 80b) that are used for the coverage of the heat
demands in various process come from the useful heat that is produced in the burner.
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Figure 80. Energy flow diagram of the CO; to Ethanol Plant through a) reverse Water Gas Shift and b) DME
synthesis

The main mass and energy balance simulation results are shown in Table 52. The DME annual
production refers to the DME that is produced at the first reactor and undergoes to transformation into
ethanol into the second reactor. Since the DME stream is purified, it could be considered as the final
product in case that the ethanol is not the desired product. Due to the nature of the MAS catalyst, high
selectivity rates for the ethanol and higher alcohols synthesis cannot be achieved. In this light, methanol

116



Chapter 5

is considered as by-product. Alternatively, methanol can be reformed in high temperature under oxy
conditions and reenter the mixed alcohol reactor, resulting to 100% selectivity in C2+ alcohols [175].
However, this option is not adopted in this analysis. On the other hand, the produced methanol in the
ethanol synthesis reactor can be separated and returned to the first reactor for DME synthesis. Similar to
the ethanol cases, large amounts of heat is required for products separation in both processes. Most of the
heat requirements are covered by the cooling of the hot gases exiting the reactors. Even though the
demands for heat along the whole process in the first scheme are more, the flow rate of the tail gas that is
combusted is greater, due to the strong endothermic nature of the reverse water gas shift reaction. On the
contrary, only 0.5% of the recycling gas at the DME reactor is extracted in order to be burnt. As a result,
the carbon utilization in the second case is much greater than the “conventional” way.

Regarding the performance of the two process schemes, the Ethanol plant based on DME has greater
CUU thermal efficiency (i.e. the chemical products heat input to the total energy input). This is mainly
attributed to the milder reactions that take place along the process resulting to lower heat demands, despite
the higher power consumptions due to gas recycling and compression. The total exergy efficiency for the
both systems is 41.9% for the first case (rWGS) and 49.3% for the second one (DME based). It is clear
that the synthesis of higher alcohols has smaller performance in comparison to the methanol case as it is
illustrated by the comparison of the corresponding exergy efficiencies.

Table 52. Main simulation results from the Power-to-Ethanol cases

EtOH from rWGS EtOH from DME

DME annual production - 72036
ethanol annual production (t/y) 32777 61983
methanol annual production (t/y) 12357 -
propanol annual production (t/y) 10079 -

CO; conversion (%) 49.5 56.5
CO; utilization (%) 68.7 (81.1)* 98.0
total heat requirements (MW,) 13.78 13.18
tail gas heating value (MW4) 14.03 1.82
rejected heat (MWi) 27.38 21.81
total power requirements (MW¢) 2.05 4.18
CUU efficiency (% LHV basis) 63.2 70.3

L the value in the parenthesis refers to the carbon in both methanol and higher alcohols

5.4.2  Economic analysis

Regarding the economic evaluation of the methanol production, it is performed and presented only for
the conventional case. The plant cost breakdown in Figure 81, shows that the hydrogen production
dominates the methanol production costs. The terms and conditions for the minimization of the
electrolyzer and electricity cost in order the technology to be more competitive is not part of this study.
The improvements on process performance and the reduction of the production cost by means of advanced
techniques such as the membrane reactors are analysed and discussed.

In the previous analysis, the market of oxygen is not taken into account. Oxygen is a valuable product
that has numerous applications in various sectors such as the iron and steel industry, and the medical sector
[155]. Given that oxygen that is produced through electrolysis is in high purity, it has the potential to fulfill
the requirements for the implementation in every use (oxidizing agent or medical product). The
compression, cooling and liquefaction of the produced oxygen and the corresponding power consumptions
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and operational costs are estimated and included in this study. The specific power consumptions for O,
liquefaction is set 0.3711 kWh/kgo.. Because of the high quality in terms of purity, the oxygen selling
price is set at 87.4 €/tn, based on [156]. The introduction of the oxygen liquefaction and compression unit
causes 14.9% increase in the total capital cost and the corresponding total operational cost drops by 1.3%
in the whole Power-to-Methanol system. As a consequence, the methanol production cost drops at 859.2
€/tn (10.1% decrease). It is seen that the oxygen marketing has a beneficial effect on the mitigation
methanol production cost and should be taken into consideration.
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Figure 81. Power to Methanol cost breakdown

As far as the economic analysis for the ethanol case is concerned, Figure 82 presents the ethanol cost
breakdown for the two cases. The oxygen utilization is not taken into account in this analysis. The same
gualitative conclusions with the methanol case are extracted: The hydrogen production cost, and more
specifically the electricity for H, production is the most important parameters that influence the ethanol
production cost. On the other hand, similar to the methanol case, the other component for the ethanol
synthesis (CO;) has a small contribution (only 6.6 to 7.0%) to the economic scale of the investment as the
specific cost of the delivered CO; stream is 108 €/tn of ethanol (rWGS based) and 139.2 €/tn of ethanol
(DME based). The specific cost of the CUU (both the capital and operational part) for the rwWGS based
and DME based scheme is 376.1 and 389.2 €/tn of ethanol, respectively.
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Figure 82. Ethanol production cost breakdown for the two CO,-to-Ethanol schemes
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Comparing the two process schemes, the proposed scheme for ethanol production via DME synthesis
has lower production cost than the rWGS based scheme. The estimated production cost in the former
scheme is 2.01 times greater than the current ethanol price whereas in the later scheme it is 2.44.

In case that the produced oxygen can be considered as a by-product and is sold, the minimum ethanol
price in the rWGS case is 1.27 €/1 whereas in the DME based case is 1.11 €/1. Taking into account that the
cost of cellulosic ethanol, which is derived from lignocellulosic biomass fermentation is currently around
to 0.70 €/1, more effort should be paid in order the CO, based options for alternative ethanol production
can compete the bio-based routes.

5.5 Conclusions and further considerations

This study focuses on the improvement of the CO- conversion to value added fuels. Two new concepts
are introduced one for methanol and another ethanol and are compared with the conventional schemes in
terms of system efficiency and economic feasibility. In the methanol case, the adoption of membrane
reactor for methanol synthesis has no effect on the methanol plant thermal efficiency but increases the
methanol yield. This fact induces the reduction of the recycling gas flow rate, leading to reduced reactor
dimensions and consequently, to lower investment cost.

In the ethanol case, the novel scheme through DME that is presented in this study has higher thermal
efficiency because of lower heating demands, and thus, the ethanol production cost is lower than this of
the rWGS case. The economic analysis reveals that using the novel DME-based ethanol plant that is
proposed in this study, 18% reduction on the ethanol production cost is achieved. However, a considerable
effort is needed in order the CO; derived fuels to reach a competitive level in the global market.
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6. Plant design aspects of catalytic biosyngas conversion to higher
alcohols

6.1 Introduction

Coal, lignite, oil and natural gas have been used over 100 years both in the power and chemicals
production industry and have been the prime energy sources of the global economy. Important issues such
as climate change, reduced fossil fuel resources, coupled with increased prices lead to efforts to supplement
fossil fuels consumption by renewable biomass resources, which are abundant and unexploited. The
realignment of the chemical industry from a petrochemical refining based to a biorefinery based has
attracted a lot of attention and the feasibility of this concept has become a national goal of many countries
[187].

Bioethanol is the most common 1% generation biofuel, currently being produced from the fermentation
of sugars i.e. using edible biomass as feedstock. Gasification of biomass to synthesis gas (H./CO),
followed by catalytic conversion of syngas, could produce significant amounts of ethanol, plus higher
alcohols that could be used as additives into transportation fuels without competing with the food sector.
The latter is a second generation biofuel approach and is regarded by many as a way to reduce the amount
of carbon dioxide released into the atmosphere by replacing part of fossil and thus higher CO; footprint
energy sources [188-191]. Except from the production of methanol and ethanol, and Fischer-Tropsch
liquids’ potential uses in automotive sector [192], extensive research efforts have been focused in the
production of Higher Alcohols (HA: C>—C, alcohols), and in the development of active and selective
catalysts [193-196]. The resulting alcohols mixture could be used directly as fuel, as fuel additives for
octane or cetane enhancement, as oxygenate fuel additives for environmental reasons, and as intermediates
to form other fuel components as well as for the production of solvents or other chemical sub-processes in
the chemical industry. HA gained ground against other bioliquids, because they have a wide range of uses
as final products or as key intermediate components for the chemical industry. The most common HA
alcohol is ethanol (CH3sCH,OH). Apart from being a fuel already produced by 1% generation biofuel routes,
it has major industrial uses such as its conversion by oxidation into acetaldehyde (CHsCHO). It is also
used in the preparation of various derivatives, such as ethyl chloride, in plastics production etc. As a fuel,
it is suitable for internal combustion engines (ICE) [192]. The next HA is propanol, and its principal use
is in the production of acetone, which is used extensively as a solvent and as starting compound in the
manufacture of numerous other organic compounds. Butanol is claimed to have good qualities for direct
replacement of gasoline [197]. Even higher HAs are produced in large quantities and they have a wide
range derivatives used in the production of resins, paints, polyester fibres and other applications [198,
199].

The biorefinery concept focuses on replacing the resources currently used (mainly natural gas) to
transform biological raw materials into industrially useful intermediates up to end products. The
production of HA in a biorefinery application could involve two different pathways: the first one is the
biochemical conversion of biomass derived sugars though alcoholic fermentation (adopted in Brazil and
the United States). The second route is via thermochemical conversion of biomass which offers a more
effective means for the recovery of the energy content of biomass in a direct way and shorter times.
Important thermochemical processes used for the production of highly energetic gaseous fuel are: (a)
pyrolysis achieved in the absence of oxidant and (b) gasification, i.e. the thermal decomposition and
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reaction of biomass occurring with the help of an oxidant such as pure oxygen or air (autothermal process)
or steam (allothermal) to yield a combustible gas rich in carbon monoxide and hydrogen [193-196].

In this chapter, an energetically self-supported biorefinery section is designed for two different
feedstocks: i.e. woody biomass and the pulp and paper industry by-product: black liquor. The latter is one
of the largest concentrated biomass sources available in regions with many large pulp and paper industry
units (i.e. northern Europe etc). Since the pulp industry has already tackled the logistics of handling huge
amounts of wood it a more likely that their by-product is used apart from producing energy in recovery
boilers, for the production of biofuels. Nevertheless, the production of syngas from solid biomass is a
primary future target in case of the absence of an existing relevant industry. In all cases a biorefinery has
to function without any requirements for energy above the levels its primary feedstock can cover. This
study describes in detail the entire sub processes and simulation methodologies in Aspenplus™ process
simulation tool. A detailed bibliographical search is performed into works employing this software for the
evaluation of biorefinery operations based on syngas [200-203].

The modelled sections are the gasification (both black liquor and solid biomass), the oxygen
production, the gas cleaning and removal of acid gas components and finally the production of HA (in two
different cases fashions depending on the catalyst employed). The envisaged process could well function
from sizes of 100 to 400 MW thermal input of biomass [204], with the first being the basis for the
calculations.

6.2 Process description

A simplified flow diagram for the process is shown in Figure 83. Both wood based circulating
fluidized bed gasification and black liquor gasification are shown in cases (a) and (b). All major processing
steps for the conversion of wood or black liquor to syngas via oxygen gasification are apparent: the air
separation unit, the gas-cleaning system and the catalytic synthesis of HA. Each process area in the scheme
is described below.

Q
~—

Power Plant

Particulates filter
flue gas
4= air
! —
particles == steam
oxygen

.4— steam —] MeOH
l-_\J

Bed Gasifier

Circulating Fluidized

steam

Selexol

oxygen

ASU

NH,, HCl H,S Removal Unit Alcohols Synthesis l

& Separation
Ammonia Scrubber CO, Removal Unit alcohols

122



Chapter 6

Power Plant

- .

ASU

b)

black liquor

Entrained Flow alcohols

Gasifier H,S Removal Unit
NH,, HCI

Alcohols Synthesis
CO, Removal Unit & Separation

Figure 83.Process flow diagrams of different biorefinery systems derived from a) woody biomass
and b) black liquor

6.2.1 Airseparation unit

A cryogenic separation unit is required in order to produce a highly pure oxygen stream. Cryogenic
distillation separates oxygen from air by liquefying at low temperatures. Ambient air is compressed in
three stages via a compressor with inter-cooling and further cooled with chilled water. Residual water
vapour, carbon dioxide, and atmospheric contaminants are removed in molecular sieve adsorbers. The
cooling of air to cryogenic temperatures is achieved by heat exchanger and the required cooling loads
derive from the already cold product streams. Such a configuration can reach to an oxygen purity of up to
98% [205]. For further oxygen purification, an extra column for argon separation would be required.

6.2.2 Gasification

Over the past decades many different gasifier types have been developed. Nevertheless for the sizes
of a biorefinery operation i.e. well over 30 MW thermal input, only two technologies have the maturity to
be considered for current or near future application. A circulating Fluidized bed (CFB) gasifier is
recommended for solid fuels with diverse textures and moisture levels. If the biomass is in the form of
liquid (such as in black liquor) or solid without serious problems and energetic requirements for its
partitioning down to fine particles (<1mm), then an entrained flow system can also be considered.

Gasifying woody biomass in circulating fluidized beds and black liquor in entrained flow gasifiers has
many differences in operating conditions, quality of produced gas etc. The typical chemical analyses of
both fuels adopted are presented in Table 53. Primarily, the gasification temperature in a CFB is below
1000 °C compared to entrained flow reactors that surpass this (up to 1200 °C) [199, 206]. In most of cases,
the entrained flow reactors are designed in order to operate with a specific fuel. The raw product gas from
an entrained flow reactor has a lesser load of particulates (unconverted char) as well as tars due to its usual
higher operating temperature as it is common that these systems operate in ash melting regimes. Both
systems can operate at elevated pressures but black liquor gasification is technically easier to accomplish
(pressurized feeding or liquids is easier). Therefore such a system can deliver gas more easily at closer to
the operating pressures required for HA synthesis. Black liquor product gas yields high H,S
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concentrations. This sulphur is recovered either by employing a downstream Claus process or by
absorption in the green liquor from where and it can be returned to the pulp mill [204].

Table 53. Biomass fuel properties used in the modeling.

Ultimate Analysis

(dry mass basis) Proximate analysis (mass basis)

wood black liquor wood black liquor

o 48.75 31.3 moisture 5.10 24.8
H 6.54 3.4 fixed carbon 9.38 12.6
] 44.10 37.3 volatiles 85.22 21.6
S 0.24 5.6 ash 0.30 41.0
N 0.05 0.1

Na - 22.4

HHV (MJ kg 18.88 12.57

6.2.3  Gas Cleaning

The basic product gas impurities are: particulates (inert material, fly ash, unconverted carbon called
char), tars (condensable heavy hydrocarbons with molecular weight higher than benzene), sulphur species
(mainly H2S, COS and mercaptanes), halogen species (HCI, alkali chlorides), nitrogen species (NHs,
HCN), alkali species, as well as volatile metal traces [207]. For most of the catalytic systems, these have
to be removed to a certain extent by gas cleaning technologies. A certain amount of tars and alkali species
are removed in filtration systems downstream the gasifier together with the particle matter, whereas water
and oil scrubbers or thermal cracking catalysts in cold and hot gas cleaning processes can be added for
further elimination of these impurities. The desulphurization step is essential in the process as sulfur causes
poisoning and limits the life duration of the catalysts used in the production of Higher Alcohols. According
to [208], hydrogen sulfide (H2S), carbonyl sulfide (COS), and mercaptans are reported to have a tolerance
concentration level lower than 1 cm® m=for both Cu-Zn and MoS; catalysts cases, while in [209] the MoS;
catalysts are reported to have a less strict tolerance of 50 -100 cm® m™ is reported. The most commonly
used cold desulfurization methods are chemical absorption in alkaline-water solution or in alkanolamines
or physical solvents (Rectisol™, Selexol™) whereas in hot methods catalytic conversion and solid
sorption are used [210]. Black liquor-fired entrained flow gasifier produces much more sulphur species
compared to the wood derived product gas in CFB. The sulfur contained in BL is mainly converted to
hydrogen sulfide (H.S) while some reacts with sodium carried in the fuel for the formation of green liquor.
A comparison of H,S levels for the two gasification systems is shown in the results sections. Although,
H>S can be retrofitted to the green liquor for the conversion to white liquor and further efficient use in the
pulp’s industry digester, the present work focuses only in the removal of H,S. Selexol™ and Rectisol™
are the mostly known processes for the removal of both H,S and CO; involving di-methyl-ethers of
polyethylene glycol and refrigerated methanol respectively. The operating pressure of Selexol™ process
is lower than that of Rectisol™, usually 0.2 — 1.4 MPa. Selexol™ has greater selectivity ratio (H2S to CO,)
than Rectisol™ and therefore is selected for sulfur removal. After the solvents regeneration, the hydrogen
sulfide can be directed to either a Claus unit for conversion to elemental sulfur or in the case of black-
liquor to cover sulfur needs for the conversion to white liquor. Better ratios of absorbed H.S to CO, are
achieved with lower temperatures. In the Rectisol™ process, which has comparably less energy
consumptions than the Selexol™, the solvent is cold methanol at approximately -60 to -75 °C, which
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dissolves the acid gases from the feed gas at relatively high pressure, usually 2.5 — 6.0 MPa. The rich
solvent containing the acid gases is then depressurised to release and recover the captured species. The
Rectisol™ process can operate selectively to recover the remaining carbon dioxide.

6.2.4  Alcohol synthesis unit

The HA synthesis is performed after the gas is compressed at relatively elevated pressures (8.0 MPa)
and depicts higher selectivity at around 325 °C. The mechanism for HA synthesis involves a complex set
of reactions with multiple pathways, leading to a variety of products that are impacted by kinetic and
thermodynamic constraints [211]. Depending on the process conditions and catalysts used, the most
abundant products are typically mixed alcohols (C2-C4), methanol, hydrocarbons and CO.. Linear alcohols
are produced in a stepwise fashion involving the synthesis of methanol followed by its successive upgrade
to ethanol, propanol, butanol, etc. [212]. Therefore, the HA catalyst should have methanol synthesis
activity because methanol can be considered a recurrent C; reactant. Both branched and straight chain
alcohols can be synthesised with but the present analysis does not go into that detail. In the present
conceptual design, two different types of catalysts for HA synthesis, were selected: the modified methanol
synthesis catalysts [213], the modified FT (alkalized MoS; catalysts) [214]. The general HA synthesis
reaction mechanism has the following overall stoichiometry, with n typically ranging from 1 to 8 [215-
217]:

NCO + 2nHz — CnHans:OH + (n-1)H,0 (R1)

In addition, apart from the desirable products (higher alcohols) and methanol that are formed, alkanes
and carbon dioxide are also produced, according to the following reaction:

NCO + (2n+1)H, — CoHanez + NH,0 (R2)
The shift reaction is apparent in all cases:

CO+H,0 - CO2+H, (4Hr=-41.1kJ mol?) (R3)

6.2.5 Alcohol separation and recovery

The last stage of the alcohols production is the recovery unit. The configuration of this unit depends
on the definition of “desirable final products”. In other words, the number of higher alcohol products that
are required defines the number of separation columns. In all cases, light gases like hydrocarbons, H-0,
CO; and unconverted Hoand CO are considered undesirable and are removed after cooling at a first high
pressure flash separator stage. In this case study, the “desired final products” are assumed to be the mixture
of the higher alcohols rather than individual compound stream of ethanol, propanol and butanol, so only
one column is used for the alcohol mixture recovery. The flow diagram of the HA recovery unit is
demonstrated at the Figure 84.

Due to low conversion rates of CQO, it is very important to recover light gases such H, and CO for
reuse. Moreover, other gas components such light hydrocarbons (HC) and CO; should be removed before
mixing with the main syngas stream. In the case studied, an autothermal oxygen driven steam reformer is
considered to produce more Hz and CO from HCs. The light gases from the top of the first flash separator
are split into two streams that are both throttled down to a lower pressure (2.6 MPa). One is led to the
reforming step and the other to the gas turbine (GT) for power and steam generation in a small combined
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cycle. The size of the power is determined by matching its output with the heat and power demands of the
overall process.
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Figure 84. Flow diagram of the Mixed Alcohol separation unit.

6.2.6  Steam production and power generation unit

In order to meet the power and steam demands of the process, a steam cycle combined with gas turbine
exists. A portion of the unconverted gases from the alcohol synthesis is led to the gas turbine to be
combusted. The turbine exhaust gases provide heat for steam generation through a heat recovery steam
generator (HRSG). Additional heat recovery for increase of steam generation is performed through product
gas conditioning and cooling. Part of the produced steam is used at the WGS reactor and the Autothermal
Reformer, as heating source in the reboilers of the strippers (at H»S removal unit and alcohol separation
unit).

6.3 Methodology and model description

6.3.1 ASPEN Plus™ modeling configuration

Both solid biomass and black liquor gasification modeling is mainly based on chemical equilibrium
by means of minimization of free Gibbs energy. The woody biomass modeling is based on an equilibrium
model corrected for the methane content of the syngas based on a previous work [207]. In the case of black
liquor the prediction of the gaseous products needs to be accomplished together with an evaluation for the
liquid (smelt) products: therefore the task is performed using two separated Gibbs reactors (RGIBBS) for
the two phases. The adoption of two distinct equilibrium calculations is due to the fact that an overall mass
Gibbs minimization would fail to reproduce significant Na.S quantities which affect both gaseous and
smelt compositions. The fate of elements between the two RGIBBSs is based on the ultimate/proximate
analysis and on relevant studies [218, 219]. The reason is that the smelt is formed possibly near the wall,
at the post flame region [77]. Both woody biomass and black-liquor elemental composition is reported in
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Table 1. Special effort is paid for black liquor enthalpy estimation, since it cannot be treated as a typical
non-conventional material in Aspenplus™ because its ash content influences the chemical equilibrium and
is not considered as inert. The separation of syngas from the smelt is conducted at the quencher that is
simulated as a flash separator, assuming phase equilibrium. The black liquor model closely predicts the
syngas produced (Table 54) [215], but most importantly is a tool to predict the energy balance around the
gasifier and its oxygen requirements.

Table 54. Comparison of prediction syngas composition with the corresponding experimental values from [215].

4=0.40 Experimental this model

mol fraction %

H, 35.80 36.72
CO; 34.10 31.86
co 25.50 26.06
CH, 2.70 2.70
H,S 1.90 1.86
LHV (kJ kg?) 7531 7964

The property method that is used at each unit of the biorefinery is shown in Table 55, whereas the
input parameters of the whole biorefinery are summarized in Table 56. The selection of the suitable
property method for each process unit was based mainly on the relevant to similar process design efforts
works [77, 203, 220].

Table 55. Selection of physical property methods for process modeling.

Unit Property method

Gasifier IDEAL (ldeal gas law) [221]

H.S removal (Selexol) PC-SAFT (Perturbed-Chain Statistical Associating Fluid Theory equation
of state) [92]

CO; removal (Rectisol) RK-SOAVE (Redlich-Kwong-Soave equation of state) [221]

Alcohol synthesis & separation ~ NRTL (Non-Random Two-Liquid activity coefficient model) [203]

Combined Cycle RK-SOAVE (Redlich-Kwong-Soave equation of state) [222]

Gas cleaning from HS and CO, takes place in absorbers assuming phase equilibrium at each of their
stages. The most important aspect is to define the appropriate thermo-physical properties and equation of
state in order to simulate the phenomenon of physical absorption and acid gas removal with high accuracy.
In the CO, removal unit, CO; is sequestrated at two stages in flash separators after throttling the lean
solvent. By using this configuration, the second column for stripping the Rectisol™ solvent is not needed.
This unit requires power consumption for pumping and externally cooling the rich solvent before its
introduction into the absorber.
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Table 56. Assumptions for the process parameters (based on [89, 185, 203, 217, 223])

Air Separation

Oxygen purity, Yoz 97.0
Compressor polytropic efficiency #pol 82.0

Gasification unit
Equivalence ratio, ER 0.40 for BL & 0.30 for wood
Gasifier temperature, Tgas 950 °C for BL & 800 °C for wood
Gasifier pressure, pgas 2.7 MPa

Syngas temperature after cooling, Tsyn

120 °C for BL & 200 °C for wood

Syngas conditioning and acid gas removal unit

Target H2/CO 2.0
H2S content in the clean syngas, yrzs,clean 10 vol
CO; capture rate, CCR 99.0
H.S absorber stages 10

CO, absorber stages 10

HS stripper stages 3

Rich solution: Selexol solvent / H2O (w/w %) 90.0
Rich solution: Rectisol solvent H,O (w/w %) 98.0
Autothermal reforming temperature, Tarr 950°C
HC conversion at the ATR 99.0

Alcohol synthesis unit

Synthesis temperature, Taic 325°C
Synthesis pressure, Paic 8.0 MPa
Compressors polytropic efficiency, #7pol 80.0
Gas Hourly Space Velocity, GHSV 2000 ht
Higher alcohol recovery unit

Separation column stages 70
Pressure outlet of the column, peol 2.6 MPa
% Methanol recovery 99.6

% HA recovery 99.9
Power island

Turbine Inlet Temperature, TIT 1350 °C
GT Compressor & Turbine polytropic 7pc & np,t 90.9% & 93.6%
Combustor pressure, Peomb 1.8 MPa
Evaporators pinch point 10°C

Superheated steam

Reheated steam

Steam turbine isentropic efficiency, st
Condenser pressure

500 °C & 15 MPa
500 °C & 3 MPa
84 (HP), 82 (LP)
5-10° MPa

6.3.2  Modeling of the Mixed Alcohol Reactor (MAR)

In this study, the mixed alcohols synthesis is investigated for two different types of catalysts based on
the corresponding kinetic expressions obtained from the literature. For a rigorous investigation of the
catalytic process, a Plug Flow Reactor (RPLUG) in conjunction with an equilibrium reactor (REQUIL) is
used. The RPLUG simulates the alcohol production in the MAR according to the kinetic rates of the
reactions while the REQUIL follows the former in order to estimate the CO; that is yielded from the water
gas shift reaction. As far as the HAS with MoS; catalyst type is concerned, and according to the Langmuir-
Hinshelwood (LH) model, the reaction rate is expressed by the following equation, based on mass of the

catalyst and the partial pressure of the components that take part in the reaction:
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kinetic factor driving force
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The production rates of methanol, ethanol, propanol and methane are evaluated according to the Kinetic
model that is presented in [224]. Concerning the HAS over a modified methanol catalyst (Cs-doped Cu-
Zn composite catalyst) the corresponding kinetic rates are obtained from the experimental study of
Kulawska and Skrzypek [214]. In this study, the following power law expression is proposed:

_&

However, in this study, the hydrocarbons formation is not taken into account, even though it is

expected, according to similar studies [216, 225, 226]. The methane selectivity is assumed to an average

value of 5% obtained from [216, 225, 226]. The expressions of the kinetic rates of the reactions that take
place in the MAR and the parameters values are presented in Table 57 and Table 58a and b respectively.

Table 57. Reactions and their corresponding rates according to the Gunturu model [213].

Reactions LH kinetic rate expressions

Enf1 1
R(T T,

j[kl' Peo - pﬁz _kz : pCHaoH] (Eq 35)

CO+2H, <> CH,OH AH, =-92 kJ mol™ s _ An-exp 5
’ ‘:1"' Kl *Peo + Kz . p&IZ + Ks : pCHBOH ]
,5[1;]
R(T T,
CH,OH+CO+2H, <> C,H,OH+H,0 AH, =-165.1kImol™ oo _ A EXP [k Porvon | (Eq. 36)

1+ Kl ’ pCH30H

7?(?5
C,H,OH+CO+2H, <> C,H,0H+H,0 AH, =—432.2 kJ mol * qoss P EXP [k Peon | (Eq. 37)

K, - pCHSOH:| (Eq. 38)

CH,OH+H, <> CH,+H,0 AH, =-265.2 kJ mol™* poross _ A, -exp

Table 58a Parameters for LH kinetic model setup for alcohol synthesis for MoS; catalyst [224]

pre-exponential activation

. 1 driving force factors adsorption factors
i factor energy

A (kmol st kg?') E (kJmol?) ki k2 K1 Kz Ks
CH30OH 4.062-10 143.472 1.396-10° 1.087-10%° 3.870-10%° 3.562.107 1.235-10°
C;HsOH 8.477-107 24.986 1.237-10° 0 9.111-10® 0 0
C3H;OH 5.966-108 89.333 9.869-10° 0 6.006-10° 0 0
CH,4 2.607-10® 95.416 1.237-10° 0 1.542-10% 0 0

1 T,=598K
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Table 52b: Parameters for kinetic model setup for alcohol synthesis for Cu-Zn catalyst [214]

_ pre-exponential factor activation energy exponent
i
A (mol h't gt MPa") E (kJ mol?) n
CHsOH 59.4 72.19 2.0
C2HsOH 268.0 81.45 1.5
CsH;0H 48.3 78.10 1.5

6.4 Results and discussion

6.4.1 Comparison of the performance of two different catalyst types

The stream results of the wood gasification system up to the MAR (mixed alcohol reactor) for both
catalyst types are summarized in Table 59a and b. Both cases have similar pressures and temperature
profiles. Cu-Zn catalyst has a much higher requirement for recycling of methanol and unreacted gas. This
results in slightly higher temperatures of that case after mixing with the unreacted MeOH stream. The
corresponding mass flows (here indicated as ratios over raw biomass processed) result higher for the case
of Cu-Zn based catalysts.

Table 59a: Stream results of the syngas along its conditioning prior to MoS; catalyst.

m T P HO CO, H, CO CHs Ar CHOH H.S
stream after: KQsyngas/KOwood  °C bar mol fraction %

Gasifier/quench 1.310 2000 27.00 1379 17.88 28.08 3354 650 006 000 0.1
H,S removal 0.683 1100 2596 008 136 4099 4838 907 007 000 50-10*
WGS 0.730 3000 2596 019 7.07 4436 3972 854 007 000 49-10%
mixing with 4.274 369.4 2596 1316 455 5205 2604 261 150 000 8104
recycling gas

CO, removal 2.911 200 2494 000 006 6333 3163 306 179 003 000
?;::);gl?ngllt\;]eOH 2.937 162 2494 000 008 6314 3153 305 178 030  0.00
gasto GT (tail gas) ~ 0.138 410 2500 006 509 6056 2454 723 206 012  0.00

Table 53b: Stream results of the syngas along its conditioning prior to Cu-Zn catalyst.

m T p H,O CO, H» CO CH4 Ar CHsOH H.S
stream after: KOsyngas/KGwood  °C bar mol fraction %
Gasifier/quench  1.310 2000 27 1379 17.88 28.08 3354 650 006 0.00 0.11
H,S removal 0.683 1100 2596 0.08 1.36 4099 4838 9.07 007 0.0 10
WGS 0.709 3000 2596 0.1 472 4299 4331 876 007 000  0.97.10%
mixing with 5.423 3339 2596 879 290 5577 27.83 400 066 000  0.10-10%
recycling gas
CO; removal 4.174 200 2494 000 003 6335 3148 434 073 003 0.00
;Z'cycnl?n‘g"meOH 4.480 175 2494 000 004 6178 3070 423 071 250 0.00
gas to GT 0.246 516 2500 000 061 62.65 3030 465 075 0.94 0.00
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In the case of MoS; catalyst applied to wood derived gas (“case A1), the CO and H, conversion rates
are calculated at 32.8% and 17.2%, respectively. On the other hand, the conversion rates when applying
the modified methanol catalyst on wood derived syngas (“case B1”) are 7.7% and 5.2%. This means that
the MoS; based catalysts are far better in achieving greater productivities of ethanol and propanol per kg
wood processed (Table 60). Cu-Zn catalysts still sustain their attributes towards MeOH production which
increases drastically the requirements for gas recirculation. The reactor size at least triples compared to an
ideal case of a single-pass reactor. The requirements of the system for steam and power determine the
portion of the tail gas that is diverted to the power island. In case Ay, this portion is 16.2% whereas in case
B1 is 32.2%.

Table 60. Specific flow rates of products and other basic streams of the biorefinery.

catalyst type MoS:  Cu-Zn
Mass yields per kQwood g of alcohol
Ethanol 89.45 39.64
Propanol 39.02 20.30
Specific steam demand per Kgwood for: KQsteam
WGS 0.023 0.027
Reforming 0.274 0.602
H.S reboiler 0.005 0.019
Specific O, demand per Kgwood for kg of O
gasification 0.653 0.653
reforming 0.254 0.251

Table 61 shows the results of specific energy consumptions for those two cases. Most power is
consumed at the Air Separation Unit for the production of pressurized pure oxygen stream, which is
primarily used for the gasification and at the compressors for recycling of the unreacted syngas and
recovered methanol at the main syngas stream. This is attributed to the low pressure of HAS recovery unit,
as the pressure ratio of the compression is quite high (around 8.0). On the other hand, power consumptions
for syngas compression is lower not only because of the lower pressure ratio (3.2) but also because of the
low inlet temperatures of the gases coming out of the CO, removal unit.

The H,S removal unit has both high power and heat consumptions, for the solvent pumping and its
total regeneration at the stripper, respectively. This is the major disadvantage of the Selexol™ process for
acid gas removal but the reasons for its selection were described above. MoS; based catalyst mighty be
able to sustain HzS to few ppm higher, provided the WGS catalysts employed is “sour type”.

Table 61 Biorefinery sub-units specific power consumptions.

MoS; catalyst Cu-Zn catalyst
% HHV % HHV
kJ/gna biomass input kJ/gua biomass input
ASU 5.6 3.62 18.5 5.88
syngas compression 7.4 4.85 27.6 8.75
recycling compression 0.6 0.37 3.0 0.94
H2S removal 0.1 0.52 16 0.52
CO; removal 1.9 1.29 59 1.86
Total consumptions 15.6 10.17 56.6 17.96
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As it is very likely that HA production from biosyngas might be first applied to black liquor
gasification, these cases are also presented in Table 62, comparatively to the wood based gasification. The
product gas heating value from wood gasification is greater that the corresponding of black liquor
gasification. This is mainly due to the high ash content of black liquor that remains as liquid after the
gasification in order to form the green liquor (reused in the pulping process). Although the H>S removal
from BL syngas has larger energy and heat demands than the wood based gasification, the impact on total
power consumptions is not considerable.

Table 62. Comparing the energy balances of black liquor vs. wood biomass gasification.

feedstock type wood black liquor
% HHYV feedstock input
Raw syngas HHV 74.0 60.7
Conditioned syngas HHV 63.6 52.6
ASU power consumptions 3.62 4.76
AGR power consumptions 1.33 2.02
Total power consumptions 10.2 104
Higher Alcohols HHV 21.0 14.2

Black liquor gasification has already found applications in MeOH production [204]. Assuming MeOH
as a useful product that can be co-produced with higher alcohols widens the useful products list. This also
reduces the power consumption attributed to methanol recirculation. Table 63 summarizes the black liquor
towards mixed alcohol productivity including the cases of methanol as a product (cases C and D based on
MoS; and Cu-Zn catalyst respectively).

Table 63 Effect of methanol recirculation on plant performance (black liquor case).

case  catalyst type MeOH CoO H2 HA production MeOH production
recirculation  conversion  conversion (g kg of BL) (g kg of BL)
A; MoS; yes 21.89 11.50 27.03 -
B2 Cu-Zn yes 5.3 3.6 13.84 -
C MoS; no 2151 11.71 24.78 7.32
D Cu-Zn no 54 3.6 7.75 421

6.4.2  Sensitivity analysis

In this section, sensitivity analyses of several operating parameters of the MAR are performed.

a) GHSV (gas hourly space velocity)

Figure 85 reveals the effect of the Gas Hourly Space Velocity (GHSV): lower values lead to higher
production and selectivity rates by allowing the further completion of desired reactions. The flow rates of
recycled gases are reduced together with power consumption.
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Figure 85. Effect of GHSV in the reactor on the system performance (H./CO = 2, MoS; catalyst at T=325 °C and
p=8.0 MPa)

b) Synthesis Pressure and temperature

Figure 86a shows the positive effect of increased pressures on the synthesis process. For operating
pressures up to 12.5 MPa the alcohols productivity increases dramatically and the power consumptions for
recycling are lowered. However, it should be noted that as the operating pressure elevates, the capital cost
increases too. Figure 86b shows clearly why 325 °C is considered the optimum temperature for HA
synthesis [227, 228].
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Figure 86a. Pressure effect on the alcohols Figure 86b. Temperature effect on the alcohols
productivity and the specific power consumption productivity and the specific power consumption
(H2/CO =2, MoS; catalyst at T=325 °C) (H2/CO =2, MoS; catalyst at p=8.0 MPa)

c) The effect of H, to CO ratio

Running a Gibbs free energy minimization equilibrium calculation for a H»/CO ratio of 2.0, and
including the potential evolution of solid carbon in the clearly defined form of graphite C), at T =325 °C
and p = 8 MPa it is apparent that carbon atoms could be lost (thermodynamically predicted at a rate of
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26%). This means that the catalyst system would suffer in long term operation with deposited carbon.
Figure 87 shows that if higher than the usually adopted H./CO ratios were to selected, the WGS reaction
would have to be pushed by more H,O and resulting into loss of CO towards CO,. Therefore, a special
care has to be given to the H,/CO to be high enough to avoid any carbon deposition on the catalysts but
also maintain loss of carbon into the form of CO; low.
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Figure 87. H2 to CO ratio effect on efficiency and specific power consumption.

6.5 Conclusions

A process modeling of an integrated biorefinery for higher alcohols production based on black liquor
gasification was set up in Aspenplus™. Modeling of two different catalysts types (Cu-Zn based) and
(MoS; based) were integrated. The resulting systems were analysed for their energetic efficiency and the
losses occurring in the major unit operations for both cases of using either woody biomass or black liquor.
The results revealed that the MoS; based catalysts are far better as far as productivity and efficiency
compared to modified Cu-Zn catalysts that produce a lot of MeOH that requires separation recirculation.
If this MeOH is a useful product then system efficiencies could be slightly improved. Operating pressure
has a positive effect on higher alcohols productivity. Technically black liquor gasification can be
accomplished more easily at higher pressures but high pressures also lead to elevated methane content in
the product gas, which needs to be reformed. Co-produced hydrocarbons have a detrimental effect on
efficiency since the energetic penalties of their separation, oxygen driven autothermal reforming and
recycling are great. These penalties are mainly associated with the Air Separation Unit and the
compression power required for unconverted gas recycling.
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7. Alternative thermochemical routes for aviation biofuels via
alcohols synthesis: process modeling, techno-economic
assessment and comparison

7.1 Introduction

In 2012, the worldwide flights produced 698 million tons of CO, making aviation fuels responsible
for 12% of CO- emissions from all transport sources [229] with U.S. accounting for 40% of them [230].
In 2010, the world jet fuel consumption was calculated to nearly 5,220 barrels per day [231]. Forecasts
predict that by 2020 the global aviation emissions will be 70% higher than in 2005 and by 2050 they will
further grow by 300-700% [232]. Apart from the significant increase in Greenhouse Gas emissions, other
factors like high dependency of aviation fuels on fossil fuels and great uncertainty on oil prices have turned
the attention on alternative sources of aviation fuels. Only 2% of global transportation fuels are based on
biofuels derived from biomass [233]. It is reported [124] that in 2012, the most energy consumptive sector
was the transportation sector, demanding 27 quadrillion BTU of energy. EIA’s report forecasts, for 2040,
a world production of liquid fuels from biomass up to 2.5 Mbpd (million barrels per day). In addition to
this, by the year 2050, it is forecasted that biofuels will contribute to bringing down the dependency of the
transportation sector on oil products to 29% [234]. Another example that highlights the important role of
biofuels is that of Asia. Asia, the world’s largest emitter of carbon dioxide, which is forecasted to be the
world’s highest fuel consumer by 2030, has already turn its attention to the production and development
of biofuels [235]. Stemming from these facts, the concept of blending biomass-derived aviation fuels,
which have less contribution to carbon emissions than pure fossil based fuels became attractive and has
been considered as a hopeful “environmental challenge” [236].

The two main types of aviation fuels are gasoline (avgas) and jet fuel (kerosene) (C8-C16) [237]. They
are composed mainly of paraffins and cycloparaffins and smaller amounts of aromatics and olefins along
with some additives specified by each category of aviation fuel [238].Due to the special conditions during
flight there are strict guidelines for the aviation fuel properties concerning its melting point, viscosity, non
freezing or cloudiness phenomena at low temperatures, etc [239]. At atmospheric conditions both gasoline
and kerosene are in liquid form. Owed to the lower carbon chain number in gasoline mixtures, it is more
volatile than jet fuel (boiling points: 40-200°C and 150-300°C respectively). The characteristics of each
aviation fuel type are strictly specified due to the extreme conditions under which combustion takes place.
Avgas is used in internal combustion engines that can operate up to a limited altitude ceiling (<6000 m)
and therefore is used in reciprocating engines like small aircrafts and light helicopters. This constraint has
led to the predominance of jet engines in the air transport sector (more than 98% of the total aviation fuel
consumed is jet fuel [240]). Concerning jet fuels, there is a greater variety in categories which are separated
based on the military (e.g. JP4 and JP8) and commercial (e.g., Jet Al and Jet B) use, since each service
has its own operational requirements.

The main conventional method for aviation fuels production is through refining of crude oil. The main
processes of upgrading crude oil to fuels are fractional distillation, hydrotreating and hydrocracking.
Refining may include one or a mix of these processes depending on the specifications needed for the
aviation fuel. Another method is through Fischer Tropsch Synthesis (FTS) where the feedstock (coal,
natural gas or biomass) is firstly converted into a Ho/CO gas mixture (syngas) via gasification, following
by the hydrocarbons synthesis mainly of long chain paraffins, olefins, alcohols and aldehydes. Depending
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on the catalyst used, the operating temperature and pressure of the FTS reaction and the H./CO ratio of
syngas, the carbon number of the fuel product can be oriented, thus meeting the requirements for aviation
fuels [241]. However, FTS process using as feedstock coal or gas (Coal-to-Liquids, Gas-to Liquids
concepts) has some drawbacks: Apart from the high cost of the process and the uncertainty on gas prices,
there is an issue about CO, emissions as they are higher than refining crude oil [242]. Biomass, being a
renewable source, offers the potential production of alternative fuels that have a smaller CO, emissions
footprint compared with the fossil based fuels. This is the main drive that attracts policies and
correspondingly industries to do business in this sector [243]. Yet, not only need the biomass derived fuels
for the aviation sector to have the same specification with the conventional jet fuel types, but they also
should be compatible with the typical jet fuel engines because of the aircrafts long lifetime [241]. C.J.
Chuck & J. Donnelly [244] have examined the compatibility of several bio-derived fuels with Jet fuel and
their potential for blending with the conventional aviation fuel.

Currently, there are companies that have adopted the FT process. Sasol, a South African company,
produces and distributes aviation fuel, made from coal via Fischer Tropsch [245]. Another company,
Syntroleum, produce jet fuel from FT process using natural gas as feedstock [246]. Both companies have
turned their attention to producing jet fuel derived from biomass. U.S. Air Force (USAF), which is the
leading user of aviation fuels worldwide, has embraced these methods and started co-operating with these
companies by using a 50:50 blend of synthetic fuel and conventional kerosene [242, 247].

Along with the biomass derived fuels trend, another method for producing aviation fuels is conducted
by Gevo [248]. During that process, biomass feedstock is firstly fermented to iso-butanol followed by
dehydration to olefins, oligomerization and hydrogenation, resulting to iso-paraffinic kerosene, a
blendstock for jet fuel with C12-C16 hydrocarbons. This final product can be blended up to 50:50 ratio
with petroleum-derived jet fuel and has a low freezing point (-80°C) suitable for aviation use. Last but not
least, Byogy Renewables Inc. currently produces jet fuel from biochemically-derived ethanol. Ethanol
after being dehydrated, it is converted into long chain hydrocarbons via catalytic synthesis that are
continuously fractionated into jet fuel and gasoline. Apart from ethanol, Byogy’s technology can
effectively process either propanol or butanol. The produced jet fuel can be used even as a fully substitute
for oil-derived jet fuel or used at any blend ratio with conventional jet fuel [249].

In this study, the techno-economic evaluation of various thermochemical pathways for branched
paraffins production from biomass that are aimed at aviation fuel substitution is performed. Unlike the
majority of similar assessments, this study pays attention to the fuel upgrading section, resulting to the
desired final product (here, the long chain hydrocarbons as aviation fuel substitution). Among the under
investigation cases, the conventional FTS route as well as novel thermochemical routes through Mixed
Alcohol Synthesis (MAS) are involved. According to the latter, branched paraffins that can be used as
kerosene substitute, are formed from butanol isomers after certain fuel upgrading procedure. The fuel
upgrading methodology after mixed alcohol synthesis depends on the catalyst that is used, since different
butanol isomers are formed (see next section). The main economic parameters that are related to the total
capital and operational investment are estimated based on data provided from process simulation of the
examined cases and on the literature for the cost estimation of each component. Besides, the biochemical
options for bio-butanol production through bio-ethanol and the acetone-butanol-ethanol process (ABE)
are also investigated and evaluated in comparison with the corresponding thermochemical options.
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7.2 Biomass-to-jet fuel potential pathways

In order to convert biomass into aviation fuels, there are numerous pathways and processes to do so.
In Figure 88, some of these pathways are indicated. There are several engineering research efforts on the
development of alternative pathways to avionic jet fuel components [241] such as the production of lower
alcohols (C1-C3) as block chemicals derived from thermochemistry [175, 194, 203, 250] or fermentation
[251-254], followed by increasing the alcohols’ carbon chain length by means of Guerbet reactions [255]
or by dehydration to olefins that then undergo oligomerization [256]. For instance, in Gevo’s technology
isobutanol is used as block chemical [248], whereas in Byogy process, ethanol is the basis for long chain
paraffins production [249]. In both cases, the (valuable) intermediate chemicals that are produced (olefins,
higher alcohols and paraffins) along the processes can be retrieved, purified and considered as final
products. Another, more direct, approach is the pyrolysis and upgrading of the pyrolytic oil (bio-oil) [257-
259] which still requires basic development and will not be examined in this work. In addition, biofuels
can also be produced from algae [260, 261], from animal residue [262] or from CO, with water and solar
energy (Solar to petrol-S2P) [263]. Continuously, jet fuel can be also produced by catalytic conversion of
biomass hydrolysate in aqueous phase [39]. Furthermore, there are even more routes that can lead to
branched paraffins though they are not adopted because of high cost levels, and lack of technological
establishment.

One of the important block alcohols mentioned before is butanol. As a biofuel for internal combustion
engines, it has the potential to replace ethanol [233, 264]. Although it blends well with gasoline it cannot
be successfully mixed in jet fuel without further upgrading to compounds with longer carbon chains. The
carbon atoms structure in the butanol molecule can be either linear (1- and 2-butanol) or branched (tert-
and iso-butanol), the properties of which such as boiling temperature and melting point are different (see
Table 64). Consequently, the corresponding olefins that are produced via alcohol dehydration differ from
each other. In this study, the aviation fuel (jet fuel and gasoline) production by means of syngas towards
mixed alcohol synthesis is examined. The alcohols mixture, by gas phase Guerbet, leads to the C4 block
alcohols that undergo dehydration towards C4 olefins, which through oligomerization and hydrogenation
are transformed to desired branched paraffins that can blend well with fossil derived jet fuels.

Table 64. Main properties of main butanol and butylene isomers

butanol/butene isomers n-butanol isobutanol 1-butene isobutylene
organic group alcohols olefins

molecular weight (kg/kmol) 74.12 74.12 56.11 56.11
molecular structure VA VN OH )\/0H N =<
boiling temperature (°C) 117.7 108 -6.47 -6.9
melting point (°C) -89.8 -101.9 -185.3 -140.3
autoignition temperature (°C) 343 415 385 465

flash point (°C) 35 28 flammable flammable
density at 20°C (kg/m?) 809.8 801.8 2370 588
viscosity at 25°C (mPas) 2.54 4.31 7.76 7.36
standard heat of combustion (kJ/mol) 2670 2670 2717 2526

One of the purposes of this paper is the techno-economic evaluation of converting biomass to aviation
fuels according to five process options/pathways, which are enclosed in frameworks with dotted line in
Figure 88. Two of the three thermochemical pathways to aviation fuels are thoroughly investigated in
terms of performance and cost analysis and are compared with the third thermochemical option, the FTS
route, and with two cases on biochemical pathway. In the case of thermochemical routes, a detailed costing
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methodology is presented, taking into account all the process steps that are involved in syngas production
and conditioning, fuel synthesis and upgrading. On the other hand, in the biochemical pathways, the
economic data for the part of the plant that is related with the alcohols synthesis (ethanol and butanol) was
obtained from the literature and only the equipment costs in the fuel upgrading unit (alcohol to jet fuel)
were calculated in detail. This study focuses on the technological choices for renewable bio based fuels
production for airborne applications. Since these are bound to biomass feedstock choices, the appropriate
feedstock for each technological route is considered.
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Figure 88. Biomass-to-branched paraffins pathways

Figure 89 presents schematically the process steps for the liquid aviation fuel production from
biomass based on Alcohols to Jet fuel (ATJ) concept. The complex organic structures of lignocellulosic
biomass are thermally transformed into simple compounds by mean of gasification. After a multi-step
procedure, the syngas composed of CO and H is used for synthesis of a mixture of light alcohols [175,
265]. The aviation fuels can be produced from these alcohols after they have been upgraded. The organic
compounds that do not participate in the branched paraffins synthesis have to be reformed back into syngas
and their carbon atoms to be reused. Such a biorefinery concept is able to cover its own heat and power
requirements (self-sustained). Thus, part of the recirculating light gas (tail gas) is utilized in a Cogeneration
Heat and Power (CHP) in order to meet steam, heat and power requirements of the overall process. The
majority of the analyses of such biorefinery concepts are examined for large scale applications with
feedstock thermal input ranging from 150 to 500 MW, [266-272]. According to the NREL study, the
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product cost ($/kg) sharply increases for small plant capacities [273]. Furthermore, a typical value for the
capital cost scaling factor of a biorefinery has been estimated at 0.7[274], implying the advantage of plants
with larger capacity in terms of economic feasibility against the smaller ones. On the other hand, for higher
capacities, issues like biomass availability and logistics costs emerge and therefore biorefinery concepts
with larger scale are avoided for investigation. In this light and, in order the results to be easily compared
to the corresponding studies in the literature, the selected feedstock thermal input of the examined plant is
190 MWi.

7.2.1  Syngas production from lignocellulosic biomass

The biomass source assumed in this work is wood that can be easily gasified to produce syngas. This part
of the bio-refinery process has already been described in previous study [175].
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Figure 89. Conceptual process overview of branched paraffins production from mixed alcohols

Figure 89. depicts the process steps for syngas production at the pressurized oxy-blown gasifier, the
gas cleaning including the NHs, HCI, H>S and CO; and the syngas conditioning in the Water Gas Shift
(WGS) reactor, so that to meet the desired H,/CO ratio at the synthesis unit. This assessment study does
not discuss at length the selection of each technology/method for syngas production, gas cleaning and
conditioning but to present two novel AJF concepts and to compare each other and with FTS route and
biochemical pathways. For that reason, this part of the thermochemical systems is common. The selection
of the Rectisol process among the others options (Selexol, amines) was based on the following advantages
a) high selectivity towards sour components, which results to an acid stream with high purity, b)
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commercially available in large scale (>100 MW) applications by Lurgi and ¢) comparing to chemical
AGR methods, such as amine, Rectisol is more suitable for CO, removal with high partial pressures [77].
The rate of S removal from syngas is determined by the specifications of the catalysts employed for fuel
synthesis. The H.S removal requirement for MAS reactor catalysts is 1ppmv [211, 275]. The same
specification for H.S removal is also adopted in the FTS analysis. As far as the CO2 separation from the
syngas, this has multiple beneficial effects since does not take part to the fuel synthesis: a) increase of H»
and CO partial pressure, which enhances the conversion rate, b) decrease of syngas compression duty and
c) reduction of the size of the Fuel Synthesis Unit. The typical CO, removal rate that is specified in the
vast majority of the similar thermochemical cases is 90%, and is adopted in this study, too.

7.2.2  Mixed Alcohols Synthesis and Fuel Upgrading

A general scheme of the proposed process for paraffins production from syngas, through mixed
alcohols upgrading, is shown in Figure 89. The clean syngas (6) is separated from CO, (7). The CO;
removal technology that is adopted in this study is the Rectisol™ process, the ASPEN Plus™ modeling of
which has been also described in previous studies [175, 276]. The outlet streams from the Mixed Alcohol
Synthesis (MAS) reactor and separation Unit are: the light gases that consist of the unconverted syngas,
some CO; and light hydrocarbons and the produced higher alcohols (9). Part of the light gases stream (15)
undergoes autothermal reforming (ATR) with the addition of water steam (16) and oxygen (17) in order
to convert the hydrocarbons into CO and H.. The reformate product is then recompressed and mixed with
the original inlet syngas. Another part of the light gases is diverted to the Pressure Swing Adsorption
process (PSA) for the production of pure H, (14) which is required for the branched paraffins production.
The rest of the stream and the tail gas of the PSA process consists the fuel gas (13) that is sent to a GT
combustor and used in a combined cycle for heat and power production to cover the energy requirements
of the integrated plant. The produced alcohols (9) undergo a condensation reaction to enhance Ca+ alcohols
(10) followed by dehydration, in order to be transformed into the corresponding light olefins (11). The
increment of carbon chain is performed in the next process step where the C,4= oligomers synthesis (12)
takes place. Finally, via hydrogenation process, branched paraffins are produced, which are essential for
the jet fuel (18) and avgas (19) blending.

a) Mixed Alcohols Synthesis

The synthesis of mixed alcohol is conducted under high pressure (>40 bar) and at temperature 250-
320 °C in presence of catalyst that favors the reactions of alcohol synthesis:

NCO + 2nHz — CoHons1OH + (n-1)H20 (R 14)

Apart from this reaction, water gas shift reaction and alkane synthesis reactions also take place due to
the formation of H,O from the alcohols synthesis reactions:

CO + H,0 — CO; + H. (R15)

The higher alcohol synthesis mechanism involves a complex set of reactions leading to a mixture of
products, the composition of which is determined by kinetic and thermodynamic constraints, the process
conditions and catalyst type. The most abundant products are low carbon chain alcohols (C,-C.), methanol,
hydrocarbons and CO.. There are several types of mixed alcohol catalysts with a great variety on alloy
composition and the promoters [226] which are classified into two main categories, modified Fischer—
Tropsch synthesis (Fe, Ni, Co, Mo, Rh based) and modified Methanol synthesis (K, Zn, Cr, Cu based)

140



Chapter 7

catalysts [160]. In the framework of this study, two catalysts from each group are selected from the
literature and are investigated. Needless to say, they have perform differently as far as CO conversion and
alcohol selectivity affecting the overall process configuration.

The procedure for branched paraffins formation is strongly depended on the mixed alcohols
composition after the synthesis reactor. The process pathways from the two under investigation cases are
described in detail below.

b) Alcohols condensation (Guerbet reactions)

The main alcohol product from a MAS reactor with modified FT catalyst is ethanol, taking also in
account the fact that the produced methanol reenters the reactor for the formation of higher alcohols. The
first step of fuel upgrading is the ethanol condensation for higher alcohols formation. In this case, catalysts
that promote the ethanol condensation for butanol synthesis should be used [186]. Typical catalysts that
enhance ethanol upgrading to butanol are alkali earth metal oxides and modified MgO [277]. Dowson et
al. [278] observed very good ethanol conversion and high n-butanol selectivity by using RuCl, catalyst.

2C,Hs0H > C4HsOH + H,0 (R 16)

In case of modified methanol catalyst implementation, the produced methanol is reacted with ethanol
and propanol giving isobutanol [198, 279] in Pd or Cu based catalyst in the presence of sodium methoxide
(CHsONa) as base [280]. To model it, basing on the experimental results of Carlini et al. [279] the
following reactions are assumed to take place consecutively:

CH30H + C;Hs0H - C3H;OH + H0 (R17)
CH30H + C3H;OH - C4HsOH + H,O (R 18)
c) Alcohols dehydration

In alcohols dehydration, oxygen is removed in the form of H.O, forming a double bond between the
carbons that are connected with the OH" and H* that are removed:

CsHiOH > CgHs + H20 (R19)
CsHyOH -> CsHg + H,O (R 20)

Several relevant studies have proved that catalysts such alumina, Ru, Amberlyst acidic resins and
ZSM-5 zeolites have an efficient effect on alcohols dehydration under high pressure [281]. Macarova et
al. [282] suggested a two step mechanics for n-butanol dehydration; the reaction proceeds via fast ether
formation (dibutyl ether - CsH150) and subsequent slower decomposition of ether. From this perspective,
higher temperatures are required in order to get high olefin selectivity. The same conclusion is drawn from
the study of Lee et al. [283], where dehydration is dominant over the ether formation (alcohol
dehydrogenation) at T>250 °C. Concerning the products selectivity, from the same study it is concluded
that the butene product is depended on the butanol isomer that undergoes dehydration.

d) Olefins oligomerization

In this step, the increase of carbon atoms chain number is performed:
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nC4H3 -> C4nH3n , n=2,3,4 (R 21)

The way that is chosen, is the combination of unsaturated molecules (i.e. alkenes) to the formation of
the corresponding oligomers (dimmers, trimers and even, tetramers). The reaction takes place in liquid
phase, inside stirred reactors, in presence of special catalyst that promotes oligomers formation against
other reactions such as cracking, dehydrogenation, polymerization etc.

Ethylene is the most commonly used light olefin for oligomerization and polymerization as it is
illustrated by the numerous relevant studies and by the industrial interest in polyethylene plastic material,
owed to the several industrial applications that it has. However, high selectivity on C,-Cg oligomers against
Cio+ oligomers [284-286] makes this route inappropriate for high production rates of hydrocarbons
required for jet fuel blends.

n-Butene attracts the interest of many studies for further upgrading such as oligomerization, mainly
on the grounds that this C4 isomer mainly is derived from biochemical processes through fermentation.
Recently, Coelho et al. [287] investigated the influence of process parameters in 1-butene oligomerization
with HZSM-5 revealing the existence of secondary reactions such as cracking after a certain temperature
increase (200°C) that deteriorate the oligomers selectivity (mainly Csg). High pressure and short contact
time favor the heavier products formation. The coke formation observed in a wide temperature range
contributed to catalyst deactivation by either poisoning the acid sites or by blocking the pores.
Simultaneous complete n-butene conversions with high selectivity on Cg and Ci2+ oligomers are noted in
Kolombos’ patent [256] where gallium catalyst is used. Very promising results are remarked in the study
of Lavrenov and Duplyakin [288] where over 85% conversion and 90% selectivity is observed after an
oligomerization of butene mixture over borate-Containing alumina catalyst at 150°C/80 bar. One of the
most promising yields of 1-butene oligomerization, revealing highly efficient batch catalytic methodology
is the recent invention of Wright et al. [239] using Cp,ZrCl; dissolved in methylaluminoxane (MAO)
solution.

Similarly, isobutene oligomerization has been extensively studied not only for oligomers production
purposes but as a separation method of isobutene from n-butenes in a C4 refinery cut [289]. Amberlyst-15,
a cationic ion-exchange resin, is frequently used as the catalytic medium for isobutene oligomerization
thank to its very good performance related to high conversion rates (over 90%) and very good selectivity
on dimmers (diisobutylene), trimers (triisobutylene) and tetramers (tetraisobutylene) [289-291].
Alternatively, zeolites are also implemented presenting very good performance [292] but rapid
deactivation has been observed [291, 293].

e) Oligomers Hydrogenation

In order to produce an organic mixture that will be treated as transportation fuel, the alkenes
transformation into paraffins (alkanes) with the addition of H; is required. Several studies have reported
the effective accomplishment of these reactions type in the presence of Pd alloys catalysts [294, 295] in
relative high pressure (>20 bar), at 200 - 350 °C [296].

CnH2n +H2 2 ConHansz , =8, 12, 16 (R22)

Figure 90 depicts how the carbon chain growth is realized and the mass distribution of organic
compounds along the fuel upgrading process beginning from the two MAS catalyst types.
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Figure 90. Mass distribution of organic compounds along the fuel upgrading process for mixed alcohols derived

from a) modFT catalyst synthesis and b) modMeOH catalyst synthesis (for each process the main reactions and
exothermic/endothermic nature are depicted)

7.3 Process modeling

The process modeling and simulation is performed with ASPENPlus™. Based on generally approved
methodologies and on data extracted from experimental studies in small scale or patents, the model of a
large scale biorefinery plant with 190MWy, thermal capacity is developed, enabling the effective
calculation of the mass and energy balance in each unit and the whole process, too. The selection of the
suitable property method is of high importance and depends on the type of process and the kind of streams
(phase, composition) that take place in each case. For the part of syngas production and conditioning, the
RK-SOAVE property method is selected, whereas for the fuel synthesis and upgrading part the NRTL
[175]. In the last part, the main factor that determines the most suitable property method is the accurate
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vapor-liquid equilibrium calculation especially for the effective separation and upgrading of the produced
hydrocarbons.

Two main case studies are examined in detail. In the first one (case 1), the alcohol synthesis is
performed with modified FT (MAS modFT) catalyst while in the second one (case 2), the catalyst used is
modified Methanol (MAS modMeOH). In both cases, the syngas comes from woody biomass gasification
in oxygen blown pressurized gasifier, followed by the same gas cleaning and conditioning methodology.

The bio-refinery part that relates with the syngas production, cleaning and conditioning is common
for both cases. A detailed description of model setup for this section can be found in previous study [276].
The method that is chosen for the acid gases removal is the Rectisol™ process for both H,S and CO.. In
Table 65, the basic key parameters for the process modeling related to syngas production, gas cleaning,
the ASU, the Autothermal reformer and the Power Island are summarized.

Table 65. Process specifications for syngas production, cleaning and conditioning section of the plant

Gasification plant

fuel analysis (ultimate analysis on a dry basis,
moisture content, heating value)
temperature/pressure/equivalence ratio

48.75% C, 6.54% H, 44.10% O, 0.24% S, 0.05%
N, 5.10% moisture, 18.9 MJ/kg LHV (wet basis)
1000 °C/ 27 bar/ 0.3

Syngas temperature after cooling 200°C
Air Separation Unit

Oxygen purity 97.0%
high/low distillation columns pressure 4.9/1.2 bar
high/low distillation columns stages 30

air compressor polytropic efficiency 82.0%
Gas Cleaning Unit

H.S content in the clean syngas 1 ppm
absorbers stages (both for H,S and CO, removal) 10

H_S stripper stages 3

CO;, separation efficiency 99.0%
Rich solution: Rectisol solvent H.O (w/w%) 98.0%
Rectisol temperature inlet in H.S/CO; absorber -40/-20 °C
refrigeration unit cooling medium R134a
refrigeration unit COP 1.85

Autothermal Reformer

temperature/pressure 950 °C/4.5 bar
steam to HC ratio 3.0

Power Island

Turbine Inlet / Outlet Temperature 1350/ 608 °C
GT Compressor/Turbine polytropic 90.9% / 93.6%
GT pressure ratio 18.0
gas-liquid/gas-gas heat exchangers pinch point 10/25°C
Superheated steam 500 °C / 150 bar
Reheated steam 500 °C / 30 bar
high/low pressure steam turbine isentropic efficiency ~ 84% /82%
Condenser pressure 0.05 bar

As far as the alcohol synthesis is concerned, the process parameters and the MAS reactor performance
are summarized in Table 66. The catalyst from the study of Aden et al. [297], as referenced in the work
of Zhu et al. [298], is the modified FT catalyst. More detailed description of the catalyst performance and
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the methodology for yields calculation can be found in the study of Zhu et al. [298]. In this analysis, the
carbon selectivity and conversion rate from the methanol reaction in the reactor is examined. As a result,
it was possible to obtain useful data for modeling the methanol re-circulation, after it is recovered from
the rest alcohols. These catalyst types promote the formation of higher alcohols, mainly ethanol. On the
other hand, the modified methanol catalysts (Fe-Cu, Cu-Zn base) result to high selectivity in methanol
[265, 299, 300] regardless the promotions employed.

Table 66. Process specifications for mixed alcohols production with two difference catalyst types

Case 1 2

reference study Aden et al. 2005 [297] Kulawska and Skrzypek 2001 [214]
catalyst K/Co/MoS; (modified FT) Cs— doped Cu/Zn (modified MeOH)
temperature (°C) 298.8 320.0

pressure (bar) 137.9 90.0 bar

H,/CO ratio (mol/mol) 1.2 2.0

CO conversion (%) 38.0 31.0

Methanol conversion (%) 715 -

C selectivity (% mol) from CO from Methanol from CO

CO; 34.21% - 20.25

CHs 11.84% -

CaHe 1.32% - 0.00%

ChH22n+2 , Nn>5 - -

Methanol 10.79% - 40.58%

Ethanol 30.00% 81.12% 25.84%

Propanol 7.89% 9.79% 13.34%

Butanol 2.63% 6.29% 0.00%

Pentanol 1.32% 2.80% 0.00%

7.3.1  Paraffins from mixed alcohols with modified FT (case 1)

The process flowsheet of the fuel upgrading in this case, including the reactors, separators (columns,
flash separators and decanters), heat exchangers and stream recirculation, is presented in Figure 91. After
the alcohols synthesis and separation of the light gases, ethanol product is isolated and sent for
condensation. The recovered methanol is recycled and resent to the MAR, whilst the higher alcohols are
mixed with produced n-butanol. The ethanol self-condensation approach is based on the experimental
findings from the study of Dowson et al. [278]. For the set of the specifications of the dehydration process
it is securely assumed that all the alcohols are totally converted into the corresponding alkenes [301, 302].
The higher alcohols separation in this stage is necessary in order to avoid accumulation at the next stage
(i.e. Guerbet Reaction unit) during ethanol recirculation. For the same reason, water produced from the
Guerbet reaction is removed by means of a water decanter. The Guerbet reactor and the Dehydration
reactor, since both the reactants and the products are in gaseous phase, resemble to the MAR; they are
considered as plug flow reactors filled with catalyst (fixed bed). On the other hand, the Oligomerization
and the Hydrogenation reactors are regarded as continuous stirred reactors and the catalysts are diluted in
the liquid phase. Since the latter reactors have batch operation, the number of batch reactors for each case
is determined by the residence time of each reaction.

The hydrogen from the hydrogenation process is recovered from the unconverted syngas by means of
the Pressure Adsorption Process (PSA). The required flow rate of hydrogen is equal to the amount of
olefins that should be hydrogenated. The hydrogen concentration in the inlet stream at the PSA must be at
least 70% v/v. Hence, a recycle is incorporated to meet the minimum H; concentration level. The
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continuous operation of the PSA process is secured by the usage of two separate beds, where adsorption
and desorption take place alternately [303, 304]. The hydrogenation reaction is assumed to take place in
30 bar and 250°C. Experiments in pressure higher than 20 bar showed very high olefins conversion rates
(>90%) and very good alkanes selectivity (near to 100%) [296, 305].
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Figure 91. Process flowsheet of the paraffins production unit from mixed alcohols for modified FT catalyst

7.3.2  Paraffins from mixed alcohols with modified Methanol (case 2)

This concept has strong similarities to the Gevo’s process for jet fuel production [306] based on
isobutanol [305]. The fuel upgrading process flowsheet of this case, including all the main components
such as reactors, separators, heat exchangers etc. is presented in Figure 92. After the Mixed Alcohols
Synthesis and the light gas separation, the liquid alcohol mixture undergoes condensation for isobutanol
transformation.  After the condensation reactor, two consequent columns follow for
methanol/isobutanol/C,.s0H separation. The unreacted C,-; alcohols return to the reactor whereas the
recovered methanol is sent for reforming. The ethanol conversion by (R 17) is assumed equal to 71.2%,
while the propanol conversion at (R 18) is set 82.0%, including the amount of propanol produced by the
(R 17). These conversion rates were adopted by Carlini et al. [279]. According to Carlini et al. [198, 279]
the selectivity to butanol was about 100%, so no other by-products are considered in this case. Afterwards,
the isobutanol undergoes dehydration for the corresponding alkene formation (isobutene), in presence of
alumina. From [281] it is confirmed that high isobutylene conversion and high selectivity to isobutylene
can be achieved with no significant impurity effects. The carbon chain growth is performed in the next
reactor where olefins oligomerization takes place. The produces dimers, trimers and tetramers are
converted into branched paraffins by means of hydrogenation.

Table 67 summarizes the process specifications and assumptions that are considered on the present
process modeling for both cases. The catalyst type is not taken into account on the ASPENPlus ™ modeling
but it is quoted for reasons of completeness. Adopting the experience from NREL’s group previous
analyses [185, 195], all the distillation columns are assumed to have 70 stages with a pressure drop equal
to 0.5bar and separation efficiency up to 99%. The reactors in the fuel synthesis and upgrading unit are
modeled with stoichiometric reactors, the conversion rate of each reaction is determined by the selectivity
yield and the reactants conversion rate (Table 67).
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Figure 92. Process flowsheet of the paraffins production unit from mixed alcohols for modified MeOH catalyst

Table 67. Key parameters for paraffins production from alcohol process

Case 1 2
Ethanol self-condensation [278] Methanol/Ethanol/Propanol
condensation [198]
catalyst RuCl; Cu based
temperature/pressure 150 °C/ 1 bar 180 °C/ 1 bar
. ethanol to propanol 71.2% propanol
conversion 30.5% to isobutanol 82.0%
88.8% n-butanol
selectivity 8.4% n-hexanol 100% isobutanol
2.8% 2-ethylbutanol
n-butanol dehydration [283] isobutanol dehydration [281]
catalyst Rh/alumina foam y-alumina
temperature/pressure 240 °C/ 1.0 bar 285 °C/ 1.0 bar
conversion 80% 99.8% iso-butanol
- 95% isobutene
selectivity 100% n-butene 506 1-butene
n-butene oligomerization [239] isobutene oligomerization [289]
catalyst Cp2ZrCl,/MAO Amberlyst-15
temperature/pressure 25°C/ 1.0 bar 100 °C/ 1.1 bar
C4~ conversion 100% 100%
selectivity 27% Cg oligomers 20% diisobutene (CgHy1s)
76% Ci2 oligomers 75% triisobutene (C12H24)
47% Cq6 oligomers 5% tetrisobutene (CisH32)
olefins hydrogenation [305]
catalyst Pd
temperature/pressure 250°C/ 30 bar
olefins conversion to paraffins 100%
pure H, production with PSA [303]
hydrogen inlet concentration 70%
hydrogen recovery 85%
hydrogen purity 99.9%
purge gas pressure 4.0 bar
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The successful performance of the two final process steps (oligomerization and hydrogenation) is
decisive for the correct final product formulation. There exist patents describing these two final steps for
both cases [239, 305] assuring the compatibility of the produced paraffins to jet fuel through the
verification of the physical properties via certain standards. Hence, the use of the produced branched
paraffins from the proposed concepts as fuel blends in jet engines can be considered valid.

7.4 Cost analysis methodology

After having determined the processes and operational data for each examined case, a cost analysis
for a “next” plant is performed in order to evaluate the economical feasibility of each case. Thus, the Capex
and Opex for each case are estimated. The methodology for the Total Capital Investment (TCI) is based
on a series of intermediate cost types, the first of which is the Total Purchased Equipment cost (TPEC) for
each case. The cost of each equipment is estimated either based on similar equipment costs from the
literature or based on Peters &Timmerhaus [129] methodologies. In the first case, the similar equipment
costs obtained from the literature are scaled up to this study’s operational data and streams, according to
the six-tenths factor rule:

Cost of equipment new = (cost of equipment reference) * (X)/ (Eq. 39)

where X is the ratio of the capacity of the new equipment to the capacity of the reference equipment, raised
to a scaling factor f given from reference. For some novel equipment that is not found in the literature,
such as the dehydration and condensation reactors, a rough economical assumption is adopted. Since the
reactants/products are apparent in those plug-flow reactors in gaseous form, the design configuration of
them are considered to be similar with the mixed alcohol synthesis reactors.

Table 68: Total Capital Investment (TCI) estimation methodology

Total Purchased Equipment Cost(TPEC) 100%
Total Installed Cost (TIC) TPEC:-(Installation Factor)
Purchased Equipment 100%
Purchased Equipment Installation 39%
Installation factor  Instrumentation and controls 26% Total:
when not given by Piping 31% 247% of TPEC
reference Electrical Systems 10%
Buildings(including services) 29%
Yard Improvements 12%
Engineering and Supervision 32%
. Construction Expenses 34% Total:
Indirect Costs (IC) Legal Expenses P 4% 89% of TPEC
Contractor's Fee 19%
Total Direct and Indirect Costs (TDIC)  TIC+IC
Contingency 20% of TDIC
Fixed Capital Investment (FCI) TDIC+Contingency
Working Capital (WC) 15% of FCI
Total Capital Investment (TCI) FCl+wC
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Thus, the cost methodology for these reactors is the same to a MAS reactor [298]. Furthermore, having
the Total Purchased Equipment Cost (TPEC) estimated, the next step is the Total Installed Cost (TIC)
calculation. This is accomplished by multiplying each equipment cost with an installation factor, specified
for each component (see Annex). The methodology followed for the estimation of TCI is summarized in

Table 68.

Table 69: Fixed & Variable Operating Costs

Fixed Operating Costs Reference
Maintenance 2% of FCI
Insurance and Taxes 2% of FCI [129]
General Overhead 60% of salaries

Variable Operating Costs

Component Price Reference
Biomass Feedstock (wood chips) 60 €/dry t assumption
Waste treatment and disposal 0.4 €/t [129]
Process water 0.4 € [129]
Cooling water 0.06 €/t [129]
Hydrocracking 3.02 €/barrel produced HC [307]
PSA 1.7 €/kg [307]
Rectisol solvent cost 0.32€/ [308]
WGS catalyst cost (applied every 3 years) 13.2 €/kg [307]
ATR catalyst cost (applied every 3 years) 7.7 €/kg [307]
Tar Reformer Catalyst Cost (applied every 3 years) 29.5 €/kg [309]
LO-CAT chemicals 132.9 €/t sulphur [307]
Sulphur disposal 13.6 €/t [310]
FT Reactor Catalyst (applied every 3 years) 24.9 €/kg [307]
MAS Catalyst Mod-FT (applied every 2 years) 49.4 €/kg [309]
Ethanol Condensation Catalyst (applied every 2 years) 0.2 €/kg [307]
Dehydration Mod-FT Case Catalyst (applied every 2 years) 377 €/kg [269]
Oligomerization Mod-FT Case Catalyst (applied every 3 years) 231.5 €/kg [269]
Hydrogenation Mod-FT Case Catalyst (applied every 3 years) 2249 €/kg [269]
MAS Catalyst Mod-MeOH (applied every 2 years) 66.1 €/kg [311]
Methanol-Propanol Condensation Catalyst (applied every 2 years) 0.2 €/kg [269]
Dehydration Mod-MeOH Case Catalyst (applied every 2 years) 0.9 €/kg [269]
Oligomerization Mod-MeOH Case Catalyst (applied every 3 years)  537.9 €/kg [129]
Hydrogenation Mod-MeOH Case Catalyst (applied every 3 years) 224.9 €/kg [269]

Apart from the TCI calculation of each case, the estimation of the respective Operating Costs is also
performed. The Operating Costs consist of Fixed and Variable Operating Costs. Fixed Costs include
Maintenance Costs, Insurance and Taxes, as well as General Overhead Costs. The parameters that are used
for the calculation of these costs are shown in Table 69. Regarding the Variable Operating Costs, the
majority of them are determined according to the stream flows derived from process simulations. Variable
Operating Costs include salaries, feedstock costs, main catalyst and solvents costs and waste disposal
costs, calculated in an annual basis. Both fixed operational costs and salaries are divided by the number of
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areas and are distributed depending on the number of process steps of each area. The salaries are calculated
based on the number of process steps in each case, by estimating the amount of employee hours needed
according to Peters & Timmerhaus [129] and multiplying them with the average employee hour cost found
in Eurostat [312]. Feedstock price is considered as 60 €/dry metric ton. Catalysts replacement is assumed
to take place every 2 or 3 years, depending on the catalyst type. The Variable Operating Costs Assumptions
are described in Table 69.

Having the Total Capital Investment, the Fixed and Variable Operating Costs for each case
determined, the Discounted Cash Flow Rate of Return (DCFROR) analysis is performed. Through this
analysis, the economical viability of each case is examined for a 25-years operational plant life. According
to this, the Present Value per unit volume of aviation fuel at a net present value of zero and a 10% internal
rate of return is calculated. This value reflects the Minimum Fuel Selling Price (MFSP) that sets the
boundaries for the investment feasibility.

The main economic assumptions are described in Table 70. The depreciation model used on the
current paper is Modified Accelerated Cost Recovery System (MACRS) method through a Double-
Declining-Balance (DDB) with a recovery time of 7 years with zero salvage value for the plant at the end
of its lifetime. The plant is considered to be electrically independent, thus, there is no purchasing or selling
electricity.

Table 70: Economic Assumptions

Biomass Input 864 dry tonne Wood Chips/day (10 kg/s)
Operational Days of Plant 310 days/year (85% capacity factor)

Life Plant 25 years

Plant Depreciation 7 years 200% DDB as per MACRS guidelines
Internal Rate of return 10%

currency euro (€)

year cost 2011

Exchange Rate €/$ 0.755

Biomass Purchased 60 €/dry tonne

Contsruction Period 3 years with TCI spent at 8%, 60% and 32% per year
Land Purchase 6% of Total Purchased Equipment Cost
Financing 100% Equity

Electricity purchased/sold 0/0

7.5 Results and Discussion

In this section, the results of the current paper are presented. They are separated in two main parts.
The results derived from the process modeling of the cases (stream tables, energy and mass balances etc.)
and the results extracted from the economic evaluation of such concepts (Capex, Opex, MJFSP etc.).

The comparison of the produced aviation fuel with the typical jet Al in terms of properties is illustrated
in Table 71. It is clear that in both thermochemical cases the properties produced aviation fuels are very
close to the typical characteristics.
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Table 71. Main properties of the produced aviation fuel from the ATJ routes and comparison with the typical
values [237]

property units mod-FT mod-MeOH Jet-Al typical values
energy content MJ/kg 43.9 43.6 42.8-43.2
viscosity at -20°C cST 5.8 9.8 8.0

density at 15°C kg/m?® 752.6 792.0 775-840
molecular weight kg/kmol 181.3 194.1 170.0

bubble point °C 163.9 181.0 176.0

dew point °C 266.9 280.0 300.0

7.5.1  Mass and Energy Balance calculations

The basic results from the process analysis are summarized in Table 72. Apart from the specific
productivity, another index for the plant performance determination is that of thermal efficiency. It
evaluates the amount of the initial biomass feedstock heat input that remains at the final fuel product and
is defined as in (Eq. 40):
LHV

mJet Fuel © Jet Fuel

T LAY (Eg. 40)

wood wood

The main results reveal a quite good biomass-to-aviation fuel conversion through the thermochemical
route. Case 2, which is based on modMeOH for MAS, has a slightly better performance than case 1. This
is mainly attributed to the higher MAS operation pressure in case 1 that leads to higher power
consumptions for gas compression and better utilization of the produced alcohols mixture in case 2. It is
pointed out that it should not be generalized that the methodology based on the modMeOH catalyst always
leads to higher efficiency, compared to the modFT approach. The corresponding results from the FT case
are discussed in following section.

Table 72. Main process results from the thermochemical routes

case 1 2 3

. MAS with MAS with
fuel synthesis route modET modMeOH FT
specific Jet Fuel production, kgse/Kgwood 0.112 0.138 0.097
specific Gasoline production, kge/Kgwood 0.042 0.034 0.076
specific Total Aviation Fuel production, kge/Kgwood 0.154 0.172 0.173
thermal efficiency, % LHV based 37.2% 40.5% 24.2/16.21
ASU power consumptions, kJe/Kgwood 677.8 653.7 534.1
acid gas removal power consumptions, kJe/KQwood 215.2 300.8 237.0
gases compression power consumptions, kJe/KQwood 836.9 405.8 16.5
total power consumptions, kJe/KQwood 1730.0 1360.3 787.6
total carbon utilization, % Creedstock 28.2% 315% 30.4%

1 the first term refers to jet fuel and the second to the gasoline. The LPG is 20 times less than jet fuel and thus is
practically neglected.

The thermodynamic characteristics of the most important streams of the biorefinery, for both
thermochemical routes, are summarized in Table 73a and b.
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Table 73a. Stream results of the ATJ biorefinery with modFT

m T p molar composition (% vol)
ala kgls)  (°C) (bar) H0 CO; H> Co CH,4 H2S Ar N2 methanol ethanol C30H C40H C50H
1 10.00 150 27.0 see biomass composition in Table 65
2 379 50.0 27.0 99.7% O3, 0.3% Ar
3 13.67 350.0 27.0 12.80%  10.04% 32.67%  42.89% 1.42% 0.1% 0.05% 0.02%
4 11.49 110.0 26.0  0.00% 9.67%  38.31%  50.27% 1.66% 1lppm 0.06% 0.03%
5 232 2770 30.0 100%
6 13.81 300.0 260 1.18% 24.64%  48.16%  24.59% 1.36% 0.00% 0.05%  0.02%
7 894 -15.6 0.2 0.03%  99.95% 0.02%
8 17.12  -20.0 249  0.00% 0.14%  65.48%  32.46% 0.84% 0.00% 0.96% 0.09% 0.03%
9 251 1142 3.10 0.25% 80.06% 13.00% 4.69% 2.00%
10 213 15.0 1.1 1.0% 22.2% 682% 3.4%
11 152 30.0 1.0 olefins: 21.9% C3, 70.2% C4, 7.0% C6
12 152 1174 30.0 olefins: 39.8% C8, 25.6% C12, 34.6% C16
13 1.00 588 1364 0.11% 5.66%  64.63%  24.56% 3.03% 0.00% 1.24% 0.12% 0.24% 0.27%  0.02%
14 002 576 1364 100%
15 12.86 578 260 0.11% 576%  6451%  24.55% 3.03% 0.00% 1.26% 0.12% 0.25% 0.28%  0.02%
16 0.13 250.0 26.0 100%
17 1.71 15.0 26.0 99.7% O,, 0.3% Ar
18 1.12 249.6 1.2 paraffins: 0.7% C8, 41.5% C12, 57.9% C16
19 0.43 139.8 1.2 paraffins: 98.2% C8, 1.8% C12, 0.0% C16
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m T p molar composition (% vol)
ala kg/s) (°C) (bar) H0 CO; H> CO CH,4 H.S Ar N2 methanol  ethanol C30H C40H
1 10.00 15.0 27.0 see biomass composition in Table 65
2 3.79 50.0 27.0 99.7% O, 0.3% Ar
3 13.67 350.0 270 12.80% 10.04% 32.67% 42.89% 1.42% 0.10%  0.05% 0.02%
4 1149 1100 26.0 0.00% 9.67% 38.31% 50.27% 1.66% lppm  0.06% 0.03%
5 2.31 2770 30.0 100%
6 13.80 3000 260 1.17% 24.61% 48.14% 24.64% 1.36% 0.00%  0.05% 0.02%
7 8.71 -15.6 0.2 0.03% 99.95% 0.02%
8 19.18 -200 249  0.00% 0.12% 65.57% 32.54% 0.90% 0.00% 0.76% 0.09% 0.03%
9 3.81 2258 265 0.0% 1.4% 0.0% 0.0% 0.0% 0.0% 0.0% 0.0%  68.9% 22.1% 7.6% 0.0%
10 2.23 15.0 1.1 0.00% 0.00% 0.00%  0.00% 0.00% 0.00%  0.00% 0.00% 0.40% 0.00% 0.72% 98.88%
11 1.70 30.0 1.0 1.41% 0.40% 0.71% 97.5%
12 1.70 1000 1.1 olefins: 27.6% C8, 69.0% C12, 3.4% C16
13 0.87 14.5 88.5  0.00% 2.65% 66.17% 28.83% 1.14% 0.00% 0.00% 0.94% 0.11% 0.12% 0.02%
14 0.02 13.2 88.5 100%
15 1477 2738 250  0.00% 2.73% 65.15% 28.40% 1.13% 0.00% 0.00% 0.93% 0.11% 1.52% 0.03%
16 0.09 250.0 26.0 100%
17 1.52 15.0 27.0 99.7% O, 0.3% Ar
18 1.72 120.0 30.0 paraffins: 0.0% C8, 95.2% C12, 4.8% C16
19 0.35 180.0 30.0 paraffins: 99.7% C8, 0.3% C12, 0.0% C16
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Figure 93a-b shows the energy flow along the process via the Sankey diagram. Three forms of
energy are observed: chemical, heat and work power.
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Figure 93a. Sankey diagram of the system (case 1 / MAS-mod FT)
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Figure 93b. Sankey diagram of the system (case 2/ MAS-mod MeOH)

The significance of MAS specifications (CO conversion and selectivity to alcohols) is illustrated
by the large amount of recycling gas that is almost 1 and a half times greater than the total fuel heat
input. Also, one fourth of the total energy content of the biomass feedstock is transformed into heat
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during gasification and syngas conditioning, before the mixed alcohol synthesis. At it is seen, only a
part of this heat can be recovered and utilized for steam generation in the GTCC unit.

In both cases, up to 50% of the fuel heating value is transformed into heat and rejected to the
environment from various processes. A large amount of low enthalpy heat is released from the system
in the cooling tower due to steam condensation and during syngas inter-cooling after the ATR. Part of
the dissipated heat throughout the process, especially in the MAS Unit, is utilized for steam integration
within the power plant. The very low quality segments of the rest of the dissipated heat are not usable
and only represent cooling loads.

Several interesting conclusions can be extracted from the carbon balance analysis for each case.
The fuel yields are strongly correlated with the fate of C atoms along the process; unlike H and O atoms
that are partially derived from water, the C for fuel synthesis is exclusively derived from the feedstock
biomass. Another aspect is that since CO; is of the most stable compounds, any carbon formation to
carbon dioxide cannot longer be utilized. Through the thermochemical options, as it is seen in Figure
94a-b, around 50% of the total carbon is transformed into CO, along the syngas production and
conditioning steps. The gasification process contributes by 20% to this, whereas the syngas conditioning
(WGS reactor) by 20% and the rest of it comes from the fuel synthesis and from the reforming of the
recycling light gases. Also, a part of carbon in the form of CO or other light organic gases is led for
combustion to the GT, due to the heat and power requirements coverage. Consequently, about one third
of C content is finally utilized for the advanced fuel synthesis through thermochemical routes (see Table
72).
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Figure 94a Carbon balance along the process (case 1, Figure 94b. Carbon balance along the process (case 2,
modFT) modMeOH)

The water management in such energy systems is of high importance, since a large amount of water
is needed or extracted from various points along the process. It is seen in Figure 95 that the water
treatment unit handles a total water flow equal to 29.1 kg/s for water cleaning. The water flow rates for
cooling purposes, especially in the Fuel Synthesis Unit and the Fuel Upgrading Unit can be reduced
with a more efficient heat recovery from the steam cycle. Since a part of water is released to the
atmosphere from the flue gas stack and the cooling tower, 23.7 kg/s should be pumped from a natural
deposit in order to meet the water balance of the system. In other words, the annual demands for fresh
water of this plant with heat capacity ~190MWi, are approximately 641000 m?. This fact should be
taken into consideration in terms of the biorefinery impact on the environment in future studies.
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Figure 95. Water flow rates in the bio-refinery system (case 2- MAS with modMeOH catalyst)

7.5.2  Effect of self-power production for the coverage of the electrical demands

In the present study, the biorefinery system is considered as energetically autonomous. In other
words, part of the fuel heat input is used for the coverage of the heat and power demands of the whole
process. In this section, the potential connection of the plant with the electricity grid for the coverage
part of the required electrical power is investigated. In any case, an amount of the produced syngas is
sent for burning, the heat of the combustion is utilized for steam production, which has several uses,
such as heating medium at steam reformers reactors and for power production in steam turbines.

In Figure 96 two cases are examined, the autonomous system (base case) and the case that 60% of
the required electricity from power consumptions coverage is provided from an external grid. In order
to make the comparison on equal terms, the term of exergy efficiency is used, which is defined as:

77 _ m.]et Fuel © EJet Fuel (Eq 41)
ex .
Moo * Ewood +P,

el externally

The chemical exergy of jet fuel is set as Ejet ruei= 45,897 kJ/kg [313], whereas the corresponding
chemical exergy of the wood feedstock is calculated from the equation (Eq. 42) [106]:

E

wood

=LHV, 0 [1.0438+ 0.0013}/—H + 0.1083?/—O + 0.0549}/—NJ +6740y5  (y, indry basis) (Eq. 42)
Ve Ve Ve

It is clear from Figure 96 that the electricity provision from grid has beneficial impact on the plant
performance, from a thermodynamic point of view. An equivalent conclusion is expected to be drawn
from the effect of this parameter on the economic feasibility of the system: the cost of electricity that is
produced from syngas in the biorefinery is higher than if it is obtained from the grid. On the other hand,
the in-house power production offers energy independence and sustainability, irrespective of the
location of the plant. Furthermore, the energy mix of the external electricity probably contains
conventional sources and thus this concept has no zero contribution to the Greenhouse Gas emissions.
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Figure 96. Influence of providing electricity from an external power grid on plant performance (case 2- MAS
with modMeOH catalyst)

7.5.3  Investigation of the recycling gas returning route & the effect of gasification temperature

The alternative option of returning the recycling gases back to the gasifier instead of sending to an
ATR reactor is also investigated. The main advantage of this concept is the avoidance of the catalytic
autothermal reactor, the specific cost of which is rather high. The simulation study is performed for the
case 2 and the recovered light gases are busted to the gasifier. In order to have the same syngas quality,
the same gasification temperature with the case 2 (1000 °C) is assumed. Simulation results reveal that
this recycling option is not beneficial for the plant performance enhancement. The produced syngas
from the gasifier is more than two times greater than this in case 2, implying considerably higher
equipment cost for the gasifier and the whole gas cleaning and conditioning system, too. Table 74
summarizes the main results from this test case. Due to the greater syngas flow rate, the power duties
in the AGR Unit are by 36% more. It is seen that the oxygen requirement in the case where light gases
return back to the gasifier is greater and consequently, the ASU power consumptions are greater. Thus,
the elevated power consumptions negatively effect on the Jet Fuel productivity and the thermal
efficiency is by 7.5% lower.

Table 74. Recycling gas to the gasifier: main simulations results (case 2- MAS with modMeOH
catalyst)

light gases return to ATR to gasifier
specific Aviation Fuel production, kgi’kQwood 0.138 0.141
thermal efficiency, % LHV based 40.5% 33.0%
total O2 used, kgoa/Kgwood 0.546 0.652
ASU power consumptions, MJe/Kgwood 0.654 0.779

gas cleaning power consumptions, MJe/KQwood 0.301 0.471
gases compression power consumptions, MJe/kgwood 0.406 0.600

total power consumptions, MJe/KQwood 1.360 1.850
total carbon utilization, % Creedstock 31.50% 29.52%
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7.5.4  Investigation of potential CO; utilization

It is clear from the carbon balance analysis that a considerable amount of carbon content of the
biomass feedstock is not utilized for fuel synthesis and upgrading but is released to the atmosphere in
the form of carbon dioxide. This fact is the motivation for the investigation of the CO, capture and
utilization (CCU) aspect. According to this, carbon dioxide from the CO; separation and recovery unit
reacts with H; in the presence of catalyst at high pressures and is converted into CO, methanol and other
higher alcohols. The key process assumptions for the CCU modeling are based on the experimental
study of Nieskens et al. [164] and are presented in Table 75.

Table 75. Process specifications for CO, utilization

pressure/ temperature 104 bar/ 340 °C

H>/CO. (mol/mol) 3.0
CO; conversion 32.0
products selectivity 57.5% CO, 20.0% methanol, 5.5% ethanol, 0.5% propanol, 16% CH4 0.5% C;Hs

The results from the investigation of the CO; utilization are summarized in Figure 97 illustrating
the carbon balance for cases with different rate of carbon capture and utilization. As CO; conversion to
CO or other organic compounds is conducted in high pressure, a significant amount of electrical power
is required for CO2/H, mixture compression. In this case, it is inevitable that a larger fraction of the
recovered light gases to be sent to the power island (“gas to GT”’). Hence, the portion of carbon that
results to the final desired product (“final fuel”) is slightly greater in the case of no CCU. This is also
illustrated to the corresponding thermal efficiency — 32.5% for 0% CCU, 29.4% for 50% CCU and
27.0% for 100% CCU. Taking also in consideration the fact of additional equipment cost of the CCU
(mainly composed of the CO, compressor and the catalytic reactor), the CO, utilization with this
concept is not adopted. Alternative concepts with different source of hydrogen (e.g. from water
electrolysis) or power source (e.g. from RES or the electrical grid) may lead to different conclusions
about carbon utilization.
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Figure 97. Effect of CCU rate on carbon distribution at the three outlet streams for case 2- MAS with
modMeOH catalyst (the rest carbon consists the released CO; at the AGR unit)
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7.5.5  Comparison with Fischer-Tropsch Synthesis process

In this section, the comparison with the conventional Fischer-Tropsch Synthesis process in
thermodynamic point of view is performed and discussed. A general scheme of the fuel synthesis
through the Fischer-Tropch synthesis combined with fuel upgrading and separation is shown in Figure
98. The syngas stream that comes from the gas cleaning and conditioning unit is mixed with the
recirculating unconverted syngas and enters the CO, removal unit for the last step of syngas
conditioning. Until the Fischer-Tropsch synthesis, the processes are the same with the MAS cases.

The Fischer-Tropsch synthesis is conducted in 250°C and in the same pressure level with the
gasification (25 bar), hence no syngas boosting is required after the Gas Conditioning Unit. The process
specifications for FT synthesis, which is based on Anderson-Schulz-Flory (ASF) distribution [314, 315]
is adopted from the study of Spyrakis et al.[223]. In order to maximize the yield of higher alkanes, the
H/CO ratio should be as low as it can. On the other hand, lower H2/CO ratio favors carbon deposition,
which shortens the catalyst (Cu-based) lifetime. So the H,/CO ratio is set equal to 1.0.

The recovered waxes from the 1% separation stage undergo hydrocracking in order to convert them
into lower hydrocarbons. The hydrocracking modeling is simplified in the framework of this work. A
typical composition of the products after the hydrocracking process is adopted from the study of Shah
et al. [316] and is assumed 3.46% CH, (Fuel gas), 8.77% Cs (LPG), 26.10% Csg (Gasoline), 61.67% Cis
(Diesel). Each hydrocarbon represents a certain fuel product. The hydrogen from the hydrocracking
process is recovered from the unconverted syngas by means of the Pressure Adsorption Process (PSA).
The required flow rate of hydrogen is based on the mass ratio (=0.0103 kg/kg) of wax to hydrogen that
is calculated in the study of Sudiro and Bertucco [317].
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Figure 98. Process flowsheet for FT synthesis and products separation

Comparing the main data yielded for the FTS case with the corresponding data from the MAS routes
in Table 72 it is revealed that the MAS pathways have higher jet fuel productivity, since they are
designed to have jet fuel as the main biofuel product. The overall thermal efficiency is calculated at
40.4% and the total carbon utilization at 30.4%, slightly lower than the corresponding values in
modMeOH case. It is worth mentioning the considerably low power consumptions in this case: This is
attributed both to the lower FT reactor operation pressure and to the high CO conversion rate that is
assumed, which enables lower recirculating gas flows, contrary to the MAS cases.
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7.6 Economic Evaluation

7.6.1  Thermochemical Cases 10kg/s biomass input (or 864 t/day)

According to the previous methodology and the mentioned economic data that is adopted, the
DCFROR analysis resulted to the Minimum Jet Fuel Selling Prices for each case studied: 1.24, 1.49
and 1.28 €/ for each of the thermochemical cases: FT, MAS-ModFT and MAS-ModMeOH
respectively, with a capacity of 864 ton of dry biomass per day. For the FT case, due to the great range
of hydrocarbons produced, apart from jet fuel (end-product), other fuel types produced (LPG, Gasoline)
are considered as by-products. It is assumed that they are available to buy with the 2011 year
conventional price: LPG is considered to be sold at 0.29 €/1 [318] whereas gasoline at 0.56 €/1 [319].
Similarly, gasoline is considered as by-product for the other two thermochemical cases.

Figure 99 shows the contribution of CAPEX, OPEX, Biomass Feedstock Cost and By-product
Credits (gasoline in all cases whereas LPG only for FT case) to the Production cost of jet fuel in €/1.
The costs are also expressed in €/GJ of jet fuel’s Higher Heating Value —HHV (46.2 MJ/kg) for a plant’s
Capacity of 190 MW, For the calculations, it was assumed a jet fuel density equal to 0.81kg/l.

m Capex M Opex
2 M Biomass Feedstock M By-product credits - 50
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Figure 99. Contribution To Production Cost, MJFSP in €/] and €/GJ

The considerable effect of Capex on the Jet fuel production cost is illustrated in Figure 99, since it
has the largest share to the product cost for all thermochemical cases. In addition, the cost of biomass
feedstock participates in a significant portion to the cost of final product. FT Synthesis case seems to
be a more economically feasible scenario. This is attributed to two main reasons: firstly, the capital
investment cost of the alcohol based routes is higher, due to the complexity of fuel upgrading unit.
Secondly, more by-products than the other two cases are produced in the FT case, which are considered
to be sold according to current’s market prices.
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Figure 100. Breakdown of Total Capital Investment (left) and Total Installation Costs (right) in M€

Moreover, the total capital investment cost for each thermochemical case is described in Figure
100. The Mod-FT case has the highest TCI with 248 M€ whereas the lowest one is observed at the FT
case with 207 M€. Figure 100 also illustrates the breakdown of the installation cost of each case,
showing the installed cost of each area of processes, too. Thus, a conclusion on the share that holds each
area of processes in each case can be derived. The most expensive process unit is the Syngas Cleaning
and Conditioning Area for all three cases. For FT case, this area has the highest share to the Total
Installation cost with 23.85% of the TIC of the plant. Respectively, for the Mod-FT and Mod-MeOH
cases, the values are 24.34% and 28.52%. Moreover, the Air Separation Unit and Power plant contribute
greatly to the TIC of each case. In summary, Mod-FT case has the highest Installation Costs of
equipment with 131 M€, with Mod-MeOH case having 128 M€ and FT case having the lowest
Installation costs, near 109 M€. The fact that Mod-FT case has greater equipment/installation cost than
the Mod-MeOH is attributed to the higher power consumption in the former case, as it is illustrated by
the greater share of power island on total equipment cost. The other components of TCI are calculated
as mentioned previously and depend on Installation and Purchased Equipment costs.
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Figure 101. Installed cost distribution of the Units that consist the Syngas Cleaning &
Conditioning Area
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As Syngas Cleaning and Conditioning area has the most expensive processes, in Figure 101, a
breakdown to its equipment is shown along with the share they have in the total installation cost of the
area. Both in FT and Mod-MeOH cases, the most expensive equipment belong to ATR with a
contribution of 16% and 32% in each case whereas in Mod-FT case it is the second most expensive
process with 19%. This is due to the fact that large streams are sent to the ATR to be reformed. In Mod-
FT case, the most expensive process is the Rectisol unit used for CO2 removal with 21%, whereas in
FT and Mod-MeOH cases, the contribution of Rectisol units is 15% and 21% respectively. Another
costly process is that of tar reformer that contributes 18%, 14% and 13% of the total installation cost of
cleaning and conditioning area in FT, Mod-FT and Mod-MeOH cases respectively.

In addition, the breakdown of OPEX for each case is described in Figure 102. The feedstock cost
has the greatest contribution to the total amount of OPEX being nearly 45% of the total OPEX in each
case. Mod-FT and Mod-MeOH cases have about the same OPEX, with Mod-MeOH case having higher
catalyst costs, needed for the upgrading of higher alcohols to aviation fuels.
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Figure 102. Breakdown of OPEX in M€/y

Figure 103 presents the breakdown of CAPEX and OPEX (without biomass feedstock) to the
process areas, expressed in € per litre Jet Fuel. Fixed Operational Costs include General Overhead,
Insurance and Taxes and Maintenance Costs. In the FT pathway, the most expensive units, concerning
both CAPEX and OPEX, are the Syngas Cleaning and Conditioning, ASU, Fuel Upgrading and
Utilities. Utilities part includes the Waste Water Treatment Unit and Cooling System of the biorefinery
along with the variable costs of treating and disposing the wastes and process water. In the Mod-FT
case, the most expensive areas are Syngas Cleaning and Conditioning, Power Plant, ASU, Fuel
Upgrading and the Utilities section. In Mod-MeOH case, similarly with Mod-FT case, the most
expensive areas are Syngas Cleaning and Conditioning, ASU, Power Plant, Fuel Upgrading, Utilities
whereas Fuel Synthesis has a significant impact on the production cost of jet fuel. In comparison with
the Mod-FT case, the Opex of fuel upgrading is higher. This is due to the fact that in Mod-MeOH case,
the catalyst used is more expensive and the amount of catalysts needed is higher. In addition, the
CAPEX of Power Plant is significantly lower (from 21M€ down to 18M€), due to lower power
consumptions in this case.
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Figure 103. Breakdown of CAPEX & OPEX (excluding biomass cost) to Areas in €/ of Jet Fuel. 1%
column: FT pathway, 2" column: Mod-FT pathway and 3" column: Mod-MeOH pathway

7.6.2  Effect of Plant capacity

Apart from the thermochemical pathways of converting biomass to biofuels, another important
route is that of biochemical. Due to the fact that the three thermochemical Pathways described on the
current paper have a capacity of 864 t/day biomass feedstock, a direct comparison with the biochemical
Pathways with capacity of 2000 t/day is not convenient. Thus, via ASPEN Plus [320], the
thermochemical case Mod-MeOH was modeled for 2000 t/day biomass feedstock. The economical
analysis was conducted as described previously in order to calculate the Minimum Jet Fuel Selling
Price. The calculation methods for equipment costs, CAPEX, OPEX are the same with the lower
capacity model. The selection of Mod-MeOH was made because it is more economically desirable than
Mod-FT case and with more novel technology than Fischer Tropsch Synthesis case.

In Table 76, the effect of plant capacity on different economical and thermodynamic parameters is
shown as it is illustrated by the main results of each case. The two Capacities compared are 864 t/d and
2000 t/d of biomass feedstock in the thermochemical pathway of Mod-MeOH. For each parameter, the
value is calculated and the percentage of the effect of plant capacity can be seen.

Table 76: Effect of Plant Capacity on Several Parameters

Mod-MeOH  Mod-MeOH Relative difference

Parameter 864 t/d 2000 t/d in %
Biomass feed flow rate, kg/s 10.0 23.2 131
Fuel thermal input, MW4, 188.8 437 131
Jet Fuel production, kg/s 1.33 3.18 138
ASU Power Consumption, MWe 6.54 15.08 131
Gas Cleaning Power Consumption, MWe 3.01 6.98 132
Gas Compression Power Consumption, MWe 4.06 9.41 132
TCI (Total Capital Investment), M€ 241.7 450.6 86
Operating Cost, M€/year 20.2 37.1 84
Biomass Cost, M€/year 16.1 37.2 131
By-product Credits, M€/year 7.0 16.6 137
MJFSP (Minimum Jet Fuel Selling Price), €/1 jet fuel 1.28 1.02 -20
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7.6.3  Comparison with Biochemical Pathways

The processes of the examined biochemical pathways are based on other reports [253, 321] along
with their costs of equipment and operational costs. One biochemical pathway is based on Ethanol
fermentation whereas the other is based on ABE (Acetone-Butanol-Ethanol) fermentation.

The ethanol fermentation process [253] starts with the biomass (corn stover) being milled and
washed. The pretreated biomass is then processed with hydrolysis and catalyzed using dilute sulfuric
acid and heat from steam. During this step, most of the hemicellulose is converted to soluble sugars
however some inhibitors may be formed. Afterwards, the hydrolysate slurry is fed to a conditioning
reactor where ammonia is added in order to raise its pH to 5-6 so enzymatic hydrolysis can be achieved.
Enzymatic hydrolysis converts cellulose to glucose using cellulase enzymes in a continuous, high solids
reactor. Cellulase Enzymes, can be purchased [322] or produced on-site [253] through an aerobic
cultivation of microorganisms. After enzymatic hydrolysis, glucose and other sugars are sent to the
batch fermentation vessels where a bacterium is added that can ferment glucose and xylose to ethanol
(separate hydrolysis and fermentation). Lastly, the fermentation broth is introduced into the distillation
columns where ethanol is separated from water, CO, and unconverted insoluble solids. In order to
upgrade ethanol to aviation fuels, ethanol is fed to the upgrading area. The fermented ethanol follows
the same processes mentioned before in Mod-FT scenario. Firstly n-butanol is produced through ethanol
condensation, which via dehydration, oligomerization and hydrogenation is upgraded to aviation fuels.

For the economic evaluation of the ABE fermentation scenario, the processes and costs are based
on Qureshi’s report [321]. First of all, the biomass feedstock that is used is wheat straw. After being
milled to 2-3mm particles, it is treated with dilute sulfuric acid and KOH/NaOH is added so the pH of
the mixture can be readjusted. Continuously, enzymatic hydrolysis takes place and NaOH is added
again to adjust the pH to 6.8. In addition, fermentation occurs with C.beijerinckii P260 for 42h
producing ABE products. Finally, the recovery of products starts with a stripper that separates butanol
with water from ethanol and acetone. Due to the fact that butanol and water form an azeotrope, they are
separated by using a hydrophilic pervaporation membrane. As long as butanol is produced and
separated, it is sent to the upgrading section along with ethanol. The butanol produced from
fermentation is n-butanol, thus the processes following are the same described in Mod-FT scenario
previously. Ethanol is condensed to form n-butanol and is added with the fermented butanol.
Consequently, butanol via dehydration, oligomerization and hydrogenation is upgraded to aviation
fuels.

The process analysis on the ethanol plant, having been conducted by Humbird et al. [253], revealed
an overall thermal efficiency 44.0% and the carbon utilization factor is 29.4% of the total carbon that
enters the system (both feedstock and glucose). This low carbon utilization factor is due to the fact that
only 59.6% of the carbon content on the corn stover is carbohydrates and is able to be converted into
ethanol through fermentation. Contrary to the thermochemical routes, the power requirements stand for
only 3.5% of the total energy input. The majority of carbon that exits the plant is in the form of CO;
that origins from the lignin combustion and from the fermentation process. Similarly, in the ABE case,
the thermal efficiency of producing pure butanol is 40.4% and if take into account the heat content of
the two other by-products (acetone and ethanol), the thermal efficiency is estimated at 65.8% [321].
The ethanol yield in the first biochemical route is 0.236 Kgethanol/KGteedstock Whilst the corresponding yield
of butanol in the ABE process is 0.197 Kgbutano/KGteedstock- The production costs for ethanol and butanol
are estimated 0.54€/kg and 0.78-1.01 €/kg, respectively. According to the corresponding reports on
ethanol and butanol production from fermentation [253, 321], the corresponding alcohols are recovered
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from the separation unit in high purity (>99.9%), and thus for the process analysis, they considered as
completely pure.

For each biochemical case, the Capex and Opex costs of the upgrading section are added to the
reference plant’s costs (bioethanol and bioABE plant production), after being simulated in ASPEN
Plus™ [320]. The only difference from the thermochemical cases in the upgrading section is the fact
that the hydrogen, which is essential for the hydrogenation process, is purchased for 1.13 €/kg [323].
Thus, the PSA unit is removed and not considered in the costing of equipment. All costs are scaled for
310 operational days/year and 2000T/day feedstock input and in 2011 €.

In the ethanol fermentation case, the Total Capital Investment was estimated at 473.83 M€ with
Operating Costs at 69.81 M€. The scaled Total Installation Cost of the equipment used for the
production of ethanol, derived from NREL’s paper [253], is at 195.26 M€, whereas the TIC of the
upgrading equipment of ethanol to Jet Fuel is calculated at 23.445 M€. Regarding the ABE fermentation
case, the TCI was estimated at 144.84 M€ with Operating Costs at 143.74 M€. The scaled TIC of the
processes used for butanol production, derived from Qureshi’s paper [321], is at 69.15 M€ with the TIC
of the upgrading equipment of butanol to jet fuel at 11.87 M€. After calculating the TCIL, Operating
Costs, a DCFROR analysis is carried out as described in previous section, in order to determine the
Minimum Jet Fuel Selling Price (MJFSP).

As mentioned above, the feedstock used for ethanol and ABE fermentation are the same from the
corresponding papers, corn stover and wheat straw respectively. The feedstock prices and their
compositions are described there. A cost figure of 48.69 €/dry t [253] was used for corn stover whereas
for wheat straw a figure of 18.12 €/dry t was used [321].

Table 77. Analysis of the fuels used in the biochemical routes

Component Corn Stover (dry wt%) [253] Wheat Straw (dry wt%o) [324]
Cellulose 35.05 48.57
Hemicellulose 23.94 21.7
Lignin 15.76 8.17
Ash 4.93 6.68
Carbohydrate Content 58.99 76.27
LHV (MJ/kg) 17.2 16.0

In Figure 104, a comparison can be made between the two biochemical and thermochemical case,
according to the MJFSP of each case. Both Biochemical cases are economically more desirable than
the thermochemical Mod-MeOH case though the latter is adequately competitive. It should be reminded
that in each of these cases, different feedstock is used, bought with different price. Consequently, the
purchased biomass feedstock contributes variously to the MJFSP for each case. The BioABE case has
significantly lower Capital costs than the other two, but double the operating costs. Moreover, it has
importantly more credits from the by-products, as it is considered that apart from the gasoline that is
sold, acetone is sold too according to the market’s price, 0.78 €/1 [321].

165



Chapter 7

1.02 L

1 4 0.85 0.82 30

. - . - 20

0.5 - 0
< ] I —
(M} 1 IT]
01 L0 W

3 --10

-0.5 -
' = 20
BioEthanol BioABE Mod-MeOH
| Capex Opex

l Biomass Feedstock M By-product credits

Figure 104. Contribution To Production Cost of Jet Fuel, MJFSP in €/l and €/GJ for biochemical routes compared
to Mod-MeOH case

7.6.4  Sensitivity analysis

The effect of various parameters on the plant feasibility is discussed in this section. Figure 105
demonstrates the influence of several parameters over the product value of jet fuel in each case. The
parameter that has the greatest influence is the plant size as it decreases the MJFSP for 20% with an
increase in plant capacity from 864 to 2000t/day. Another parameter with significant influence over the
MJFSP is the biomass feedstock price that changes the MJFSP at £13% for FT case and £10% for Mod-
FT and Mod-MeOH cases. Due to the fact that FT case produces a lot of by-products, it depends more
on them than the other cases. Consequently, by changing the by-products selling price, the MJFSP of
FT case is altered at +£13% whereas in the other cases for £4% as the by-products that are produced in
these cases are importantly fewer. The rest parameters have smaller influence over the MJFSP and can
be seen in the figure below.

According to Peters and Timmerhaus [129], the method for calculating the total capital investment
has £30% accuracy. Consequently, it is examined how the minimum jet fuel selling price is affected by
a 30% reduction or increase in CAPEX. This is shown in Figure 105, with indicating the range of TIC
influence in the Selling price for each case. With a 30% reduction in TIC, the Minimum Jet Fuel Selling
Prices are 1.03 €/1, 1.27 €/1 and 1.10 €/1, for FT, Mod-FT and Mod-MeOH cases respectively, whereas
with a 30% increase in TIC, the prices are 1.45 €/1, 1.71 €/l and 1.46 €/1, respectively. Concerning the
corresponding biochemical routes, for a £30% variation in TIC, the Minimum Jet Fuel Selling Price
ranges from 0.73 to 0.97 €/1 for the Bioethanol case, and from 0.78 to 0.86 €/1 for the BioABE case.
Hence, due to the uncertainty in predicting the investment cost with accuracy, a decisive conclusion
about the most profitable route (thermochemical or biochemical) cannot be extracted.
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TIC 70%/100%/130%
a)
Plant Size 2000/864/400 (MT/day biomass feedstock)
Feedstock Price 40/60/80 (€/MT)
By-products Sellig Price 130%/100%/70%
Operating days 330/310/290 (days/years)
Catalyst Price 70%/100%/130%

Plant Life Time 30/25/20 (years)

b) TIC 70%/100%/130%
Plant Size 2000/864/400 (MT/day biomass feedstock)
Feedstock Price 40/60/80 (€/MT)
By-products Sellig Price 130%/100%/70%
Operating days 330/310/290 (days/years)
Catalyst Price 70%/100%/130%

Plant Life Time 30/25/20 (years)

C) TIC 70%/100%/130%
Plant Size 2000/864/400 (MT/day biomass feedstock)
Feedstock Price 40/60/80 (€/MT)
By-products Sellig Price 130%/100%/70%
Operating days 330/310/290 (days/years)
Catalyst Price 70%/100%/130%

Plant Life Time 30/25/20 (years)
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Figure 105. Sensitivity analysis of several parameters for the three thermochemical processes (864 Mt/d): a)

FT, b) Mod-FT, ¢) Mod-MeOH

7.6.5

Investigation of setting the intermediate organic compounds as the final products

The proposed Alcohol to Jet Fuel routes that are investigated in this study, produce several valuable
intermediate compounds (small and high olefins and higher alcohols) during the upgrading processes
of alcohols to aviation fuels. Alternatively, these compounds can be retrieved, separated and considered
as final products, making them available in the market. This potential is examined in this section.
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In case where oligomers olefins are set as the final product, the hydrogenation unit, the PSA unit
and the intermediate components (pumps, flash separators and distillation columns) are not considered
for the costing. When the butene isomers are considered as the final products, the oligomerization
reactor is not included in the costing method along with the above components. In case of considering
the butanol isomers as final products, apart from the previously mentioned equipment, the dehydrating
reactor is also excluded from the costing procedure. Moreover, the corresponding variable operational
costs for each scenario are disregarded from the economic investigation. The purification step after each
reactor is included. The only compound that should be removed from the product stream is water, which
can be removed very effectively, since according to the experimental studies that the reactors modeling
is based report 100% carbon selectivity on the desired products. The final products separation and
purification (e.g. isobutene from n-butene separation or C12 olefins separation from C12 olefins etc.)
is not taken into account in this analysis. However, a rough estimation of the expected increase in the
final minimum selling price is presented, based on the study of Salgado-Gordon and Valbuena-Moreno
[325]. In this report, a techno-economic study of a light olefins purification plant is performed.
According to this assessment, for a ethylene purification plant with capacity 180 kt/year, the estimated
CAPEX and OPEX was around 20M€ and 20M¢€/y, respectively. Taking into account that the annual
production of the organic compounds in the fuel upgrading unit is of the order of 35 kt/year, the CAPEX
and OPEX of the whole biorefinery are expected to rise by 4% and 11%, respectively. Hence, the
increase in the minimum selling prices of the intermediate organic compounds that are presented in
Figure 106 is not expected to be more than 10%.
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Figure 106. Specific prices (€/t) of the organic compound produced from the Alcohol-to-Jet fuel bio-based
pathways (2000 t/d) and comparison with the corresponding conventional prices

As it is extracted from Figure 106, the concept of producing valuable organic chemicals is quite
promising, since the resulting products prices are relative close to the corresponding current prices of
the petrochemical derived chemicals. Especially, the biochemical routes can potentially compete with
the petrochemical based organic compounds (lower and higher olefins and alcohols) industry.
Furthermore, more motivation is gained for the improvement of thermochemical routes in the near
future since they seem more competitive in case of producing valuable olefins and C4 isomers.

7.7 Further discussion and Conclusions

Figure 107 presents the product value of various biofuels products from selected studies in the
literature, compared to the corresponding values resulted from the proposed pathways in this study. For
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each study, the end product is expressed in €/GJ on HHV basis, so there can be a comparison between
the biofuels on equal terms. With red and blue color markers the fuels produced by thermochemical and
biochemical pathway respectively are presented. From the distribution of the prices, a clear conclusion
can occur: The biofuel’s price tend to increase as the years go by. The most recent studies shows a 200-
300% increase in biofuel’s price from the older ones. In other words, as the years pass, a more accurate
estimation can be made, resulting in higher fuel prices, despite the fact that the technological
developments have a beneficial contribution to the efficiency enhancement of each concept. Moreover,
the value of the money changes due to inflation and the cost of equipment increases as new technologies
arise. Finally, the price of feedstock continuously increases, having a great contribution to the product
cost as it has been seen through the previous graphs.
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Figure 107. Specific product prices in €/GJ HHV from selected studies in the literature, in comparison with the
corresponding values resulted from the proposed pathways in this study (with filled color and black marker line)
[200, 250, 253, 266-272, 307, 309, 310, 322, 326-347]

In this study, a novel concept for biomass derived aviation fuel —mainly jet fuel- blends, produced
via thermochemical route, is examined. Two main pathways based on mixed alcohols are modeled.
Simulations results reveal quite high performance for both process configurations achieving a jet fuel
production rate 0.138 kgr/KQreeastock in modMeOH case. The carbon balance along the process indicates
that only 1/3 of the available carbon is found in the final product due to CO; production in several
process steps such as the gasification, water gas shift, alcohol synthesis and tail gas combustion.
Comparing to the conventional FTS case, it is shown that the mixed alcohols routes can achieve higher
jet fuel productivity rates and better carbon utilization despite the higher power consumptions that are
observed. The CO; valorization through hydrogenation and higher alcohols production does not results
in improved plant performance due to high power requirements.

The water balance of the proposed bio refinery system shows that very large amounts of fresh water
are required for the stable operation of such a large scale application. It was revealed that the demands
for fresh water to compensate the released H,O at the cooling tower and at the stack, for a plant with
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190MWi, heat capacity are 23.7kg/s, emerging the water management as an important issue with
considerable environmental impacts.

Additionally in this paper, the economic feasibility of a facility producing bio-based aviation fuels
via alcohols derived either from biomass gasification or fermentation is also investigated. All the
examined concepts are still far from global commercialization and market predominance over the
“conventional” jet fuel, derived from fossil fuels, mainly due to the high biomass price and the high
investment cost.

From the analysis on the thermochemical pathways, it is concluded that even though the Alcohol
to Jet fuel concepts (ATJ) have better performance than the FTS route in terms of carbon utilization and
thermal efficiency, the expected jet fuel price is higher. This is attributed to the higher CAPEX,
especially in the Gas Cleaning Area and the Power Island. However, future developments on catalysts
dedicated to mixed alcohol synthesis, regarding the enhancement of HA selectivity against light
hydrocarbons, would contribute to the further improvement of the concept. Moreover, catalysts with
improved selectivity would decrease recycling streams, resulting to a decrease in the size of equipment
and bringing down the CAPEX. In addition, further attention should be given to the acid gas removal
equipment that contributes most to the CAPEX. Apart from the method used on the current paper
(Rectisol), other methods, e.g. amines, should be examined in future works as they could decrease the
product price of jet fuel.

Regarding the biochemical cases, a direct comparison with the thermochemical cases should be
avoided as different feedstock is used in each case, purchased with different price. However,
overlooking this fact, the Acetone-Butanol-Ethanol (ABE) fermentation based biochemical process is
considered as the most economically preferable option in spite of its high operational cost, due to the
required chemicals and enzymes as well as the high power demanding final product’s separation.

The economic investigation of these alcohol based concepts indicated that providing the organic
compounds, that are produced intermediately (i.e. light and heavy olefins, C4 alcohol isomers), can be
a promising option for the feasibility of such biorefineries plants.
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8. Conclusions — Future work

8.1 Main Conclusions

This PhD thesis was focused on the development and investigation of advanced energy systems
based on processes that enable their operation with minimized GHG emissions, contributing to the
evolution of the Low Carbon Economy. As is quoted in the Introduction, three are the main areas where
the under investigation systems lie on; the Carbon Capture and Storage strategy, the Carbon Capture
and Utilization option and the bio-based economy. The most sifnificant conclusions derived from the
studies on these specific areas are:

I Carbon Capture and Storage

In the field of CO, mitigation of the power plants that operate with natural gas, the employment of
Palladium Membrane Technology for CO, capture and sequestration was thoroughly investigated. The
excellent performance of Pd membranes in H2/CO; separation in terms of selectivity and HRF enables
the opportunity to achieve even 100% Carbon Capture Rate. The sensitivity analysis of various
operation parameters and the fine tuning of the process configuration towards the best operation led the
net efficiency to an optimum value (50.82%) or -7.48% energy penalty. Among the reactors, the
Autothermal Reformer performance affects considerably both the plant efficiency, and the operation of
the steam cycle and the H, production and purification scheme. From the assessments of the CO;
purification schemes after the membrane separator, it was revealed that, an oxy-combustion system with
high combustion efficiency in near- stoichiometric conditions is the best option in terms of efficiency
and Cost of Electricity. However, cryogenic systems have very high CO- purification abilities and can
be effectively applied in the H, plants with CO; capture. After the process simulations of various options
for CO, capture in a NG fired power plant, it was concluded that the Pd membrane technology offers
the highest performance in terms of net efficiency among the others (pre combustion, post combustion
and oxyfuel). The high Carbon capture rates, in conjunction to low CO, compression duties contribute
to the lowest SPECCA index for NG case (2.91 MJ/kgcoz). The economic assessment revealed that the
high current capital cost of membranes negatively affects the cost of CO, avoided. Membrane area
reduction by increasing the pressure difference between the two membrane sides decreases considerably
the COE and consequently the cost of CO, avoided. Cost reduction through future advances and high
volume production of the Palladium membrane can render the technology an even more competitive
market option.

As far as the application of CO; capture in coal fire power plants is concerned, a thermodynamic
analysis was performed in order to evaluate and compare three of the most attractive CO, capture
techniques from exergetic point of view: amine scrubbing, Ca looping process and oxy-fuel combustion
(or O./CO; cycle). Calcium Looping (CaL) process was proven the best option for CO; capture among
the others, in terms of overall energy and exergy efficiency. Although a considerable amount of exergy
(22.3% of total Ese) is lost in the CaL unit, the carbonation/calcination process has the lowest exergy
penalty (-9.0%). Almost half of the fuel input is not burnt in the boiler, where the specific exergy losses
are higher. The fact that the oxy-calciner is more efficient by exergy point of view than the boiler (air
or oxy fired) is the main reason why the total plant has the lowest irreversibilities when the CalL
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technology is employed for CO; capture. From the sensitivity analysis in the CaL case, low limestone
make-up ratios have little beneficial contribution to the exergy losses reduction. Sulfur content in the
supplementary fuel has negative impact on both the plant efficiency and the CaL performance. Low
sulfur fuels for the sorbent regeneration in the calciner are suggested. In the amine scrubbing case, 7.7%
of the exergy input is lost in the capture unit and 1.0% during CO, compression. High MEA/CO; ratios
and high MEA concentrations in the lean solvent promote the effectiveness of the process. In the oxy-
combustion case, the ASU is the main unit where the majority of exergy losses (647.8kJ/kgco2) for CO-
capture are observed. A potential development of O, selective membranes or other technology with
minimum or zero power consumptions would help to save more than 9% of the total exergy input. It
should be pointed out that this exergy analysis was performed in a thermal plant for power production
and the main conclusions about the conclusions above cannot be generalized for any carbon capture
case.

II. Carbon Capture and Utilization

Regarding the alternative option for CO, management after separation and capture from fossil fuel
derived processes (e.g. flue gas after combustion), the design aspects for a power to fuel concept was
investigated. The parameters that mostly affect the feasibility of such a concept were identified: it was
revealed that the use of cheap electricity in conjunction with adequate time coverage throughout the
annum is of high importance for lowering the overall H, production costs. Each of the three main
parameters for the determination of the H; cost (electrolyzer capital cost, electricity cost and storage
cost) can play the key role in the feasibility of the plant depending on the concept each time.
Furthermore, a Power-to-Fuel system integrated with a coal fired power plant can be an interesting
option for excess power transformation when the electricity sell is not profitable. Since the production
cost of methanol from CO; is about 2.5 times higher than the corresponding conventional prices, a
considerable effort is needed in order the CO; derived fuels to reach a competitive level in the global
market. the key parameters that strongly affect the viability of the PtF concept are the following:

e The cost due to electrical consumptions that are required in order to produce hydrogen from
water and then to transform CO; into organic compounds with high energy content is the most
significant factor that influences the power to fuel economic feasibility.

e Examining the role of the system configuration in the economy, it is revealed that the hydrogen
production is preferable to be near to the methanol plant, avoiding high logistics costs for delivery and
storage of H,. On the other hand, the location of the CO; capture unit has small influence on the inlet
gas production and delivery cost.

e The investment cost has a 30% share on the methanol production cost, 2/3 of this is the alkaline
electrolyzer cost. So, a new electrolyzer design with lower cost would reduce considerably the minimum
selling price of the produced alcohol in order the investment to be profitable.

e The oxygen that is produced in the H; plant is in high quality and can be used in numerous
applications in industrial, medical and other sectors. Selling the produced O, with a very competitive
price, the methanol production cost reduces at least 10%.

Regarding the investigation of various design aspects for the valorization of industrially captured
CO;, towards liquid fuels, two novel concepts are examined: one for methanol and another for ethanol
production. In the methanol case, a new scheme of employing a membrane reactor with high selectivity
either in methanol permeation (organophilic) or in water permeation (hydrophilic) is explored via
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process simulation. The methanol extraction has a beneficial effect on the methanol yield and requires
amore compact sized reactor. In ethanol case, the novel synthesis route via DME has a higher efficiency
(total energy efficiency: 70.3% on LHV basis whereas the corresponding efficiency of the conventional
scheme is 63.2%) because of lower heat and power demands for its effective operation. From the
economic analysis, it is shown that the novel ethanol plant results to lower ethanol production cost than
the conventional one through the rwWGS by 18% but the high cost for H, production through water
electrolysis keeps it far for competitive levels.

I11. Biomass utilization for advanced fuels/chemicals production

In the framework of the biomass utilization concept for conventional fuel substitution, a biorefinery
plant was designed in ASPEN Plus in order to investigate the various design and operational aspects
that affect the performance of the system. The case that was examined was the production and
purification of ethanol and other higher alcohols via thermochemical route (gasification) and catalytic
synthesis from syngas. The selection of catalyst type for the mixed alcohol synthesis, i.e. modified FT
(MoS;), modified MeOH (CuZn), determines the plant configuration in terms of the pressure level that
fuel synthesis takes place, the products separation and gases recirculation. In case that methanol is not
considered as desired product, catalysts with high carbon selectivity in C2+ alcohols such MoS; are
more preferable in terms of productivity and energetic efficiency. If this MeOH is a useful product then
system efficiencies could be slightly improved. From the energy balance calculation, the oxygen
production for gasification and hydrocarbons reforming and syngas compression for fuel synthesis have
the highest power consumptions. Co-produced hydrocarbons have a detrimental effect on efficiency
since the energetic penalties of their separation, oxygen driven autothermal reforming and recycling are
great. These penalties are mainly associated with the air separation unit and the compression power
required for unreacted gas recycling. The last aspect (unreacted gas) is correlated with the CO
conversion in the reactor; the lower the gas hourly space velocity (GHSV) is achieved the lower the
unconverted CO exits the reactor. Additionally, a considerable amount of power and steam is consumed
in the gas cleaning unit especially for acid gas removal (H.S and CO;). The development and
implementation of hot-dry gas cleaning methods is expected to reduce considerably the heat/power
demands of such a thermochemical process leading to a more efficient operation.

Following the previous study, an alcohol based thermochemical route or the production of
branched paraffins with high carbon number for aviation use (avfuel and avgas) was thoroughly
investigated. The conceptual process design was described accompanied with the presentation of the
results from the process simulations the economic evaluation and the comparison with the Fischer-
Tropsch (FT) process and biochemical pathways. Two novel process schemes for paraffins with high
C number was developed and presented in detail: one based on mixed alcohols produced using modified
Methanol catalyst (modMeOH) with high selectivity in methanol, and one using modified FT catalyst
(modFT), with high selectivity in ethanol. The flow sheeting results reveal high performance for both
process configurations, resulting in an aviation fuel yield 0.172 kg/Kgredstock and a thermal efficiency of
40.5% in the case of employing a modified Methanol catalyst for the mixed alcohols synthesis (MAS).
Such alternative pathways offer higher efficiencies compared to FT synthesis because specific products
such as C12+ branched paraffins for jet fuel applications are achieved with higher selectivity in the
conversion processes. The water balance at the whole process reveals that the annual demands for fresh
water from a 190 MWy, biorefinery plant are 641,000 m?, emerging the water management as an
important issue with considerable environmental impacts. Simulations of the overall process show a
rather high biomass carbon to product utilization ratio (up to 30%) leading to relative low CO;
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emissions. The economic evaluation reveals that the Minimum Jet Fuel Selling Price in a FT plant (1.24
€/1 jet fuel) is lower than the corresponding price in a MAS plant (1.49 €/1 and 1.28 €/1 for cases with
different catalysts). The biochemical route based on Acetone - Butanol - Ethanol fermentation is
considered as the most economically desirable option (0.82 €/1). Moreover, the option of selling organic
compounds, which are produced intermediately (i.e. light and heavy olefins, C4 alcohol isomers) via
the alcohols’ upgrading processes was proved promising enough for the feasibility of such biorefineries
plants.

8.2 Innovative aspects
The aspects that were examined and considered as innovative are summarized below:

e Process integration, design analysis and optimization of an NGCC plant employed with Pd
Membranes for pre-combustion capture of CO..

e Development and investigation for the best scheme for effective CO; purification

e Process integration, system design and investigation of other capture techniques (CO: selective
membranes, Rectisol™, Selexol™, hot potassium) in NG-fired power plants.

o Exergy analysis and comparison of the three most advanced capture technologies (amine scrubbing,
CaL process and oxy fuel) for coal-fired power plants, taking into account the quality of CO, stream
in terms of transport and storage, including the appropriate CO purification scheme before
compression.

o Identification of the conditions in order a power to methanol concept to be viable.

o Development of novel process configuration for ethanol production from CO; via DME.

e Investigation of impact of catalyst type for MAS on process configuration and performance for both
alcohols and added value chemical products

e Design, optimization and economic assessment of a novel scheme for biomass derived aviation fuel
through alcohols synthesis. Comparison of catalyst type for mixed alcohols synthesis

e Thermodynamic analysis for total carbon utilization in a biorefinery (hydrogenation of the rejected
COy)

e Comparison of thermochemical and biochemical pathways for added value products synthesis
(paraffins, olefins, higher alcohols)

8.3 Future study

In this Thesis, various advanced energy systems and processes are investigated through process
simulation and economic analysis. Several issues are addressed for future study and are listed below:

1. Potential use of Pd membranes in other applications (e.g. biorefineries) feasibility study
Beyond the pre-combustion capture scheme for the effective H./CO; separation, Pd membranes can be
implemented in numerous applications in chemical process industry, like a biorefinery system. In
Figure 108 the processes where it is possible for palladium (Pd) membrane technology to be applied in
a bio-refinery system are marked, according to relevant studies found in the literature. A biorefinery in
its general form can be designed for a wide variety of products, from advanced fuels to inorganic or
organic chemicals. Hence, a study is proposed that is dedicated to the potential improvement of the
operation of a biorefinery after the exploitation of the Pd membranes features.
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Figure 108. Biorefinery processes chart (with red X are the applications where Pd membrane can be
potentially implemented)

2. Rigorous process modeling Pd membrane reactors

A study that is correlated with the previous one is the simulation and numerical investigation of Pd
base membrane reactors where catalytic reactors that have not been investigated are conducted. As seen
in Figure 108, there plenty of potential implementations of a catalytic reactor employed with Pd
membrane, the detailed investigation of which is necessary for their up-scaling to industrial level.

3. New capture techniques (ionic liquids)

In this Thesis, it was concluded that the existing CO. capture options are still far for economic
implementation and new concepts should be emerged and developed. Such a new concept that is under
investigation in low Technology Readiness Level (TRL) but is very promising is the chemical
absorption by mean of ionic liquids (ILs). The development of a thermodynamic model that predicts
accurately the CO2 absorption and desorption form the ILs incorporated in a process model is a
challenge and is suggested as future work.

4. Dynamic simulations of advanced energy systems

All the process simulations in this Thesis were run in steady state conditions, assuming a stable
operation. The dynamic behavior of such advanced systems under variable conditions (partial load, start
and end of the plant operation, change in feedstock quality, etc.) and how their performance is
influenced from them are suggested as a follow-up study.

5. Microbial electrosynthesis
Among the main conclusions in Chapter 4 was the large contribution of hydrogen production to the
economic feasibility of a power-to-fuel concept. The development of microorganisms that use as
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catalyst can directly convert the CO, and water into advanced fuels and chemicals under electrical
current is a very promising concept. The development of the process simulation and economic
evaluation of such systems in large scale will be a starting point for the comparison of the
thermochemical routes based on CO; hydrogenation, that were investigated in Thesis.

6. Hot & dry gas cleaning methods

As it was revealed in Chapter 6, the gas cleaning and conditioning section has a considerable
contribution to the investment and operational cost, in a thermochemical based biorefinery. Novel
techniques based on hot and dry gas cleaning methods are expected to offer several benefits in the plant
performance such the heat and power reduction, the size reduction and better by-products management.
A techno-economic investigation on different gas cleaning methods would slow the potential
enhancement in the feasibility of a thermochemical plant, biomass or coal based.

7. Syngas fermentation

On the one hand, in biosyngas (thermochemical) pathways, total C is transformed into gaseous
species (CO, CO,, etc) but only CO practically takes part in the synthesis of the final product. On the
other hand, in biochemical routes, only carbon in sugars (cellulosic biomass) is available for the final
alcohol (ethanol/butanol) synthesis but with perfect selectivity. Syngas fermentation combines these
two features in one: according to this microbial concept, specific microorganisms are used for syngas
conversion into fuels and chemicals. The modeling of this concept using process simulation tools will
determine the prospective for industrial implementation and will compare it with the bio-based routes
that were investigated in this Thesis, in terms of economic feasibility.

8. Life Cycle Assessment (LCA)

The environmental impact of the energy systems examined in this Thesis should be investigated
performing the corresponding LCA. In these analyses the real CO, emissions that are avoided or
indirectly produced will be estimated.
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A. Supplementary Data related to cost equipment estimation in Chapter 7
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Gasifier

Tar Reformer  Ammonia Scrubber

Bun)
LO-CAT
. Design . New Base Cost Scaling Purchased Installation Total installed

# Equipment name Base Units stream © Year factor  Cost/unit (€) ! factor  Scaled Cost (€) 2 Ref.

1 Handling & Drying 65 biomass wet kg/s 10 14,244,130 2009  0.77 3,782,514 2.47 9,342,810 [348]

2 Gasifier 11.583 kals 25 2,419,775 2003 0.7 1,205,310 2 8,394,265 [349]

3 Particle filters 12.1 m3/s gas 2.69 1,900,000 2002 0.65 1,058,481 2 2,116,961 [350]

4 Tar reformer 338 Nm?¥/s 13.91 2,340,500 2001 0.7 1,867,501 2.47 4,612,727 [184]

5  water scrubber 0.056 md/s 0.681 169,178 2010 0.6 809,086 2.47 3,729,227 [182]

6  Rectisol for H2S removal 1,473,509 247 3,639,567 [129, 136]
7  Rectisol for CO2 removal 1,557,416 247 3,846,816 [129, 136]
8  Water—gas-shift reactor 58.33 kals 94 472,045 2010 0.8 116,486 247 287,720 [182]

9  Auto-thermal Reformer 119.6 standard m%/s output 7.64 9,481,822 2009 0.67 1,685,076 247 4,162,137 [351]
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10  Air separation Unit 21.285 O, produced (kg/s) 3.78 16,356,275 2006 0.5 8,081,068 2.47 19,960,239 [133]
11 LO-CAT 0.065 kgls 0.03 755,000 2002 0.65 653,146 2.47 1,613,270 [330]
12 Slurry phase FT reactor 19.822 S m3/s 19.45 3,209,514 2003 0.72 4,612,472 2.47 11,392,807 [130]
13 PSA unit 0.294 kmol/s purge gas 0.01 1,668,947 2003  0.74 151,751 2.47 374,825 [130]
14  PSA purge gas compressor 10 MWe power 0.01 1,476,377 2003 0.67 13,364 247 33,008 [130]
15 Hydroprocessing unit 4.10E-03 m3/s 3.10E-04 22,650,000 2005 0.65 5,229,072 2.47 12,915,809 [258]
16 Waste Water Treatment 109.194 kg/s water input 5 15,366,543 2010 1.05 695,281 247 1,717,344 [135]
17 Distillation Column 1 2002 2,353 2.47 5,813 [129]
18 Distillation Column 2 2002 2,987 2.47 7,378 [129]
19 Distillation Column 3 2002 18,102 2.47 44,712 [129]
20  Flash tank/drum 1 kgls 0.97 2000 0.8005 1,078 2.47 2,662 [136]
21 Flash tank/drum 2 kg/s 0.94 2000 0.8005 1,054 2.47 2,603 [136]
22 Flash tank/drum 3 kgls 0.76 2000 0.8005 887 2.47 2,192 [136]
23 Flash tank/drum 4 kg/s 0.17 2000 0.8005 266 2.47 657 [136]
24 Flash tank/drum 5 kg/s 0.03 2000 0.8005 61 2.47 151 [136]
25 Decanter 44 kgls 0.97 21,572 2002 0.6 3,240 2.47 8,003 [184]
26  Heat exchanger Network 355 MW 4551 14,708,745 2009 1 2,116,048 2.47 5,226,639 [352]
27  Cooling System 470 MW 17.47 20,080,972 2009 0.67 2,482,580 2.47 6,131,974 [132]
28  Gas turbine 266 GT Mwe 3.27 17,117,409 2003  0.75 920,254 2.47 2,273,027 [130]
29 HRSG + heat exchangers 355 MWth heat duty 7.26 12,593,522 2003 1 375,345 2.47 927,102 [130]
30 Steam cycle ? 136 ST gross Mwe 6.54 13,907,895 2003  0.67 2,651,406 2.47 6,548,972 [130]
31  Pumps 0.0417 m3/s 0.001 46,170 2010 0.33 13,095 2.47 32,345 [352]
* scaled in 2011€ TPEC 46,005,305 €

2 the number of pieces for each component is 1 except from Gasifier (4) and Water scrubber (2) TIC 109,353,762 €

% including condenser and steam turbine
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Cost Equipment for Thermochemical MOD-FT 864 T/day Mixed Alcohol Synthesis
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1 Handling and Drying 65 biomass wet kg/s 10 14,244,130 2009 0.77 3,782,514 2.47 9,342,810 [348]
2 Gasifier 1158 kgls 3 2,419,775 2003 0.7 1,205,310 2.00 8,394,265 [349]
3 Particle filters 12.1 mé/s gas 2.7 1,900,000 2002 0.65 1,061,001 2.00 2,122,002 [350]
4 Tar reformer 33.8 Nmé/s 13.91 2,340,500 2001 0.7 1,867,501 2.47 4,612,727 [184]
5  water scrubber 0.056 m3/s 0.68 169,178 2010 0.6 809,086 2.47 3,729,227 [182]
6  Rectisol for H,S removal 1,473,509 2.47 3,639,567 [129, 136]
7 Rectisol for CO, removal 2,755,451 2.47 6,805,963 [129, 136]
8  Water—gas-shift reactor 58.33 kals 9.4 472,045 2010 0.8 116,486 2.47 287,720 [182]
9  Autothermal reformer 119.6 standard m®/s output 13.71 9,481,822 2009 0.67 2,492,740 2.47 6,157,068 [351]
10 Air separation Unit 510.8333 O produced (kg/s) 90.73 16,356,275 2006 0.5 8,081,068 2.47 19,960,239 [133]
11 LO-CAT 0.065 kgls 0.03 755,000 2002 0.65 662,421 2.47 1,636,179 [330]
12 Mixed Alcohol Reactor 92 kg/s 17.98 5,825,554 2005 0.65 2,523,993 2.47 6,234,263 [184]
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13 Condensation* 92 kg/s 6.02 5,825,554 2005 0.65 1,239,677 2.47 3,062,002 [184]
14 Dehydration? 92 kgls 2.13 5,825,554 2005 0.65 631,231 2.47 1,559,140 [184]
15 Oligomerisation 100,602 2.47 248,488 [129]
16 Hydrogenation 838,353 2.47 5,565,872 [129]
17 PSA unit 0.294 kmol/s purge gas 0.03 1,668,947 2003 0.74 416,233 2.47 1,028,095 [130]
18 PSA compressor 10 MWe power 0 1,476,377 2003 0.67 1,443 2.47 3,565 [130]
19 Waste Water Treatment 109.1944  kg/s water input 5 15,366,543 2010 1.05 695,281 2.47 1,717,344 [135]
20 Distillation Column 1 2002 266,037 2.47 657,113 [129]
21 Distillation Column 2 2002 250,388 2.47 618,459 [129]
22 Distillation Column 3 2002 328,635 2.47 811,727 [129]
23 Distillation Column 4 2002 187,791 2.47 463,844 [129]
24 Flash tank/drum 1 kgls 17.98 2000 0.8005 11,144 2.47 27,526 [136]
25 Flash tank/drum 2 kg/s 3.95 2000  0.8005 3,316 2.47 8,191 [136]
26 Decanter 1 44 kgls 3.85 21,572 2002 0.6 7,401 2.47 18,281 [184]
27 Decanter 2 44 kg/s 6.02 21,572 2002 0.6 9,682 2.47 23,916 [184]
28 Decanter 3 44 kgls 1.95 21,572 2002 0.6 4,928 2.47 12,173 [184]
30 Heat exchanger Network 355 MW 66.03 14,708,745 2009 1 3,070,457 2.47 7,584,029 [352]
31 Cooling System 470 MW 33.38 20,080,972 2009 0.67 3,831,173 2.47 9,462,997 [132]
32 Gas turbine 266 GT MWe 25.1 17,117,409 2003 0.75 4,246,069 2.47 10,487,790 [130]
33 HRSG + heat exchangers 355 MWth heat duty 2217 12,593,522 2003 1 1,145,969 2.47 2,830,544 [130]
34  Steam cycle 3 136 ST gross MWe 8.71 13,907,895 2003 0.67 3,214,332 2.47 7,939,400 [130]
35 MAS Feed Compressor 10 MWe 7.21 1,723,968 2009 0.67 1,554,554 2.47 3,839,749 [352]
36 Pumps 0.042 m3/s gas 0.01 46,170 2010 0.33 24,737 2.47 61,101 [352]
Lgcaled in 2011€ TPEC 55,012,238 €
2 the number of pieces for each component is 1 except from Gasifier (4) and Water scrubber (2), Hydrogenation (3) TIC 130,953,375 €

% including condenser and steam turhine
4 the equipment cost of this reactor is estimated assuming its similarity with the MAS reactor (predominantly because of the high pressure operation, plug flow regime and type
of reactants used).
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Cost Equipment for Thermochemical Mod-MeOH 864 T/day Mixed Alcohol Synthesis
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Biomass Handling and [348]
1 Drying 65 biomass wet kg/s 10 14,244,130 2009 0.77 3,782,514 247 9,342,810
2 Gasifier 1000.8 Metric t/day 216 2,419,775 2003 0.7 1,205,310 2.00 8,394,265 [349]
3 Particle filters 12.1 m3/s gas 2.74 1,900,000 2002 0.65 1,070,219 2.00 2,140,437 [350]
4 Tar reformer 33.8 Nm3/s 13.91 2,340,500 2001 0.7 1,867,501 2.47 4,612,727 [184]
5 water scrubber 0.056 m3/s gas 0.68 169,178 2010 0.6 809,086 2.47 3,729,227 [182]
6 Rectisol for H2S removal 1,473,509 2.47 3,639,567 [129, 136]
7 Rectisol for CO2 removal 3,058,059 2.47 7,553,406 [129, 136]
8 Water—gas-shift reactor 58.33 kgls 9.4 472,045 2010 0.8 116,486 2.47 287,720 [182]
9 Auto-thermal reformer 119.6 STD m¥/s output  35.1 9,481,822 2009 0.67 4,680,255 2.47 11,560,230 [351]
10 Air separation Unit 21.28472 O prod. (kg/s) 3.78 16,356,275 2006 0.5 8,081,068 2.47 19,960,239 [133]
11 LO-CAT 5.983796 Ib/h 2.68 755,000 2002 0.65 662,421 2.47 1,636,179 [330]
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12 Mixed Alcohol Reactor 8,439 kgls 1,902 5,825,554 2005 0.65 2,767,014 2.47 6,834,525 [184]
13 Condensation® 8,439 kgls 42576 5825554 2005 065 1,045,841 2.47 2583208  [184]
14 Dehydration* 8,439 kgls 204.93 5,825,554 2005 0.65 650,205 2.47 1,606,006 [184]
15 Oligomerisation 78,246 2.47 360,652 [129]
16 Hydrogenation 290,629 2.47 1,929,502 [129]
17 PSA unit 0.294 kmol/s purge gas  0.01 1,668,947 2003 0.74 125,962 2.47 311,125 [130]
18 PSA compressor 10 MWe compressor 0 1,476,377 2003 0.67 1,137 2.47 2,809 [130]
19 Waste Water Treatment 109.2 kg/s water input 5 15,366,543 2010 1.05 695,281 2.47 1,717,344 [135]
20 Distillation Column 1 2002 297,336 2.47 734,420 [129]
21 Distillation Column 2 2002 234,739 2.47 579,805 [129]
22 Distillation Column 3 2002 179,967 2.47 444,517 [129]
23 Flash tank/drum 1 kgls 19.18 2000 0.8 11,737 2.47 28,990 [136]
24 Flash tank/drum 2 kgls 3.91 2000 0.8 3,288 2.47 8,122 [136]
25 Decanter 1 4,042 kgls 357.34 21572 2002 0.6 7,450 2.47 18,402 [184]
26 Decanter 2 4,042 kgls 425.76 21572 2002 0.6 8,276 2.47 20,442 [184]
27 Decanter 3 4,042 kgls 204.93 21,572 2002 0.6 5,337 2.47 13,182 [184]
28 Heat exchanger Network 355 MW 28.03 14,708,745 2009 1 1,303,533 2.47 3,219,727 [352]
29 Cooling System 470 MW 38.41 20,080,972 2009 0.67 4,208,664 2.47 10,395,400  [132]
30 Gas turbine 266 GT Mwe 22.61 17,117,409 2003 0.75 3,926,180 2.47 9,697,663 [130]
31 HRSG + heat exchangers 355 MWth heatduty ~ 14.24 12,593,522 2003 1 736,179 2.47 1,818,361 [130]
32 Steam cycle 3 136 ST gross Mwe 5.86 13,907,895 2003 0.67 2,465,707 2.47 6,090,297 [130]
33 MAS Feed Compressor 10 MW 15.18 1,723,968 2009 0.67 2,558,891 2.47 6,320,460 [352]
34 Pumps 0.0417  m3/s 4.20-10* 46,170 2010 0.33 9,265 2.47 22,885 [352]
Lscaled in 2011€ TPEC 53,501,811 €

2 the number of pieces for each component is 1 except from Gasifier (4), Water scrubber (2), Oligomerisation (2) and Hydrogenation (3)  TIC 127,614,671 €

% including condenser and steam turbine

4 the equipment cost of this reactor is estimated assuming its similarity with the MAS reactor (predominantly because of the high pressure operation, plug flow regime and type of
reactants used).
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1 Handling and Drying 65 biomass wet kg/s 23 14,244,130 2009 0.77 7,218,685 2.47 17,830,151 [348]

2 Gasifier 1158  MetricT/day 3 2,419,775 2003 0.7 1,335,178 2.00 17,352,020 [349]

3 Particle filters 121 m3/s gas 6.33 1,900,000 2002 0.65 1,846,656 2.00 3,693,312 [350]

4  Tar reformer 33.8 Nm3/s 3474 2,340,500 2001 0.7 3,544,170 2.47 8,754,100 [184]

5 water scrubber 0.06 m3/s gas 0.62 169,178 2010 0.6 766,885 2.47 8,063,070 [182]

6  Rectisol for H2S removal 2,339,218 2.47 5,777,869 [129, 136]
7 Rectisol for CO2 removal 6,765,459 2.47 16,710,685 [129, 136]
8  Water—gas-shift reactor 58.33  kgls 26.59 472,045 2010 0.8 267,745 2.47 661,330 [182]

9  Auto-thermal reformer 119.6  STD md¥/s output 67.28 9,481,822 2009 0.67 7,237,264 2.47 17,876,041 [351]

10  Air separation Unit 21.28  Oyproduced (kg/s) 12.14 16,356,275 2006 0.5 14,478,772 2.47 35,762,566 [133]
11 LO-CAT 0.07 Ib/h 0.05 755,000 2002 0.65 966,266 2.47 2,386,677 [330]

12 Mixed Alcohol Reactor 92 kg/s 4464 5825554 2005 0.65 4,558,692 2.47 11,259,970 [184]
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13  Condensation* 92 kg/s 10.7 5825554 2005 0.65 1,801,181 2.47 4,448,917 [184]
14  Dehydration® 92 kgls 5.15 5,825,554 2005 0.65 1,119,950 2.47 2,766,277 [184]
15  Oligomerisation 268,273 2.47 1,781,079 [129]
16  Hydrogenation 288,394 2.47 4,104,600 [129]
17 PSA unit 0.29 kmol/s purge gas  0.03 1,668,947 2003 0.74 501,068 2.47 1,237,638 [130]
18 PSA compressor 10 MWe compressor 0 1,476,377 2003 0.67 5,561 2.47 13,736 [130]
19  Waste Water Treatment 109.19  kg/s water input 11.88 15,366,543 2010 1.05 1,590,589 2.47 3,928,756 [135]
20 Distillation Column 1 2002 485,127 2.47 1,198,264 [129]
21 Distillation Column 2 2002 312,985 2.47 773,074 [129]
22 Distillation Column 3 2002 266,037 2.47 657,113 [129]
23 Flash tank/drum 1 kg/s 44.64 2000 0.8005 23,080 2.47 57,008 [136]
24 Flash tank/drum 2 kgls 9.03 2000 0.8005 6,423 2.47 15,864 [136]
25  Decanter 1 44 kg/s 898 21572 2002 0.6 12,305 2.47 30,393 [184]
26  Decanter 2 44 kgls 10.7 21,572 2002 0.6 13,669 2.47 33,764 [184]
27 Decanter 3 44 kg/s 515 21,572 2002 0.6 8,816 2.47 21,775 [184]
28 Heat exchanger Network 355 MW 265.14 14,708,745 2009 1 12,328,298 2.47 30,450,895 [352]
29  Cooling System 470 MW 3467 20,080,972 2009 0.67 3,929,363 2.47 9,705,526 [132]
30 Gas turbine 266 GT Mwe 17.97 17,117,409 2003 0.75 3,305,294 2.47 8,164,077 [130]
31 HRSG + heat exchangers 355 MWth heat duty 33.14 12,593,522 2003 1 1,713,069 2.47 4,231,280 [130]
32 Steamcycle 3 136 ST gross MWe 1361 13,907,895 2003 0.67 4,335,155 2.47 10,707,832 [130]
33 MAS Feed Compressor 10 MW 14.94 1,723,968 2009 0.67 2,531,904 247 6,253,804 [352]
34  Pumps 0.042 m3/s 0.01 46,170 2010 0.33 25,661 2.47 63,382 [352]
TPEC 100,877,886 €
TIC 236,772,844 €

Lscaled in 2011€

2 the number of pieces for each component is 1 except from Gasifier (8), Water scrubber (5), Oligomerisation (3) and Hydrogenation (7)

% including condenser and steam turbine

4 The equipment cost of this reactor is estimated assuming its similarity with the MAS reactor (predominantly because of the high pressure operation, plug flow

regime and type of reactants used).
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Cost Equipment for Biochemical - BioEthanol Fermentation 2000T/Day Upgrading Area
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H
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\ light olefins
/4 ] ==
. Dehydrati
Jet fuel Hydrogenation Oligomerization ehvdration
Design Scaling Base Cost Purchased Installation Total installed Ref

# Equipment name Base  Units New stream factor € Year Cost/unit (€)! factor Scaled Cost (€)? '
1 Condensation® 92 kgls 23.87 0.65 7,715,966 2005 3,416,453 2.47 6,371,172 [184]
2 Dehydration® 92 kg/s 5.84 0.65 7715966 2005 1,367,614 2.47 2,550,396 [184]
3 Oligomerisation 279,451 2.47 1,855,291 [129]
4 Hydrogenation 301,807 2.47 4,844,039 [129]
5  Distillation Column 1 2002 1,450,925 2.47 2,705,758 [129]
6  Distillation Column 2 2002 352,368 2.47 657,113 [129]
7  Decanter 1 44 kgls 23.87 0.6 21,572 2002 22,124 2.47 54,645 [184]
8  Decanter 2 44 kg/s 5.81 0.6 21,572 2002 7,055 2.47 17,425 [184]

Heat exchanger [352]
9 Network 355 MW 37.63 1.0 19,481,781 2009 2,317,622 2.47 4,322,018
10  Pumps 0.042 m3s 0.01 0.33 46,170 2010 27,166 2.47 67,101 [352]

Lscaled in 2011€ TPEC 10,032,417€
> the number of pieces for each component is 1 except from Oligomerisation (3) and Hydrogenation (8) TIC 23,444,956€

} the equipment cost of this reactor is estimated assuming its similarity with the MAS reactor (predominantly because of the high
pressure operation, plug flow regime and type of reactants used).
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ethanol

Annex

Hz Guerbet
purchased Reactor
Ethanol from
gasoline fermentation
branched
paraffins
. _ s \ light olefins N-butanol from
(ED)——0 37 g montatio
. - /‘ Dehvaration fermentation
Jet fuel Hydrogenation Oligomerization
Design New Scaling Base Cost Scaled Cost  Installatio Total installed
#  Equipment name Base Units stream factor (© Year unit (€) * n factor Scaled Cost (€) 2 Ref.
1 Condensation® 92 kals 2.56 0.65 5,825,554 2005 710,439 2.47 1,754,785 [184]
2 Dehydration® 92 kals 4.68 0.65 5,825,554 2005 1,052,254 2.47 2,599,068 [184]
3 Oligomerisation 245,917 2.47 1,632,656 [129]
4 Hydrogenation 281,687 247 4,009,144 [129]
5  Distillation Column 1 2002 281,687 2.47 695,766 [129]
6  Distillation Column 2 2002 250,388 2.47 618,459 [129]
7  Decanter 1 44 kg/s 2.56 0.6 21,572 2002 5,792 2.47 14,305 [184]
8  Decanter 2 44 kg/s 4.68 0.6 21,572 2002 8,323 2.47 20,557 [184]
Heat exchanger

9  Network 355 MW 4.00 1.0 14,708,745 2009 185,869 2.47 459,095 [352]
10 Pumps 150 m3/h 20.11 0.33 46,170 2010 25,297 2.47 62,484 [352]
L scaled in 2011€ TPEC 5,229,607 €

2 the number of pieces for each component is 1 except from Oligomerisation (3) and Hydrogenation (7) TIC 11,866,320 €

3 the equipment cost of this reactor is estimated assuming its similarity with the MAS reactor (predominantly because of

the high pressure operation, plug flow regime and type of reactants used).
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1. Evoayoy

1.1 H oavoykoldtnTto Yo PETOKIVIIGY 7TPOg £vo. EVEPYELOKO OCUOTNNO ME YOUNAES
ekmoumég avlpaka

Amd v avyn g Blopunyavikie Eravdctaong, n Evépyelo Oempeitor og éva amd ta. onuavtikotepa
ayafd yio v emPioon kot eEEMEN TV avOpOTIVEOV KOWVOVIGDV, TOGO 6TOV AVOTTUYLEVO OGO KOl GTOV
Avomtvecoopevo Koopo. O ovyypovog avBpmmvog moMTiouds opeilel ToAAG oty vmopén Tov
OPLKT®V Kooipmv (dvBpakag, meTpédato Kot puokd aéplo). Ewdikd ta televtaio ypovia, 1 T Tov
TETPELAIOV GUVOEETOL APPNKTOL LE TIG EKACTOTE YEMTOMTIKES eEEMIEELS, KupimG YOP® Ao TNV TTEPLOYN
™¢ Méong Avatoing (Ewéve 109).
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Ewoéva 109. Xpovikn Stoxdpoven g TG Tov apyod TETPELion Kat 1) ToyKOGHLO TOpOY®YN TO TEAEVTOI
50 xpovia [1, 2]

O1 JopK®dg avEAVOUEVES EVEPYEIOKEG AMALTHOES o€ maykooue Kilpaka Oempovvian éva amd to
ONUOVTIKOTEPO (MTAUOTO TIOL TPEMEL Vo, O1evfetnBody Ge GUVTOHO YPOVIKO SLUCTNUO. TPOTOL N
KOTAGTOOT YIVEL Un 0vOSTPEYUY. ZOUPOVE e TIG TpoPAEWELS TG Apepucdvikng Yrnpeoiog Evépyetlag
(EIA), 6Xot o1 TOTO1 0pLKTGOV Kowoipwmy avapévetat va avéndodv katd 10% 1o 2040 [4] eve, eneidn ot
TOGOTNTEG AVTMV OgV gival ameplOPloTeS, omd T0 2042 kot émg 1o 2112 povo avBpaxag Oa £xet amopeivet
1pog d1abeon kat ypnon [3].

‘Eva. dAho {qtnua mov oyetiletol pe To opuKTd Koo Kol amacyorel Ty avOpmmotnTo gival ot
TEPIPAALOVTIKEG EMTTOGELS A TV Kawon ovtdv. Ot ekmounég do&ediov Tov avBpaka (CO2) Exovv
avénOel katd 3.9% ta tedevtaio 200 ypdvio oe oxEon Ue TOV PLGIKO KOKAO TOV avOpaxa, e€attiog T
avOpdmvng dpactmpiotntag [5]. Mo tepdotia culitnon éxetl Egomdoetl ta tehgvtaio xpdvia yio To
kot moéoo ovtég ot ovOpomoyeveic exmouméc cupPdiiovv oto Agyopevo «DovOUEVO  TOL
Ogppoknmiovy [6].

Yopemva pe to Aebvég Iaved Khpotikng AAdayng (IPCC), av dev mapBodv péTpa yio T OpacTIKY
peiwon avtav, n ovykévipoon tov CO. oty atpoceapa Ba avérbel ota 570 ppm émg To 2100,
TpoKoA®VTOG TNV avénon g puéong Bepuokpacioc e atudcealpag kotd 1.9 °C pe KotaoTpopikég
OVVETELEG Y1 TOVG LmVvTavoDg opyavicpovs tov ITAavim pog. [7].
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Ewéva 110. [Taykoopeg exmounés droéewdiov tov  Ewkéva 111. Exmounég dio&eidiov tov dvBpako ava
GvOpaxa amd TNV ¥pNon TV KuptotEP®Y 0pLKTOY  Topéa to 2011 [8]
Kowoipov ord to 1970 [8]

1.2 Zrpatnyikéc Yo £va evepyeloko cOotnua pe yopniéc ekmopuméc avopaxa

Y76 avtd to mpioua, N EE €xel Bécel oe vymAn mpotepadTNTO TNV AVATTLEN TEYVOLOYIKDV AVGEDV
oV va givol PLOCIUES OIKOVOMIKE KO TEYVIKA EQIKTEG Y10 TNV «OTOOECUEVCT TMV EVEPYELKDV
CLOTNUATOV TOL PEALOVTOG amd Tov avOpoaka. [Tapdiinia, n EE mposPrénel oty dowcpdiion g
EVEPYELOKNG OLGQPALELOG THG NTEIPOV, GE GLVOVOOUO LE TNV TPAYUATOTOINOT TV 6TOX®V ToL Strategic
Energy Technology Plan (SET-Plan) kot tng oyetikng evepyelokng vopobeoiog (odnyieg yia AITE ko
déopevon COy).

Av kot 1 vioBéon kot avarntuén tov Avavedoswov Inyav Evépysiag (ATIE) deiyvel va givor pia
Biooyn emAoyn TPog avTy TNV KOTELOLVGN, VIAPYOVY UEPIKE LEIOVEKTAUATO TOL gUmodilovv v
vAomoinon avtfg ¢ tpoontikng. 'Eva amd avtd sivor n avénuévn tip] K66ToVg NG MAEKTPIKNG
KILOBoTMPOC YEYOVOC IOV TIG KAVOLV AYOTEPO OVTAYMVIGTIKEG artd ToVg Bepikodg 6Tadpobe dvipaka
Kot TupnvIKoDS. Agdtepov, £va NAEKTPLKO diKTLO dev pmopel va eEaptnBel amorieiotikd and tig AIIE
AOY® NG OTOYOOTIKNG KOl PN TPOPAETOUEVNG TOPOYWYNG EVEPYEWNS OO OVTO KOL Ol OTOTOLES
OVEOUEIDGELG TOV POPTIOV ATOITOVY Vo, GOOTNUO, e LeYAAN gvediéia. o va dtuceatotel, Aomdv, 1
oT1afepdTNTA OTNV TAPOYY| TNG NAEKTPIKNG EVEPYELNS GTO dikTLO Kol AapPdvovtag voyn Ot Yo TV
Mpa o1 TEYVOLOYieg amobnKevong EVEPYELNG dEV EIVOL OTKOVOLUIKG EAKVOTIKEG, Ol Oepuikol otadpol Oa
eEaxoAovBovv va Exovv Tr pepida Tov AEovTog oty ToyKOo UL NAeKTpoTapay@yn. Emmiéov, ) d1ebvng
KOwOTNTo Ogv €ival TPOETOUAGUEVT Yo Lo ETOYN «Y®pig dvOpaka». Extog amd v katavdiwon
gvépyelog, o avbpakoag gival Eva avavTIKOTAGTATO GVOTUTIKO OTd TO 0010 TPOKVTTEL [0 TEPACTIO
YKAPO VAIKOV pE avapiBunTeg xpnoelg Kot EQpUpPUOYES (TAAGTIKA, pOvYQ, XPOHOTA, YOAVPAC, KTA). ATO
TN pia pepid, onAadn, n ypnon avopaka omd opukTd Koot 0o mpémnet va, uetmbel dpactikd alid, amd
™V GAAN M KoOnuepvotnTa dev umopei va ameéaptndel omd avtov og piKpd ¥PoviKo S1AcTnua.

Avapeca otig Kabapéc Teyxvoloyiec AvOpoka mov oyetiCovrtal ue tn peioon tov Agpiov Tov
Oeppoknmiov givar N avamTvén TEYVIKOV TOL aWEGVOLY TNV anddooT TOV CTOOU®Y KOl 1 YpNon
TPOENPALEVOL AYVITI OTIG TEPMTMCELG LLE YOUNANG TO10TNTAG KOOSO, 00N YDVTAS G€ pia vENGT) TOV
Babuov amddoong amd 4 £mg 6% [13-15]. Av kot avtég o1 emAoYEC eivar dabéotuec, o€ Plopunyavikn
KAMpoKa £Xouv TEPLOPIGUEVT EMOPOOT 0T OpacTiKh peimon Tov ekmopndv CO,.

Ov tpeic Poactkéc oTpOTNYIKEG Yoo TN OpPOoTIKY ueimon Tov Agpiov tov Ogpuoknmiov omd
avOpomoyeveig Tnyég eivon Aéopevon kot Arobrkevon CO; (CCS), n Aéopevon kot Erava&loroinon
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tov CO; (CCU) ka1 to. svotiuato mov Bocifovtar otn ypnon Propdlog mpoc aviikatdotasn TV
GTEPEDV KOVGIL®V.

1.2.1 Aéouevon kat AmoOnkevon CO;

Sougova pe to Xevdplo g Mmhe Xaptog (Blue Map Scenario) tov AeBvoig Opyaviopod Evépyeiag
(IEA), n Aéopevon kar Amobnkevon CO; avapévetar va maigel kaBopiotikd poAo yio v enitevén Tov
o10y0v TV 2°C cvvelspépovtag pe 8.2 Gt deoucvduevon CO; [16]. O Paocikég emroyéc yia ThyV
amoffkevon tov CO; givan eite 1 omdBeon oV KAT® OmMd TOLVG MOKEAVOVG, €iTE O YEOAOYIKA
dapopeopéves deopevéc | oty avaktnon TeTpelaiov kot euoikob aepiov (EOR and EGR) ywa v
avénomn g emidoong e£opvéng. To peyorvtepo €pyo décpevong CO2 61OV KOGUO OVOUEVETOL VO
Eexwvnoet ota téAn tov 2016 oto TéEag, dmov 4766 tovor Ba dwywpilovrar amd kavcoaépla Kot Ba
amofnkevovtol nuepnoing [18]. Encdn o dwympiopog COz dev apopd poévo v mepintmon g
arofnkevon aidd Pplokel yprion kot oe dAleg Propunyavikés eQapuroyés, 1 e&étaon £xel mOALUTAD
EVOLLPEPOV TOGO Yo TNV TPOGTAcio Tov TEPPAAAOVTOC 660 Kot yio TN Peitioon Bropnyovikdv
SlEPYOOIDV.

1.2.1.1 Aéouevon CO2 amd arobuc Dvoixod Agpiov

Ot Mo OVTITPOCHOTEVTIKES TEYVOAOYIEG YU aVTH TNV TEPITTOOT €lval 1 YNUKN amoppOeNon HECH
apwvov Tomov MEA yio petd-kovon décuevon kot MDEA yia mpo-kadon 6éouevon [19]. Av kou n
petd-kovong déopevon odnyet o€ yaunAdtepo kd6otog niektpiopod (COE), n mpo-kadong déopevon
TPOCPEPEL TN LOVASIKY duvatdtnTa TG cvpmapoyyng He kot ioyvoc. e po peEALOVTIKY otkovopio
7ov Ba Paciletar otV TEPLOPIGUEVT ¥ p1ioN AvOpaKa, To VOPOYOVO Ba ival amd TOVE GNUAVTIKOTEPOLS
EVEPYELOKOVG OEIKTEG e TOALOTAES EQUPLOYES, €T OC KAVOIUO MG £XEL, €ITE MG CLGTATIKO YOl TNV
Topoyyn GAA@V Tpoidoviov/kavcipov. ' avtd 1o Adyo ailel n mepetaipw diepedhivnomn TéTolmv
GUGTNUATOV.

Avépeoa otig teyvoloyieg mpo kavong, ot ueuPpdveg mariadiov (Pd) 7 kpduato ue Pdon ovtod
Bewpovvral pia ToAAE vtooyopevT emthoyn. To factkd Tovg TpoTépna eival 1 SuvatdTNTO TAPAY®YNS
EVOG LYNANG TEPLEKTIKOTNTOS PEVLATOS VOPOYOVOL GE €val Leyaho 0pog Beppokpacidv. Ot pepppaveg
aUTEG Eival YVOOTEG Kot EQapuolovial €ite MG doYMPIGTEC VOPOYOHVOL OO PEVLLO, TTOV TEPLEYEL AVTO M
o€ aVTIOPaoTNPEG e pepPpdveg tadiadiov. H epappoyn avthg g texvoroyiag o Guvovacévo KHkAo
@uokob aepiov dev Exel e&eTooTel EMG TOPO.

1.2.1.2 Aéouevon CO; and Aifavlpaxiko arabuo

To {fmua g déopevong CO2 amd Oepuikodg oTadpods 6TEPE®Y 0PLKTMOV KAVGIH®OV £yl ueretnel
O1eEodkd ta Televtaio YpovVIa. ZVYKEKPLUEVO TPELS O0aKTOPKEG daTpIPéc €xovv ekmovnOel €wg
onuepa oto Epyactiplo Atpomapoynydv kot Agpntov tov EBvikov Metadfiov TTodvteyveiov mhvo
otV g&étaon texvikmv déapevong CO» gite Yo petd-kadong décopevon, kavor pe kabapd o&uyovo
[21, 22] ko po déopevong [23]. Topewva pe v IEA [24] kot o Epguvnticd Tpoypappo CAL-MOD
[25], n Texvoroyio Tov KOKAOL aoBEcTion TaPOVGLALEL KOADTEPA YOPUKTNPLOTIKA ad OVTES THG KOHONG
pe 0&LYOVO Kot 0UTH TV OUIVAV 0G0V apopd otov kabapd Babpd amdd0ong Kot T0 KOGTOG AmTOPUYNG
CO..

1.2.2 Aéouevon CO; kat emavayxpnoLuomoinon

To evalhaktikd oy€d10 yia T dayeipion tov deopgvopevov CO; givor 1 peTaTpon| TOL 6€ KATOL0
avaTtepng TodtnTag Kavolo. H vdpoyovaon tov CO. mpog oynuatiopnd pebaviov e€etdletan amod Tic
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apyég Tov 20°° auwva. To kuprotepa TAcovekTporo ™G 10€ag Tov Power to Gas (PtG) eivan 1 vynin
amOoONKELTIKY IKOVOTNTO GE GYEGT] LE TO VIPOYOVO, 1| VYNAY evepyetaky Tukvotnto. (~40 MI/m?) ko n
VOIGTAUEVT) VITOSOT OIKTVOV Yo T dtavopr] Tov Tapaydpevov pebaviov. Opms, 1o k6GTOg Tapay®YNS
elvat apketd LYNAO (5-6 Popég oe oxéon e 10 O.A.) AOY® TOL LYNAOD KOGTOVG TAPAYDYNG VOPOYHVOL
UE Evav PLOCIIO Kol «EVOALOKTIKO» TPOTO (ATOAAQYUEVO OO OPVKTE KOVGILO OTMG TOPAYETAL OVTH
™ otrypn) To 90% tov vépoydvoL maykoouime). ' avtd Kot To EpeLVNTIKG EVOLAPEPOV EYEL OTPOQEL TOL
TEAEVTOIO YPOVIOL OTNV TOPUY®YN GAA®V KOLGIH®Y, 0Tmg M uebavodn, mov amattel Aryodtepa, uopia
vdpoyovov ava Mol mapayopevov kavoipov. Idaitepn éueoon divetoan oto va mpoopiletor M
mapayopevn peBavoin yia ypron o€ HETOPOPIKE Oy LLOTA.

1.2.3  Xprion Bloudlag mpog avTIKATAGTACH TWV 0PUKTWV KQUGIUWY

Onog avaeépbnie kol mopomavm, 1 eApTnon Tov cOYYPOVOD «AVOTTUYUEVOL» TOAITIGUOD GTO
TPOIOVTA KOl GTN XPNON TOV OPLKTIMV KALGinwv eivatr Tohd peydin. H evépysia mov Paciletar ot
xpnon Bropdlas (Broevépyeia) avapévetor va ToiEel GNUOVTIKO POLO GTNV EMITEVEN TOV GTOXMV Y10, TN
ueimon Tov agpiov tov Bepuoknmiov, kaAvmtoviag wepimov 10 11% TOV GUVOMK®OV EVEPYELONKMOV
katavaidcewv oty Evponn. [Hopoia avtd, apketd Prpota Bo mpémer va yivouv axopo yuo v
TPOOONGCT T®V EVOAAIKTIKOV KOVGI®OY KoL TPONYUEVOV BLOKOVGIU®Y MOTE QVTA VO, PTAGOVYV GE U0
eumopikn kAipoko [11].

O 06pog «PLodAGTNPLO» AVAPEPETHL GE EKEIVO TO EVEPYELOKO GVOTN A TO 0Ttoi{o Ypnotonotel fropdala
cav TpOT VAN Propdlo yio T HETOTPOMN TG GE TOAVTIHO KOG, Beppotnta kol nAEKTPIoHO 1
ANUIKA TtpoiovTa. To Técoepa KPITHpLa Yio TV KOTIyoplomoinon evog TET0100 GUGTHUATOG ival: o) TO
€100¢ TG TPOTNG VANG, B) N TAOTOOPUO LETATPOTNG, Y) TO £I00G TG dlEPYNTiag Yo Tn SIOUOPP®GT TOV
TeEAMKOD emBupunTod TPoidvTog Kot ) To TEMKO TPoidv Kol 1 Hopen Tov. Mepikés and T yMIKES
EVAOOELS TOL TOPAYOVTAL KOTO KOPOV GTO, TEPIGGOTEPO PLodWALGTIPIL CTUEPD EIVOAL Ol AVDTEPES
aAKOOAEC. Mg TOV Opo avTd Vv E TIG AAKOOAEG pE aplOpud atdoumv avOpaka peyaddtepo tov 2 (C2+)
LE XOPOKTNPIOTIKOTEPN TNV oBavoAn, pe 23430 exatoppvpia gal to 2013 maykooping [28]. Moévo to
5% g mayKOGUIOG Tapay®yYNG Tpoépyetar amd emefepyacio metpedaiov (cvvletikd) [27, 29]. H
Bpaliiia kot ov HITA eivar o1 kopuoeaieg xdpeg oty mopaywyn ProaiBavodng, £xovtag g mpdTn VAN
o Coyapdtevtia kot to kKahaumokl, ovtiotoyye [30]. H Pooiky teyvoloyio mapaymyng g
BroaiBavodng eivor n odkooAkny LOU®GN, LETATPETOVTOS TO KUTTOPIVIKO LEPOC TG 6TEPENC Propalag
oe a1favodn. H evorlhaktikr péBodog mov mpoteivetan o avtn T dtaTpiPn yiveror pécw BeppoynpiKmv
uebOdmV Kol GLYKEKPIUEVO LECH TNG cVUVOEGNC OAKOOAMVY 0md aéptlo cOvOeong (SyNgas) mpoepyouevo
an6 agpronoinon Propdlac. [oAd Aiyeg pehéteg emkevipdvovtatl otV Pedtiooon avtig g diepyaciog
OG0V aQopd TNV aHENGCT TNG EMAEKTIKOTNTOC GE AAKOOAES UE peYdAo apBud atopmv C.

1.3 Xkomdg TG ArdakTopikig Aratpipiig

Emypappaticd, o oKkondg g mopovcsag SatpiPng eivar 1 avantuén Kot 0 oyxedloopog TponyUEV®V
EVEPYELOKMDY GUOTNUATOV UE TPOCUVUTOMGO TNV GNUOVTIKY UEIDOT TOV EKTOUTOV O10EE16{10V TOV
avBpaka. Kt vy oty mpmtn evotnta eEnynbnke yloti mpémel va yivel  uetdfacm ce o evepyelakn
emoy” ov Ba Exel eEAAYIOTEG EKTOUTES, GTN OgVTEPT EVOTNTA TEOTKE TO TAMIGI0 GTO 0010 KIvohvTal oL
épeuveg yio. TNV vhomoinorn avtov. ‘Etotl, kabopilovtar tpeig mAat@dpuec/uépn Slepeuvnong téTolmy
oLOTNUATOV Kol  Olepyocidv, 1 Aéopevon ko Amobnkevon COz, m  Aéouevon kot
Eravoypnoyomoinon CO2 kot n mapoy@yn mponypévev kovoipoy agloroidvtog Bopdla.

210 TPMOTO PEPOC, e€eTAlETOL 1] SLVATOTNTO EQOPLOYNG TNG TEXVOLOYING TV HEPPpavadv ToAladiov 6g
GLVOLOGHEVO KOKAO PLGTKOD aePiov Kot 1) EEEPYELOKT AVAAVLGN TV TPIDV TTLO S10O0UEVOVY TEYVOLOYIDY
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déopevong oe MOavOpakikd oTtabpd. APevog oTny TPMTN EPAPLOYN, 1N £xovtoc diepevvnBel 1 10éa
0T 6TO TaPEABOV, EMYEPEITAL VO TPOGOIOPIGTOVY Ol GLVONKEG KOl O KOTAAANAOG GYESLOGUOG Yo
Bértiom Asttovpyio amd mhevpds amdooong oAAE Kot KOGTOVG NAEKTPOTAPAYMYNS. APETEPOV, GTN
0gvTEPT] AVAALOT) TOL TPMTOL PEPOLGS emyelpeitan va 000l amdvinon 6to €£Ng epdOTNUA: «TTO10 £100G
evépyelog eivarl TpotinoTepo va KatavarmBel yia ) déopevor COz amd MbavOpokikd otadusd; xouning
evBoimiog Beppdnra OIS GTN ¥NUKY OTOPPOPNOT LEGEH ALVAOV, VYNANG TOLOTNTOGS (NLUKT EVEPYEL
OMMG GTNV TEPINT®ON TOL KOKAOVL 0OPECTION 1| NAEKTPIKTY EVEPYELN/EPYO OTMOG OTNV TEPIMTMOOT TNG
Kavong pe kabapd o&uydvo;». Idwitepn Eupaon divetor otny moldtnta Tov TeEAKov pedpatog CO2 mov
wpoopileTar yoo copumieon, peta@opd Kot amodfkevor amd TAEVPAS TG GLYKEVTIPMOONS TV OTOLmV
GUGTOTIK®OV TEPLEYOVTOL GE AVTO.

To debtepo pépoc oyetiletar pe v avamtuén g devTEPNG GTPOUTNYIKNG Yo T Oloyeipton Tov
deopevopevov COz, avtn g enovaélonoinong Tov LEGM TNG TOPAYDYNS TPONYUEVOV KOVGIUMY TOV
poopilovtar Kupimg yio tov Topén Tov pécmv petapopdc. I cvykekpipéva, oty mepintmon g
mopoy®yng pebavoing amd COz kot v avaykn yio mepatépw Peltioon dote 1 10€a va yivel
OLKOVOUKG TO OVTOY®OVIOTIKY], oVOADOVTOL S16Q0opa TEYVOOIKOVOUIKO GEVAPLO KOl TOPUUETPIKES
dlepguvnoelg mote va Kofoptotovv ot mpobmobésels mov T BETovY GOV o OIKOVOULKG EAKLGTIKN
EMAOYT. XT0 0EVTEPO KEPAAOIO OWTOV TOL HEPOLE, TAPOVSIALOVTOL SLO VEN GLUGTHLOTO SIEPYUCIDY
vopoyovmong tov CO. mpog mapaywyn HeBovOANg Kol atBavoing pe PEATIOUEVA YOPOKTPIOTIKG GE
OYEOM UE TO «OVUPATIKO.

To tpito pépog oyetiCetar pe v avamtvén, oxedlacpd, LOVIEAOTOINGT) KOl OIKOVOLOTEYVIKT OVAAVOT)
evog Beppoynuikod Prodwiiotnpiov mov €xel og «Evoon-pacn» (chemical block) tig avdtepeg
OAKOOAEG. XTO MPMTO KEPAANLIO YIVETOL U0t OVOALTIKY TOPOLGINGT) TOV GUOTHUOTOS TOPOYWYNG
avVATEPOV OAKOOAMV KOl TG poviehomoleitol kdbe depyacia. Emiong, egetaletan m emidpaon
SPOP®V TOPAUETPOV GTN AELTOVPYIO TNG LOVASOC OGOV APOPE GTNV LLEYIGTOTOINGT TOV TOPAYOUEVOL
TPOTOVTOG KOl TNV EANYIOTONOINGT TOV OgpUIK®OV Kol NAEKTPIK®OV KOTOVOADGE®Y. XTO OgVTEPO
KeQAA10, YiveTon mepattépm euPabuvorn avtov Tov TPONYUEVOD GUGTHIATOG TPOG TV KaTeLBVVOT TG
TopOY®OYNG ovoPafCHEVOVY KOUGIH®Y Yio XpNoT GE OEPOTOPIKOVG KIVITNPES £XOVTOC G Pdon
ovvBeo|c Tovg avatepeg aAkooAes. 1o ouykekppéva, mapovctdloviol SVo TPOTOTLTO GYNLOTO Yol
TV TOpyOY Topoaevev ue Bdon mv aibovodn kot ™ Poutavodn, avtictoyo, KAvovtag ypnomn
SPOPETIKAOV TOTT®V KatoAvTtdv. Ta cvotipota avtd eEetdlovtal and evepyelokn oKOmA OAAL Kot
07T0 OTKOVOWIKT KOl GUYKPIVOVTOL UE TO OVTIGTOLYO, BLOyNUIKA.

H mapovoa dlatpiPr] emKevIp®VETAL GE KATO0 TPONYLEVO, KOl TPOTOTVTO EVEPYELOKA GLUOTILLOTO KO
o1 facikog 6TOYO1 IOV BETOVTOL ETKEVIPOVOVTOL GTO TOPUKATM:

o Yyedwoud VE®V KOl TPOTOTUI®V GUCTNUATOV Kol Kafopiopd TV mopauéTpov Yo BEATIOT
Aettovpyia
o Katovomeon g Aettovpyiog TV Slo@opmv SIEPYUCIDY KOl LOVAS®Y TV €V AOY® GLCTNUATOV
KoL TAG TO KAOe éva amd ot ETOPA GTN CLVOALKT ATOS0GT TNG EYKOUTAGTAGTNG
e  Extiunon k601ovg Kol TPoGdlopiopd TV TPoimobicemy yio va Yivouv To GUOTHUATO CVTA
OLKOVOUIKA 0 EAKVLGTIKG
o YUYKPLUTIKT aVAADOT| LE OVTIGTOLYEG TEYXVOAOYIES KOt KaOOPIoUO TV TTLO VITOGKOUEVDV TEXVIKDOV
Y10 TEPOLTEP® AVAAVOT GE LEYOAVTEPT] KAMLOKAL.
o  KaBopioud tov katevbivoemv mov Bo mpémel va TAPEL 1 LEAAOVTIKY] EPELVA Y10 TTEPULTEP®
BeATiOON TOV EVEPYELNKDY QLTOV GLGTNULATMV.
To Pacikd gpyareio Yo TIC VTOAOYIOTIKEC TPOGOUOIDGELS Eival TO gUmTOPkd Aoyiopkd tov ASPEN
Plus™.
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2. Epappoyn pepppovaov moilodiov Yo ofopevon Kot
amoOnkeven CO2 o¢ o10Bpd oVVOLOGUEVOL  KUKAOUL:
OLOKANPOUEVOS GYEOLIGNOS KUL TEYVOOLKOVOULKT] 0VAAVGT)

2.1 Evoaymyn

210 debtepo KepArlowo eEetdleTon M €pOpUOYN NG TEXVOAOYIOG HeUPpavodv ToAAadiov Yo
déopevon 01o&etdiov Tov dvBpaka og oTEONO TOL ¥PNCLOTOLEL WG KAVGIHLO TO PUGIKSO 0éplo, TOGO GE
TEYVIKO PEC® OEPLOSVVAUIKDY DTOAOYIGU®Y OGO KOl GE OIKOVOUIKS emtinedo. Ot peufpdveg marladiov
£YOUV TO OVTAYMVIGTIKO TAEOVEKTNLO Vo, givan dtomepatég and vdpoyovo, otav eppaviletal doupopd
OTN UEPIKT| TTEGT ALTOV LETOED TV dVO TTEPLOYDV eKOTEP®BEY TNG LeUPpavnc. Ot Bacikég diepyacieg
ov S€movtal To gv AdY® cvotnua pe décpevorn CO; mpo kavong ewovilovtal otny napakdto Eikéva

112:
Air | N, sweep gas
S ey
Natural gas Autotherma Retentate stream
—) :
reforming reac
x'/ _
CH,+H,0 > CO+3H, | steam rich—H, fuel

CO;
Flue gases

Ewéva 112. Adypappa pong dlepyacstdv Tov vrd e££T00T EVEPYELNKOD GUGTILOTOG

To @uowkd 0éplo €LGEPYETOL GTO GUGTNUO KOl OVOUOPPDVETOL GE ALTODEPUO KOTAAVTIKO
avVTIOPACTAPO TOPOLGIC ATV Kot Kadopod 0&uydvovn. X1 cuvEyELa, TO Tapoydiy 0éplo E1GEPYETAL OE
aVTIOPACTHPO LETOTOTIONG Y1d LeYIoToToinoT Tov Ho kot petatpomig tov povoéeldiov tov dvlpaka o
dro&eidro. [Mapdrinia, yivetar o daympiopdg tov Tapaydévioc vopoydvoy e pepPpdvec Toliadiov,
10 0010 amoTeAEL KOl TO TEAMKO KOOSO TOL 0dNYEiTaL 6TOV 0EPLOoTPOPIAo Yia kavon. To amattovpevo
0&uYOVo Y10 TOV aVTIOPUGTNPO TNG OVAUOPPOONG TOPAYETAL GE HOVASN SLOY®PICUOD OEPQ, EVA TO
mopoy0év AlwTto ¥PNOUOTOLEITOL O 0EPLO0 GAp®ANS TOV avaktnBévtog vdpoyovov. Ta amaéplo amd
TOV aeplooTPOPiio 0dnyovvtal 6To AEPNTa avaktnong BepuodTnTag Yo TEPUTEP®D NAEKTPOTAPAYMOYY|
UEC® NG TOPUY®YNG Kol EKTOVOONG VITEPOepOL atov. To vTolouto aéplo mov dgv dlamepva, TIg
pepppaveg amoteleitor Kupimg amd dto&eidio Tov dvBpaka kot odnyeitol oe KabupIGUO ,GVUTIEST Kot
amoffikevon COs..

H Beppoduvapkn avirloon mepiropfdvel  Pertiotonoinon 1660 tov 6xedl00H0H OGO Kol TOV
KaBoplopd TV TopopETpeVv Yo fEATIOTN Asttovpyia. XT0o devTepo péPog (o1Kovopikn avaivon) yivetol
0 VITOAOYIGUOG TOV KOGTOVE TNE NAEKTPOTOPOYDYNG KOl TOV KOGTOLE AItOPLYNG TOL ekmeumopevov CO;
v €€L emheypéva oeVApILOL.
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2.2 X1a0pog avogopag

[Ipwv v efétaom 1oL TPOTOTLTOL KOl TPONYUEVOL EVEPYELNKOD GULGTHLOTOG TPOTNyeiTan M
TOPOVGIOCT) TOV GTAOHOD AVAPOPES, TOV GUVOVOCUEVOL KOKAOD, dNAST Y®Pic cVLGTNHA dEGUEVOTG
COz. O mapapetpot Aettovpyiog Kot ol EXOOCGEIS VAL COUPMVO [LE TO YOPOKTNPLOTIKH TOL «ZTNUEIOV
Avaeopdcy mov kabiépwoe 1 Evponaiky Ouada Epyoaciog (EBTF) [19], evd 1 poviglonoinon t6c0
tov Agprootpofitov (GT) 660 Kot Tov kKhKAoV vepovd atpod (ST) yivetal Aemtopepmdg oe mepPaiiov
ASPEN Plus™. To cuvoliko chotnpa avapopdg éxet cuvolikt| kabapn niektpomapaywyr 830.7 MWe
pe avtiotoryo kobapod Paduod anddoong 58.3%.

2.3 Xyeoraopog s o1dTaéng Tov 6VOTRATOS Yo BEATIOTN AerTOVpYia,

Zyxetwd pe tov kabopiopd g PéATiong didtadne, avtdg avamtuydnke oe Olo TO EMPEPOLS
vrocvotipata Tov 6taduov. [To cuykekpipéva:

Movada Awywpiopod tov Aépa: H dtdtaén g povadog kabopiotnke apketd and 1o yeyovog 0Tt
N HOVAdQ Topay®YG VOPOYOVOL KOl GUYKEKPLUEVO O OVTIOPUCTNPUS AVOLOPPMONS amaltel kabaupod
o&uyovo og vymAn igon (52 bar). Aedouévov 0Tt T0 gvepyElakd KOGTOC cuumieong agpiov 0&uyovou
OO ATUOGPALIPIKY| Tieon givol vYyMAd, TO TPOTEWOUEVO GUGTNHO TEPAAUPAvEL TNV eEaymYY| TOV

o&uyévou amd T povada g VYNAN Tieon, 1) omoia Ba Exel emttevyBel dTav avTo givorl o VYPN HOPEN
UEG® OVTALNG KOL TTPOTOV EIGEADEL GTOV KEVIPIKO EVOAAAKTN Ko aTpomoindei.

Avtidpactpag Avapdpowong: Eivor o onpovtikdtepog avtidpactipos Tov GUGTHHOTOS KaBMG
eKEl HETATPETOVTOL 01 VOPOYOVAVOPaKESG TOL PLGIKOV agpiov og CO, CO; kat H2 kot lvar avaykaio n
UETATPOTN OUTH VA, Eval 0G0 TO dLVATOV TLO TANPNG Kot amodoTiky. Avtd e€apTdton Kupimg amd tnv
ToGOTNTA 0ELYOVOL Kot aTHoV Tov KaBopilovv n Beppokpacia, To fabud PLETATPOTNG KAl TNV GUGTOCT)
TOL TTAPOYOUEVOL aEPiOL.

Awdtaén ovidpactipov petotémiong kot Swywplotdv  (pepfpdves): O S@piopodg Tov

VOPOYOVOL GE OVO GTASL WE EVOLAUEST] YPNON AVTIOPUCTAPOV UETATOMIONG deiybnke g eivar 1
KoAOTEPN O1dTaén Oyl WOVo amd dmoyng amddoong TG HOVAdag aAAG Kol Yo AOYOUE UELMUEVOV
amoLTHoE®V o€ eMPaveln HeUPpdvng kor k6oTovg eEomAiopod. Ot dvo avTIdPACTIPES LETATOTIONG
Aettovpyovv og dlapopetikn Oepupokpacia, o Tpdtoc otovg 400°C kot 0 devtepog atovg 260°C yia
aroteleopatikn petatpont] 6Aov tov CO oe CO; ko Ho.

KoaBapiopdg pedpatog CO», ovumicon: Tpia oynpoto kabapiopov tov mopaxpatnfévtog pedpuatog

OV HEVEL PETE, TO SLOY®PLOUO TOV UEUPPOVDVY TPOTEIVOVTOL: Lo PE KpLOYOViKd dtaywploud péowm flash
OOPIOTAOV KOl OVTOYVKTI AEITOLPYi, KPLOYOVIKO OlY®PICHO HECH OTOCTOKTIKNG GTHANG Kol
TPOGOOGN OTaTOVpEVNG YOENG amd emTeptkd choTUO WYOENC KOl Uio pE KaDoTn TV KOOGIU®V
otoyeimv (CO, Hz ko CHa) pe xabBapo o&uyovo. H Beppoduvapukn avdivon £dei&e 6t n tpitn emiioyn
(xovon o710 1010 enimedo mieong Aettovpyiog pe TG HeUPpdveg) amopépel TV VYNAGTEPT aTdOOoT GTO
oLOTNUO GVVOAKOTEPO. Bacikn mpoimdbeon, ta vroleippato o&uydvov Tov TOPAUEVOVY UETE TNV
o(€00V GTOLYEIOUETPIKT KOG VO UMV OTOTEAOVV TPOPAN L0 GTY] CLUTIEST), LETOPOPA Kol amoBnKevon
tov Kabapov CO..

2.4 KaBopropdg TV AELTOVPYIKAOV TapapiTpov Yo BEATIeTH amddoon)

‘Exovtag kabopicel m PEATIOT S10TaEN TOL EVEPYELONKOD GLUGTNOTOC, Ol TAPAUETPOL AEITOVPYING
nov e€etalovTol pEcm avalvong evacOnciag dote T0 GVOTNUA VO AEITOVPYEL KOTd TO BEATIOTO TPOTO
givat: 0 A0yog atpot/avBpaxo otov avidpaotipo avapopemong (S/C), o cuvieleoTg avaKTnoNg
vdpoyovov otig pueuPpdaveg (HRF), 1 Beppoxpacio otov avtidpactipa avopdpe®onsg, T0 T060GTO
déouevong (dedopuévou 0Tl oL pepPpaveg dev eivor damepatéc oto CO2, 10 TOCOGTO OEGUELONC

198



Kepdlaio 2

kaBopileTan amd 10 TOGOGTO TOV EIGEPYOUEVOL PUCIKOD OEPIOV OV VIOKEWVTOL GE OVALOPPOOT KO
dev odnyeitor amevbeiog otV agplooTpoPiiikny povada), 1 mieon oTig Vo TALLPEG TV PEUPPUVOY
(tpopodoaiag kat dieicdvong). 'Etot, mpoxvmtovv dvo cevapia, 1o éva (I) pe péyioto kabapd Pabud
anddoong Kot 1o GAAO pe eldyotn amortodpevn emavewn pepfpovav (VI). Ta Pacikd

YOPUKTNPLOTIKE PAivOVTaLl GTOV TOPAKATO TTiVaKa.

Hivaxog 78. Iopdapetpot Aettovpyia kot facikd amotedéopata yio g tepurtaocelg | kot VI (90% déopevon)

[MEPIIITQXH

VII

oynuo kafapiopov

AOYOG 0TOV/GVOPOKO GTOV AVOLOPOMTY|

Oeppoxpacio . A. TPV TOV AVALOPOOTH

OepoKpacio TPo AVaLOPPOCNG

Beppokpacio avaprdPP®oNg

HRF oty npd pepfpdvn

HRF o1t debtepn pepPpivn

HRF cuvolika

Oepuokpacio oTov VYNNG BepoKPUCingG OVTIOPAGTHPO LLETOTOTIONG
Oepprokpacio 6To yopnAing Oeprokpaciog avTdpacTPO LETOTOTIONG
Oeprokpacio E16030V GTO AEPLO GAPMONG OTIS HEUPPAVEG
KaBapdra o&uydvov

ApH2 otV €080 TG TPDOTNG LEUPPAvNg

mieon otV TAEVPA TG TPOPOOOGIaG

mieon oty TAgVpA TG deiodvong

GUVOAIKT] OTOLTOVUEVT EXLPAVELL LEUPPOVOY

kaBapn| 1oxde Agprootpdpilov

kaBapn 16yHg ATooTPOPIAOL

Katavaimon ot Movada Aloympiopod Aépa

ovumnieon N2

kaBapiopdg kot cvumieon CO;

KaBapn niextpikn 1oy0g

K.0.1. kavoipov

KaBapn niextpikn amddoon o€ Paon KOI

Awpopd oy anddoor oe oxEN LE TO GTOOUO OVAPOPAC
€101kég ekmopnég CO»

deixktmg SPECCA

Kavon pe kabapd o&vyovo

mole/mole
°C

°C

°C

%

%

%

°C

°C

°C

%

bar
bar
bar

m2
MWe
MWe
MWe
MWe
MWe
MWe
MWsth
%

%
g/kWh
MJirv/Kgco2

45

25
28,588
667.9
3425
-33.97
-61.32
-4.69
910.50
1791.7

1.7

360

700

1050

37.2

89.2

95.0

400

360

303

95.0

9.0

55
10
9,412
661.7
353.9
-34.25
-96.56
-3.27
881.5
1762.8

50.82%  50.01%

7.5%
42.16
291

8.3%
42.16
3.28
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___ syngas : e
water/steam finalfuel l lZO J'Zl 22
natural gas COs-rich |
air/fluegas _____ O,rich

— N,-rich

13
11
HRSG #1
_______ syngas —
water/steam final fuel 120 J'Zl 22
natural gas CO,-rich
air/fluegas ____ O,-rich

N,-rich ’ 23

Ewova 113. AGypappa pong yia tig [epmtooeg o) 1 ko B) VII
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2.5 Toykpion pe aiheg teyvikég oéopgvong CO2

H avdivon tepihapPavel oOykpion Kot pe GAAES TEXVIKEG OEGUELONG, TAVTA V1ot TNV TEPITTOGT TOL
oTafp0b oV £)El MG KAVGUO TO PUGIKO 0éplo. H ohykpion meprtAapfiver TexvIkEG YNUIKNG KOl QUOTKNG
amoppOPNoNG, Kpvoyovikég pebodovg, pepPpaveg damepatég and CO2 kot kavon pe kabapod o&vuydvo
N aAdg kKokhog O2/COs..

O Mivakag 79 cvvoyilel To Pocikd amOTEAEGHOTA OO TIG VTOAOYIOTIKEC TPOGOUOUDGEIS TMV
dlepyooidv. Xe Kabe texvikn avaypaeetot 6€ Tapévieon oe mola KaTnyopio aviiKel aviAoya LE TO oV
avaPEPETOL GE TPO KOOoNG 1 LeTd kavong déopevor). Eivar pavepd, 6t 1 texvoloyia mov peketinke
EKTEVMG GE 0VTO TO KEPGANL0 (LepPpives TaALadiov) Topovctalel TNV KaAVTEPT EMIO0GT ad TAEVPAC
amodoong kot deiktn SPECCA. g avth v TEPINTOOT 01 LEYUADTEPEG EVEPYELNKEG ATDAELES AOY®
KOTOVOADGEWDY TOPOVSIALOVTOL Y10l TNV TAPOYDYT TOL 0ELYOVOD Kol T1 GLUTTIEST TOV a{®TOV. ATt TNV
AN LEPLY, OTNV TEPIMTMOON TOV OUVAV, 1] ATOUAGTELGT OTHLOD Y10 TNV TPOGOOCT] TNG OTOUTOVUEVNS
BepuotnTag yro v avayévvnon tov dodvtn piyvel katd moAd o Babud anddoong otov KOKAO vEPOL-
atpov. H vymiég katavaimoeis yuo ) ovumieon tov COz oty TepinTmon 1oV QUOIKAV SIHAVTOV
opeidetan ot yapnAn mieon daywpiopov Tov CO2 and to SaAdTN. ZvyKpivovtag TNV TEPInTO®ON TNG
apivng MDEA pe Tig 6v0 TEpITTOGELS PLGIKNG ATOPPOPT|ONG, PAIVETAL OTL 1] YNUIKT CTOPPOENOT) EXEL
UEYOADTEPT OEGUEVLTIKY  IKAVOTNTO O YOUNAEC UEPIKEG TIEGES amd OTL Ol OlOADTEG
Selexol™/Rectisol™. A&iler va onueiwbdel, 611 N cvykévipoon CO; 610 aéplo mOV TPOKITTEL amd
aVOUOPPMOOT] EUOIKOD aEPIOV gival dVO e TPEIC POPEG UIKPOTEPO OO TO OVTIGTOLO éPLo GOVOEDTG
OV TPOKVTTEL OO OEPLOTOiNoN otepeoy Kavoipov (dvBpakag 1 Propdlae). H yprion kpvoyovikdv
TEYVIKAV Y10 LETA-KOWGT OECUEVOT) €YEL YEWPOTEPO Pobid amddoong amd TO AVTIOTOLYO TPO-KODOTG
oevaptlo. Télog, n kavon pe kabopd 0&vyovo eival AyOTEPO AVTOYWOVICTIKT ETIAOYT Y10 TV TEPITTMOGN
TOV PLGIKOV aEPiOV, AOYM TOV VYNADY EVEPYELOKDOV KATUVIADGE®DY GTI HOVAdSa dla®ploHol aépa
Kot 6T povada kabapiopot kot cvoprieong tov CO,.

IMivaxog 79. Aéopevon CO, (CCR=90%) o€ otafud O.A. pe S10POpEG TEYVIKES

KaOapn woyds, Aw@opd oamo@evy0év  exmopméc SPECCA,

TeyviK déopgvong CO: % MWe/LHV oydog % CO2, % CO2, g/kWh  MJLnv/Kkgcoz
yopig déopevon CO2 58.3 - - 354.3 -
apiveg MEA (petd xadong) 49.71 8.6 88.3 41.6 341
KpOyoviKEG (HeTd Kavomg) 36.78 21.52 83.3 56 12.11
apiveg MDEA (mpo kavong) 50.37 7.93 88.4 41 3.1
Selexol™ (po kavomg) 47.93 10.37 90 42.6 4.29
Rectisol™ (mpo kavong) 49.38 8.92 89.8 4251 3.58
K2COs3 (mpo kavong) 46.79 11.51 60.73 179.77 8.7
KPOYOVIKEG (Tpo Kahomg) 50.02 8.28 89.47 43.38 3.29
pepPpaveg CO: (Tpo Kavong) 49.39 8.91 92.16 32.74 3.46
pepPpavec Pd (mpo xavong) 50.82 7.48 89.5 42.16 291
Kkavon pe kabapd o&vyovo 49.88 8.42 90.6 25.38 3.17

2.6 Owovopiki] a&lohdynon

H owovopixn avalvon amockonel 6To va vwodei&el o, EKTIUNGN Y10 TNV OIKOVOLUIKT Ploctudtnra
7oV €xel T0 VIO €EETOOT EVEPYELOKO GUGTILO KOl VO TPOKVWYOVV KATOL0 GUUTEPAGUOTO OGOV O.POPa
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0 KOOTOG NG emMEVOVONG, To Acttovpyikd koo, TO KdGTOG NAEKTPOTAPAYWYNG Kol TO KOGTOG
aropuyng ekmoummv COz. Ov vmobécelg kot 1 pebodoroyicn mov okolovOnOnke cuvdader pe Tig
KkatevBuvipieg ypappéc mov diver to EBTF. Ta vrd eEétaon ceviplo Guykpivovtol pe antd g Koong
déopevong pe apiveg (MDEA). To vrd e&étacn oevapia giva:

o kavon pe o&uyovo Twv vIoAomeV Kovoumv otoryeimv oto pedpo CO. (mieon oty mAsvpd
Tpopodociag: 55 bar, wieon oty mhevpd dieicdvuong: 10 bar) — Zevapio VII

e Kovon pe 0ELYOVO TV VTOAO®V Kowolwmy ototyeimv oto pedvpa CO, (mieon oty mhevpd
Tpo@odoaciag: 46 bar, micon otnv Thevpd dieicdvong: 25 bar) — Zevapa | ko 1

o kavomn pe o&uydvo kal ektévoon (migon oty Thevpd tpopodociog: 46 bar, nicon oty TAevpd
dieiodvong: 25 bar) — Zevapuo HI ko 1V

*  Jy®PoUOS TOV KAVGIH®V LE OTOGTOKTIKY 6TNAN (tieon oty Thevpd Tpoodoaciag: 46 bar, nigon
otnv mhevpa dieicdvong: 25 bar) — Xevapio V

o Jloyopiopdg Tov kavcipmy pe flash dwuyopioud (tieon oty mhevpd tpopodociag: 46 bar, wicon
otV mAevpda dieiocdvong: 25 bar) — Zevapro VI

Mivaexoeg 80. Koot otabpod kot edikd k66T enéVOVOoTS Yo S10POPETIKE GEVAPLA

Yevaplo Vil 1 I v i \% VI
1060010 déopevong (%) 90% 100% 90% 100% 90% 90% 90%
Koéotog pepppavng (M€) 35.8 132.0 108.6 129.5 116.2 120.7 147.6
Yvvohlkd Kdotog
EZomhioyion (ME) 482.8 607.7 563.2 625.8 584.8 589.4 591.4
Zuvohus Koorog 924.7 11638 10786 11985 11201 11289 11327
Ytabpov (ME)

E1d1c6 k067106 (€/kWnet) 1206.4 1456.8 1362.3 1524.9  1436.5 14925 1489.3

IMivaxaog 81. Zvvoliko kdotog otafuod (ME) kat £181K6 KOGTOG EXEVEVONG Y10 T, SIUPOPETIKG GEVAPLYL

Xevaplo \1 1 | v i \Y VI
T0606T0 déopevong (%0) 90 90 100 90 100 90 90
YvvoMkd K66T0G EOTAMGHLOD 482.84 563.18 607.65  584.83 625.77 589.41 591.42
YVvoMKd KOGTOG EYKATAGTUCTNG 328.33 382.96 41320 397.69  425.52 400.80 402.17
ZUVOMKO (EGO KOGTOG 811.17 946.14 1020.86 98252 1051.29  990.22 993.59
‘Eppeca koot 113.56 132.46 14292 13755  147.18 138.63 139.10
Koéotog Ztabpov 92473  1078.60 1163.78 1120.08 1198.47 1128.85 1132.69
AmnpoPrenta £Eoda 92.47 107.86 116.38  112.01  119.85 112.88 113.27
Kootog woktnoiog 46.24 53.93 58.19 56.00 59.92 56.44 56.63

20VOIIKG OAITOVUEVO KEPAAALO 1063.44 1240.39 1338.34 1288.09 1378.24 1298.17 1302.60
Kabopn mapaydpevn woydg (MW) 881.52 910.50 918.71  896.71  903.83 869.81 874.63

E101x6 xoorog (€/IKW) 1206.37 1362.32 1456.76 1436.45 1524.89 149249 1489.32

Amo tov Hivekag 80 mpokdmrTel 0Tl TO €101KO KOGTOG EMEVOLONG Yo Kavomn pe kobopd o&vuydvo
elvar to yauniotepo. EmPefoidveral 6t o1 uepPpdveg mopovctdlovv £vo GNUOVTIKO TOGOGTO GTO
oLvolkd kdoToC emévdvong petald 108.6 kot 147.6 ME, pe 10 cuvolikd kdoToC €omAopon va
Kopaiveral peta&d 563.2-625.8 ME. Ta mepiocotepa and To KOGTN TG O1dtaéng avtg (LepPpaveq)
oyetiCovior pe TV KOTOOKELY TOVG Kol TV amofeon tov vmootpoduatos. Ouwme, otav 1 mieon
TpoPodociag ot pepPpdvn gival Tave amd 55 bar kot n wieon dieicdvong givar kdto and 10 bar, to
K60TOG e£0MMG 0D petdveTan onpoviikd. O cuvteleatng déopevong ennpedlel exiong 10 KOGTOG TOV
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pepPpavav kabwng, 6co peyalhtepo €ivol 10 TOGO0TO OECUELONG TOGO UEYOAVTEPT €lvol Kot M
OTOTOOUEVT empaveln Tov pepPpavav. To dedtepo Mo akplPd oToyEio Tov GLOTHUATOG Eival O
agprootpofirog (GT) (IMivakag 81).

2.6.1 KooTo¢ NAeKTpOoTTaApaywyns Kat KOoTOS amopuyn¢ ekmoutwv CO;

H avédlvon kdctovg tv vmd e£€Toon TEPUTTOCE®Y GE €TNCLO. PACT KOl OVO TOPOYOLEV
peyofatdpa TopovclaleTal GTOV TAPOKATO mTivake, poll He T0 KOGTOG NAEKTPOTOPAYMYNG Kol TO
k6010g amopuyng ekmopnmv COz. H owovopkn Piocdtta g eQopproyng Tov HepPpovov o€
ot1afud puowkol aepiov egetaletan pe faon To Kprripro ¢ kabapng mtapovoag atiag. To onueio oto
omoio undeviletal n kabapn mapovoa adio (KITA) petafdriovtag Tnv TN TG NAEKTPIKNG EVEPYELOG,
wpoodtopilel Ty eAdyloTn TN TOANGONG, OOTE 1 enévovon va elvar kKepdoedpa. H ocdykpion tov
oevapiov peta&d Tovg deiyvel 0Tl T0 KOGTOC NAEKTPOTTOPAY®OYNS e£0PTATAL APKETA OO TO KOGTOG TMV
pepppovav. To KOGTOG KOVGIHOV KOl TO KOGTOG EMEVOLGTC OMTOTEAOVV TO, TTO CMUCVIIKGE LEPT] TOV
oLVOMKOV KOoTovg avéd MWh. Agdopévov OtL ot pepufpdvec mpémel va ovtikadiotator kKabe mévte
xPOVI, 1 LEI®ON TOL KOGTOVG HEUPpavav gival amapaitnt Yo T LEIMGOT TOL KOGTOVG OVOAMGIH®Y
Ko va. yiver | texvoloyia mo avrayoviotiky|. H mepintwon g 100% déopevong odnyel oe petmpéveg
0TOdOGEIC Kl G €K TOVTOV, aLENUEVO KOGTOC NAekTpoTtapaymyne. Oumg, to kootog amopuyng CO:
glvan uKpoTepo.

Mivaxag 82. Avdivon kéotovg og etota Baom kot ové MWhe

Tevapio Vil \% Vi | I 1l v
KaBapn niextpikn woyvg (MW) 50.01 50.04 4952 50.82  49.97 50.06 49.17
Hlektpcr anddoon (%) 50.01 50.04 4952 50.82 47.97 50.06  49.17
Kéotog kavaoipov (ME€/y) 309.36 305.06 309.94 314.45 322.64 31439 32259
PAI (M€/y) 3212 3722 3732 3597  38.09 37.00  38.96
Yvvtipnon (M€/y) 18.49 2258 2265 2157  23.28 2240 2397
Avarooa, (ME/y) 9.73 1724 2032 1725 19.87 17.78 19.40
Koéotog enévovong, (€/MWh) 16.78 20.76 20.72 18.95 20.27 1998 2121
Movipa E&A kéot, (€/MWh) 7.82 9.36 9.34 8.61 9.1 9.02 9.48
Yvvtipnon, (€/MWh) 1.48 2.68 3.15 2.56 2.93 2.68 2.90
Kéotog kavoipov, (E/MWh) 46.79  46.76 4725 46.05 46.82  46.75  47.59
Kootog niekrpomapaywyis, (€/MWh) 7287 7956 8046 76.17  79.12 78.43 81.18
Koéotog amo@uyig CO2, (€/tcoz) 62.05 8357 86.48 7249 7255 79.91 78.41

To k6GTOC NAEKTPOTAPOUYWDYNG GUVAPTNGEL TOV KOGTOVG LEUPpavdV Yia Ta vTd eE€TaoT cevapla
eaivovtol oty Ewova 114, eved 1 Ewkéve 115 deiyvel 1o k6oT0¢ amopuyng exkmouncdv CO, avoided.
Daivetar 6T1 N TEPpiTTOOT pE KOO 0ELYOVOL TV VTOAEUUATOV KOVGIU®V UETA TO Soy®PIoUO TOV
Hz otig pepppavec pumopet va metvyel petwpévo k6etog amopuyng COz, dedopévon 0TI T0 KOGTOG TV
uepppovav dev Eemepvad to Opro tmv mepinov 4.5 k€ m2, 1o onolo umopel vo Oswpndei cav 61630 Y10
POV 6T0diov epapuoyn. Eivar emiong mpoeavéc 6tL 0tov 1 Tigon 6TV TAEVPA TPOPOSOGIG avEPEL
nave amd 55 bar xor m wigon omv mievpd dicicdvong méoel kdtw omd 10 bar, to kdoTOg
niektpomapaymyng Kot dapuyng CO2 glvar onpoavtikd younAoTeEPO IO OLTO TNG TEPITTOONG NG
apivng ue MDEA axopa kot yio vynAd €101K0 KOGTOG LEUPPAVOV.
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Oxy burner - Case |

80 -—m=—0xy burner+Expander -Case Ill
Distillation column - Case V
Flash separation - Case VI

78 -=#=—Oxy burner (feed/permeate: 55/10 bar) - Case VIl

76

74

Cost of Electricity (Euros/ MWh)

72

70 -+ T T T T

1.5 2.5 3.5 4.5 5.5
Membrane cost (kEuros/m?2)

Ewéva 114. K6o10G nhekTpomopoy®yng kot KOGTog HepPpivng

90

=®- Oxy burner - Case |
_| == Oxy burner+Expander -Case |
Distillation column - Case V
Flash separation - Case VI
== Oxy burner (feed/permeate: 55/10 bar) - Case VI

[e)] ~ ~ [o] [
(6] o (6] o ]
|

[e))
o

CO, avoidance cost (Euros/ tn)

93]
[¥,]

1.5 2.5 3.5 4.5 5.5

Membrane c;)st (kEuros/m?) .

Ewoéva 115. Kdotog anopuyrg CO; kat k6oTog pepfpivng

2.6.2 Emiépacn tng uelwong tng EMIPAVELAS UEULPAVIV GTO KOOTOS NAEKTPOTIAPAYWYNS Kal
O0TO0 KOOTOG Amo@uyri¢ ekmoutwv CO;

To k6610C NAEKTpOMAPAY®YNG KOl TO KOGTOG amopuyng ekrmounmv CO, pumopodv va peimbovv
TEPUITEP®, OTOV SLAPOPO. YOUPAKTNPIOTIKG TV pepPpavodv petafinbovv/Beltiwbovv. (MMivakag 83).
Y11¢ dvo mepumtoelg mov e€etalovtal, N empaveln TV peuPpavav ueidvetar katd 14% kot 26%
avTioTol o 6e GYEoM LE TO apPYIKO GEVAPLO.

Mivexoeg 83. KOotn yio S10.00pETIKA YOpUKTNPIGTIKG TOV HEUPPavOY

Moc60670 décpcvong (%) Apyiko Awutraoro, Ynoomhoolaopog Tov may ovg
GEVAPLO OLEIGOVTIKOTTA  TOV VTOGTNPLKTIKOD ETLTEOOV

MepBpavn (M€) 108.6 93.1 80.7

YuvoAkd k6otog eéomhopo (ME)  563.2 547.7 535.3

Fvvolikd k6otog 610000 (ME) 1078.6 1048.9 1025.1

E181k6 k66710¢ (€/kWet) 1362.3 1324.8 1294.7
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Onw¢ avopevotay amd to amotehécpata amd Tn Oeppoduvapikny availvon kKol Ty oviivon
KOGTOVG, TO YOUNAOTEPO KOGTOG NAEKTPOTOPAYMYNG EMLTVYYAVETAL OTUYV EANYIGTOTOLEITOL 1] ETUPAVELQL
TOV LeUPpovdv.

2.7 Xvpnepdopoto

Méow avOALTIKOV TPOGOUOIDGEDY OlEPYACLOV Kol ovailvcewv evaictnciag, e&dyston To
coumépacpa 0Tt epapuodlovtag v texvoroyia Tov pepppavov maAradiov Yo décpevon dl0&gldion
TOV AvOpaKa G€ GUVILAGUEVO KUKAO QLGIKOV aepiov, pmopel va enttevybel kabBapdg Pabudc amddoong
peyorvtepog and 50% pe tavtoyxpovn 100% odéopevon (51.1% ya 90% oéopevom). H owovopikn
a&loloynon £6g1&e 011 To BEATIOTO GEVApPLO PTopel va TETVYEL KOGTOG omopuyng CO2 7.4% younidotepo
amd v mepintoon g auivng pe MDEA. O onuovtikdtepog mTopdyoviog Tov SLOUOPODVEL TO
oLVoAMKd kO6TOG gival T0 KOGTOG €MEVOLONG, TO OTOI0 GUVIEETOL APPNKTO LE TNV EMPAVELL TOV
HEUPPOVOV KOl TO. GUVAQET KOOGTN. AVTO 7OV TPOTEivETOl, €lval OTL TPOKEWEVOL VO KATUOTEL M
TEYVOLOYIO OVTAYMVIOTIKY, €lval amopaitnto ot €peuveg vo EmKeEVIP®BODV 6T UEIMON AVTAOV TOV
kootdv. H peddovtikny gpevvntikn dpactnpotnta mdve otic pepPpdveg moiiadiov Bo mpémet va
OPIEPMDCEL TEPLOGOTEPT TPOoTADElD oTO €EOPTALOTA TOV HEUPPAVAOV KOl GTO GYEOIOGUO TV
VIOGTNPIKTIKOV EMTEI®V, Y10 VoL LEWBEL 1] avTioTaon ot petagopd pdlog kot va enéddet peyolotepn
deiodvon Ha otig pepfpdves.
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3. Eepyeloki avaivot Kol 6UYKPLeT TEYVIKAOV oéopgvong CO2
o€ MOavOpaKiko OepponrekTpiko ot Ono

3.1 Evocaymyn

210 mopoOvV KePAAOO TopovcolaleTar T evepyelakn oAAG kvplog M efgpyelakn ovaAvor TPLOV
teyvoroyimv décpevong COz yio epappoyn oe (veiotapevo) AMbavBpoakikod otabud. Ltov Topén TV
TEYVIKOV LETA-KAVONG OEGUEVONG, 1 YNUKT AToppOPNON LE SIEAVUA OULVAV ATOTEAEL TNV TLO DPLUN
emAoyn. Mo, GAAN vmooyOUEVT TEXVOLOYiOL €lval OLTH TOV KUKAOL OCPecTioOv. XTn HEV TPAOTN
TEPIMTOOT 1) KATOVAAWDGT) EVEPYELNG Yo TN AgtTovpyia TNG LoVAdaS £YKELTOL 6TV TPOGO00T BEp KNG
EVEPYELNG Y10l TNV OVAYEVVIOT] TOV OLOADTYN, VD o1 OgVTEPT TEPIMTOGT GTNV TPOGIOGT YNLUKNG
EVEPYELONG UEC® KOVGIOL Yo TNV a6PEGTOMOINGT TOV TPOGPOPNTIK®Y GTEPE®V. Mo Tpitn emhoyn,
elvar n koon pe  xpnom kabopod 0&uydvov mg 0&edmTIKO PEGO. Xe VT TNV TEPITTOGT, Kot EPOGOV
0 OO OPIGUOG TOL OEPD LEGH KPLOYOVIKNG LEBOSOV ivar 1) 710 S100€0UEVT ETIAOYT Y10 TV TOPAYDYN
k0a0apov 0&uydvov, N aTaITOOUEVT] EVEPYELN SIVETOL [UE TN LOPPT EPYOVL 1| NAEKTPIKNG EVEPYELOC.

Méow g e€epyelokng avdivong entyelpeital vo vrodelydel mold amd Tig TeVoAOYieg AetTovpyEl e ToV
mo amodotikd Tpoémo. Kabopilovral €161 o1 mepropiopol yio meportépm PeAtioon oe oyéomn pe v
teyvoroyia ayypns. ‘Etot, yivetanr n mpoomdeia va amavindel to e€ng epdmua: «Tt €idovg evépyela
npémet va. Eodevtel yia ) déopevon COy, yopnAng evBodmiog Oeppotnta, vynAng evBaimiog ynuwm
EVEPYELD 1] NAEKTPIKT] EVEPYEL Y.

3.2 Ileprypa@i] povrélov

STM

Ot pocopoincelg Tav povtéAny £ywvay 6to ASPEN Plus™. Tao facikd yopaktnptotikd Tov Kovcipov

Kot 6TafUoD ovaPopPAS POIVOVTOL GTOVG EMOUEVOVS TIVOKEG,.

Mivoxog 84. 1610t 1Eg KOVGiLOV

C H O N S TEQpa. vypocia  KOI
(%db) (%db) (%db) (%db) (% d.b.) (% d.b.) (Ww %)  (kJ/kg og &xer)
69.8 3.9 7.2 1.7 0.4 17.0 7.8 25460

Mivexoeg 85. Xapaktnpiotikd otodpol avapopdg

Abdyog wwodvvapiog aépa kavong  1.25 10eVTPOTIKOG f.0. atpootpofirov YII/MIU/XIT (%)  92/94/88
YII atpédc (°C/bar) 600/240  Ogppokpacio Tpo@odotikon vepol (YII/XII °C) 125/240
yoypog avadeppog (°C/bar) 370/65 Beppokpacio kavcaepiov tpo LUVO (°C) 325
Beppog avabeppog (°C/bar) 600/60 Beppoxpaoio agpa perd LUVO (°C) 300
kevo yoyeiov (bar) 0.050

Ot TOPAUETPOL AEITOVPYIOG TOV TPLOV JEPYACLDY OEGUEVOTG CLVOYILOVTOL GTOV TOPAKAT® TIVOKCL.
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Mivoxoeg 86. Movadeg déopevong COz — mpodiaypapég Asttovpyiog

ik aroppoéenon pe MEA

Babuideg amoppoenth / avaysvvnm 8/4

@Toyo6 ddAvpa — TeplektikotnTa os MEA wiw 40 %

otoy6 dtdAvpa — Beppokpacio 40°C

cvpmipouc MEA 1.2-10* kg/Kgjean solvent

£181KN KoTavaAmoT BeppoOTNTOG 6TOV aVAyEVVITTH 3.58 MJn/kgcoz

depyacio Kokrov acPestiov

Oeppoxpacio evavpirmong/acfeotomoinong 650 /900 °C

AdYog avaxvklopopiag, Fr 8.2 (mol/mol)

AOYOG ppéokov aoPeotoriBov, Fo 0.05 (mol/mol)

HEYIOTN SEGUEVTIKT KAVOTNTA, Xmax 0.1624

TOGOTNTA GTEPEDV GTNV KAIVY TOL gvavBpakwm™) 415,000 kg

TTOGC TEGNS GTOV EvavOPaK®TY| 150 mbar

oyKog evavOpakm 4685 m®

Oeppavnpog otepedv mpo acPectomonty| - Oeppokpacio 700 °C

£101K1 EVEPYEWNKT] KOTOVAA®GT yia TNV apaywyn Oz 220 kWh/ton O,

ovykévipwon Oz 610 kabapod pedpo 0&vyovou 95.0%

ovykévipwon Oz 610 0EEOMTIKO PEGO 40.0%

ovykévipwon Oz oty £€£000 T0L acPectonomTy 6% viv
Ko0apn kavon pe o&uyovo (1] kokiog OL/COy)

ovykévipwon Oz 610 kabapod pedpo 0&vyovou 95.0%

ovykévipwon Oz 610 0EE0MTIKO PEGO 21.0%

€101KT EVEPYELNKT] KOTOVAA®GT Yl TV Tapaywyn O2 211.9 kWh/tnO;

AOYOG ieoNG OTO GLUTIESTN 4.8

3.2.1 ExmAvon ue auives (MEA) Scrubbing

> déopevon Tov d10&Edion Tov AvOpaKe LE YNUIKT OTOPPOPNCT], O SAYMPIGUOG A0 TO KAVGOEPLH,
YIVETOL PEPVOVTOG TO EIGEPYOUEVO 0EPLO GE ETAPT] LLE VAATIKO SLAALUE APIVIG OE OTUOCOAUPIKNG TTEGNG
omAn oamoppoéenonc. H amattoduevn Oepudmmra yoo tv avoayévvnon Tov SoAVTn Yivetow e
GUUTVKVAOGT] OTULOD TOL ATOUAGTEVETAL OO TO GTPOPIAO YapnAng mieonc. To poviéro Paciotnke oty
vrdpyovca BipAodnkn Oeppoguoikdv 1rotitey mov Stabétel to ASPEN Plus™ ot mo cuykekpiuéva
otV pebodoroyia tov NRTL pe niextporvteg [91].

3.2.2 Awepyacia Kikdov AoPeatiov

H pebBodoroyia yio v mpocopoinon g diepyaciog g evavlpdkmong Pacictnke 6To HOVTELO TOV
TpdTOG e1onyaye o1 Xapitog et al. [93], ehappig diapopomomuévo, £T61 dote va Aaufdvetar veoyn M
mapovcia tov ekbelmpévon mpoopoent. H extiumon tng HEYIOTNG OEGUEVTIKNG IKOVOTNTOC TMV
ot1epe®V (Xmax) OLVOPTNOEL TOL AOYoL avakvkioeopiog (Fr) kot tov Adyov siloaywmyng péokov
acBeotoMbov (Fr) £ywve ue Baomn v mpocéyyion twv Hawthorne et al. [94]. T tov vrodoyiopd tov
pLOOL NG avtidpaong evavBpdkwong avantdydnke arlyopibuog oe mepipdriiov FORTRAN o omoiog
£pYETON G EMKOWVOVIR [E TO VTOAOWTO HOVTELO TG depyaciog oto ASPEN Plus™. O avoysvvntig
(aoBectomomtng) poviehomomdnke Pdoet g vwodbeong g YMUIKNG 1ooppomiag, N omoia oTIg
OULYKEKPIUEVEG GLVONKEG Agrtovpyiag TPoPAEmel mANPN HETATPOTY] TOL 0oPectoABoL g 0E€idlo TOL
acPeotiov.
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3.2.3 Katon ue kabBapo oévyovo
H mopaymyn tov kabopod o&uydvou mpaypotonoleital pe kpuyovikn pébodo oe Movada Aloympiopod
Aépa. Or mopdpetpor Aertovpylag e povéodag pvBuifoviar €161 GOGTE Vo EMTLYXAVETAL PEVULQ
o&uyovou kabapotmrag 95% kot pevua aldtov >99%. Iivetor Aemtopepng povieAomoinon g OANG
povadog Aapfavovtag voyn OAeS TIC POCTKES SIATAEELS, OTMOC O GUUMIECTNC, TO GVOTNUA WYOENG TOV
aépa, 0 KEVTPIKOG EVOAAAKTNG BeppdtnTag Kot ot Vo GTHAEG AmOGTAUENS.

3.24 Kabapiouos CO; kat ovumicon

2V tepinton TV dVo TEAEVTAIOV d1EPYUCIdV, AGY® TOV YEYOVOTOG OTL 1] KAOGOT YIVETAL UE TEPIGCELL
o&uydvov, ta vroleippata Kavong kol o&uyoévov Bo mpénel va apoapefodv oe KATAAANAN povéda
KaBopio o, Tpotod 10 aépto pevpa CO2 0dnyNOel oe amobrKevon yio AGYOoVG 0oPAAELNS AAAG KOt Y1l
TEYVIKOVG AOYous (Stafpmon kupimg) [26-28]. ‘Etot, oyedidletot Kot LOVTELOTOLEITOL AETTOUEPDS VO,
cLoTNHO KaBopiopoy Kol amopdKpuvens Tov aepiov vroisppdtov kupiog Oz kot H20O, 6mov ot
OYETIKEC VOPUES Y10, TIG GVYKEVIPAOOELS TOV AOWTAOV GTOLYEI®V €ivarl o avoTtnpég YU avtd ta dvo. O
draympiopodg O/CO; Bacileton oto ovdpevo Joule-Thomson kat yivetol o KpLOYOVIKEG GUVOTKEG,.
Amd TV AN pepid, n amopdkpuven Hz0 yivetan pe ) Borbeto dtodlvparog triethylene-glycol (TEG)

3.3 E€epyeraxn avaivon
H e&épyera kaBe vAKOL pedpatog etvar 1o dBpotopa TG PLOIKNG Kot TG ¥npkng. H ynpun e&épyeia
TOV 10ePYOUEVOV Kawaipov PBaciletal oe sumeipikn oyéon [106], evd yio tov voloyioud g e&épyetag
™G apivng akolovBeitor 1 pebodoroyioa mov mapovoidletar oto [107]. T tov LVEOAOYIGUO T®V
e€epyeloK®V am®AEI®V lotal 6€ KAOE dlepyacia, anarteitar To e&gpyelokod 16oL0Y10 YOP® 0 TO GUGTNLA
déouevong kot cvumicong tov COz:

air total

out in
. I

EiFnG I p—) Eco2

i
I
I CO2 Separation !
I

i —
U E \E
nit t air )
HEEUG = ASU » Boiler || Steam
- : : Cycle
1 I
L--ﬁ__.l

Eln in Eln in out
EFG

in in in in in _ r—out out out
Erc +Ear TE¢ +Ey +Eg =B +Eco, + B +1

Ewova 116. EEepyeloxo 10olhy10 yia @) Tig texvoloyieg petd-kavong déopevong kot b) teyvoroyia kabapod O

3.4 Anoteléopato

A7d ToVG VTOAOYIGHOVE 6TO 6TAOUO avaEopdc TPoékuye 0 Kabapdg fabpog arddoong 39.2% ot Bdon
tov K.®.1 ko o avtiotoryog e&epyelaxog 36.9%. H pion eEépyeta mov €16€pYETAL GTO GUGTNUA YOVETOL
070 BdAopo KavoNG KOTA TN UETATPOTN TNG XNKNAG eEEPYELNG TOL Kawoipov og Oepudtnta yio v
OTLLOTTOPOLY Y.

2V wEPITTOON TNG YNWKNAG amoppoenone e dlvpa apvav, tapoatnpenbnke 6t amatteitol va,
ONUOVTIKO OGO eE€pYELag e LopPn YOUNANG EVOOATIOG aToD Y10 TNV avayévvnot Tov dtaAdTr. 11%
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NG OLVOAIKNG WKTNG TOPAYOLEVIC MAEKTPIKNG EVEPYELNG YPNOILOTOLEITAL Yo TNV KAALYTN TOV
EVEPYELOKMV amantnoemv (8,8% tng cuvoAkng eEépyelag).

H nepintoon tov kOkAov acPeotiov gival dtapopetikn: Ilepimov N pion (47.9%) eioepyopevn eEépyeta
umaivel vId TN HOPET] TOV GLUAANPOUATIKOD KOVLGIUOV oTov acfectomomt]. ATO TIG GUVOMKEG
efepyelokéc amdreteg otn povada déopevong (22.3%), to 16.3% ydvovior ctov acBectonom, T0
2.1% otov avtidpactipa evavipakwong kot 2.7% ot Movada Awoywpiopod tov Aépa. 25.6% g
oLVOMKNG EEEpYELOG avaKTATOL GE LOopeT BeprdTnTag LVYNANC TodTNTAG Kot a&lomoteitan yia tnVv EETpa
OTUOTOPAY®YN KO, KATO GUVEMEWN, Yo TNV emmAEov mAektpomapaymyn. To ewoepyodpevo pedpa
ppéckov aoPectorbov Exel apeintéo eEepyelokd TepleyOuevo, evm To eepyopevo pevpa Ca0 mepiéyet
10 0.7% NG CLVOMKTNG E1GEPYOUEVNG EEEPYELOG.

2
g
g

Main Boiler

Esr  Eper
0.1% 99.4%

Ewoéva 117. Pon e&épyelag oty mepintoon g peta-  Ewova 118. Pon e&épyelog otnv mepintmon g
Kkavong déopevon pe MEA HETO-KOWONG OEGLELOT LLE KOKAO 0oPeoTion

H diepedivnon tng enidpaong g meplextikotntog o€ Oeio oto cupumAnpoUaTiKd Kaboo £91Ee, OTL
Kavoue PE VYNAG mocootd Ogiov Svoyepaivovv onupavtikd Tn Asttovpyic ¢ depyociog AGY®
ocvoompevong CaSO,s oto ocvotnua avoakvkiopopiog. ‘Etotl, o Pabuog amddoong tov GuoTHRATOG
TEPTEL, EVA KOl TO TPOKVTTOV PELO. acPfectiov mov e&épyetal dev glvar KATAGAANAO Yo PO GTNV
TouevToflopnyavio Mg VITOKUTAGTACT TOV TPMTMOV VADYV TPOG TOPUY®YN KAIVKEP.

Ymv mepintmon g Kavong pe kabapd o&uydvo, PeEYAAo TOGH EVEPYELNC KATOVUADVOVIOL GTOVC
GUUTIEGTEG Y10, TV TTOPAy®YN TOV Kabapod o&uyovou Kot Tov Kabapiopd katl copmieon tov CO.. Av
kot 70% tov kowcoepiov avakvkAo@opodv ®ote va pewwbel 1 mepektikdTo Tov 0&LYOVOL GTO
0&e1dMTIKO UEGO, Ol EVEPYELOKEG AVAYKEC oTOV aveploTpo eivar 0.6% TNng CLVOAIKNG ELGEPYOUEVNC
KOI ka1 0.2% tov eéepyelokdv anwAeimv. Mg dAda Aoyia, akopo Kot ov 0 AEPNTC UTopEl TEYVIKA Vi
Aettovpyel yopic avakvkiogopia, avtd Oa £xel Betikn enintmon oty e€owovounon e&épyelag Lovo
katd 0.6%.

Eivar a&loonueioto, 6t1 10 5.5% NG GUVOAIKNG €10EPYOUEVNG €EEPYELOG TOPAUEVEL GTO «TEMKO
TPoiov», dNhadn to pevpa CO2 mov odnyeital Tpog amobnkevon N kdmolo dAAN xpnon. Eivon eniong
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eavepo, OtL o e€epyslakn mown g tédéng tov 8.7% (cvumeptiapfavopévou Kot TG EVEPYELOKES
KOTOVOADGELS) ival avomToQeLKTN Yo TOV Kabapiopd Kot cuprieon tov telkov pevuatog COs.

Mivoxoag 87. Evepyelokd kot e&gpyetokod 16olvyto

Srafpog amoppoOPN oM KOKAOG KOKAOG
avopopas Yopig pe apiveg acBeotiov KaBapov

déopevon o&vybdvov
oLVOMKY deopevTiky tkavotnto (%) - 90.0% 90.0% 90.0%
KaBapog niextpikog B.o. (%) 39.2% 28.8% 29.4% 29.1%
kabapog eepyeiaxog B.o. (%) 36.9% 26.9% 27.9% 27.4%
nown evépyetag (%) - -10.4% -9.8% -10.1%
nown e&épyerag (%) - -10.0% -9.0% -9.5%
g10wcég exmopnég CO2 (Kgco2/ MWh) 851.7 116.2 119.8 115.3
deiktng SPECCA (MJinv/kgeo?) * - 4.54 4.05 4.36
Hex, required (kJ/kgCOZ) 2 - 2366.6 6892.8 1345.1
Nex, spent (KI/KQco2) 3 - 11135 30735 1565.7
Nex, ut (%) * - 59.8% 56.7% 48.6%
rspECCA=3600- 17 et (g /g )

E.-E 2

s = e ) 1k, g = e [g], <1 =

CO, captured CO, captured

- Ef +En +Ef +Ey + ES
O Mivaxag 87 deiyvel to, Pacikd amoteléopata amd 10 160L0Y10 EVEPYELNG Kot EEEPYELNG TV TPLDV VIO
e&étaon diepyaoidv. Ot €101KEC eEgpyelokég AMALTGELS Y10 TV GMGTH AEITOLPYIA TNG dlEPYATIOG TOL
KUK oL acBeotiov givar katd moAd o1 tepiocdtepes. [lepimov 86% avtrg eivar ynuikn evépyesia vtd ™)
HOpPON Kavoigov 6tov acPestomomty Kot to vworowmo 14% £pyo ywo T Asttovpyio TG Movddag
Awyopiopod tov Aépa Kot TV AOITOV CLUTIEGTAOV TOL 6A0L cuatipatos. [lapopoing, ot cuvolikég
eepYEloKEC AMMAEIEG AOY® U AVOCTPEYIUOTNTAG GE QLTI TNV TEXVOLOYia gival TePImTOv TPELS POPES
peyoAvtepec amd Tic dAhec dvo. Emiong, o Pabudc a&lomoinong g dwbéoung e&épyetog eivon
LIKPOTEPOG A0 TNV TEPITTOOT TOV AUVAV, OAAG LEYIADTEPOG OO ALTOV GTNV TEPITTMOT TG KaBap1|g
Kkavong pue o&uyovo.

Mivoxog 88. Xuveiopopd kdbe diepyaciog ot GLVOMKN €EEPYELOKT TTOWVN YO TIG TPELG TEXVOAOYIEG
déopevong

Teyvoroyia déopevong
li (kJ/Kgco2) Yo kdBe depyaoia amoppoOONoN e KOKAOG KOKAOG KaBapov
apiveg acBeotiov o&vyovov

KOpLog Beppiodg otabpog 7424.0 3151.0 7110.0
Swyopiopdg COz and Ta Kovsoépla 315.9 2354 179.1
avayévvnon SLAVTI/TPocpoPnTH 661.3 1977.8 -
kaBapiopog kot cvpmieon CO2 135.2 303.5 453.6
mapayonyn O - 3225 647.8
GUVOMKEG €EEPYELOKES OMMAELES 8523.8 7711.3 8236.9

O IMivexag 88 e&nyei yuoti n teyvoroyio kKOKAov acPeotiov £xel Tov vYNAOTEPO Pabud amddoong, av
KoL £YEL KO TIG DVYNAOTEPES EIOIKEG EEEPYELNKEG UMMAELEG OTN LOVADSQ OECUEVOTG. TNV TEPITTMOON TNG
TEYVOLOYIOG GUTNG, Ol OVTIOPACTIPES Yo OEGUEVOT Kol OMEAEVOEPMON TOV £YOVV KOTA TOAD TIC
VYNAOTEPEG AMMAELEC. ATtO TNV GAAN UEPLE, 1 cLVEICEOPA TS Movddag Alaympiopod Tov Aépa ival
V0 POpES LIKPOTEPT OE GYEoM LE TNV Tpitn TepinTwon. Emnpochétwe, Adym tng gpoomg g diepyaciog,
TO U160 TEPITOV KOOSO OgV KaiyeTal 6To BAAUNIO KODOTNG, OOV 01 EIKES EEEPYELOKES OMMAELES Elvarl
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vynAéc. To yeyovog 0Tt o avtdBeppog acBectonomtig eivor o amodoTKOS amd oKOTdG eE€pyetlag amd
tov BdAapo kavong (eite pe aépa N pe kobapd o&uyovo), eivarl o Pacikdg AOYog Yoo TOV OToio TO
GUVOMKO evepyelakd CUGTNUO, GTNV TEPINTMGN TOV KOKAOV 0GPECTION E€XEL TIG AYOTEPES ATMAELES
AOY® PN avooTPEYILOTNTOG.

H S10¢9opd peta&d tov khkiov acPectiov Kot g Kavong pe o&uydvo otov kabapiopd Kot copmieon
ToV d10&e1diov Tov AvOpaka oPEIAeTaL OTN SLPOPETIKY GLYKEVTP®GT 0&ELYOVOL 6T0 TAovolo e CO;
PEVIO TTOL EEEPYETOL TOV OITLOTOPOYMYOV Kot 0dMYeiton Yo kafapiouo.

3.5 Xvunepdopata

g aUTO TO KEPAANLO TOPOLGLALETOL 1 EVEPYELAKT] KO EEEPYELOKT] AVAAVLGT TOV TPIDV TTLO H10.0£50UEVHV
teyvoroylmv déapevong COz og voiotdpevn MBavOpaxikn povada. H diepyacia kdkhov Tov acPectiov
amodelyOnie 1 koA TEPN EMAOYT amd TAEVPAG EVEPYELOKNG KoL eEEPYELOKNG amOOOGNG. LTV TEPINTMON
TV apvev, 7.7% g eioepyopevng eEEpyelag 0To cVGTNUA YAveTal 6N povada déopevong kol 1%
KoTd ™ ovpmieon tov pevpatog CO.. Meydhot Aoyot MEA/CO; kat peydheg cuykevipmoeic MEA oto
etayd oe COz dudlvpa gvvoel TV AmodoTIKOTNTA TNG OlEPYacias. Av Kot €va ONUOVTIKO TOGo
e&épyerog (22.3% g cuvolkng Efer) xGvetatl otn povada kKdkAov Tov acPeotiov, N digpyacio ot
gtvon mo omodotikn pe T pkpotepn e€epyetaxn mown (-9%). Emiong, yw v ev Aoyw diepyacia
ocvumepaivetar 6t yaunioi Adyor elcayyng epéckov aoPestoibov Exovv mOAD Likpn EnidpacT 6N
peimon tov egepysokmv anoiewdv. H mepiektikdmrto oe Belo oto dgvtepedov koGO TOV
aoPecTOTOMTH £)XEL APVNTIKEG EMMTAOGCELS TOGO 6TOV KOBopd NAEKTPIKO Pabid amddoons Tov 6Tafpod
0ALG 0G0 Kol otV Agttovpyia Tov KOKAOL acPectiov. Movo gdv to eminedo Oepuokpociog T@v dvo
avTpactnpov mécel, Oa umopel n ev A0y dlepyacio v €xeL ONUOVTIKO Ayotepec eEepyelakég
OTMAELEG, KOTL TO OTTO10 gV EIVOIL TEYVIKA EVKOAO KOl EPIKTO GNUEPU, LUE TOVE FEOOUEVOVG TPOCPOPTTEG
acPeotiov. Xty mepintmon g kavong He Kabapd 0&uyovo, 1 TAEIOVOTNTO TOV EEEPYEIOKDY ATMOAEIDV
nopotnpovvtor oty Movada Awympiopod tov Aépa (647.8kJ/Kgcoz). Mio evdeyodpevn ovamtuén
pepPpavav mov givor dramepatég oto O kot Tov Ba GUVOSEVOVTAL OO ELUYLOTOTOUUEVES EVEPYELUKES
Katavoldoelg Bo fonbovcav otnv e€otkovounomn Toparave omd T0 9% Tng CLVOAIKNG ELGEPYOLEVNG

eEépyelac.
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4. OwkovopoTEYVIKI] OLEpPELYNON Y10 TNV TTAPAYOY] REBaVOANC
néom® vopoyovaons CO2

4.1 Eweayoyn

To ke@dAaio avtod givol T0 TPOTO 0d T SVO TOL AVAPEPOVTOL OTNV EVOAAUKTIKY dloyeipiomn Tov
deouenopevoy 810E€18iov ToV AVOpaKa TPOEPYOUEVOL OO TNV KOVGT] OPUKTAOV KOVGIU®Y, 0T TNG
EMOVOALYPNOLULOTOIN OGS TOV GvBpaka LEGH PETOTPOTNG GE AVATEPTG TOLOTNTOG KOVGLULA 1] GAAC XM IUKEL.
Kt evo avto yivetar 6t @Oon HEcw TG POTOCHVOESTG TOV QUTOV, 1) TTLO MPIUTN TEYVOAOYIa Y10 Vo, Yivel
avtd og LeyaAn KAMpoka, givol auti g KaTaAvTikhg vopoydvmonc. H opyavikn évemon mov emdéyetan
®¢ TEMKO TPOidV otV Tapovoa gpyacia givar n peBavoln, pag ko Bewpeitor @g éva amd to To
01000y EVOALOKTIKG DYPA KOOGIULO LE TTOAVAPIOUES EPOPUOYES (XPTON GOV KODGLO GTOV TOUEN TNG
petapopds, otoryeio-faon yia T ocvvOheon GAL®V YNIKOV EVOCEDY KTA.).

To mopdV KEPAANIO ETIKEVIPOVETOL GE LTI, OTNV 0Toi0 TEPA Ao TO O10EE1010 TOV AvOpaxa, TO
£TEPO AEPLO TTOV OOTEAEL TNV TPMTN VAN Y10 TNV TPOYLOTOTOINGT TG 0vTidpacng eivatl To vopoyovo.
H moapaymynq tov vdpoydvov eivor pua ev yével evepyofdpa kot KootoPopa depyacio kot omottel
Witepn TPOGOYN 0TN UEAETN TNG €V AOY® 10£0G. XTNV TOPOVCH EPYACIN, TO ATOITOVLEVO VOPOYOVO
Bewpeitor 6011 TPoépyetal and MAEKTPOAVOT VEPOL, KAOMDG givol 1 MO OPYN Kot SOKIHOCUEVN
Teyvoroyia akoua kot o€ Bropnyavikn kKAipoko [116] kot n diepyacio Tov d¢ Paciletarl o€ TpdTn VAN
oL TEPIEYEL AvBpaKa OTmg Ty. N mapaymyn Hz péow agpromoinong Propdlac. H edpeon gnvig kot det
OVOVEDGIUNG NAEKTPIKNG evEpPYELag amotelel Pactkd {nTovuevo.

O okomd¢ awToh TOV KEQUANIOV Elval 1 dlEPEBVNION SLOLPOPHOY GTOYEIDMV KOl TOUPAUETP®V YOl TNV
emovaglonoinon tov Odsopevopsvovr COz ywo v mapoywyn peBavolng oe peyding wAiipoiog
epappoyéc. Ta otoyeio avtd oyetilovtat pe TV TNYN TOPAYOYNG EVEPYELNS TOV OTOLTEITAL KLPIMG Yo
TV TOPAy®YN VOPOYOVoL, TV TEXVOAOYia décuevong d10&eidiov tov dvBpaka Kot Tn Jdlayeipion
(petagopd Kot amodnkevon) Tov aéprwv avtdpaviev (Hz kot CO»). H owovopukn a&loddynon yivetan
LE YVOUOVO TNV ELOYIOTOTOINGN TOL KOGTOVG TTapay®myng g nebavoing, kabopilovtog Tig oplokéc
ouvOnKeg Kol Ta BEATIOTIKA PHETPA TOV TTPETEL VA TAPHOVV, DOTE TO TPOTEWVOUEVO EVEPYELNKO GUGTILLOL
VO UTOPEGEL VAL YIVEL OIKOVOLLIKA PLdcio.

4.2 Tleprypa@i] TG cuvoMKkNg diepyaciog mapaymyns pedavorng ané CO2

H s1draén g mopaywyng pebavoing péow vopoyovmong CO2 eaivetoar oty Ewéva 119. To
Sudrypappe pong tng ovvleong pebavoing eaivetal oty Ewova 120. To chomuo meptiappdver
ovvhea, 10 SloYOPIoUO TOV AEPIMY GTOXEIMV TTOV OV AVTESPAUCHY UE TNV OVOKVKAOPOPIO TOVE KOl
Tov KaBapiopd g pebavoing amd to mopaybév vepd. H povtelomoinon g OAng diepyaciog g v
Moyo povadog éyve oe mepiBdAiov ASPEN Plus™ tov avtidpactipo covleong ko Baciletor 610
Kivntikd poviédo mov mapovotdletor oto [128]. Ta Pacikd amoteAéouata TG TPOGOUOIMONG
YPNOYLOTOIOVVTIOL GTOV LTOAOYIGUO TOV KOGTOVG EYKOTACTAONG Kol Agltovpyiag g povadag. H

avalvon KOoToug £yve cOupva, pe tn puebodoroyia tmv Peters & Timmerhaus methodology [129].
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Ewoéva 120. Adypoppa pong tg odvBeong pebavoing and CO; kat Ha

4.3 KaBapé pevpa CO2 awd Kavoaépro Tov Tpoépyovial amrd 0puKTA KoOGLRO

H teyvoloyia déopevong dro&ediov Tov dvBpaka mov emAEyeTal 0TV €V AOY® PEAETN glval avTn
™G YMUKNG amoppOPNONG HECH CUVAOV, HIOG KOl EIVOL T O MPUUN LE OPKETEG EQUPLOYES TNG OE
Broumyavikn kAipoxa [137]. To kdéotog déopgvong opiletor ota 43.8 €/tncoz. Ot edikég Beppuucés
QMOLTAGELS VIO TV avoyévvnon tov oot eivor 4.17 MJIn/Kgcoz Kot ot GUVOMKEG MAEKTPIKEG
kotavalmoeg sivar 0.021 kKWh/kgcoz [138]. To cuvohikd kdotog Yo thv petapopd CO:2 (av avth
kpivetar amapaitntn) Bewpeitar otabepd kar ico pe 20 €/tNco2, akorovBmvTag Tnv vIdBeon mov yiveTon
oto [127].

4.4 Tlapaymyn vopoyévov

H odkahkn niektpoivon pe didhvpo KOH eivan n xaddtepn Sobéon texvoroyia yo peyding
KApoKag mapaymyn vdpoyovov amd nAektpoivcn vepol [142], n omoio Kot ETAEYETOL 6TV AVIALGY
7oV yivetal og avto 10 KePaiato. Emiong, yel e€okpiPwbel  amotelecuatikny Aettovpyio oVTOV TOV
TOT®V NAEKTPOAVTAOV G€ aoLveN Aettovpyia Kot ekTdc onpeiov oxedioopod [121]. Ta telkd aépio
npoiovto, (Hz ko Oy) e&épyovtat amd T povado niektpoivong pe mold vynin kebapdrnta (>99.9%).
O1 cuvOnkeg Asttovpyiag g niektpoivong sivar 80 °C/30 bar [121, 143, 144] pe €181k NMAEKTPIKA
Katavéiwon 6tov niektporvtn 4.34 KWh/Nm?® [121], evd o1 6uvolkéc vepyelokég omoutioels stvol
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55.56 kWh/kgro [143]. Aedouévov ot mpokettar yia i vepyoBopa diepyosia, diaitepn tpoonadeia
Kkatafarietal dote va kaboplotel ) koAdTepn S1dTaén LE TO KPOTEPO KOGTOC TOPUYMYNC LOPOYOVOUL.

Meyaldng kAipoaxag nAEKTPOAVTHS e NAEKTPIKO PEDUO. ATO TO JIKTVO

To mpdTo cevdplo Paciletar otV Tapaymyn LOPOYOVOL KEVIPIKE GE PEYHANG KAMpOKaG povada
(140 MW; 7 wodvvapo 60.5 th/day), omov tpogodoteitonl pe pedpo omd 10 diKTLo dtavoung g
NAeKTPIKNG evépyelag. To oynua avtd £xEl TO TAEOVEKTNLO TNG AELTOVPYIOG TNG LOVADUG LE HEYOAOVS
ovvieleotég Asttovpyiag (éog 90.0%), aidd epdoov Bewpodue Ot M povado pebavorng éxet
ovvieleat) Aettovpyiag 85%, 1 GuVOAKT| aviAvon yiveTotl LE EVIOTO GUVTEAEGTN Y10 OAO TO EVEPYELKO
ovotnua, To dgbtepo. o TV KOGTOAOYNON NG HOVASOG Topay®myNng LOpoydvov viobeteital 1
pebodoroyior mov avomtoymke and to Tunua Evépysiag H2A Analysis tov HITA o6mog ovt
dnuoctevtnke oto [12]. Zopemva pe v avaAlvon vy, T0 GUVOAKSO KOGTOG KEQAANIOV EKTILATOL GTO.
784.0 €/kg/muépa.

e avtd to oevapLo, Pacikd poro mailel ) T ayopds TN NAEKTPIKNG evépyewog. H typoddynon
G KILOPATdPOG SL0PEPEL OO YDPO GE YDPA Kol LAATTO KOTA TOAD, o€ Pabpd mov TP OMUOVTIKG
Kol otov KaBopiopd TOL GUVOAMKOD KOGTOVS Tapay®yng Tov vdpoyovov. Evag driiog onpoviikdg
TapAyovTag, etvat 1 OAN PYLTEKTOVIKT] TOL GUGTHLOTOG GUVOALKA Kol 1 Tomofesio TV VITOUOVAd®V
peta&d tove. To €101KO KOGTOG Y10 T LETOPOPA TOL VIPOYOVOL OO TO GNUEID TAPAYWOYNG GTO GNUELD
ypnowyonoinong oAldlel avaloya pe to oevapio dwyeipiong [144, 152-154].

Mivaxag 89. Zvykpion dapdpwv emAoyodv petapopds Ha [153]

ala péyebog povadag — andotaom TPOTIUNTEN ETAOYN EKTILMUEVO KOGTOG
HIKPO peydlo  pikpn peyoAn HETOPOPAG petapopdg (€/kg)

1 X X Butoedpo agpiov Ho 0.60

2 X X Butoedpo vypod Ha 1.36

3 X X GUVOEST| LLE COANVOL 0.23

4 X X GUVOEDT| [LE ANV 0.53

And tov IMivakeg 89 cuumepaivetar 6TL Yo LEYAANG KAMUOKOG TOPOy®mYT VOPOYOVOD 0 KOADTEPOG
TPOTOG UETOPOPAS gival PE COANVOGCELS, aveoptnTov amdotacns. To diktvo coinvdcewny yio ™)
petaeopd kot dtavoun Ha avapévetar vo avortuydel oto péddov [152]. To 18avikd cevaplo, To omoio
KoL ETMAEYETOL YU QT TNV TEPIMTOOTN EVOL 1) TOPAYDYT KOL 1] KATAVAAWDGCT) TOV LIPOYOVOL VA YIVETL
070 1010 onuelo, KATL TOV M EMAOYN TNG TNYNG TAPOYNG NAEKTPIKNG EVEPYELOS (OikTVLO) EMITPEMEL LLaL
tétoto, Becdpnon. Onwg mpokvztel and v Ewkova 121, n mapoaywyn vépoyovov £xet Tn Hepida Tov
Aéovtog otV mopaywyn g uebavoing and CO..

YV avéAvon mov Tponynonke dev TEPIAUUPAVETOL 1] OIKOVOIKT] EKUETAAALELGT] TOV TOPOYOLEVOD
VOPOYOVOL. M1a EVIEYOUEVT EIGUYMYT GUGTHUATOS VYPOTOINGT|G 0ELYOVOL TO GUVOAIKS €101KO KOGTOG
kepaiaiov Ba avéndel katd 14.9%, evd to Aertovpykd k6otog TEQTEL katd 1.3% Aapfdavovtag vmdyn
611 10 0&uyovo £xel Ty Todinong 87.4 €/tn [156]. Katd cuvéineia, 1o KOGTOG Tapaymyng TEPTEL GTA
859.2 €/tn (mtmdon 10.1%).
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1000 -
900 1 913.1€/tn _ mother CCUOPEX
800 - ® CCU electricity cost
700 ~ BCCU CAPEX
‘_% 800 1 @ CO2 cost
£ 500 -
g 400 L 383€Ltn _____ | _OElectricity Cost for H2 compression
% 300 A @ Electricity Cost for H2 production
200 m H2 Compression & Storage Cost
100 A<-I—EIect‘rolyserCOSt
0 -

Ewéva 121. Avdhoon kd6oTtoug yia to 1° oevdpilo

Meyalng klinorxog nAeKTpolvTHS e nAekTpiro peduo. amo Bepuikd otaduo

AvointdvTog yio T OTNV NAEKTPIKN EVEPYELD, £V GEVAPLO GE G avTn TV KatehBvvon eivor 1
Aertovpyio. TOL evepyelakod avTOD GLOTNUATOG GOV OTOONKN evEPYENg Yo T oTafepomoinor Tov
nAektpucod diktvov. Me dAla Aoyia, og yopeg 6mov ot AIIE éyovv peydro pepido cuvelspopds otnv
NAEKTPOTAPAYDYT] VITAPYEL 1] AVAYKT] Y10 EVEMKTN AgtTovpyio TV BepponAekTpik®v otabumv eEattiog
NG OTOYOOTIKNG PUONG AElTovpyiog Kol TOV HEYOA®V SOKVUAVOE®Y OTNV TOPAY®YT] NAEKTPIKNG
evépyewng and Tig AIIE. Edm e€etalovtar ot ocuvOnkeg pe Tig omoieg 1 xpnom g mAeovalovcog
evépyelog amo Bepuikd otabuod yio mtapaymyr| pebavoing amd CO; umopel va yivel oucovopikd Puociun
G€ QTI TNV VTOEVOTNTAL.

H avéivon Bacileton og dedopéva and v European Energy Exchange pe oroyeio tov 2014 yia
™ Feppavia [157]. H péon tyun g peyaPatopag tpokvmtet ota 32.2 €/MWh. Bswpdvtag éva Tomikd
yveppovikd Ayvitikd otobud 300 MWe [158] pe wio tomkn tuf kowoipov 2.0 €/Glin kot k610G
exkmounav CO; 7.2 €/tncoz 10 Kodotog Hiektponapaymyng vroroyiletar ota 29.0 €/MWh, to omoio
onuaiver 6t 27% tov ¥POGHVOL N TOANGT TNG NAEKTPIKNG EVEPYELNS GTO dikTvo dev glvar Kepdodpa
EMAOYT.

CO2 emissions credits €990

Methanol Plant Cost

7 +20%
€966 N 20%

Electrolyzer Capital Cost
CO2 cost
Plant life

PtF plant size

Power plant net efficiency € 658 ] €1,190

Annual electricity price

Fuel cost €683 €1,272

€500 €700 €900

€1,100 €1,300

Minimum methanol selling price (€/tn)
Ewova 122. Avaivon svauctnciog (ue dompo dtoav avéaverl katd 20% m kabe Tapauetpog Kot pe podpo
OTOV LLELOVETOLL)

H dvvapikn g povadag mapaywyng vdpoyovou givat 1 idta e Tov oTafpd NAEKTPOTAPOYOYNG KoL
Aerrovpyel 2203 dpeg 10 ypovo. To €dikd kd66TOg KePoraiov mpokdmtel oto. 582.92 k€/MWih.
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AvrtioTtoya, 1 pHovado Topaywyne g UeBavOAng £xel €101KO KOGTOG KEQAAAIOV KOl AELTOVpYig oTOl
42.05€/tn kon 38.02 €/tn pebavoing, avtictoyo. Xe oavtifeon pe TOo TPOoMNyoVUEVO GEVAPLO, O
ONUOVTIKOTEPOG Tapdyoviag mov kabopilel v owovoukoTnTa €lval T0 KOGTOG KEQOAaiov TOL
NAEKTPOADTN, AOY® TOV YOPUNAOD GUVTEAEGTY| AELTOVPYiNG TOL OOV GuoThatog (Tepimov 25%). Mia
avdAivon evaicinoiog dSlapop@V TapapETp®V e T peTaforn Tovg kotd £20% eaivetor otnv Etkova
122.

Daivetar 0TL T0 K6GTOG KALGIUOV Kot 0 BaBUOg Amdd0oNC £YOVV TN UEYOAVTEPT EMdpACOT GTNV
TIHoAOYNoN g HeBavOing. Axopa, 1 HEI®ON TOL KOGTOLG TOL NAEKTPOADTN Kot 1 avénor ot
@opordynon tev ekmopn®v COz euvoohv TN HEIDGN TOV KOGTOVG TAPAY®YNG TNG LEBAVOANG.

Amoxevipwuévy rapaywyn Ha oe pukpnc klinokxog povaoeg draovvdedsuéves ue AITE (zy. oarolixo wdpro)

e autn TV epintwon dmov N NAEKTPIKN gvépyela ivan dBéciun ce dtaKomTOUEVO dOGTI LT
Kot o€ PeTAPoAAOUEVT] 10Y0, VoG EVOLAUESOS AOOMNKELTIKOG XMPOG OMOLTEITAL Y10, TO TOPAYOUEVO
VOPOYOVO, MOTE Vo SUGPUAILETAL 1] GUVEYNG POT| TTPOG TN LovAda cOvOeong ¢ neboavorng. To 101k
K0oT0G amofnkevong opiletar ota 400 €/kg [144]. Kiedd To. ded0UEVOL Y10 TNV SLOKDLLOVGT) TOV (POPTIOL
KoL TNG TUNG TNG TALpOyOUEVNG NAEKTPIKNG EVEPYELNG ATO £VOL ALOAKO TAPKO LIE EYKATEGTNUEVT 1oYD
25MW. maipvovton and o European Energy Exchange [146].

25.0 - 100%

- ~ > (5]

~ ow

N =

2200 - N - 80% S

= [S]

() + <

4; \ (5]

S 15.0 A S r 60% <
< N g2
8 =
S 10.0 1 ~ - 40% E 8
e} S5 ©
< S~ F - %

2 s

= 5.0 1 I - 20% =]

©

OO __- T . T T T T L O% g

1 2 5 10 15 20 2

Electrolyser capacity, in MW, @

mmmm E|ectrolyser Capital Cost mmm H?2 Compression & Storage

Electricity Cost for H2 production = = electrolyser availability
electrical power utilization

Ewéva 123. Avdivon evaicOnociog oto péyebog g povadag

Eivar pavepd and v Ewkéva 123 611 10 K06T0G 0mofnKevLong TOV mapayOUEVOD LOPOYOVOL
evoéyetan v moiEel KaboploTikd poOA0 GTN SLOUOPE®GT TOV GUVOAIKOD KOGTOVE TOPAYMYNG Kot
dudbeomng, epdGov M amaitmon Yoo otabepn mapoyn Kot otabepn Asttovpyio g povadag chvbeong
puebavoing eivar amapaitntn mpovmodeon. Emiong, n emdinén ywo peyiotonoinon tov cuvieleotn
Aettovpyiag TG Hovadag eival 7o GMUOVTIKO GNUOVTIKN omd TN HEYIGTOTOINGT TOV GULVTEAEGTN
a&lomoinong g dbéoiung NAEKTPIKNG EVEPYELNG.

4.5 Zopnepaopato. - TopaTNPGELS

AVOKEQOANOVOVTAG TNV OVAAVOT] TAVEO GTO YN0 TOPUY®YNG Kot SAOECNG TOV ATOITOVEVOD
VOPOYOVOL, KAOE Lo Kabepd amd Tig TPELG Pacikég TapaUETPOVG Y10, TOV KOBOPIGUO TOV KOGTOVS TOV
VOPOYOVOL (KOGTOG KEPOANIOL TOV MNAEKTPOAVTN, KOGTOC MAEKTPIOUOV Kol KOGTOG 0mobnkevonq)
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umopet va moiEel pOAO-KAEWDL Yol TN PLOGILOTNTO TOV EVEPYELOKOD GLOTHLATOS. OTaV 0 GUVTEAEGTNG
Aertovpyiog TG Lovadag vVOPOYOVOL HeYIoTOTOLEITOL (Y. TOPOYN PEOUATOG OO TO JIKTLO), TO KOGTOG
NAEKTPIGUOV eMKPaTEl 6TOV KABOPIGUO TNG EAAYIOTNG TIUNG TapOy®yNS TG nebBavoing. Otav etnvn
NAEKTPIKY EVEPYELN YPTCLLOTOLEITAN GE PEYOANG KATLOKAG EPapLOYEG AL Le Alyeg dpeg Aettovpyiag,
TO KOGTOG KEQPUAGIOV TOL MAEKTPOADTN VOl M 7O CMUOVTIKY TopaueTpoc. Télog, 6tav 1 povdda
VOPOYOVOL TPOPOJOTEITOL UE AVOVEDGLUN MAEKTPIKY EVEPYEIL O KLPLOTEPOG TOpAyovtag eivon 1M
dwxeipion kot mn amobrkevon Tov wapayouevov Ho. H 1davikdtepn apyltektovikny Yo Tnv
EAOYIOTOTOINGT TOL KOGTOVG TAPUY®YNG NG MeBavOANg eival avtn, 60V OA0. TO. VTOCLGTHLOTO
Bpiokovtotl oto 1610 onueio.

2000

£1600

=

21200 -

©

=

£ 800 - Cr

4 —98%

o —85%

conventional methanol price —_— 0%
0 . . . . —25%
0 0.02 0.04 0.06 0.08 0.1 0.12

electricity price (€/kWh)

Ewoévo 124. Enidpacn g TUNG NAEKTPIGHOD KOl GUVTEAESTN AEITOVPYING GTO KOGTOG Tapay®YNG HeBavorng
amd CO2 (US, JP, EU: tyun dwiktvov niextpiopod otig HITA, lanwvia kot EE tev 28, avtictoya)

H Ewéva 124 napovcialetl v enidpacr oty T TG NAEKTPIKNG EVEPYELNS KO TOV GUVTEAESTN
Aerrovpyiog (Cr) otny mpoontikn pog Prdciung Aettovpyiog Tov ved eEETACT EVEPYELONKOD GUGTHLOTOG.
Emmpocbitmg omotumdvetal Ko 1 emidpact Tov mpounbevuti MAEKTPIKNG EVEPYELNG OTN LOVASA
vdpoydvov [12, 159].

H tpéyovoa katdotacn yio T£T0100 TOTOL EVEPYEINKO GUOTNUATO TOV UETOTPETOVY NAEKTPIKY|
EVEPYELD GE KOG VYNANG TOLOTNTOG OEV EIVOL OIKOVOUIKA EAKVGTIKA EAKVOTIKY] OGS KO TO KOGTOG
Tapoyyng Ty TS Lebovorng amd CO; eivar 2.5 popéc vYNAITEPO ATd TNV TPEYOVCH GUUPBOTIKY TIUT.
Yuvenmg, mpénel vo KotaPAnOel peyddn mpoondleio dGTE TO TPOTEWVOUEVO GUGTNUO VO YIVEL TTLO
AVTOYOVICTIKO. AVTH 1] LEAETT) ATOGKOTOVGE GTO VO OPIGEL TAL EUTOSLN TOL OTO10 TPETEL VOL EEMEPAGTOVV
v va kivnbei mpog avt v kotevbovvon. o edikdtepa, Edikdtepa, o1 mopaueTpotl KAWL oV
emnpedovv T PLOCIHOTNTO TOV GVGTALATOG gival Ol KAT®OL:

o Koarog nlextpiouod

o Miaroln tov evepyelaxod oVOTHUATOS OTO COVOAOD TOD

o Exuetallevon tov mapoyousvon ouyovou Eite o€ KOTolo. GAAN EQapUoyn 1 TOVADVTAS TO
o Meiwon tov KOOTOVS EMEVOVONS
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5. AvofaOuicuéveg olEpyaciec o©€  EVEPYEWONKA GUGTIHOTO
Bacwopéva otV  KotoAvTikyy vopoyovoony CO2  wpog
ToPay®YN pedavoing kot ar0avoing

5.1 Evcaymyn

Y& CLVEYELD TNG TPONYOVUEVNG LEAETNG, TO TTAPOV KEPAANLO ETIKEVIPMOVETAL GTNV TOPOVGINGT) VO
TPOTOTLTIOV SLEPYACLDY Y10 TNV KAADTEPT] KOl amodoTikdTePN petatpornt] Tov CO2 6g yprolleg EVAOCELG
,Ommg M peBavoin ko 1 abavodn, ot omoieg pmwopodv va xpnotpomo oy Kot og KOG GTO TORE
TV petapop®v. H xotadutikn vopoydvmon Oempeitor 1 mo Opuun TEXVIKN Y10, LETOTPON TOV
dro&ediov Tov AvBpaka o€ KAToa AAAT avoPadcuévn Evaon.

And ™ pa, n pebavoln Bewpeiton ¢ éva por amd TIG MO TOAVTIUEG YNIMKES EVAOGCELS LE
TOALTOIKIAEG ¥PNOELG GE SLAPOPOVC TOLELS, €iTE G KAHGIUO, EiTE WG Evmon-Pacn yia T cvvbeon dAlmv
TOALTAOKOTEPWV EVOoE®V. Etiong, elvar 1o o avtimposmmeutikd vypo kadoio g éas «Evépyeia
v (vypd) Kavowo» kabadg peydia épya mapaywyng pebavoing and CO; givor vad kaTooKELN GE
Iohavéio kor Kovadd [42],[43]. Ard v GrAAn mhgvpd, n obavodn sivar évo e€icov moALTIHO
kowowo/évoon [160, 161] mov amoteAei T Pdon yw v cdvOeon morlmv mpoidvtmv [39] ko
Bewpeital o¢ kaToAnAotepn amd ™ uebavorn yio vrokatdotacn cvppatikedv kavoipwv MEK [80,
162]. Eniong, ehdyioteg epyaoiss Exovv apiepmbei otny mapoaywyn abavoing omd CO, [117, 163, 164],
KaOADG 1 CLVIPITTIKN TAEOYNOIO TOV PEAETMOV TAVEO GTNV EVOAAOKTIKY olBavOAN ETKEVIPOVOVTOL
EMKEVTPMVETOL GTNV TEYVOAOYia TNG aAKooAkNg {Ouwong (Broynuikn depyocia).

H peiétn kot mapovcioon Tov vE®V oYNUATOV TOpay®yns TV £V AOY® oAkoormv Paciletol otnv
povtelonoinon tov diepyocidv oe nepiPdrirov ASPEN Plus™ ko1 n otnv okovoukn a&torldynon kot
oVYKPIoN LE TIC «Tapadoctokésy teyxvikés ouvheong amd CO2.

5.2 Tleprypa@i TV e£eTalONEVOV OLEPYACLAOV

Ta Pacikd otorygio TV Vo €£ETOOT EVEPYEINKDY GUGTNUATMV TOPOVGLAGTNKOY GTO TPOT|YOVUEVO
kepdAaio: To amaitodpevo d10&€id10 ToL GvBpaka dwoywpiletor kol kabapiletor amd KavcoEplo
poepyOUEVA amd evepyofopa Prounyavia, evd To VOPOYOVO TPOEPYETAL Amd NAEKTPOALGT vePoD. Ta
dvo aéptla peduaTe, 00N YoVVTOL 6T Hovada a&lomoinong Tov dvOpaka, yio tnv chvOeon kot kadupiopuod
Tov/®V mBuuNTov/®V TPOidVTOg/mV. Ot e181KES OEpUIKES KATAVOADGELS Y10, TO dtompiopd Tov CO; pe
apiveg 0tovrar 4.17 MIn/Kgcoz, evéd ot avtiotoryeg evepyetokég 0.021 kWh/kgcoz [138]. Avtiotoya,
0l GLVOMKEC NAEKTPIKES KATAVOADGELG 6TOV NAeKTpoAvT eivart 55.56 KWh/kgw, [121],[143].

52.1 2XovBeon uebavoins amo CO;

Ye pio TUTIKY HovAda Tapay@yng HeBavoAng, 0 KOTOAVTIKOS ovTIOpaoTPOS VOl GOANVOELNG,
UOVIUNG KAIVIG, IOV AgLTOVPYEL o8 LYNAN Tieomn Ko SloppEeTal amd WYUKTIKO vePO Yo va. dtoTnpeiton
otabepn 1 Bepuokpocia, kad’ 6A0 TO pUNKOC Tov avidpactipo. To ddypappo pong Qaivetal otV
Ewova 125. Metd t obvOeon, akorovbel o dayopiopog TV aepimv Tov OV avTESPACHV Kol 1|
EMGTPOPT] TOVG GTNV €G0S0 TOV AVTIOPOCTNP, KOOMG Kol 0 KaBupIoHog Tov TEAKOL Tpoidvtog. Ot
avtdpdoelc cHvOeoNC KoL 0 TPOGIOPLGUOS TOV TOGOGTOV UETATPOTNG KAOMG KOl TIG Ol GUYKEVTPDGELG
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ota mpoidvta kabopilovior amd Tovg pLOUOLS TOV AVTIOPACENDY, OT®S AVTOL TPOKVTTOLY OO TIC
ekQpacelg mov divovtar oto [128].

Hy, CO, CO,

methanol

Methanol
synthesis
H,/CO;

crude methanol

steam

Ewova 125. Adypappa pong yio to cvpfotikd oevaplo mapayoyns pebavoing

2NV EVOALOKTIKN TTEPITTOOT], 1 YPNON OVIOPACTAPO UE LEUPPAVT Vi TNV Topaymyn HeBavoing
e€etdletan kot cuykpivetar pe to cvpuPartiko avidpactipo. H tpototunio otn pelén £ykeror 61o mog
oyxedaleTal Kol AELTOVPYEL TO OAOKANPOUEVO GUGTILLOL LLE AVTOV OVTO TO E100C AVTIOPAGTAPO. (TOV £)EL
Nnon peretnBei [168-173]), Aaufdavovtag vdyn v avaKLKAOQOPIo TV AEPIOY aVIIOPOVI®V KoL TNV
Ol0ONTOTE TPOTOTOINGT GTO GYESAGUO.

perm-selective

Cu/ZnO catalyst vapours separation
% DO >y TS retentate
e® 0000 4 o e 0q0 %0
) o ® o A K
inlet gas 1
vapours —t permeate
olo ) 'Y ([ ] ° o0 t
o) $%% 0 ) :.0'0.'. . retentate

\ < organophilic (e.g. silicalite(l))

membrane - o
) hydrophilic (e.g. MOR/ZSM-5/chabizite)
Ewoéva 126. Adtaén tov avidpactipa cuvieong g pebavoing pe pepfpdvn

H Ewova 126 aneucovilel éva oy€do Tov ev Aoyw avtidpactipa. o tn poviglomoinon tov oto
ASPEN Plus™, 0copnnke pia ceipd omd ovTtidpacTipeg 160pPOTiog HE EVOIAUESO SLoMPIGUO TG
EKAOTOTE 0VGIOG TOV dlmEPVAEL TN HeUPPav: peBavorn yia TNV opyavOPIAn LepPpavn Kot vepo yio
Vv V3POPIAN. O cVVTELEGTHG Slo®PLGHOYL TOL GTotYElo | 0pileTar mG:

F permeate
i

SF. =

i ermeate retentate
FP +F
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522 XbvBeon albavioing amo CO;

H ovpfotcn pébodog mapaymyng arbavoing Boaciletar otnv avtictpoen avtidpaon HETATOTIONS
'WGS yio v mapaywyn povoledion tov dvBpaka kai oe devtepn don, otn obvheon g abavoing
o€ LYNAN Tieon:

2C0, +6H, < C,H,0H +3H,0 (R23)
CO,+H, < CO+H,0 (R24)
2CO0+4H, & C,H.OH +H,0 (R25)
H dibdtaén tov ev AOY® GLOTHHATOS QAIVETHL TNV TOPAKAT® EKOVAL:
light gases @

BRd
flue gas B

MAS

) syngas
air T
@ ( )

tail gas @
%]
H, methanol

Reverse
Water Gas Shift

ethanol

water higher
alcohols propanol

water

Q a Qi

Ewéva 127. Adypoppa pong yio Ty mapayoyn abavoing pe Baon tnv avtiotpoen avtidpaon LeTatomiong

To kawotdpo Bepuoynukd oynua mov mpoteivetal, Baciletal otny obvieon dipebviabépa (DME) mwg
€VOLApECO TTPOIOV Kot amoTerEiTOL amd dvo otddia. To TpdTo 6TAd10 givarl 1 cuvBeon tov DME amd
CO: kot Hz. Ot xvntikoi mopdpetpor Pasiloviar oty gpyacio tov Lu et al. [179]. H depyaoia
hauPaver yodpo og Oepuokpacio 220-300 C kar nicon 30-60 bar.

CO,+3H, & CH,0H +H,0 AHS98 =-49.5 k\]/mO|CO2 (R26)
CO,+H, &»CO+H,0 AHS98 =4+41.2 k\]/mo|Coz (R8)
2CH,0OH < CH,0CH, +H,0 AHSQS =-23.4kJ/mol (R27)

To devtepo oTdd0 apopd otnv petatpont] tov DME cg aibovoln og dvo Pripata [40, 180, 181].
To npmdTo givar 1 kapPfovurimen tov DME, evd 10 8g0TEPO 1 VOPOYOVOGT) TOV TOPUYOUEVOD EGTEPAL:

CH,OCH, + CO <>CH,COOCH, (R28)
CH,COOCH, + 2H, <>CH,OH +CH.CH,OH (R29)

To dghtepo oTAdI0 TpaypaTonoEitol o SMAO avidpactipa oelplakd o mieon 15 bar kot
Bepuokpacio 220 °C [40, 180]. H d1ata&n tov oyfUaTog GaivVETAL GTNV TOPUKAT® EIKOVA.
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ethanol

Ha, CO;

.
|

|

| Ethanol
A ano:
®

DME

methanol

Ewéva 128. Adtaén g mpototunng diepyooiog yuo petorponi] Tov CO2 og atBovorn péco DME

5.3 Anoteléopato

531

ATOTEAEOUATA TTPOTOUOLWOEWV

YHompo Topaymyns MeBavoing

Mo mv a&lohdynon tov puOpod mapoaywyng kébe cvotatikod, E10AyeTaL 0 OPOG TNG ATOI0oNS
(yield) to omoio opiletar g o yivopevo g petatpomig tov COz pe ™V emMAEKTIKOTNTO TOV KAOE
ovotatikov. H gvepyetikn] emidpactn TOV GUYKEKPIUEVOD TOTOVL CVTIOPAGTHPO UE TNV avénomn Tov
SFmeoH @aivetal omn peiwon NG OYKOUETPIKNG TapoyNg Tov aepiov pedUOTOg OV UTAiVEL GTOV
avtdpactipa. H oykouetpikn mopoyn kabopilel to puéyebog Tou avtidpacstipa Kot GUVETMS, TO KOGTOC
TOV. AV Kot givot o ToAvTAokn dtdtaln, o1 Bacucég Stuotdoels Tov avapévovror va gtval £mg kot 50%

pKpOTEPES.

Ewéva 129. TTapaywyn CO kat CH3OH cuvoptioetl tov cuvtedestdv d10@pioptot SFyater Kot SFyveoH

Kato vmo, gite vopoéQireg 1 opyavopireg cvvinkes, mapatnpeitor 1 odENon Tov TOGOGTOD
petazponng Tov CO,. H apaipeon tov vepol, OL®G, EXEL AUEANTEN ETIOPACT GTIV OYKOUETPIKT TOPOYT|
TOV €10ePYOUEVOD 0EPiOV, KATL TOL amodideTol oty avénon g topaywyng CO pe v advénomn tov
SFuwater, 010G aivetar otnv Ewkova 129. Xe quth v TepinToon, 1 aTopdKpLUVeT VEPOD EVVOEL TNV
avénon g mapaynyn wovoEediov Tov avOpake AOY®m NG avTidpaong UETOTOTIONG. ATO TNV GAAN
peptd, n mapoywyn pebavoing guvoeital amd TNV ATOUAKPVVOT) TOGO VEPOD 000 Kot LeBavoing Hécw

™G pepPpdvng.
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Kepdiaio 5

INoao v a&loroynon g Asttovpyiag kabe povadag alomoinong ko petatponig tov COy, slodyetan
0 TOPOKATO PabUog amddoonG:
n _ mCHaoH ) LHVCHgoH
cuu —
mHzinIet : I—HVHZ + Z Pcons

H mopayoywotto g pebavoing ovéavetot kotd 26% pe ) ypnion HEUPpovav ooy Guvovaouog
g avénong tov COz kat TG EMAEKTIKOTNTOG € PeBaVOAN. ATO TOVG EVEPYELNKOVG VITOAOYIGUOVS GE
OM0 TO CVOTNUO TPOKVTTEL OTL TO BepUIKd TEPLEXOUEVO TOV AVAKVKAOPOPOUVI®V aepimv etvar 3.6
(QOPEC UeYOADTEPEG UEYOADTEPO OO ALTO TOV PeLUOTOG TPoPodocioc. [ldve amnd to 97% TV
GUVOMK®OV NAEKTPIKOV KOTOVOADGEWDY OTOLTOVVIOL GTOV NAEKTPOAVT. O GLVOAIKOG eEgpyelakde
Babpog amddoonc 6to cupPartikd cvomua givar 52.7% eved oto Tpwtotvmo 53.7%.

Hompo Topaymyns ABavoing

Ta Pocikd amoTeAEGUATO OTO TIG TPOCOUOIDGEIS TV OVO OEPYUCIDY TOPAY®YNS obBavOANg
eaivovtal otov enduevo mivako Table 52. To cvotnpa mov Paciletor otny Topaywyr abovoing pécw
DME éyxet peyolotepn amddoon. Avtd amodidetar oTig NmOTEPES AVTIOPACEIS TOV AdpPdvouy ymdpa
oTN GLVOAIKT dlepyacica, Yeyovog oV 001 yobv odnyel oe Ayotepeg OEpUIKEC amAITNOELS, TOPd TIC
VYNAOTEPEG EVEPYELOKESG KATAVOANDOEL,. O GUVOAKOG eEgpyelaxds Padog amdd0oNG GTO eV TPMTO
ocvotnua tvar 41.9%, oto de degvtepo 49.3%.

Mivoxoeg 90. Baocikd omoteAéGLOTO TPOCOUOIDCEDY Y10 TNV TEPITTO®OT TG cVVOes G Abavoing

EtOH on6 rWGS EtOH on6 DME

emow topaywyn DME - 72036
gtola Tapoywyn obavoing (tly) 32777 61983
etho Topoyoyn nebavorng (tly) 12357 -
€O TOPOY®YN TPomavoAng (t1y) 10079 -
petatponn CO; (%) 49.5 56.5
10600710 aftomoinong COz (%) 68.7 (81.1)* 98.0
ouvolkég Beppukéc katavarooelg (MWi) 13.78 13.18
Bepikn 1oy0g amoepiov (MWi) 14.03 1.82
amoppurtopevn Beppotnta (MW) 27.38 21.81
OLVOMKEG evepyelakéc Katovalmoelg (MWe) 2.05 4.18
Beppikodc Pabuoc anddoong (% KOT) 63.2 70.3

L1t oy mopévieon avapépetar 6tov dvOpaxe ot HeBavOrn Kot TIC ovdTEPES aAkoOAeg pali

532  Owovouixn avaivon

Ocov agpopd 6NV otkovolikm avdAvon ywo v mepintmon g abavoing, 1 Katovopr KOGTous
T0V OAoV cvotiuatog mapovoldletarl oty Ewéva 130 kot yuo Tig dvo depyocieg. H gumopucy
a&lomoinon tov 0&uyovov de AauPdvetal LVITOWYT. ZVYKPIvOvTag To dVO GYNUOTO JEPYUCIDY, TO
TPOTEWVOUEVO (TP®THTLTO) oYL, 0ONYEL € UKPOTEPO KOGTOG TapaymyNG afavoAns. To extudpevo
vt K6oToG etvan 2.01 Qopég peyoldtepo amd TV TPEXOLGO. pmopikn a&ia T abavOAnc.
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2500
@ other CCU OPEX
1996 €/tn
2000 + B CCU electricity cost
= 1645 €/tn
£ BCCU CAPEX
%, 1500 1
2 B CO2 cost
o
% 1000 817 €/tn B Electricity Cost for H2 compression
e
@ O Electricity Cost for H2 production
500 1 .
B H2 Compression & Storage Cost
0 B Electrolyser Cost

traditional technique  new technique
rwGs - MAS DME to EtOH

Ewéva 130. Mapaymyn Aavoing and CO; - Katavopun K66toug

Ymv mepintoon g epmoptkng a&lomoinong tov o&uydvov cav Topampoidv, 1 EAGYIOTN TN
TOANONG ™G abovoing oty npdt mepintwon méptel ota 1.27 €/1, evd otn devtepn ota 1.11 €/1.
AapPavovtog, eniong, vwoyn OTL TO0 KOGTOG TG KLTTUPIVIKNAG oaBavoAng (TG oL TPOEPYETOL A
Broynuikég depyaocieg- arkoolkn {ouwon) sivar 0.70 €/1, mepiocdtepn mpoomdbeio mpémer va
katafAnfel, dote 1 evarloktikny afavorn and CO2 va KOTAGTEL AVTOYOVICTIKY).

5.4 Loprnephopata

AvTO 10 KEQPAAMO EMKEVIPpOVETOL otV Pedtioon tov depyacidv petatpomis tov CO. oe
avaTePNG TodTNTAG Kavola. Avo kevepikés 10éeg e€etalovtat, ua yio moapaywyn pebavoins kot po
yvioo otBoavoAn, cvykpvopeveg pe TIC avtiotoyes ovuPotikég depyocieg. TV TEPIATOON TNG
pebavoing, n vioBETnon Tov avTIOPACTIPA LEUPPAVAOV deV EMPEPEL KATOLO OVGLUGTIKO OPEALOG GTNV
OTOJ0GT TOV GUVOALKOD GUGTAIATOG, OAAL avEAVEL TNV TAPAYOYIKOTNTO GE HeBUVOAT, 0dNYDVTOG OF
évay ovTIOPOCTNPO UE WIKPOTEPEG OOOTAUCELS. XTIV TEPIMTMOON NG bavOAng, TO TPMTOTLTO
oynuo,mov mpoteiverol Kot eEetdleTon 08 LT TNV gpyacio, £xel vyMAGTEPT amddoon AOY® T®V
YOUNAGDV OepUIKOV amOITNOEDY Kol T0 KOOTOG Topaymyng sivar 18% yauniotepo. Ilapdia ovtd,
apketn Tpoomadeia Oa wpémel vo, kataPAnoel akdua, dote ta Tpogpyoueva amnd CO;z kadoo va gival
OVTOYOVIGTIKO GTNV Oyopdl TPOKEWWEVOL TO OVTIGTOLY0. GLGTNUOTO VO EPOPUOCTOVV GE EUTOPIKO
eninedo.
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6. Xyedwoopnos kor povreromoinon Proowirotnpiov vy 1T
KOTOAVTIKI] HETATPOT] oEPiov ovvleong oe avaOTEPES
OAKOOAES

6.1 Ewayoym

Eival yvooto 6t1 1 Propdlo amotelel T HOVOSIKT OVOVEDGLUN YN EVEPYELNG OV UTOPEL VO
xpNoomonfel yio TNy avamTLén Kot Topaymyn KOUGIH®VY KOl TPOTOVIOV TOV MG TMPO TPOEPYOVTOL
OO TO OPLKTA KOVGIHa Kot Kupiwg to metpéhaio. To ékto Kepdrato g SoTpiPng £xel va KAVEL pe TO
AETTOUEPT] GYESAGIO KOL TN LOVTEAOTOINGT €VOG PLOSTLAIGTNPIOL TOPAYDYNG AVATEP®DY OAAKOOADY
(a1Bavorn, Tpomavorn KTA) HEC® BEPUOYNUIKDOV SEPYACLDV.

211 cLYKEKPUEVN TTEPITTOOT), 1] KOpLo Beppoyniuky| petatponn tng Propdlog eivon ) agplonoinon
,0mov N oteped Propdlo petatpénetal o€ Eva aéplo (aéplo ovuvbeonc) mov amotedeitan Kuping omd Ho,
CO xar CO,, 10 omolo amotelel ) Pdon yio T cOvBeon oG TANODPAS YNUKOV EVOGE®V, KATOEG
oo TIG omoieg etvat Kot ot aAKoOAES. Ot LOVTELOTOI0VUEVEG TTEPLOYES Elvan 1] agplomoinoT (LEAAY vYpod
—black liquor-, &Xo), N mopaywyn o&vydvov, o kabapiorodg TOL TAPAYOUEVOD GEPIOL Kot TEAOC, M
TOPOYOYTN KOl 1] ATOUOVOGCT] TOV OVATEPOY OAKOOADY OV ATOTEAOVY KOl TO EMBVUNTO TPOIOV.

6.2 Ileprypa@i] Tov ProdrwricTnpiov

Ta dvo vrd e&éraom cvotiuata @aivovior otnv Ewkéva 131. H mapaymyn tov o&uydvou yiveton
oe Movada Awyopiopot Aépa pécm kpvoyovikmv pedddmv onmg kot oto 2° Kepdiaio g dtotping.
To moapayduevo o&uyovo givor Tohd vynAng kabapodtntag (98%), dote va eElayictomombovy To adpavn
aépra (N2, Ar) kotd ufrog g cvvorikig diepyaciog. H texvoloyia aepromoinong mov emiéyetan givan
TOPOCVPOUEVNG PONG YO TNV TEPIMTOON TOL HEAOVOG VYPOD KOl PELCTOMOMUEVT KAIvN
avakvkAoeopiog yio TV wepintwon g EvAndovg Popdloc. Kot ot 6vo Aaufavoovy ymdpo vo wicon
(>27 bar), evd 1 Bepuokpacio cTov mapacvpopevnc pong eivon mive arnd 1200 °C, kot oty kAivn M
Oepuokpacia dev Eemepvd tovg 1000 °C.

O kaBopiopog tov mopaydpevov agpiov cuvleong nepAapPavel TNV ATOUAKPUVGT TOV GTEPEDY
cOMOTVIOV Kot Too®mV (Lovo oty mepintmon ¢ EuAMOovs Popdlog), v amopdkpvuver NHz kot
HCI, kot v amopdkpoven tov 6&vev aepiov HoS kar CO,. Idwitepn éueoon divetor yio v
LOVTEAOTIOINGT] TOV HOVAS®Y OTOUAKPLVONG TV dvo TeAevTainv aepiov. [a 1o pev vépdOelo, M
teyvoloyia déopevong mov emAdyOnke eivar n ok amoppoenon ue drarkvt Selexol™, evd yia Ty
anopdkpovon tov doketdiov Tov GvOpaxa owth pe dtoddn Rectisol™. H katolvtikf ovvleon twv
0AKOOAMV AapPdvel ydpa o€ COANVOEBODS TOTOV KOTAAVTIKO AVTIOPOCTPO VIO TieoT. Avo TOTOL
KOTOADTOV e O1opopeTIKEG EMOOGELS Kal Asttovpyia e&etalovTial: 0 mPMTOG, EVOG TPOTOTOMUEVOS
KOTOAOTNG oL ypnotpomoteitat katd Pdon v diepyocio Fischer-Tropsch (MoSz) kat o de0tepog, vag
TPOTOTOINUEVOG KaTaADTNG ovvBeong uebovoing (Cu-Zn).

Extog and ta emBountd opyovikd mpoiovio (avatepeg aAKOOAEC), GTO, TPOTOVTH GUYKOTAAEYOVTOL
kot CO; pe vdpoyovavOpakeg mov otny Tepintmon mov eetaletan Bewpovvtal avemBuunTa Kot TpEmet
va amopoakpuvOov. To pev d10&idio Tov dvOpoaka amopakpvveTat ot povada dtaympiopod CO2 ,otav
TO OVOKLUKAOQOPOUV aéplo evmbel pe 1o aéplo ovvbeon mov £€pyetanl amd TNV 0EPLOTOINGT).
[Iponyovpévmg, ot avemBountor VIPOYOVAVOPAKEG VTOKEWTOL GE OVOUOPE®ON o€ avtddeppo
avTdpactpo avaudpeoons. To aéplo avtd mov amoTeAeiTol amd TO, U OVIIOPOVTA CEPLOL KOL TIG
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npoovoeepBeioeg ovoieg dwaywpiletar amd To emBountd TPOIOGVTO GTN HOVADSX Ol0YMPIGUOV KoL
KaOapIGUOD T®V OAKOOADV, HETA TOV avTIOpacTpa cuvleonc. O Sloy®PIGUOC TOV OAKOOADY HETOED
TOVG AapPavel ydpo 6e amooTaKTIKEG oTNAES. [0 va kaAveBolv ot dmoteg Beppukég Kot NAEKTPIKES
avdykeg mov amaitodviatl oe Kabe vocvotnua Tov Prodwlictnpiov, Bewpeitor 6TL VILAPYEL KO EVOG
oTaOHOG cuUTOPAY®YNG TTOL AEITOVPYEL He HEPOC amd To avakvkAopopovvta aépta (CO kot Ho) ot
povada ovvleons. O otabpog copmapaymyng eival cuvoLasEVOS KOKAOG Yo vyMAS PBabpd anddoong
Aertovpyiag Kot a&lomoinong Tov aéPlov KAVGIov Tov £pYETaL GTN LOVAdO aVTh VIt TEDT.

Power Plant

Q
—

Particulates filter

. GT
flue gas = - .
— () HRSG air
particles = = steam
= steam —1 MeOH
biomass —

oxygen

Bed Gasifier

oxygen

Circulating Fluidized

ASU

Alcohols Synthesis
& Separation

NH,, HCl H,S Removal Unit

Ammonia Scrubber alcohols

AsU Power Plant

2 - =
HRSG air

black liquor

Entrained Flow alcohols
Gasifier H,S Removal Unit

NH,, HCl

Alcohols Synthesis
€O, Removal Unit & Separation

Ewova 131. Awoypdppato pong yio To Vo SopopETIKE GLOTALATO £XOVTAS MG TPMTN VAN &) EVAmON
Bropdda ko b) pérav vypod

6.3 Me0odoroyia povTeELOTOIN OGS KO TEPLYPAPT] TOV HOVTELOV

H povtehonoinon tng aepromoinong Paciotnke oty vrdeon g MUK 1G0PPOTING HECH TNG
ehaylotomoinon g evépyetog Gibbs. Xty mepintwon e EuAddovg Bropdlag 6to poviéAo 1oppomiog
dopBdOnke N cvykévipmon tov pebaviov pe Paon ) Piroypagia [207]. Idaitepn upoomn, AoOyw
duoKoAinG, dOONKE Yo TNV OTNV OTOTELECUATIKT LOVTIEAOTOIN G TG 0EPIOTOINGNG TOV HEAVOG LYPOV,
AOY® NG W1UTEPOTNTAG TOV OVOPYAVOV GUGTATIKMY TOV VO GUUUETEYOVV EVEPYE GTN SLOUUOPPOOT] TOV
TPOIOVIOV TNG dlepyasiag, e To oynNUOTIcUd ToL «Tpdoivov vypov» (green liquor).

H povtedonoinomn tov kabopiopod tov aepiov kuping emkevipadnke otnv amopdkpuven tov HoS
kot COz. Idwitepn éupacn 600nke oty €mloy TOV KUTOAANA®V OEpUOQLOIK®V 1O10THTOV Kol
kataotoTikav eélomcewy. H poviehonoinon tov avidpactipo cdvieong faciotnke o€ avtiopactpa
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EUPOMKNG POTNG CUVOOEVOUEVOG IE TIG KIVITIKES EKPPACELS TV avTIOPACE®DY TTOV AauPdvouy ydpa o
Kk@0e o mepintwon KotaAdtn. Ot TOPAPETPOL Yo TO KIVNTIKO UOVTEAO TG ovvOeong 0AKOOADV
Kavovtag yprion MoS; mapdnkav and 1o [224], evod yo v mepintwon pe kataivtn Cu-Zn and to
[214].

6.4 Anoteléopato

6.4.1 XVykpion tng amodoTIKOTNTAS TWV SU0 SLAPOPETIKWY KATAAVTWY

Ka ot dvo mepimtdcelg £xovv mapopotla Tpodik Oeppoxpaciog kot migong. O katadvtng Cu-Zn €xst
TOAD TEPIGCOTEPES AMALTNGELS OE AvVAKLKAOPOpia HeBavOANg kat aepiov GUVOEGNC TOL OV AVTESPUGE.
O avtiototyeg mapoyéc palog lvar LEYOADTEPES YU QUTH TNV TEPITTOON.

Yy mepintoon tov Kotodvtny MoS; mov epapudletor 610 cevaplo g Euaddovg Propdlag
(“mepintoon A1”), n petazponny CO ko Ha vroloyiletan ota 32.8% ko 17.2%, avtictoya. Amd tnv
GAAN HEPLA, YPTOULOTOIOVTOG TOV GAAO KataALTN Yo TNV b wpdtn VAN (“mepimtmon Bi1”) ta
avTioTOl(o TOGOOTH PeTaTponng elvar 7.7% Kot 5.2%. Avto deiyvel 0TL 0 KataAvtng pe faon MoS;
elval kaTd TOAD KAADTEPOC GTO VO ETLTVYYAVEL LEYAADTEPT] TOPUYDYIKOTNTO AOAVOANG KoL TTPOTOVOANG
(Mivakag 91). O Cu-Zn kataAdmg Slotnpel To. YopaKTNPLETIKA 10 TOAD Yio 60V puebavoing Kot
Oyt OGO Yl AVATEPES OAKOOAES, YEYOVOS OV AVEAVEL SPACTIKA TG AMOLTAGEL Y10 AVOKVKAOPOpia
aepiov. To péyebog Tov avTIdpacTnpa VoL TOLAAYIGTOV TPITAGGLO GE GYECT LLE TNV WOOVIKT| TEPITTMON
evog povng dtédevong avtidpactipa. Ot omontioels yio athd Kot nAeKTpikn evépyeta kabopiletl kot v
TOPOYN TOL UTOEPIOV TO OTTO{0 YPNOOTOLEITAL GTN LOVADH CUUTTAPAY®YNS. TNV TEpinTwon Az, avTo
70 1060070 givar 16.2% evd oy mepintmon By 32.2%.

Mivexoeg 91. EWwéc mapoyés nalag mpoidvimv kot GAA®V KOptmv peuIT®V Tov BlodtuAlotnpiov.

TOTOG KATAAVTN MoS, Cu-Zn
ypappdplo Tpoidovimv ava KIO TpdTng VANG
oBovorn 89.45 39.64
TPOTOVOAN 39.02 20.30
KILQL ATOLTOVUEVOL OTHOV OV KIAO TTpAdTNG VANG
avTidpooT HETATOTIONG 0.023 0.027
avtidpaotn avapdpemong 0.274 0.602
omAn avayévvnong ot povada HaS 0.005 0.019
KA OTOLTOVUEVOL 0ELYOVOL aVA KIAO TPAOTNG VANG
agplomoinon 0.653 0.653
AVOLOPO®ON 0.254 0.251

O Mivakag 92 deiyver Tig £101KEG KATAVOAMGELS Yio TIG dvo avTég mepttmosls. H mepiocodtepn amod
TNV OTOLTOVUEVT] AEKTPIKT EVEPYELD KOTAVOA®VETOL 6T Movado Ataympiopuol Tov Aépa Kot Yio TV
CLUTIEST TOV AVOKVKAOPOPOUVI®V aepimv mpo Tov avidpactipa cvvheons. H povada amobeimong
EYEL KO VYNAEG EVEPYELOKES KOl BEPUIKES AOTNGELG Y10 TV AVTANGT] TOV SLOADTN KOl TNV avay€vvnon
TOV, GTOV OVOYEVVITI] OVTICTOLYO.

Mivoxoeg 92. EWdikéc evepyelakés KoTavaidoelg o€ kabe povade tov frodwiiotnpiov.
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kataAvtg MoS;

kataivtng Cu-Zn

% A®I % AGI
kJ/gha TpOG HANG kJ/gua TPOTNG HANG

Movada Awywpiopod Aépa (MAA) 5.6 3.62 18.5 5.88
ocvumieon aegpiov ovuvleong 7.4 4.85 27.6 8.75
GLUTIEST) AVAKVKAOPOPOVVTOV AEPI®V 0.6 0.37 3.0 0.94
amopdkpoven HoS 0.1 0.52 1.6 0.52
amopdkpuven CO; 1.9 1.29 5.9 1.86
20voro 15.6 10.17 56.6 17.96

Ta Baokd gvepyelakd peyédn tov frodwiietnpiov, 6tav 0vTd Acttovpyel ue Tig Gvo VILd e&étaon
TPOTEG VAES, Tapovoidletar Topovoidlovtar otov Iivakag 93.

Mivexoag 93. Evepyelakd 160L0Y10 ToV TEPMTOGEDV agptomoinong pe Lélav vypo kot EvAddn Propdla

TPMTN VAN

AOBI un eneepyacpévou aéplov cuvleong
AQI eneepyacuévou aéplov ouvheong
(MAA) gvepyelorég KOTOVAADGELS
Movadeg anopdxpovong HoS, CO; -
EVEPYELOKEG KATAVUADGELG

SVVOMKEG EVEPYELOKEG KOTAVAADOELS

AvoTepes ahkooreg A.O.1.

&vio pélav vypod
% A®I g e1oepyduevng o’ VANG
74.0 60.7
63.6 52.6
3.62 4.76
1.33 2.02
10.2 104
21.0 14.2

Kéavovrtag v Bsdpnon g pebavoing wg «embountd mpoidovy, 1 Mote TV TEAK®V TPoiovImV

dlevphvetal. T’ anTn TV TEPINTTOOT UEWDVOVTOL Ol GUVOMKEG KOTOVOAMGELS KaOMC dev omatteitar N

avakvkAoeopia g pebavoins. O Mivakeg 94 cuvoyilel Ta Baoicd amoTEAEGLLATO OO TIC TEPITTAOCELS

nov Bewpeiton N uebavorn g telikod mpoidv (n mepintwon C kou D givon pe xatoidtn MoS; and Cu-

Zn, avtictouya).

Mivaxag 94. Enidpacn g avakvkiopopiog tng pebavoing ot Aettovpyio Tov otafuovd (mepintwon

pérlavog vypov-BL).

TOmog OVOKUKAOQOpPlOL  PETOTPOTY|  LETOTPOTN| rapayOY rapay oY
mepintoon KaToAbm HEdavOANC CO (%) Ha (%) AVAOTEPOV. pebavorng
aikoordv (g/kg L) (9/kg BL)
Az MoS: yes 21.89 11.50 27.03 -
B> Cu-Zn yes 5.3 3.6 13.84 -
o MoS; no 21.51 11.71 24.78 7.32
D Cu-Zn no 54 3.6 7.75 421

6.4.2 AvdAvon svaiobnoiag

XounAOTEPEG TIWES NG OPLOING YMPIKNAG TOYVTNTOG TOV €loepyOUeEVOL aéplov pevpatog (Gas
Hourly Space Velocity, GHSV) odnysi odnyodv ce peyoldtepn mopoymyn Kot ETAEKTIKOTITO TOV
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embopntdv otoyyeiov (avatepeg olkodres). H avEnuévn micon emdpd Oetikd otnv amddoon Tov
GLOTHUATOC, OV KO 0UTO GNLOVEL Kot UeYaADTEPO KOGTOG e£omonov. Xouniég Tipég oto Adyo Ho/CO
VIO GUYKEKPLLEVES TEGELS Kot Beppokpacies é0e1&av v eueavion otepeov avBpaka, 1 enkddion tov
0010V GTOV KATAADTN EMPEPEL CTUAVTIKY pelwon 6To xpdvo {®n Tov KaTaAHTY.

6.5 Zoprepdopata

To Topdv KEPAAOMO EMIKEVIPMVETOL GTN AETTOUEPT] HOVIEAOTOINGYN €VOC OAOKANP®UEVOL
BrodwAictnpiov meptropufavovioc Oleg Tig dlepyasieg mov AauPavovy ydpo Yo TNV TOPUY®YN
avATEPOV AAKOOADV amd Propdla (EvAddNe N péiav vypo). H povtelomoinon éywve oe mepipdilov
ASPEN Plus™. To vr6 e€étaon cvothiuota avalvdnkay kot cuykpidnkav yia to fadud amddoong mov
€YOLV KO TIC OTMOAELEG KOl KOTAVOAMDGELS OV TTopatnpovvtol kaf’ oAn t depyosio cuvorikd. Ta
amoteAEopaT £0E1EAV OTL TO GUGTNLO TOV OYXESAGTNKE Kot Agttovpynoe pe Pdon tov MoS; katadvt
glval katd TOAD KOADTEPO, OGOV aPOPE TNV AmOS0CT KOl TNV TOPUYDYIKOTNTA TOV O OVMTEPEG
oAkooleg amd 10 avtiotoryo pe Cu-Zn katoddTn. Xtn 0e0TeEPN MEPINTWOT, TApATNPEITOL OLENUEVN
TOPAYOYIKOTNTO o8 HeBavOLn, 0 KOBUPIGUOS KOl 1 avaKLKAOQOPIoL TNG Omoilog OmoTel OPKETES
katavaAdoelg. H vynin migon Aertovpyiag Exel Oetikn enidpaorn oTny TAPUYOYIKOTNTO TOV AAKOOADY.
Teyvikd,, 1 aeplonoinon propei va mpaypatoroindel oe vynAOTEPES MEGELS, ALY avTd B 0dNyNoEL
o€ avéNUévec cLYKEVTPOGELG VOpoyovavOpikmy —kvping CHs— o1 omoiotl Oa Tpémet va avapopembovv.
H obvBeon vdpoyovavBpikmv ce avtd 10 oynuo ProdtoMotnpiov €XOvV OpVNTIKN ETIMTOOY GTNHV
eMidoom TOL CLOTNHUOTOC, KOOMG elvarl PEYAAES Ol EVEPYEWNKES GMMAEIES YO TO SOYMPICUO TMV
TPOTOVTOV, TNV TOPAYMYN TOV GIOITOVUEVOL 0EVYOVOD Y10 TN AEITOVPYIO TOV CVOUOPPMTH KOl TNV
avaKvKAOQopio TV aeplmv.
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7. EvolhokTikée Oeppoymuikés TeYVIKES Ywo TN ovvOeon
OEPOTOPLKOV PLOKOVGINOV HECO GAKOOAOV: HOVTELOTTOINON
K01 GYE010G OGS OLEPYAGLAOV, OLKOVOUOTEYVIKT] 0EL0A0YNON KOt
oVYKpLon

7.1 Evoaymyn

To 12% twv exnmoundv CO; 6TIG HETOPOPES OQEIAETAL BTN YPTION TOV GEPOTOPIKAOV KAVGIH®V pe 698
ekatoppdpla Tovoug ekmopmtdv 1o 2012 [229]. H avdmtoén kavcinmy TpoepyOueve. TpoEPOUEVOVY Ao
Bropala oyt povo Ba copPdirel ot peiwon Tov ekmopnmv CO2, oAAA Kol 6T 6TASI0KT OTOYKIGTPOON
07t0 TOL OPVKTA KODGLO KOt TIG OTPOPAENTEG OLOKVUAVGELS GTT) TUUT TOL TETPEAOIOV KO TOV TOPOY DYDYV
tov. H Booikn ovpPatikn péBodog mapoaywyng oepomopikdV KOLGIH®V glval HEC® KAUGUATIKNG
andotaéng Tov meTperaiov. Mo GAAn pébodog eivar péow g depyaciog ocvvBeong Fischer-Tropsch,
61OV N TPOT VAN (AvOpakag, puctkd aépto N fropala) Tpata petatpénetol og agpto piyua Hy xar CO
T0 01010 VIOKEVTOL GE KOTOAVTIKY] cUVOEST Yol TNV Tapay®yr| VOPoyovavOpaKwY, KuPInS TaPAPVAOV.

e 0vTO TO KEPAANLO TOPOVGLALOVTOL KOl YIVETUL T OIKOVOUOTEYVIKT LEAETN SapOp@V OEpLOQLCIKMV
SLdpoU®V OlEpYasI®dV Yo TV Tapay@yn dakiadicpévav tapaevav ond fopdala. Meyahdtepn
éupacn divetot 6to TUNHE TG avaPaduiong Tov kavoipov, 6Tov ekel 1 OAN dlEPYAGio KATOANYEL GTO
TeEAMKO emBuuntd Tpoidv. Mali pLe Ti Vo TPOTOHTLTIES dlEPYATiEs LECH GUVHESTC OVADTEP®V AAKOOADYV,
nopovolaletal emiong kot n cvpfotikn pébodog pécw g Fischer-Tropsch covBeonc. o cuykprTikog
AdyoLC oTNV EVOTNTO. TNG OIKOVOUTKNG a&10AdYNoNg TV oevapiny, eEetdlovtal emiong Kot 6Vo GeEVAPL
nov Pacifovtor og Proynpukég depyaociec.

7.2 Tleprypa@i] TOV TPOTOTUTOV OEPROYNUIKAOV IIEPYOOLOV

Ot moAbmlokeg opyavikéc OSopéc e Aryvokvtapwiknig Plopdlog upetatpémovionr Oepuikd oe
OTAOVGTEPEG EVOELS LESM TNG aepLonoinomg. Metd and pia Stodikacio Tov amotedeital amd Sidpopa
oTAad0 dlEPYUCI®V, TO 0EPLo cVVOEoN g ToL amotereitatl omd CO kat Ha ypnoipomoteiton yio t ovvBeon
erappiv oAkoolmv [175, 265]. Ooeg opyavikéc evidoelg dg, cLUUETEYOVY otV ovafdduion tov
OAKOOAMV TPOG TOPpay®YN AAKOVIOV 1E HEYAAO aplBud atopmy dvBpaka, 001N yodVIaL GE AVTIOPOCTHPA
avapopewong, ®@ote o C mov Ppioketal vad ™ popen CO va eivar og Béon va ypnopomomOei Eova.
To vnd e&étaom ProdtwMotiplo KOAOTTEL TIG OEPUIKES KOl EVEPYEWNKES TOVL OVAYKEG HECH NG
¥pNowonoinong Uépovg omd TO AVOKLKAOPOPOUV 0éplo (amaéplo) GE HOVAON GLUTOPOYMYNS
NAeKTPIKNG Ko Oeputknc evépyetoc. H duvapukn tov evepyelakov cuatiuartog empeitar 190 MW yuo
va propel va ouykpiBel edkoAa pe mopopoleg peréteg Prodtwhotpiov ot Pifloypaeia. O TOTOC
Bropdlag mwov Bewpeitar wg mpdn VAN eivan EHAo. To kopudtt g agpromoinong Evimdovg Propdlag
TEPIYPAPETUL ALVOAVTIKG GTO TPONYOVUEVO KEPAAOLO TNG JALTPIPTC.
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Ewoévo 132. Zynpotikn ameiovion g Topoyyng aepOTopiK®V POKoVGIH®V amd aAkoOAEg

Ymv napondve Ewéva 132 mopovcidlovtor Oheg ot diepyacieg omd TV TOpAy®Y ] TOL 0EPIOL
ovvbeonc o€ agplomom T Vo meong Kol e 0EemTIKO uEGo Kabapd o&uydvo, tov kabapiopd Tov
agpiov avtod mov nepthopPdvel Ty amopdkpvvon ovoldv 6w NHs, HCI, HaS kot CO2 kot T phbpion
NG CVUGTACN TOV GTOV AVTIOPAGTHPLO. LETATOTIONG. T0 KOPUATL AVTO PEXPL TOV AVTIOPACTHpa cUVOEST S
elvar Koo yuo dAeg Tig VIO €EETAOT TEPITTMGELC.

7.2.1  XUvOeon aAkooAwv kat avafabuion kavoiuov

Onwg¢ paiverar otnv Ewéva 132, and tn povada cdvBeone orlkoordv (MAS) kot to dtaympiopd tomv
e€epyOuevOY PEVUATOV omd TOV OVTIOPACTHPO TPOKVTTOVY O6VO PUCIKE PEOUOTO: Ol OVMTEPEG
aAkoOAes (9) kot éva aéplo pedua mov TEPLEXEL TO 0éPlo oHVOESNG TOV OEV AVTESPACE, EAOPPOVG
vopoyovavOpakec kol 010&€idto Tov GvOpaka. MEPog amd TO JEVTEPO PEVUO YPTCULOTOLEITAL GTN)
LOVAdO GUUTOPAY®YNG, HEPOG aTd TO VOPOYOVO OV TEPIE)ETOL dtoywpileTal otn povdda PSA yuo v
VOPOYOVMOT| GTO TEAEVLTAIO GTASI0 TNG avafABonG Kol To VTOAOTO 0OMYEITAL OTOV AVTIOPAGTIPA
avapopewong. Ot TopayOUEVEG GAKOOAEG VITOKEIVTAL GE OVTIOPACT] GUUTVKVOGNG Yio va. avénbovv ot
aAkoOreg pe Car KO OTN GUVEXELD OE OVTIOPAOT] APVYPUVOTG Y10 VO LETATPATOVV GTIS OVTIGTOLXES
ohepiveg (ahkévia. 11). H avénon tov atoumv avOpaka oTiS opyavikég eVOOELS EMITEAEITOL GTO
emopevo Pripa depyacidv 6mov Aappdaver yodpo n obvBeon Cs~ olyopepav (12). Télog, péow g
avTidpaong VOPOYOVMOOTG TOPAYOVTUL SIUKAASIGUEVEG TTOPAPIvES (AAKAVI), TOL ElVOL Ol OTOPOITNTEG
EVOOELS Y10, avAEN pe aepomoptkd Kowotpo Tomov et (18) ko Peviivn (19).

7.2.1.1 XovOBeon Alkoolwv

H cvBeon alkoordv mpaypotoroteiton vd vynin mieon (>40 bar) kot Bepuokpacio peta&d 250-320
°C mopovcio KataAdT:
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nCO + 2nH, — CyH2n+1OH + (n-l)Hzo (R 30)

e avt ™ uelén, e€etdlovton dvo KaTaAdTES £vag Tpomomomuévog Yo obvBeon Fischer—Tropsch
(modFT) ka1 évag tpomomomuévog KotoAb g yio ovvOeon puebavoing (modMeOH). H dadikooio yio
TNV TOPOYOYH TOV SIOKAASICUEVOV TOPAPIVOV, TOV givat Kot To emtBuuntd tpoidv, kabopileton katd
TOAD amo TN Agttovpyia Kot TV arddooT TV eV AOY®M KOTOAVTMV.

7.2.1.2 Zvundrvwon alkooiov (avtidpdoeig Guerbet)

2V TEPInTOON OV YIVETOL YP1ON TOL KOTOADTN e TPOTOTOUEVO KaToAvTn Yo FT, To xbplo mpoiov
elvar aiBovorn. Le avti Vv mepinTmaon, N avtidpacn mov cuvtedeitat yio va mapaydei n N-Bovtavoin
[186] givar n:

2C2HsOH - C4HOH + H:0 (R31)
2V mMEPINTOGT TOV TPOTOTOUUEVOL KOATAADTY 7OV YpNolHonoleital yioo ovvleon pebavoing ot
TOPOKATO AVTIOPACELG AAUBAVOLV XDPO SLOSOYIKA Y1 TNV Tapayyn woPfovtavoing [279]:

CH30OH + C;HsOH - C3H,OH + HO (R32)

CH3OH + C3H/OH - C4HOH + H,0O (R 33)

7.2.1.3 Apvypoaven aikoodwv Tpog Tapaywyn twv oUoloywy oikevicwy

YT1C avTIdpAcElg apOypovong YIvETol M OTOUAKPLVGT TOL 0&VYOVOL OO TNV OPYOVIKN Eveon
(0AkoOAN) pe Tt popen vepoo [281]:
CsH7;0H - C3Hs + H20 (R 34)
CsHsOH > CsHg + H,O (R 35)

7.2.1.4 Olryousprouog alkevicwv

H avtidpaon avtn propel va mpaypoatorondei pe onolodnmote woopepés odepivig pe Ca. H avtidpaon
OV TEPLYPAPEL QLT T dlEPyacia eival 1 ToPAKAT®:
nCsHg > CanHgn, N=2,3,4 (R 36)

7.2.1.5 Ydpoyovwon oliyoucpwv

Té\og. Yo vo umopel To mapayOUeEVO 0pyavikd Tpoldv vo ypnooroindel Gov Kavoo PETOPOPDY
amolteital 1 LETOTPOT TV aAkeviov o€ aAkdavia pe Ha. Avtd emttuyydvetar mapovoio kataAivtm Pd
[294, 295] oe vynAég méoeig (>20 bar) kar Ogppokpooio peta&d 200 - 350 °C [296]:

CnHzn +H2 2 ConHans2, Nn=8,12,16 (R37)

7.3 Ileprypa@i] TG povreronmoinong TV vad £€taon dlEpyacLOV

Ot LOVTELOTIOIGEIC KOl Ol TTPOGOUOIDGELS TV SIEPYUCIOV OV EEETACTNKAV TPAYLOTOTOONKOV LE
ASPEN Plus™. To povtého tov Brodwlictnpiov dvvapkomrag 190MWy mov avemtdooetol
Boaciletar og yevikd amodektéc uebodoroyiegc 6TV eMGTIUN TG LOVTELOTTOINGOTG OlEPYACIDV KOl GE
O€d0UEVE IOV TPOKVTTOVY OO HIKPNG KAILOKOG TEPAUOTIKEG UEAETEG M Ttatévteg. H emioyn Tov
KATAAANAOL TOKETOV BEPLOPLCIKMV 1O10THTOV Eivol TOAD ONUOVTIKO GNUOVTIKY: Y10t TO KOUHUATL TNG
napoywyng kot eneepyaciog Tov agpiov ocvvleon emléyetar 1 RK-SOAVE, evd yia v cdvBeon kot
avapadon tov akkooidv 1 NRTL [175]. Avo kOpro oevapia eEeTalovTon e AETTOUEPELD. XTO TPMOTO
(repimtmon 1), 1 cOVOeoN TV GAKOOA®Y yiveTal Le Tpomonotuévo KataAvt yio FT covheon (MAS
modFT) [297], evd ot0 devtepo cevaplo (TEPITTOON 2) 0 KOTOAVTNG OV YPTolLomTolEiTatl givat
TPOTOTOMNEVOG Y1 6UVOgoT pebavorng (MAS modMeOH) [214].
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7.3.1 Iapapives amo uiyua aAkoodwv ue tpomomouévo FT katalvtn (mepintwon 1)

To oudypappo pong ovtov tov cevapiov eaivetar otny Ewéva 133. H mopayopevn oibavoin
OTOLLOVMVETOL KOl 09N YeiTan Yo cupmvukveon mapdyovtag N-Boutavorn, eved 1 mapoyouevn pebavoin
EMOTPEPEL OTOV OVTIOPACTHPO cbvBeong adkoordv. T'a T depyacia tng agdypaveng, yivetar n
oavBaipetn o0AAd acPoANG VITOOEcT OTL OAEC Ol OAKOOAEG UETATPEMOVTOL TANPMOG OTIG OVTIGTOUYEG
ohepiveg [301, 302]. Ot dvo npdTot avtdpactipes avaPaduiong Bempodvrar 6Tt givar epPfolikng pong
YEUIOUEVO UE KOTAADTY, EVAD O OAYOUEPIGHOG KoL 1] VOPOYOVMOOT] BE®POVVTAL OTL TPOYUATOTOLOVVTOL
o€ aVTOPOCTNPES LE avapLET, OOV 0 KATAALTNG ival S1aALVIEVOG BTNV VYPT PAoN.

——————— |
Ir Power Island |
0, tail gas |m—+| 4’@1
cycle

(15 Steam L= I 4_.
PSA
[12]
N light gases ethanol
[13]
AN —1
C 7
= ATR ~J" methanol
syngas co,
ok removal unit IB @
Guerbet
CO: MAR
2 Reactor
H:

gasoline propanol, n-butanol

branched
paraffins

_ light olefins -
< (5] D -
. Dehydration
Jet fuel Hydrogenation Oligomerization Y

Ewéva 133. Adypoptpo pong g Topay®yng Topoevav amd Hiypo GAKOOA®V mov mapyydncav pe m xpnon
Tpomomompévou Kotoivtn FT

n-butanol

7.3.2  Iapa@ives amo ulyua aAkooAwv Ue TPOTOTOUEVO KATAAUTY HeBavioAng (tepintwon 2)
H Aoy avtig g diepyaciog éxel ToAEG opotdTnTEG LE TN depyacio tng Gevo ywo mapaywyr tlet
kowoipov [306] pe Baon v wooPfovtavorn [305]. To dibypaupo pong eaiveton otnv Figure 92. To
piypo oAKOOA®MY VTOKELTOL GE GUUTVKVMGT Yol TV TUPAY®OYT] IGOBOVTAVOANG. TN GUVEYELL TO PEVLLA
EIGEPYETOL GE dVO GTNHAESG OO0 IKE Yo TO Staympiopd pebavorng/icopovtavoing Co.30H. Ot Cos
OAKOOAEG TTOL OEV OVTEOPACAV EMIGTPEPOVY GTOV OVTIOPACTNPO, VO 1 HeBavOAn odnysitoan mTpog
avapopemon kot petatporny ¢ o€ Ho ko CO. X ouvvéyeln, 1 160PovTaVOAN VIOKEWVTOL GE
aeLYpPOVOT Yo TNV Tapaymyn tooPovtéviov. H avénon g avBpaxikig aAvcidag mpaylatorotleiton
OTOV ETOUEVO AVTIOPOCTIPA LE TV TAPOUYWDYT TOV SUEPDV, TPILEPDV KOl TETPAUEPDV OALYOLEPDV, TA
01010l GTN GLVEYELD VOPOYOVAOVOVTAL Y10, TV TUPUYWYT TOV TEAMKOV mBLUNTOD TPOIOVTOC.
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TPOTOMOMLLEVOL KOTOAVTH HeBavOrng

gasoline H,

Jet fuel Hydrogenation

O Mivakag 95 ocvvoyilel Tic mpodiaypapég Asttovpyiag kol Tig VETOOECES 7oL £yvav Yo T
LOVTELOTIOINGT] TV JVO AVTMV GEVAPIWV.

Hiveoxog 95. Bacwoi Topdpetpot tng d1epyasiog mapoyoyng mapapvay ond aAKOOAES

Yevaplo 1 2
ovumokvoon abavorng [278] ovumokvoon ped-/oud-/mpomavoing
[198]
Oepuoxpacio/micon 150 °C/ 1 bar 180 °C/ 1 bar
, aBavoln  mpog mpomovodn  71.2%
HeTaTpomm 30.5% nponavc':]kn ngos 100[501)1(1\/67:] 82.0%
, 88.8% n-fovtovoln, 8.4% n- i
EMAEKTIKOTNTA eEavomn 2.[;% 2-(1[61?7» Bovtavorn 100% 1coBovtavorn
apOypaven N-fovtavoing [283] apOypavon wofovtavoing [281]
Oeppokpacio/micon 240 °C/ 1.0 bar 285 °C/ 1.0 bar
LETATPOTY| 80% 99.8%
EMAEKTIKOTNTAL 100% n-butene 95% 1c0Povtévio/5% 1- fovtévio
oMyouepIopog N-Pouvtéviov [239] oAMyouepIo oG toPoutéviov [289]
Bepuoxpacio/micon 25°C/ 1.0 bar 100 °C/ 1.1 bar
C4™ petoarponn 100% 100%

EMAEKTIKOTITOL

27% Cg -76% C12 -47% Cis

20% CgHa6,75% (C12H24),5% (C16H32)

vépoydvwon orepivov [305]

250°C/ 30 bar
100%

Oeppokpacio/micon
LLETATPOTI OAEPIVADV GE TOPOPIVES

kobapn Tapoyoyn Hz pe PSA [303]

GLYKEVTPWOOT VOPOYOVOL GTNV €G0S0 70%
avaktnomn vdpoyovov/ kabapdtmra 85%/99.9%
wieon volouTov agpiov atny ££0d0 4.0 bar

7.4 Avédivon k66TOVG

H pebodoroyia yio tnv ektipnon g cuvoAlkng enévovong kepoiaiov (XEK) Baciletar og pia cepd
amd eMPEPOLE KOGTN, TO TPAOTO EK TMV OTOIMV £ivail T0 cuvorikd kdotog e€omiiopov (ZKE). To kéoTog
Kkd0e diatalne (avtidpaoTpes, AVIMEC, CUUTIESTES, OTNAEC, doYElD JLUYMPICUOD PAGEMY KTA) EYIVE
eite Paoel Tov PiPAiov twv Peters &Timmerhaus [129] | and ™ BiPAoypaeio. TTapdpoto TaxTikn
akolovOnbnke ka1 Yy TNV EKTIUNGN TOV GLVOAIKOD AELTOVPYIKOD KOGTOVG (oT0bEPO KOt
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petaarropevo). I'ia v eKTiUNoN TOV €600WV OO TV TOANGT] TOV TAPAYOUEVOV KOVCTUOV Kol TV
YPNUOTIKOV PODV 0vE £TOG, XPNOLLOTOLEITOL TO KprThplo NG kabapnc mapovoag adiag. To onueio oto
omoio pndeviCeton n KITA petafdilovtag v T TOV AEPOTOPIK®OV KOWGIH®mV, Tpocdlopilel v
EAGyiom Ty Moinong Kavoipov Tlet (ETIIKT), dote 1 enévévon va givar kepdopopa.

1.5 Anoterléopata

7.5.1  loolVyio uadag kat evépyetag

Ta Pacikd amoteAéopato TV TPOTOTLIOV dlepyacidv cuvoyiloviatl otov Mivakag 96. O Beppikdc
Babude amodoong opiletat amd v mapakdto oxéon (Eq. 40):

Mgt Fel * LHVJet Fuel

_ Eq. 33
T m LHY (Eq. 33)

wood wood

Mivexoeg 96. Bacwd aroteléopato Tov Beppoyniikdv dlepyacidv

cevaplo 1 2 3
pébodog ovvheong Kavacipov XMA pe >MA pne FT
modFT ~ modMeOH
€101 Topaywyn kawcipov téet, Kgir/KQwood 0.112 0.138 0.097
g0 Tapaywyn aeporopikng Beviivng, Kge/Kgwood 0.042 0.034 0.076
oLVOAIKN €181KN mapaywyn kKowoipmv, Kgr/Kgwood 0.154 0.172 0.173
Bepuikodc Pabuodg anddoong, % LHV 37.2% 40.5% 24.2/16.21
evepyelokésg katavadmoelg ot MAA, kle/kQwood 677.8 653.7 534.1
EVEPYELOKES KATAVAADGEL Yo, amopdkpuven HaS/CO2, kle/kQwood 215.2 300.8 237.0
EVEPYELOKES KATAVAADGELG Yo, cupmieon aepiov, Kle/kGwood 836.9 405.8 16.5
OUVOMKEG EVEPYEINKES KOTUVAADGELS, KJe/KGwood 1730.0 1360.3 787.6
cuvolkf a&lomoinon avOpoaka, % Creedstock 28.2% 31.5% 30.4%

Lo Tp@T0g 6pOg OVaPEPETAL 6TO KOO0 TEET KoL To devTepo ot Peviivy. To metpoykdl sivan is 20 popég pikpOTEPO Omd TO

Kkovoo Tlet Kot Y1 avtd apeleito.

To kOplo amoteAéopoto omd Tn OgpUOSLVOUIKT OVOIAVLGT CVOSEIKVOOUY UK OPKETE OT0d0TIKN
UETATPOT TNG E€loePYOUEVNG oTepeds Proudloc oe aepomopikd kadoue UEG® Oepupoynukdv
diepyacuwv. To 2° oevipio (ModMeOH) yio obvBeon piypatog adkoordv (EMA) éxet ela@pidg
KaAOTEPT addooT amd To 1° cevaplo. Avtd Kupimg amodideTol o) otV VYNAGTEPN Tieon Aettovpyiag
Kkatd T ZMA, 1 omoia 001yl 68 VYNAOTEPEG EVEPYELNKES KATAVOANDGELS KATA TN GLUTiEST Kau B) otV
KaAOTEPT a&lomoinon TV TopayOUeEVOVY dAKOOADY 010 2° gevdpilo. Ta cuurepdopato ovtd apopovv
TOVG GLYKEKPIUEVOVS KaTaAvteg TMA Kot Tig dlepyacieg mov dopovvrol pe Pdorn avtodg kot o Oa
TPEMEL TOL COUTEPAGLLOTO. CVTA VOL YEVIKEDOVTOL Y10, TV KATN Y0Pt KATAAVTAV TOL OVIUTPOCSHOTEVOLV.

236



Kepdiaio 7

200% 250%
x BCO2 S5 mco2
g 8
mCO
3 3 200% A | co
B 150% - & methanol & @ methanol
2
8 @ethanol ﬁ Bethanol
£ B C3+O0H £ 150% 1 BC3+OH
‘D 100% 1 OCH4 o OCH4
® (5]
< OCnH2n+2 5 100% OCnH2n+2
£ . £
S s0% S '
g 0% : 2 50% A
8 g :
S - L :
0% - 0% - T T T T T
N >
& . Y§. 3 & = & & YS;&’ & . @* & at K P Y"Sd 04& OQ& &&a Q&
4 \é & &\“ @é‘ \é’” & & & & @@ T &S
& & o & 8 oF & F o S NS SN
o s N S 5 & & &® & ¥
& & N & & &

é(\

Ewéva 135a. Iooldyo dvBpaka Kotd pikovg thg OANG Ewéva 27b. Tooloyo GvBpaxa katd puirovg g 6Ang
diepyaciog (1° oevapio, modFT) diepyaciog (1° oevapio, modMeOH)

Apxetd evdlapépovto cupnepdcpata edyovtat and tnv i1ooppomio avOpaka yio kabe cevapio (Etkova
1350-b). H Topaymykotnta TV Kaucipoy gival 6Teva cuvdedepuévn pe ty mopeia tov atépov C katd
unKog tng olepyaciog, oe avtifeon pe to dtopo H ko O, kdmola omd to. 0moio TPoEPYovToL amd TO
vepld, o GvBpakag mpoépyetar amokAielotikd amd v ewoepydpevn Popdla. Ilepimov 50% Tov
cuvolkov avBpaxa petatpénetarl oe CO,. legpimov 1o 1/3 Tov GuvolKoD AvBpaKe eumepLEYETAL GTA
TeEMKG TPoidvTa NG Siepyaciog uécw Tmv Bepuoynukoy dtadpoudv (Mivakag 96).

25.8kg/s

Coolin.
ASU 151.6kg/s g
0.1kg/s_| Steam
— reformer
0.14kg/s sulphur Lk, <
recovery 19.9kg/s

2.18kg/s

326
'7kg/s 549 kess
32.9kg/s ; 2.7ko/s

0.5kes | Gasification ammonia >
> —)I I_ | > ] > Fuel Fuel
‘ Plant scrubber AGR l>| WGS ] »| CO;removal | synthesis upgrading
4+ |2 1 kg/
* e/ 0.03kg/s

= Clean water 0.5kg/s

= dirty water 0.5kg/s —= v 0.13 ke/s

——> cooling water 026 kels Water Treatment 135 kels 0.5 kg/s

—_— syngas/fuel § > 1.34 kg/s

—

steam 23.7 ke/s

Ewova 136. TTapoyéc vepod oto svotnua (2° oevapio- MAS ue modMeOH xoataidn)

To 1600010 T0L VEPOL pE TIC PactKEC Poég €16000V Kal €000V 6TO choTNU Paivovtal othv Etkova
136. Ot mapoy£g vepol Yo YuKTIKOUG AdYoug e101KA o1 povada cuvBeong kat avaPddpong Kowasipov
UopohV Vo, HEIWOOVV LE TOV GYESINGUO €VOG TO O0d0TIKOD GLGTHLOTOC Y10, TNV OVOKTNOT TNG
amoppintopevng Beppotntoc. Meydho mocd vepoh o€ e€tnola PAcT omouTovVTIOL Yol TNV OUOAN
Aettovpyio Tov frodtwlotnpiov.

7.5.2  EmiSpaon Tn¢ KAAVYNG TwV NAEKTPLKWY ATAUTHOEWY ATTO AUTOVOUN TAPAY WY

Y& ovt Vv mapdypago, e€etdletor n mbavy cHVOEST TOV GLGTHUATOS UE TO OTIKTVLO NAEKTPIKNG
EVEPYELOG YO TNV KAALYN UEPOVE TOV ATUITOVUEVOV NAEKTPIKOV KATAVOADGEMY. AVO TEPIMTMOGCELS
e€etdlovtal, 10 avtovopo ovotnua (Pacikd cevaplo) kail n tepintworn 6mov 60% NG UTUITOVUEVIG
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NAEKTPIKNC eVEPYELNG dideTon amd To dikTvo. H mapoyn nhektpikng evépyelag £yl OeTIkn eninTOON 0N
Aertovpyio. ToL OGAOL CLGTAUOTOC OO DEPLOSVVOUIKNG OKOTLAC. ATO TNV GAAN UEPLH, M OWTOVOUN
TapayYN TPOSOEPEL aveEapnoia Kot Prooipudmra, aveEaptiTov g tomodeciog Tov frodwiictnpiov.

7.5.3  Avaxvklogopia aspiwv oTov agplomonTi avtl yia avaudppwaon

MeleOnKe 1 EVOAAOKTIKY] ETAOYN 1TNG EMOTPOPNG TOV OVOKVKAOQOPOUVIOV 0aEPIOV GTOV
aeplomomt, avti va vtofAnovv e agpromoinot. To mapayoduevo aéplo ahvheong ivarl Tavm amd dvo
QOPEC LEYOADTEPO amd TO 2° GEVEAPLO, VTOVODVTOS GNUAVTIKA VYNAOTEPO KOGTOG EEOTAG OV TOGO Yia
TOV aEPLOTOMTH OGO Kol Yo TN povada Kabopiopol Tov aepiov.

7.54  Awepeivnon the mbaviic aélomoinang tov CO;

O1 kOpieg Tpodiaypaig yia T poviehoroinon g povadag a&lonoinong tov CO, (CCU) Baoioctnkay
otV wepapotiky epyacio tov Nieskens et al [164] kot to anotedéopata Tov wolvyiov avBpoko and
avtn T diepegvvnon cvvoyilovtar oty Ewkova 137.

OC,Hys, BCO BCO, BCH,
100% -

80% - s = C g
c rE 2 2
S 70% A S RS S
£ 2 1z <
8 60% - ] -
[4+] ho] >
<] 50% - % L g -
) | I QL O]
X 40% 5 S L o
r o~ (%]
30% A S 1 S
% - =
20% s 5
| o r 8
10% 1 5 @
0% = 2 I
0% CCU 50% CCU 100% CCU

Ewéva 137. Enidpaon tov mtocootov a&tomoinong CO2 ota tpia pevpata e£660v yuo 1o 2° oevdapio- MAS
pe modMeOH katoldt (to voroimo CO; anehevbepdvertorl ot povada kabapiopov tov HoS)

‘Eva peydho mocd nhekTpikig evépyelog amarteitat yio T cvpumicon tov pevpatog CO2/H,. ‘Etot, eivon
avamOPELKTO VoL 00MyN0Oel peyaddtepo mOGOoTO agPiov 6T HovAda cuvdvacuUEVOL KOKAOL (“‘gas to
GT”). Etot 10 1060610 T0L GvBpako mov kotaAryel oto tehkd mpoiov (“final fuel”) eivon ehappig
peyaAdtepo oty mepimtmon g pn aéonoinong tov COz. To b0 eniong eoaivetoar Kot amd TNV
avtiotoyn Bepukn amddoon: 32.5% yio 0% CCU, 29.4% yioa 50% CCU ywa 27.0% yw 100% CCU.
Aappdvovtag vroyn ot emmAéov eEomMopog anatteitol, 1 a&omoinon CO2 og avTd TO EVEPYELNKO
oLOTNUX OEV EYKPIVETAL.

7.5.5  Xvykpion ue tn Siepyacia ovvOeons kata Fischer-Tropsch

"Eva yeviko oynuo e ovvieong kaweipov péow Fischer-Tropch og cuvdvaoud pe to katdAAnio oyfuo
v v avefadpon tov kavcipov gwkoviletor otnyv Ewkéva 138. H cvvBeon yivetan atovg 250°C ota
25 bar kot pe Adyo Ho/CO=1.0. Ta Pacikd yapoaktmplotikd thg dlepyaciog, 1 LovieAomoinon ¢ omoiog
Baoiletatl oty katavour Anderson-Schulz-Flory (ASF) [314, 315] vioBethOnkay and v epyacio tov
Spyrakis et al.[223]. H cVotaon tov mpoidviov mov Pyaivovv amd ) Hovada vépoyovodsidomoons
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Moednke and ) pekétn tov Shah et al. [316], evd 1 amoutoduevn mocdtnTa VIPOYOVOL KabopileTat
amd v epyacio tov Sudiro kai Bertucco [317].

0, Tail gas @ PSA
CO, stelam . hydrogen

light gases

CO,
removal unit GE:)
ATR
syngas \
# [ @ )

FTS —_

hydrocracking

¥
b3
wax

Ewoéva 138. Adypoppa prig yuo oovBeon FT kot dtaympiopdc tmv poiovimy

Gasoline

Jet Fuel

Yvykpivovtag ta facikd eaydpeva amoteAéopata yuo To oevdplo «FT» pe to dAlo dvo TpwTodTLTTAL
Oeppoynukd otov IMivaxkag 96 @aivetor 0Tl o1 S1OPOUEG HECH OAKOOADY EYOUV UEYOADTEPM
TOPAYOYIKOTNTO 68 KOOSO TEET, P0G Kol 0VTA GYESACTNKAV MOTE VO, ATOTELOVV TO POCIKO TEAIKO
wpoiov. A&ilel va onuelwdel OpmG OTL 01 CMUOVTIKG YOUNAEG EVEPYEINKES KOTOVOADGES oto FT
OEVAPL0, TO 0T010 oPeileTal otn YaunAn wieon oV omoia yiveTal 1 oV KOVGIov aAAG Kot 6Ta
peydia mtocootd petatponig CO, yeyovog Tov emTpEnel LIKPOTEPO TOGE OEPIOV VO AVOKVKAOPOPOVY
OTIG LoVadeg ovvOeoT|g Kot avoPadiong kavcipov.

7.6 Owovopkn A&ohdynon

7.6.1  Oepuoxnuika oevapia e stoaywyn Boualas 10kg/s (1 864 t/muépa)
H EAdyom Ty Hoinong Kavoipov Tlet (ETIIKT) ywo ta tpia facikd Oeppoynuukd oevapia (FT,
MAS-ModFT and MAS-ModMeOH) sivar 1.24, 1.49 ko 1.28 €/1, avtiotorya. v npdn nepintmon,
10, «TOPATPOiovTay Onmg to TeTpoykal (LPG) kou 1 Beviivn (Gasoline) Bsmpovvtor 61t dlotibevton
npog moAnon pe tpég 2011 0.29 €/1 [318] wor 0.56 €/1 [319], avtictogo. H teAevtaio Tiun
YPNOYLOTOLEITAL Kot GTIG AAAEG dLO BEPLOYNUIKES TEPITTAOCELS.

H Capex M Opex
2 M Biomass Feedstock B By-product credits - 50
1.49
1.5 - - 40
1.24 1.28

| B -
1A

< | IPPC;
wos . P
: - 10
0 - -0
| --10

FT Mod-FT Mod-MeOH

Ewova 139. Zuveiopopd 6to K6GTog Tapaymyng kavoipov tlet, ETIIKT ot €/1 kot €/GJ
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H onpovtikn emidpoon tov kd6otovg keporaiov (Capex) 61o kOGTOG Tapay®yNg Tov Kavoipov tlet
eaiveral oty Ewéva 139 kabog €xetl tn peyoldtepn cuvels@opd yio OAo To Oeppoynkd cevapia.
EmumAéov, to k6oTog Propdlog ovppetéyetl onpaviikd ot dwpodpemon g ETIIKT. H nepintwon pe
v FT obvBeon deiyvel va glvar to owkovopkd mo Prdcipo cevaprlo. Avtd opesiretan 6g dvo Adyovs:
TPMOTOV, GTO KOGTOG EMEVOVOTG KO SELTEPOV, GTNV TTAPAYMOYT| LEYAAWDV TOGOTHTMV «TOPATPOTIOVTOVY
mov datiBevtol TPog TAOANOT).

M Total Installation Costs(TIC) ™ Indirect Costs(IC)

140 € -
m Contingency Working Capital (WC) /I €131 €128
, )
12 R s
300 € | cous ) 120 €100 T
€242
250 € | /100 € - By S .
€207 , -
200 € 1 ] -
4 | P R i Fuel Ui
- 2

2 o
150 € - N B----- A 60€ - | .- N s e

100 € - we | T Gas Cleaning
50 € -
- € 20€ 7 EETTTT T [ Gasiti cation

FT Mod-FT Mod-MeOH ~~__ ¢ | I ]

Pretreatr

FT Mod-FT Mod-MeOH
Ewoéva 140. Avilvon k66T00G ToV KEQAANiov en&viuog (aplotepd) Kot Tov KOoTovg eykatdotacng (8e&1d)

To ocvvolkd kootog eneévdvong (XKE) yio kéBe Oeppoympcn nepintmon meprypdoeton oty Ewkéva
140. To oevapro «Mod-FT» éxet to vynAdtepo XKE pe 248 ME, evd 10 kpOTEPO GLVAVTATAL GTO
oevaplo «FT» pe 207 M€. H Ewkéva 140, eniong, deiyvet Tnv avaivon Tov kOGTOVG £YKATAGTOONG Yo
Kk@0e oevaplo kot yio kabe diepyacio/povade. H mo kootofdpa depyoacio/povada givar ovth Tov
KaBaplopov Kot St pdpemong Tov aeplov cuvleong Kot ota Tpia Beppoyniukd cevépla. AkolovBovv
1N Movéda Atoympiopod tov Aépa ko 1 Movdda Zvpmapaymyng niextpiopod kot Bepudtroc. To
veyovog 6t 10 «Mod-FT» cevaplo éxet peyoldbtepo k6610g €EOTAIGHOD Kol EYKOTAGTOONG OO TO
oevaplo «Mod-MeOH» anodidetar oTig VYNAOTEPEG EVEPYELOKEG AMALTNOE GTO TPMTO, TO OTOI0
OTTOKPLGTUAADVETOL GTT UEYAADTEPT] LOVADIM TOV GUVIVAGUEVOL KOKAOV.

M maintenance M insurance and taxes
W General overhead [ Salaries
Catalysts+variable operating costs M Biomass Feedstock
40 € -
€35 €36
35 € €32
> 30 € -
~
@
S 25 €
20 € A
15 € -
10 € -
5€ A
- €
FT Mod-FT Mod-MeOH

Ewéva 141. Avdlvon Astrtovpycod Kootoug og ME/y

H avdivon tov Aetrtovpyikod kéctovg (OPEX) yia kébe nepintmon @aivetor oty Ewkéve 141. To
Kk60T0g PO VANG (Propdala) €xel T peyaAdtepn ovvelspopd kabmg ovtn eivar oto 45% ToL
GUVOAKOVU AELTOVPYIKOD KOGTOVG,
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7.6.2  Emiépacn ths SuvautkotnTag the uovadag

Ytov Mivakag 97 mapovcidletal 1 nidpact Tng SuVOKOTNTAS TG LOVASAS G d1APopovs PAcIKOVg
TOPAUETPOVS Y10, NUEPT L EIGAYDYT TPDTNG VANG 864 t/d won 2000 t/d.

Hivoxog 97. Enidopoomn g Suvaukdmmrog e Hovados o€ SLOQOPES TUPOUETPOVG

eIk
Mod-MeOH  Mod-MeOH  éwgopa,
MapapeTpor 864 t/d 2000 t/d %
Ogppukn woyvs ewoepyoevov kKowaitov, MW 188.8 437 131
Topoymyn kavoipov tlet, Kg/s 1.33 3.18 138
Yvvolkn Enévdvon Keporaiov, M€ 241.7 450.6 86
Agrtovpyikd Koo, M€/étog 20.2 37.1 84
Koéotog fropdlag, M€/ €tog 16.1 37.2 131
Képdn and toAinon moapompoioviev, ME/ étog 7.0 16.6 137
EMayiotn Tiun Hodinong Kaveipov Tlet (ETTIKT), €/1 jet fuel 1.28 1.02 -20

7.6.3  ZUyKkplon Ue TIC avTIoTOLYEG Bloynutkés SLadpouss

O 1o e€étaon diepyacieg mov Pacilovral oe Proynuikég dadpouéc Bacicmkay ce epyacieg amd
Biproypapio [253, 321]. To éva oevapo Paciletar oty oAkoolkn COH®OTN TPOG TOPAY®YN
aBavoing, eved 1 aAAn Boaoiletoar oty aikooikn {Ouwmon mpog mopaymy Aketdvng-Bovtavoine-
ABavoing (ABE). H avdlvon g nepintwong tng Proabavoing mov €ywve and tovg Humbird et al.
[253] é6ei&e évav ovvolkd Pabud amddoong 44.0%, pe ovviedeot) a&lomoinong avOpaxa 29.4%.
[Mopopora, oty ABE diepyacio, 1 cuvoiikn anddoon kot 65.8% kavovrog ) Bedpnon 6Tt kot o Tpia
npoidvto sivar «emBounté» [321]. H mopaywyn obavoing omyv mpdtn depyaocio sivar 0.236
KQethanol/KQfeedstock, €V M avtiotoyyn g Povtavoing ot devtepn mepimtoon eivor  0.197
KQbutano/KGfeedstock. TO k66T0G mapaywyng yio tnv obavorn kat v fovtavorn ektipdrar oto. 0.54 €/kg
ko 0.78-1.01 €/kg, avrtictorya. ['o v nepintmon g froobavoing, n cuvolkt| enévdvon Ke@olaiov
(ZEK) extymbnke ota 473.83 M€ pe Agitovpyikd Koot ota 69.81 ME, eved n XEK yio ™) povéda
avafadong kavoipov amd abavoin oe Kavoipo tlet vroloyiotnke oto 23.445 ME. Zyetwkd pe v
ABE {bumon, n ZEK extyundnke ota 144.84 ME pe Asttovpykd Koot ota 143.74 ME, evad n ZEK
™G povadog avafaduiong Bovtavoing og kavouo tlet oto 11.87 ME.

] 1.02 !
1] o085 0.82 30
] . | . L 20
0.5 1
< ] F10
W 1 [T
0 F 0 @
] L-10
-0.5 |
1 20
17 BioEthanol BiOABE  Mod-MeOH
m Capex Opex

M Biomass Feedstock M By-product credits

Ewova 142. ETTIKT og €/1 ko €/GJ yia Broynpukég dradpopés, og oOykpion pe to ogvapio Mod-MeOH
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Ymv Ewéva 142, deiyveton n oOykplon peto&hd tov 2 froynuikdv pe pio Ogppoynuikn teyvikr (Mod-
MeOH). Kot ot dvo Proynuukég givar okovouikd mo mpoTiuntéeg ond tn Beppoynukn. H ABE
dlepyocio £yel onuUavTKd younAotepo KO6TOG KePaiaiov amd ta GAla ovO Gevapla, aAld SMALGLO
Aertovpyikd kootog. Emiong, éxel apketd mopampoidvia to omoio Bewpovvror 6Tt datibevior oty
ayopd, kafmg ektOg oo v aepomoptkn Peviivn dwatibeton kot n aketovn oe iy 0.78 €/1 [321].

7.6.4  AvdAvon evaioOnoiag

H enidpaon dwupdpov mapapétpov omn dtapopemor e EAdyiomg Tyung Iloinong Kaveipov TEét
(ETIIKT) depevvarat og avth TV mopdypago. H mapdauetpog mov el tn peyaivtepn enidpacn givol
T0 péyebog tov Prodwitetpiov kabwdc n ETIIKT peidvetor katd 20%, 6tav 1 dSuvopukdTnTe, ToU
ovothuatog avéavetatr amd 864 ce 2000 t/day. Mo GAAN pe peydin emppon ot PlociuodTTa g
emévovong givar to k6otog Propaloc. Zoupava pe tovg Peters and Timmerhaus [129], n uébodog mov
epappoletor ylo. Tov VTOAOYIGUO TOL GLVOALKOD KOGToVG emévovong (XKE) &yl £30% axpifela. Me
30% peiwon tov XKE, n ETIIKT dwpopeaveton ota 1.03 €/1, 1.27 €/1'and 1.10 €/1, yio. v mepintoon
tov FT, Mod-FT kot Mod-MeOH, avtictotya, evad pe avénon koatd 30% tov ZKE ot ETTIKT eivon 1.45
€/1, 1.71 €/l ko 1.46 €/1. H petaporn g ETIIKT ota froynuikd cevapio givor peta&d 0.73 - 0.97 €/1
ywo T epintwon g Blioaboavoing kat 0.78 - 0.86 €/1 yuo v mepintwon g Biofovtovoing.

7.6.5 OpilovTtag Ti¢ EVOIAUETES OPYAVIKES EVWOELS WS TEAIKA TPOIOVTA
To mpotewouevo oyfuo mopaywyng Kovcipov tlet amd aAKoOAEg TepAauPavel TNV TopaymyN
S1POopOV EVOLAUECHYV TOADTIH®V OPYAVIKOV EVOCEMV, OTMG OAEPIVEG KO AVMTEPES AAKOOAEG. XTNV
VTOEVOTNTA OVTH OlEPEVVATAL 1] TEPIMTTMON TNG OMOUOVAOOTG TOV EVOIGUECOV CVTOV EVOCEDMYV KL 1)
Bedpnon| tovg g TeEMKA «emBountd» mpoidvta. [ v kébe o mepintwon, Aappdvovrol veoyn
Oupopeg Tpomomooels otr depyacia (tpocsbapaipeon eEomAioov, Kol AOUTEG TPOTOTOMGELS GTN
Aettovpyio TOV OAOL GLGTAOTOC), £TCL MGTE VO AELITOVPYEL KOTA TO PEXTIOTO TPOTO.

1800 .
@ Mod-FT ® Mod-MeOH @ BioEthanol O BioABE conventional
1486 Jet Fuel price:

730-740¢€lt

1600
1400
1200

conventional
C8-Cl6price: 1987
0 1010-1130 €/t

conventional
C4 price:
750-800 €/t

1295

1264

10521415
911
840
761 741

Butanol Butene C8-C16 Olefins Jet Fuel

Ewova 143. Ewducég Tipég (€/t) Tov evalduesov opyavikdv evacemv Tov tapdyovtat and aikodres (2000 t/d)
KOt GOYKPION UE TIG AVTICTOLEG GUUPOTIKES TULES

Onwg mpokdmtel and v Ewoéve 143, n mopoyoyn vwnifig a&log opyovik@v evoemv LE TO
TPOTEWOUEVO GYNHUA SLEPYOCIDV EIVOL L0l TOAAG VTOGYOUEVT EMAOYT], KAOADS Ol TYHEG TOV TPOIOVI®V
OV TTPOKLITOLV EIVOL APKETE KOVTA GTIG AVTIOTOYEG CLUUPATIKEC TIUEG TV TTPOIOVIMYV IOV TPOEPYOVTOL
and to metpéhono. Educotepa, ot Proymuikéc Stodpopég eivol €V OLUVAUEL OVTOYOVIOTIKEG HE TIG
ovpupartikég Twég. Emmiéov mepiocdTepo Kivntpo amonteiton yio ) PeAtioon Tov Ogppoynukdv
Sdpou®v oto €yyhg HEALOV, HOGC KOl OEYVOLV GPKETE OVIOY®VIGTIKEG OTNV TEPIMTOON TNG
napay®yng okevmv kot C4 i1copepmv.
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7.7 Zopnepdopoto

H Ewoéva 144 mapovcualel v a&ia Stapopwv Plokavcipoy ond emAeyUéves HEAETEG, EKPPACLLEVT OE
€/GJ, dote n obykpion va yivetan enti icoig 6poig. Eivarl yopaktnpiotikny n adénomn g EKTIUOUEVNS
TIPS 660 TEPVAVE Ta YPpOVLL, ETELDN YivovTol o akpiPeis EKTIUNGELS TOV 00N YOVV GE VYNAOTEPEG TILES
KOVGIU®OV, TOPA TIG TEXVOAOYIKES eEEAIEELS OV EUPAVICOVTOL ATOOOTIKOTEPEG TEYVIKES TAPOYWOYNG Y10
kd0e mepintwon. Eniong, n tipn g mpdtng VAng g Propdlag cuveyds avEAveTal, LEYIADVOVTOS TN
GULVEICQOPA TNG GTO KOGTOG TPOTOVTOG.

Ye autd 10 KeQAAoo mopovolaletar kot e£eTdleTal va TPMTOTLO GYESO Yo TNV TOPAY®YN
aEPOTOPIKAOV Prokavcipmy — Kupimg kavoipo tlet- péom Beppoynkadv dtepyoocidv. Ta aroteléopata
TOV TPOCOUOIDCEDY E0EEAV OPKETA LYNAY amdO00T KOl OTIG SO TPOTEVOUEVEG DEPUOYMUIKES
Sadpopég, emruyyavovtag Tapay@ytkotnTo, ¢ Kot 0.138 Kgir/KQnpom oin- MOVO T0 1/3 TOL GUVOALKOD
avBpaxa g giloepyopevng Propdlag cuvavtdtor 6to TeAKo Tpoiov e&utiog g mapaywyns COs ot
SAPOPES EMPUEPOVS dlEPYACIES, OGS GTIV OEPLOTOINGT, GTNV AVTIOPOCT] LETATOTIONG Yia 1 pLOoN
10V Adyov Ho/CO, ot 60vbeon TV aAKOOA®Y Kot TNV Koo TV anaepinv. Zuykpivovtag Teg pe v
teyvoroyia Fischer-Tropsch, amodeikvioetar 0Tt o1 TPOTEWOUEVEG dlepyacieg Umopohv Vo TETVYOLY
UEYOADTEPN E0IKN TOPOY®OYN o€ KOOolwo Tlet kol koAvtepn olomoinon Tov avOpaka, mapd Tig
vynAoTEPEG evepyelakés amortnoels. H a&lomoinon kot emavaypnoiponoinon tov Stoéediov tov
GvOpaka HEGH KOTOAVTIKNG VIPOYOVMENG OgV BEATIOVEL TNV ATOSOGT) TOV GUOTHUATOG AOY® TMV TOAD
VYNADV EVEPYELOKMDY OTOLTIGEDV.

45 1 Methods: Thermochemical / Biochemical

Final Products
40 - dFT (864t/d)
¢ Methanol O Ethanol " | me
5 A Hydrogen O Bio-SNG 0
351 | mETfuels @ C15-C16 paraffins modMeOH (864t/d)
FT (864t/d)
A Jetfuels ¢ DME O

30 1 | xBiodiesel = iso-butanol
2 @ modmeoH (2000t/d)
T 25 - A
(U] bioEthanol (2000t/d)
W O S O @® bioase (20001/0)

20 4

<*
(] ¢ O A
L O
15 4 u A 2o
*
10 - o ml
A O =
5 . . L

1998 2000 2002 2004 2006 2008 2010 2012 2014
Published Year
Ewévo 144. Ewdwcég Tipég npoioviov oe €/GJ ABI amd emheypéveg epyoociec/pueléteg ot Ppioypagio (e
YELOTO PO KOL LOPO TEPTYPALLLLO OL TYHEG TV OVTIGTOLY®OV TPOTOVIMV OV TPOEKLYOV OO OVTH TN UEAETN)
[200, 250, 253, 266-272, 307, 309, 310, 322, 326-347]

To 160{0y10 vePoh 610 TPOTEWVOUEVO PLOSIOAIGTIPLO dElyVEL OTL UEYOAEC TOGOTNTEC PPECKOL VEPOD
OTOLTOVVTAL Y10 TNV OHOAN Agttovpyio Tov. XopoKTNPIoTIKA, Yo £va cOotnue pe duvvoptkotnta 190
MW, 23.7 kg/s mapoyn vepod amatteitar yio va avaminpmOei 1o vepd mov amelevbepdvetal 6Tov
TOPYO YOENG Kol GTNV KOpvada, avadelkvhovtag Tn dlayeiplorn Tov vepod g £va onUavTiKoe {fTnua
ue TePIPOALOVTIKEG TPOEKTAGELC.

H owovopikn a&loloynon édeiée ot OAa ta V7o €EETOOT GEVAPLA EIVAL LOKPLY atd TNV EUTOPIKT TOLG
EKUETOAAEVON KOL TNV EMKPATNON TOLG EVOVTL TOV GLUPOTIKOD KOvGipov TleT, Kupimg Ady®m Tov
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Kepdiaio 7

VYNAOL KOG TOVG Bropdlog Kot Tov vynAov KOoToVE EMEVOVOTG. MeALOVTIKES BEATIDGELS GTNV ATOd00N
TOV KOTOAVTOV, KUPIOG OTNV EMAEKTIKOTNTO TOV OVATEPOV OAKOOADV EVOVIL TOV EANPPOV
vopoyovavBpdkmv, Bo copufdiiel 6T HEI®ON TOL PEVUATOC TOV OVAKVKAOQOPEL, 0dNYDVTIOS GE
pewmpévo péyebog kot Kootog e€omiiopov. Eniong, mpotetvetar va dobel Eppoaon oty avantuén vémv
TEYVIKAOV OTOUAKPLVOTG TOV OVETIOVUNTOV GLOTATIK®V, KOOMG 0L 0 DPUES TEYVOLOYiES KOOIGTOOV
10 cvoTNHa KabBapiopob tov agpiov cvivBeong 1o mo akpBd vrosvoTa Tov Brodwitetnpiov.

H Broymuwkn diepyacio mov faciletor otnv akkoolkn {Opwmon Tpog mapaywyn Aketovng, Bovtavoing
Kot otBOVOANG ATOSEIKVOETAL 1] TTLO TPOTUUNTEN EMAOYT], TOPE TO VYNAO AEITOLPYIKO TNG KOoTOG. H
a&lomoinom TV eVOLAUES®OY 0PYOVIK®Y TPOIOVIMV TOL TAPAyoVTaL (OAEPIVES, OVATEPES AAKOOAES KTA)
oTIG dlepyaoieg, mov €0V ¢ BAom TIC AAKOOAES, UTOPEL VO ATOTEAEGEL UI0L VTOGYOUEVT ETIAOYT] YO
NV PLOcLOTNTA TETOU®V EVEPYELOKADY GUGTNUATMV.
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Kepalaio 8

8. Zvunepdopoto — TPOTAGELS Y10, HEAAOVTIKY EpYacia,

8.1 Kawotépa otoycia

Ta otoyeio TpwToTLTIOG TOL £)XEL M €V AOY® dtoTpip1] wov e€eTdaTNKaY Kol 0moTeEA0DY cuvoyilovtal
TOPOKATO:

o OlokAnpopévog oyedloopds, Hovielomoinon kal PeATioTonoinon &vog cuvovAGUEVOL KOHKAOL
@Vo1KoD aepiov dmov yivetal ypnon pepPpavodv Taaladiov yio mpo-kavong déouegvon CO,.

e Avémtuén kot g&€taom SpopmV TPOTOTLIOV GYNUATOV Yol Amod0TIKO KABAPIGULO TOV TEALKOV
pevpotog CO2.TOV TPONYOVUEVOD EVEPYELOKOD GLGTNLATOG.

o OlokAnpopévog oyedoouoc kot depedvnon GAAwv teyvikmv 6éopevong COz. mov dev Exouvv
epappootel Eavd oe oTaBHODS NAEKTPOTOPAY®YNS TOL £XOVV (OC KOVGIUO TO QLG aéplo (CO:
selective membranes, Rectisol™, Selexol™, hot potassium).

o Efepyswokn] avdivon kot cOHYKPIoN TOV TPUOV MO O0OESOUEVOV TEYVIKMOV OECUEVCNG OO
MOavOpokikn povada mAekTpomapay®YNG, AauBavovioc vmdymn TNV moldTNTO TOL TEAIKOV
peopatog COz 6GOV  0@opd TNV KOTOAANAOTNTA TOL Yio UETAPOPG Kol  omobnkevon,
TEPIAAUPAVOVTOG TO KOTAAANAO GVGTNIO KaOaPIGLOV.

o [Ipocdopiopd TV mTpodmoficemv Kol TPOOTTIKAOV Yio TN PIOCIUN Kol EUTOPIKN AELTovpYia, TNG
10¢ag tov “Power to Fuel” oto péilov

o Avémtuén mpotdtumng ddtadng yio v mopaywyn abavoins pe npmtn VAN CO2 kor He péow
dpeBuronbépa (DME).

o Yyedoudg, PeATIOTONOINGT KOl OIKOVOWMIKY 0&OAOYNOT TPOTOTUTOL GUGTAUOTOC Yo TNV
TOPOYWOYT AEPOTOPIKMOV PLOKOVGIH®V HECH GVVOESN S AVATEP®Y AAKOOADY. ZVYKPIGT TOV TOTOL
KOTOAVT Yo T oOVOEST] UiyHOTOG AAKOOADV.

o Oepuodvvopikn avaivon yuo Thv TAnpn aélomoinon Tov avBpaka oe £va BlodwAleThiplo

o XUyKpion Oeppoynukdv Kot Bloynuk®y Slepyaciov yio avafaduiopuévng Toldtntog Plokadotpa.

8.2 Baowd copmepdopata

Avt 1 0180KTOPIKN SLOTPIPN ETIKEVTPOONKE STV AvATTLED KO SLEPEVVION TTPOTYUEV®V EVEPYEIOKDV
CLOTNUATOV 1| AgtTovpyio TOV OTolMV &YEl EAUYIOTOMOMUEVES £MG UNOAUIVEG EKTOUTES OEPI®MY TOV
Ogppoknmiov. Ta cvotipata ovtd EA000E0VV va GupPdAlovy otV avamtuén €vOg GUVOAKOD
EVEPYELOKOD GLOTNUOTOG UE UELMWEVEG EKTOUTES AvOpaka. Ommg avapépbnke kot otnv Elcaymyn, ot
Baoikég meployég otig onoieg edpaletal avty N avdivon gival Tpeg: n Aéopevon kot Amobnkevon
Awo&ediov tov AvOpoaka, Aéopevon kot Emavoypnoyomoinon Atoéeidiov tov AvOpaxo kot m
Aé&omoinon g Blopdlog yio v mapaywyn avafaduicpuévng modtntog tpoidvioy Kot KAOUGIL®YV.

I Aéoucvon kat AmoOnkevon Aoéeidiov Tov AvBpaka

Ytov topén g peimong Tov ekmounmv CO;z amd Beppikovg 6tabpodg mov Agttovpyodv e QUKD
aéplo, eetdotnre O1E€00IKE M EPOPUOYN NG TEXVOAOYiG TV peuPpovav TodAiadiov. Ot dploTeg
emdO0eLg ToVG 670 dtoywpiopd Ha ko CO; divel ) duvatdtnta Yo emitevén émog ko 100% décuevon
COz. H avdivon gvauctnoiog dtopopmv mapopétpmv Aeitovpyiog Kot 1 Slopopemon g PEATIOTNG
S1TaéENG, MOTE 1| GLVOAKY LOVAOM VO AELTOVPYEL 0m0d0TIKE, GUVETELEGOY GTN BEATIGTOTOINGT TOV
OAOV GLOTNUATOG, EMTVYYAvOVTag KaBapo Pabud amddoong 50.82% 1 7.48% peiopévn anddoon oe
oxéomn Le TNV TEpImTOOoT avapopds (yopig déopevon COz). And v a&loloynon tov vad eEétoon
oynuatov kabapiopod CO, mpoékvye OTL N KOADTEPT €MAOYN €lval 1 KOOOT TOV VITOAEUUATOV
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KaLGipmV ototyeiov pe kabapd 0&uyodvo VIO GTOLXEIOUETPIKES GVVONKEG, TOCO 0md TAELPAC UTdOOoNC
0G0 KOl aO OIKOVOUIKTG oKOTIAG. OUmG T KPLOYOVIKG YT ETLTVUYYAVOLY TTOAD KaAd Kabapiopd
Kot UopodV KAAAIGTO VoL EPAPLOGTOVY GTNV TEPITT®SN oL T0 KaBopd VOPOYOVO amoTeEREL TO TEAMKO
poidv. AmO TN GUYKPION TOV OMOTEAEGUATOV TPOGOUOIMOTNG S10(pOp®V TEYVOLOYIDV OEGUEVLGNC
domotddnke 611 o1 pepPpaveg moALadiov TPOSPEPOLY TNV LYNAOTEPT 0mtddoon. Ta vynAd enimeda
déopevong CO2 6e GUVOLAGUO LE TIG XOUNAES KATAVOAMGELS Yio TN cvprmieon CO2 GUVEIGEEPOLY GTO
yapnAotepo deiktn SPECCA yio meputtooeig pe @.A. (2.91 MI/kgcoz). H owkovopukr avdivon £deiée
OTL TO VYNAD TPEYOV KOGTOC TMV HEUPPAVOVY ETIPA OPVNTIKA 0TO KOGTOG Tov amopuyovtog CO,. H
pelmong NG amotToVUEVNC EMPAVELNS LEUPPOAVAOV PHECH TNG AOENOTG TG dLLPOPAS THEOTG LETAED TV
V0 TAELPAOV LEIDVEL CTLAVTIKA TO KOGTOG NAEKTPICUOV KOl GUVETDE TO KOGTOC TOV 0mopuydvtog COs.
MelrovTikég BeATIDGELS 6T AelToVpYia KOl GTO KOGTOG TV LEUPPav®Y eKTILATOL TOG B supPaiiovy
OeTikd 6TO VO, Yivouv ot LEPPBPEVES OUKOVOUIKA IO OVTAY®OVIGTIKEG TNV 0YOpd GTO LEALOV.

Ocov agopd otmv gpappoyn cvotfiuotog décpevong COz oe MBavBpokikés povadec, €ywve m
Oeppoduvapikn avilvon kol cOyKpion amd eEEPYEINKNG OKOTLAS TPV Amd TIC WO O100ES0UEVEC
TEYVIKEG OEGUEVOTG: EKTTALON He apives, kKOkAog acPeatiov Kot Kavon pe kabapd o&uyovo. H devtepn
teyvoloyia (kOkAog acPectiov) amodeiyOnke 1 KoAvtepn emihoyn oe oyéon He TG GAAeS KaOMG
TOPOVGINcE TOV VYNAOTEPO EVEPYELOKO Kot eEgpyelokd Pabud amddoons. Av kal Vo GIUOVTIKO TOGO
e&épyerog (22.3% g ovvolMkng Eme) yavetor ot povade tov KOKAOL acPectomoinong-
evavOpakmong, 0 GuVoAkog oTafuog £xel Tig Aryotepeg eEepyetakég anmieleg (-9.0%). Xyedov to pod
E10EPYOUEVO KADGIUO Ogv Kaiyetal oto OdAapo kadong 0mov ot 0KEC e&epyelakés amMAELEG etvat
neplocotepes. To yeyovog 6Tt 1 avayévvnon tov otepedv CaO otov acPectomomtn pe mapdAAnAn
Kkavon pe kobopd 0&uyovo givol o omodoTIK 0o €EEPYEINKNG GKOTLAC 0o OTL 0 AEPnTag, gival o
KOplog AOYog mov e&nyel, yiatl copPaivel kot Exovpe Aydtepeg GUVOMKEG EEPYELNKES AMADAEIEG TNV
ev AOYy® mepintmon. Amd v oaviivon gvoicOncing, coumepaivetar 0Tt Uikpoi pubpoi elcaymync
Qpéckov aoPeatobov Exovv Hikpn BeTIKN GLUVEIGPOPE GTO B.0. TOL GTAOLOD, AALA Kol 6T AITovpYia
g Hovddag déopevone. Kavoipa yauning mepiektikomtog o€ Ogio mpoteivovtan yuo ypnon otov
0oPECTOTOMN T KATA TNV avayEVVnoT TV oTepe®v acPectiov. Xty nepintwon tov auvav (MEA),
7.7% g e&épyetag yhvetor ot povada déopevong kot 1% xatd ) cvumieon Tov So&ewdiov Tov
GvBpaxa. Meyarotr Adyor MEA/CO; kon vymiég ovykevipmoelg MEA ot0 @toyd oe CO, pedua
SADUOTOG EVVOOLV TNV AOdOTIKOTNTO TNG OEPYUCIaG. TNV TEPImT®MON TG Kavong He Kaboapd
o&uyévo, n Movada Awoywpiopod Aépa gtvarl 1 KOPLo. LovAdo 6TV OTToi0 TaPATNPEITOL 1) TAEOYN Ol
Tov géepyelokdv amoreidv (647.8 ki/kgcoz). Mo mbavr avamtoén g texvoroyiog pepppavdv mov
elval eMAEKTIKEG 6TO 0EVYOVO, e EAAYIOTES 1| UNOEVIKEG EVEPYEIOKEG KOTAVOANDOELS Bo cuVEIGEPEPE
oV gEotkovopnon mave and 9% G GUVOAKNG EEEPYELNG TOV EIGEPYETAL GTO GUGTI|LLO.

II. Aéougvon CO:z kat emavaypnouomoinon

YyeTIKG UE TNV EVOAAOKTIKY ETAOYT TNG OLOXEIPIONG KOl YPNONG TOV SEGUEVOUEVOL S10EELBIOD TOL
GvOpaka TPOEPYOUEVO OO OPLKTO KOVGLLN, OEPELVNONKAV Ol GYESIOOTIKEG KOl AELTOVPYIKEG
TOPAUETPOL EVOG GLOTNUOTOC TTopay®YNS Kavoipwov and COz kot Ha. ko kabopiomnkav avtol mov
emnpealovv Kvpiopyo T PiocipwdmTa evog TéTtolov cvotNuatog. Tlpoékvye 0Tl M ¥pNo” GTNVNIC
NAEKTPIKNG EVEPYELNG GE GUVIVAGUO UE VAV VYNAO GUVTIEAEGTH AETOVPYING TPEMEL VAL EMIIDKOVTOL
Yo TNV EAQYLOTOTOINGT) TOV KOGTOVS Tapay®YNg Tov LOpoyovov. Kabévag amd tovg Tpelg factkois
napdyovteg v tov kabopioud tov kdctoug tov Hr (kdoTOC KEQOAMiovL MAEKTPOADTY, KOGTOG
OTOTOVLEVIG NAEKTPIKNG EVEPYELNG KOl KOOTOG 0mofnkevong) umopel va mai&el puBotikd porlo ot
Blocpdmta Tov €pyov, aviloya e To ekboToTE oYfUa-TAaicto Asttovpyioc. Emmiéov, éva tétolo
oLOTNUO GLUVOEdEUEVO e €vo Depuikd otabud Kpivetolr ¢ ol EVOLOQEPOVGO. ETIAOYN YIOL TNV
Ol Elplon KOl EKUETAAAEDOT TNG TOPOUYOUEVNG NAEKTPIKNG EVEPYELNG, OTAV OgV €ivOl OUKOVOUIKA

246



Kepalaio 8

emkepdEC vo TmANBel 6To dikTLO. M1og Kol T0 KOGTOG TapaymYNS TG Lebavoring amd CO; eivon mepinmov
2161 QopEG VYNAGTEPO amd TN GUUPOTIKY TN, SOTIGTOVETOL OTL TPEMEL Vo KataPAnOel onuavtikn
TPOCTADELN Y10 VO PTAGEL GE £VOL AVTAYMVIOTIKO eMimedo otnv ayopd. [lapdapetpot-kiedd yia va yivet
avtd etvau:

® 1] EAOYIOTOTOINOT] TOV EVEPYEINKDY KATUVUADGENDY EOIKH Y10 TNV TOPAYOYT] TOV OTOLTOVUEVOL
VOPOYOVOL

e 1 0éom mov £yovV T EMPEPOVS VITOGVOTIH AT LETAED TOVG Kol TO KOGTOG O140£6MG KOl LETAPOPAS
TOV TPAOTOV VADOV GTN LOVASO TOPpay®YNS TG LeBavoing

® 1 peimon Tov KOGTOVG EMEVIVLONC TOL NAEKTPOAVTN WG Kot KoTaAapuPdvel ta 2/3 Tov GuVoALKoD
KOGTOVG EMEVOVOTG

e 1 gumopiky a&omoinon tov mapayopevov o&uyovou (mg kat 10% peimon oto K0oTog TapaymYNG
g nebavoinq)

Ooov apopd ) Pertinon tov cuomudtov petatponng CO;z ko Hz o avdtepa kodoa, etdotnkoy
VO TPOTOTLTOL GYNUATA/dlEPYOCiEG: £va Yo Tapaymyn HeBavOANG Kot éva yio Tapay@yr afavoinc.
2V TpdTN MEPInT®ON eEETACTNKE KOl TPOGOUOIDONKE Eva vEO GyfLo fUCIOUEVO GE OVTIOPOGTNPO
ovvBeonc g pebavoing pe pepfpdves e vymin damepatdTnTa €ite 0TN PeBavorn (opyavopiikéc) 1
670 vePO (VOPOPIAIKES). Ot vIOAOYIGHOL £0e1&0V OTL 1 aopdKpLVeT TNg MeBavOANg amd TV Teployn
ovvBeon g cupPdAdel BeTikd otV AVENCN TG TAPAYOYNG OVTNG, EVD EXEL LKPES ATALTICEL, OGOV
aeopd oto péyeBoc tov avtdpactipa. XTn Oe0TEPT TEPITTOOT, TO TPOTOTLTO GYNLC TOPAYWYNG
a1Bavoing péow DME éyel peyodotepn anddoon (70.3% ot Pdon KOI ) otryun mwov n avrictoyn
am6d001 Tov «oLpPatikov» oynpatoc etvar 63.2%), enedn €xet Aydtepeg BepLukéc Kot EVEPYELOKES
KOTOVOADGELG. ATO TNV OIKOVOLIKT avaALGn SgiyOnKe OTL TO TPOTOTVTO GO TTOV TPOTEIVETAL 00N YEL
og pelmon Tov kOoToVS ToPAyWYNS TG obavoing kotd 18%.

I11. Aéiomroinon Boudlag yia tThv mapaywyn avaPabutopuévwv Kavoluwv/xnutkay

Y10 pépoc mov efetdleton M a&omoinon g Popdlog yio TNV LVTOKATAGTOCT TOV GLUBATIKMV
Kavoipwy, 1 60AN aviivon Paciletar o€ éva PlodAIGTAPLO TO 0010 LOVTEAOTOIEITOL KOl LEAETATOL
AEMTOUEPADG YIOL VO J1EPELVNOOVV OAEG Ol OYESNOTIKEG KOl AELTOVPYIKES TMOPAUETPOL, Ol OTOIES
emnpedlovv TIc EMAOGELS TOV gpyootaciov. H mepintmon mov peketifnke nTov ovt) TG Topaym®yns
AVATEPOV OAKOOADY HECH BEPUOYMUIKOVY dlepyactdmy. Ao ) pebodoroyia mov axorlovOndnke yio to
OYEOLOG O TOL OAOL GUGTHUATOSG, PAVIKE OTL O TOHTOG TOL KOTUAVTN Kabopilel TV OAn didtaln OG0
6T0 KOUUATL TOV KaOUPIG OV KoL TG OTOUOVMGNG TV TEAIKMV TPOTOVTIMV OGO KoL TG AVOKVKAOPOPILG
TV oepiev mov dev aviédpacoy. [Tapdiinia, exeldn to onueio PEATIOTNG AstTovpyiog TOL KOTOADTN
kaBopilel Ta PaciKd AEITOVPYIKA YOPOKTNPIGTIKG TOV GUGTHUATOG, 1| GUVOAIKT OOd00N EAPTATL
Gueoa and avtdv. Ty nepintwon mov N uebavorn dev Bewpeitol o¢ tehkd/emBountd TPoidv, ot
KOTOAVTEG UE DYNAT ETAEKTIKOTNTA aTOP®V AvOpaka og C2+ adkooreg 6nmg M0oS; eivar TeptocoTepO
embountoi, and amoyn omoddoonc. To evepyelokd 16oldY0 6T0 cvoThUA £0E1EE OTL M TOPAYMOYN
0&uydvou KoL 1 GLUTIEST) TOV aepiov GVUVHESN S TPV TOV AVTIOPACTI PO GUVOESNC EXOVV TIC VYNAOTEPEC
KOTOVOADGELG. ZNUOVTIKO HEPIO0 OTIG KOTAVOAMGELS £XEL KOl TO OVAKVKAO(QOPOLV 0EPLo, TOV gival
GppnKTa GLVOEDEUEVO UE TOV GuVTEAESTN petaTporg Tov CO otov avidpactipo cvvieon. Télog, Eva
OTUOVTIKO TOGO EVEPYELNG OE LOPPT] EPYOL 1| ATUOD oateiTan Yio Tov Kabapiopd tov aegpiov cvuvleonc
TPV TOV AVTIOpaCcTHPa GUVOEGNC.

"Exovtag wg Baon to frodwitotiplo mov avortdynke Kot LEAETHONKE GTO TPONYOLLEVO KEQAANLO, GTO
dg0TEPO KEPAANLO TNG TPITNE EVOTNTOG TOPOVGLALETAL £VOL TPOTOTVTO DEPUOYNUIKO CYNLO TOPUYDYNC
OLOKAUOICUEVOV TTOPAPIVOV LE PACT] TIG TOPAYOUEVES OAKOOAES Y10l XPTOT) OE OLEPOTTOPLKOVS KIVITIPEC.
Mogi pe Tov avodluTikd oyedloopd Tov GLGTHUOTOS avaPdOuiong TV dAKOOA®Y GE TAPOQPIVES LE
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pueydao aplbud atopuwv dvBpaxa yo dvo SUPOPETIKOVE TUTOVG KOUTOALTAOV TOPAYWOYNG UIYUATOC
0AKoOA®V, Topovotaletar kot 1 peBodoroyiot TNG OWKOVOUIKNAG OvOADGNG Kol GOYKPIoTNG HE Eva
ovotnua Fischer-Tropsch (FT) kot pe dvo cvomuato Paciopéva oe Proynukég depyoaoies. Avo
TPOTOTLTO, GYNILOTA TOPOLGLALOVTOL LLE SLOPOPETIKN APETNPL0 UiYUATOG OAKOOADY AOY® S10pOPETIKOD
TOTOV KataAvTY, aAAE Kot Sropopetikn Topeio £0¢ T cOHVOEST TOV AVAOTEP®V TAPAPLVAOV, TO EVO UUE
Baon v aBavorn, kot to GAAo pe Pdaon piypatog peBavoing, aBavoing kot mpomavoine. Ta
OTTOTELECLOTO TOV TPOCOLOIDGENDY EOE1EUV VYNAESG EMOOGELC KOl OTIC OVO JIEPYUTIES, KOTUAYOVTOG
oe Beppkd Pobuo amoddoons mg kot 40.5%, apkeTd LYNAOTEPO A0 TOV AVTIGTOLYO TOV GLGTHLATOS
FT. To 160l0y10 vepov £0e1&e TG 01 ETHOLEG AVAYKEG Y10 PPESKO VEPO Y10, i, Lovada pe duvoptko 190
MW 1608vvapotv pe 641,000 m3, avadetkvoovtag Ty ovaykn yio xpnot Siayeipion tov vepod yia
neptPailovtikodg Adyovs. Emiong, ot vmoioyiopoi €dei&av éva vynio Pabud a&romoinong tov
oLVOAMKOV GvBpaka Tov epmepiéyetor otny apykn Poudla (éwg 30%), katL Tov petappaletol o
nepropiopéveg ekmopnéc CO2. H owovopukn avdivon €dei&e 6t EAdyiom Empent Ty [odinong
oV kovoipov Jet oe éva gpyootdoio FT eivar pukpotepn (1.24 €/1 xavoipov jet) amd avty tov
npotevopeveoy oynuatov (1.49 €/1 xor 1.28 €/1). Ouwg, n duvatdTNTa TOANONEC TOV EVIIAUECOV
OPYOVIK®V TPOIOVI®V, OTMG eAaPPES Kot Paplég olepives, woouepn g fouTavoAng mpoPailetol g
L0 TTOALG VTTOGYOUEVT] ETIAOYT Y10, TNV OIKOVOUIKT] BIOGIHOTNTO TNG €V AOY® 10€0¢. TEXog, 1 Proynuikn
depyooia mov Paciletar oty aikoolkn Cdpwmorn mpog mapaywyn Axetdovn-Bovtavoin-Aibavoin
givon n owkovopka o emBountn emaoyn (0.82 €/1).

8.3 MegAlhovTikn] epyocio

e avt ™ AwTpipn pekemnkay S1deopa TpoNyUEVO EVEPYELOKA GLUGTILLOTO KOt dlEPYOTies Le fdaomn
7o gpyoreio TG pHovteromoinong diepyaoidv. ApkeTd {NTHLOTA EYEIPOVTOL Y10 TEPALTEP® SLEPELVNON:

IhiBavi yprion TV usuPpovadv rolladiov e drles epopuoyés (ry Prodwiiotipia)

AETTOUEPNS HOVTEAOTIOINON OVTIOPATTHPIWY e UEUPPAVES TOAAADIOD TE J1GPOPES TEPITTWTELS
Movrelomoinon véwv teyvikav déouevons omwg ionic liquids

Avvouixn Tpooouoiwon 0LOKAPWUEVWY TPONYUEVWY EVEPYEIOKMDV COOTHUATWV

Mikpofiaxn nlextpoovvleon kor adykpion pe v katalotiky vopoyovwan COz

Zeorec& Enpég uébodor kabopiopod aspimv Kai § 6OVOETT TOVS UE TO DTOLOITO EVEPYELAKO COOTHUO.

No ok~wbdE

Zduwan ue mpaty VAN aépio oOVOsoNS Kol GUYKPIOTN LE TO, COOTIUATO, TOV UEAETHONKAY oTHV

oloTpifn
8. Avalvon Koxlov Zwng twv evepyeiarmy cooTHUGTMV TOV EEETAOTHKOY TTHY £V A0V O10TPIPH
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